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Preface 


Recent developments in genetic and molecular biology have 
excited world-wide interest in biotechnology. The ability to 
manipulate DNA has already changed our perceptions of 
medicine, agriculture and environmental management. 
Scientific breakthroughs in gene expression, protein engineer- 
ing and cell fusion are being translated by a strengthening 
biotechnology industry into revolutionary new products and 
services. 

Many astudent has been enticed by the promise of biotech- 
nology and the excitement of being near the cutting edge of 
scientific advancement. However, the value of biotechnology 
is more likely to be assessed by business, government and con- 
sumers alike in terms of commercial applications, impact on 
the marketplace and financial success. Graduates trained in 
molecular biology and cell manipulation soon realise that 
these techniques are only part of the complete picture; bring- 
ing about the full benefits of biotechnology requires 
substantial manufacturing capability involving large-scale 
processing of biological material. For the most part, chemical 
engineers have assumed the responsibility for bioprocess 
development. However, increasingly, biotechnologists are 
being employed by companies to work in co-operation with 
biochemical engineers to achieve pragmatic commercial goals. 
Yet, while aspects of biochemistry, microbiology and molecu- 
lar genetics have for many years been included in 
chemical-engineering curricula, there has been relatively little 
attempt to teach biotechnologists even those qualitative 
aspects of engineering applicable to process design. 

The primary aim of this book is to present the principles of 
bioprocess engineering in a way that is accessible to biological 
scientists. It does not seek to make biologists into bioprocess 
engineers, but to expose them to engineering concepts and 
ways of thinking. The material included in the book has been 
used to teach graduate students with diverse backgrounds in 
biology, chemistry and medical science. While several excel- 
lent texts on bioprocess engineering are currently available, 
these generally assume the reader already has engineering 
training. On the other hand, standard chemical-engineering 


texts do not often consider examples from bioprocessing and 
are written almost exclusively with the petroleum and chemi- 
cal industries in mind. There was a need for a textbook which 
explains the engineering approach to process analysis while 
providing worked examples and problems about biological 
systems. In this book, more than 170 problems and calcula- 
tions encompass a wide range of bioprocess applications 
involving recombinant cells, plant- and animal-cell cultures 
and immobilised biocatalysts as well as traditional fermenta- 
tion systems. It is assumed that the reader has an adequate 
background in biology. 

One of the biggest challenges in preparing the text was 
determining the appropriate level of mathematics. In general, 
biologists do not often encounter detailed mathematical 
analysis. However, as a great deal of engineering involves 
formulation and solution of mathematical models, and many 
important conclusions about process behaviour are best 
explained using mathematical relationships, it is neither easy 
nor desirable to eliminate all mathematics from a textbook 
such as this. Mathematical treatment is necessary to show how 
design equations depend on crucial assumptions; in other 
cases the equations are so simple and their application so useful 
that non-engineering scientists should be familiar with them. 
Derivation of most mathematical models is fully explained in 
an attempt to counter the tendency of many students to mem- 
orise rather than understand the meaning of equations. 
Nevertheless, in fitting with its principal aim, much more of 
this book is descriptive compared with standard chemical- 
engineering texts. 

The chapters are organised around broad engineering sub- 
disciplines such as mass and energy balances, fluid dynamics, 
transport phenomena and reaction theory, rather than around 
particular applications of bioprocessing. That the same funda- 
mental engineering principle can be readily applied to a variety 
of bioprocess industries is illustrated in the worked examples 
and problems. Although this textbook is written primarily for 
senior students and graduates of biotechnology, it should also 
be useful in food-, environmental- and. civil-engineering 


Preface 


courses. Because the qualitative treatment of selected topics 
is at a relatively advanced level, the book is appropriate for 
chemical-engineering graduates, undergraduates and indus- 
trial practitioners. 

I would like to acknowledge several colleagues whose 
advice I sought at various stages of manuscript preparation. Jay 
Bailey, Russell Cail, David DiBiasio, Noel Dunn and Peter 
Rogers each reviewed sections of the text. Sections 3.3 and 


11.2 on analysis of experimental data owe much to Robert J. 
Hall who provided lecture notes on this topic. Thanks are also 
due to Jacqui Quennell whose computer drawing skills are 
evident in most of the book’s illustrations. 

Pauline M. Doran 
University of New South Wales 
Sydney, Australia 
January 1994 
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Bioprocess Development: An Interdisciplinary Challenge 


Bioprocessing is an essential part of many food, chemical and pharmaceutical industries. Bioprocess operations make use of 
microbial, animal and plant cells and components of cells such as enzymes to manufacture new products and destroy harmful 


wastes. 


Use of microorganisms to transform biological materials for production of fermented foods has its origins in antiquity. Since 
then, bioprocesses have been developed for an enormous range of commercial products, from relatively cheap materials such as 
industrial alcohol and organic solvents, to expensive specialty chemicals such as antibiotics, therapeutic proteins and vaccines. 
Industrially-useful enzymes and living cells such as bakers’ and brewers’ yeast are also commercial products of bioprocessing. 


Table 1.1 gives examples of bioprocesses employing whole 
cells. Typical organisms used and the approximate market size 
for the products are also listed. The table is by no means 
exhaustive; not included are processes for wastewater treat- 
ment, bioremediation, microbial mineral recovery and 
manufacture of traditional foods and beverages such as 
yoghurt, bread, vinegar, soy sauce, beer and wine. Industrial 
processes employing enzymes are also not listed in Table 1.1; 
these include brewing, baking, confectionery manufacture, 
fruit-juice clarification and antibiotic transformation. Large 
quantities of enzymes are used commercially to convert starch 
into fermentable sugars which serve as starting materials for 
other bioprocesses. 

Our ability to harness the capabilities of cells and enzymes 
has been closely related to advancements in microbiology, bio- 
chemistry and cell physiology. Knowledge in these areas is 
expanding rapidly; tools of modern biotechnology such as 
recombinant DNA, gene probes, cell fusion and tissue culture 
offer new opportunities to develop novel products or improve 
bioprocessing methods. Visions of sophisticated medicines, 
cultured human tissues and organs, biochips for new-age com- 
puters, environmentally-compatible pesticides and powerful 
pollution-degrading microbes herald a revolution in the role 
of biology in industry. 

Although new products and processes can be conceived and 
partially developed in the laboratory, bringing modern bio- 
technology to industrial fruition requires engineering skills 
and know-how. Biological systems can be complex and diffi- 
cult to control; nevertheless, they obey the laws of chemistry 
and physics and are therefore amenable to engineering analy- 
sis. Substantial engineering input is essential in many aspects 


of bioprocessing, including design and operation of bioreac- 
tors, sterilisers and product-recovery equipment, development 
of systems for process automation and control, and efficient 
and safe layout of fermentation factories. The subject of this 
book, bioprocess engineering, is the study of engineering prin- 
ciples applied to processes involving cell or enzyme catalysts. 


1.1 Steps in Bioprocess Development: 
A Typical New Product From Recombinant 
DNA 


The interdisciplinary nature of bioprocessing is evident if we 
look at the stages of development required for a complete 
industrial process. As an example, consider manufacture of a 
new recombinant-DNA-derived product such as insulin, 
growth hormone or interferon. As shown in Figure 1.1, several 
steps are required to convert the idea of the product into com- 
mercial reality; these stages involve different types of scientific 
expertise. 

The first stages of bioprocess development (Steps 1-11) are 
concerned with genetic manipulation of the host organism; in 
this case, a gene from animal DNA is cloned into Escherichia 
coli, Genetic engineering is done in laboratories on a small 
scale by scientists trained in molecular biology and biochemis- 
try. Tools of the trade include Petri dishes, micropipettes, 
microcentrifuges, nano- or microgram quantities of restriction 
enzymes, and electrophoresis gels for DNA and protein frac- 
tionation. In terms of bioprocess development, parameters of 
major importance are stability of the constructed strains and 
level of expression of the desired product. 

After cloning, the growth and production characteristics of 
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Table 1.1 Major products of biological processing 


(Adapted from M.L. Shuler, 1987, Bioprocess engineering. In: Encyclopedia of Physical Science and Technology, vol oa 


R.A. Meyers, Ed., Academic Press, Orlando) 


Fermentation product 


Typical organism used 


Approximate world 
market size (kg yr!) 


Bulk organics 
Ethanol (non-beverage) 
Acetone/butanol 


Biomass 
Starter cultures and yeasts 
for food and agriculture 
Single-cell protein 


Organic acids 
Citric acid 
Gluconic acid 
Lactic acid 
Itaconic acid 


Amino acids 
L-glutamic acid 
L-lysine 
L-phenylalanine 
L-arginine 


Others 


Microbial transformations 
Steroids 
D-sorbitol to L-sorbose 
(in vitamin C production) 


Antibiotics 
Penicillins 
Cephalosporins 
Tetracyclines (e.g. 7-chlortetracycline) 
Macrolide antibiotics (e.g. erythromycin) 
Polypeptide antibiotics (e.g. gramicidin) 
Aminoglycoside antibiotics (e.g. streptomycin) 
Aromatic antibiotics (e.g. griseofulvin) 


Extracellular polysaccharides 
Xanthan gum 
Dextran 


Saccharomyces cerevisiae 
Clostridium acetobutylicum 


2x 101° 
2 x 10° (butanol) 


Lactic acid bacteria or 5x 108 
bakers’ yeast 

Pseudomonas methylotrophus 0.5-1 x 108 
or Candida utilis 

Aspergillus niger 2-3 x 108 

Aspergillus niger 5 x 107 

Lactobacillus delbrueckii 2x 107 

Aspergillus itaconicus 

Corynebacterium glutamicum 3x 108 

Brevibacterium flavum 3x 107 

Corynebacterium glutamicum 2x 10° 

Brevibacterium flavum 2x 106 

Corynebacterium spp. 1x 106 

Rhizopus arrhizus 

Acetobacter suboxydans 4x 107 

Penicillium chrysogenum 3-4 x 107 

Cephalosporium acremonium 1x 107 

Streptomyces aureofaciens 1x 107 

Streptomyces erythreus 2x 10° 

Bacillus brevis 1x 10° 

Streptomyces griseus 

Penicillium griseofulvum 

Xanthomonas campestris 5 x 10° 

Leuconostoc mesenteroides small 
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Nucleotides 
5'-guanosine monophosphate Brevibacterium ammoniagenes 1x 10° 
Enzymes 
Proteases Bacillus spp. 6x 10° 
a-amylase Bacillus amyloliquefaciens 4x 10° 
Glucoamylase Aspergillus niger 4x 10° 
Glucose isomerase Bacillus coagulans 1x 10° 
Pectinase Aspergillus niger 1x 104 
Rennin Mucor miehei or recombinant yeast 1x 104 
All others 5x 104 
Vitamins 
B,> Propionibacterium shermanii 1x 104 
or Pseudomonas denitrificans 
Riboflavin Eremothecium ashbyii 
Ergot alkaloids Claviceps paspali 5 x 103 
Pigments 
Shikonin Lithospermum erythrorhizon 60 
(plant-cell culture) 
b-carotene Blakeslea trispora 
Vaccines 
Diphtheria Corynebacterium diphtheriae < 50 
Tetanus Clostridium tetani 
Pertussis (whooping cough) Bordetella pertussis 
Poliomyelitis virus Live attenuated viruses grown 
in monkey kidney or human 
diploid cells 
Rubella Live attenuated viruses grown 
in baby-hamster kidney cells 
Hepatitis B Surface antigen expressed in 
recombinant yeast 
Therapeutic proteins < 20 
Insulin Recombinant Escherichia coli 
Growth hormone Recombinant Escherichia coli 
or recombinant mammalian cells 
Erythropoietin Recombinant mammalian cells 
Factor VIII-C Recombinant mammalian cells 
Tissue plasminogen activator Recombinant mammalian cells 
Interferon-a, Recombinant Escherichia coli 
Monoclonal antibodies Hybridoma cells <20 
Insecticides 
Bacterial spores Bacillus thuringiensis 
Fungal spores Hirsutella thompsonii 
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Figure 1.1 
product. 


Steps in development of a complete bioprocess for commercial manufacture of a new recombinant-DNA-derived 
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the cells must be measured as a function of culture environ- 
ment (Step 12). Practical skills in microbiology and kinetic 
analysis are required; small-scale culture is mostly carried out 
using shake flasks of 250-ml to 1-litre capacity. Medium com- 
position, pH, temperature 
conditions allowing optimal growth and productivity are 


and other environmental 
determined. Calculated parameters such as cell growth rate, 
specific productivity and product yield are used to describe 
performance of the organism. 

Once the culture conditions for production are known, 
scale-up of the process starts. The first stage may be a 1- or 
2-litre bench-top bioreactor equipped with instruments for 
measuring and adjusting temperature, pH, dissolved-oxygen 
concentration, stirrer speed and other process variables (Step 
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13). Cultures can be more closely monitored in bioreactors 
than in shake flasks so better control over the process is poss- 
ible. Information is collected about the oxygen requirements 
of the cells, their shear sensitivity, foaming characteristics and 
other parameters. Limitations imposed by the reactor on activ- 
ity of the organism must be identified. For example, if the 
bioreactor cannot provide dissolved oxygen to an aerobic cul- 
ture at a sufficiently high rate, the culture will become 
oxygen-starved. Similarly, in mixing the broth to expose the 
cells to nutrients in the medium, the stirrer in the reactor may 
cause cell damage. Whether or not the reactor can provide 
conditions for optimal activity of the cells is of prime concern. 
The situation is assessed using measured and calculated 
parameters such as mass-transfer coefficients, mixing time, gas 
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hold-up, rate of oxygen uptake, power number, impeller 
shear-rate, and many others. It must also be decided whether 
the culture is best operated as a batch, semi-batch or continu- 
ous process; experimental results for culture performance 
under various modes of reactor operation may be examined. 
The viability of the process as a commercial venture is of great 
interest; information about activity of the cells is used in 
further calculations to determine economic feasibility. 

Following this stage of process development, the system is 
scaled up again to a pilot-scale bioreactor (Step 14). Engineers 
trained in bioprocessing are normally involved in pilot-scale 
operations. A vessel of capacity 100-1000 litres is built accord- 
ing to specifications determined from the bench-scale 
prototype. The design is usually similar to that which worked 
best on the smaller scale. The aim of pilot-scale studies is to 
examine the response of cells to scale-up. Changing the size of 
the equipment seems relatively trivial; however, loss or varia- 
tion of performance often occurs. Even though the geometry 
of the reactor, method of aeration and mixing, impeller design 
and other features may be similar in small and large ferment- 
ers, the effect on activity of cells can be great. Loss of 
productivity following scale-up may or may not be recovered; 
economic projections often need to be re-assessed as a result of 
pilot-scale findings. 

If the scale-up step is completed successfully, design of the 
industrial-scale operation commences (Step 15). This part of 
process development is clearly in the territory of bioprocess 
engineering. As well as the reactor itself, all of the auxiliary ser- 
vice facilities must be designed and tested. These include air 
supply and sterilisation equipment, steam generator and sup- 
ply lines, medium preparation and sterilisation facilities, 
cooling-water supply and process-control network. Particular 
attention is required to ensure the fermentation can be carried 
out aseptically. When recombinant cells or pathogenic organ- 
isms are involved, design of the process must also reflect 
containment and safety requirements. 

An important part of the total process is product recovery 
(Step 16), also known as downstream processing. After leaving 
the fermenter, raw broth is treated in a series of steps to 
produce the final product. Product recovery is often difficult 
and expensive; for some recombinant-DNA-derived products, 
purification accounts for 80-90% of the total processing cost. 
Actual procedures used for downstream processing depend on 
the nature of the product and the broth; physical, chemical or 
biological methods may be employed. Many operations which 
are standard in the laboratory become uneconomic or imprac- 
tical on an industrial scale. Commercial procedures include 
filtration, centrifugation and flotation for separation of cells 
from the liquid, mechanical disruption of the cells if the 


product is intracellular, solvent extraction, chromatography, 
membrane filtration, adsorption, crystallisation and drying. 
Disposal of effluent after removal of the desired product must 
also be considered. Like bioreactor design, techniques applied 
industrially for downstream processing are first developed and 
tested using small-scale apparatus. Scientists trained in chem- 
istry, biochemistry, chemical engineering and industrial 
chemistry play important roles in designing product recovery 
and purification systems. 

After the product has been isolated in sufficient purity it is 
packaged and marketed (Step 17). For new pharmaceuticals 
such as recombinant human growth hormone or insulin, medi- 
cal and clinical trials are required to test the efficacy of the 
product. Animals are used first, then humans. Only after these 
trials are carried out and the safety of the product established 
can it be released for general health-care application. Other 
tests are required for food products. Bioprocess engineers with 
a detailed knowledge of the production process are often 
involved in documenting manufacturing procedures for sub- 
mission to regulatory authorities. Manufacturing standards 
must be met; this is particularly the case for recombinant prod- 
ucts where a greater number of safety and precautionary 
measures is required. 

As shown in this example, a broad range of disciplines is 
involved in bioprocessing. Scientists working in this area are 
constantly confronted with biological, chemical, physical, 
engineering and sometimes medical questions. 


1.2 A Quantitative Approach 


The biological characteristics of cells and enzymes often 
impose constraints on bioprocessing; knowledge of them is 
therefore an important prerequisite for rational engineering 
design. For instance, thermostability properties must be taken 
into account when choosing the operating temperature of an 
enzyme reactor, while susceptibility of an organism to sub- 
strate inhibition will determine whether substrate is fed to the 
fermenter all at once or intermittently. It is equally true, how- 
ever, that biologists working in biotechnology must consider 
the engineering aspects of bioprocessing; selection or manipu- 
lation of organisms should be carried out to achieve the best 
results in production-scale operations. It would be disappoint- 
ing, for example, to spend a year or two manipulating an 
organism to express a foreign gene if the cells in culture pro- 
duce a highly viscous broth that cannot be adequately mixed 
or supplied with oxygen in large-scale vessels. Similarly, 
improving cell permeability to facilitate product excretion has 
limited utility if the new organism is too fragile to withstand 
the mechanical forces developed during fermenter operation. 
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Another area requiring cooperation and understanding 
between engineers and laboratory scientists is medium forma- 
tion. For example, addition of serum may be beneficial to 
growth of animal cells, but can significantly reduce product 
yields during recovery operations and, in large-scale processes, 
requires special sterilisation and handling procedures. 

All areas of bioprocess development—the cell or enzyme 
used, the culture conditions provided, the fermentation 
equipment and product-recovery operations—are inter- 
dependent. Because improvement in one area can be disad- 
vantageous to another, ideally, bioprocess development 
should proceed using an integrated approach. In practice, 
combining the skills of engineers with those of biologists can 
be difficult owing to the very different ways in which biologists 
and engineers are trained. Biological scientists generally have 
strong experimental technique and are good at testing qualita- 
tive models; however, because calculations and equations are 
not a prominent feature of the life sciences, biologists are usu- 
ally less familiar with mathematics. On the other hand, as 
calculations are important in all areas of equipment design and 
process analysis, quantitative methods, physics and mathe- 
matical theories play a central role in engineering. There is also 
a difference in the way biologists and biochemical engineers 
think about complex processes such as cell and enzyme func- 
tion. Fascinating as the minutiae of these biological systems 
may be, in order to build working reactors and other equip- 
ment, engineers must take a simplified and pragmatic 
approach. It is often disappointing for the biology-trained sci- 
entist that engineers seem to ignore the wonder, intricacy and 
complexity of life to focus only on those aspects which have 


significant quantitative effect on the final outcome of the 
process. 

Given the importance of interaction between biology and 
engineering in bioprocessing, these differences in outlook 
between engineers and biologists must be overcome. Although 
it is unrealistic to expect all biotechnologists to undertake full 
engineering training, there are many advantages in under- 
standing the practical principles of bioprocess engineering if 
not the full theoretical detail. The principal objective of this 
book is to teach scientists trained in biology those aspects of 
engineering science which are relevant to bioprocessing. An 
adequate background in biology is assumed. At the end of this 
study, you will have gained a heightened appreciation for bio- 
process engineering. You will be able to communicate on a 
professional level with bioprocess engineers and know how to 
analyse and critically evaluate new processing proposals. You 
will be able to carry out routine calculations and checks on 
processes; in many cases these calculations are not difficult and 
can be of great value. You will also know what type of expertise 
a bioprocess engineer can offer and when it is necessary to con- 
sult an expert in the field. In the laboratory, your awareness of 
engineering methods will help avoid common mistakes in data 
analysis and design of experimental apparatus. 

As our exploitation of biology continues, there is an 
increasing demand for scientists trained in bioprocess technol- 
ogy who can translate new discoveries into industrial-scale 
production. As a biotechnologist, you could be expected to 
work at the interface of biology and engineering science. This 
textbook on bioprocess engineering is designed to prepare you 


for this challenge. 
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Introduction to Engineering Calculations 


Calculations used in bioprocess engineering require a systematic approach with well-defined methods and rules. Conventions 
and definitions which form the backbone of engineering analysis are presented in this chapter. Many of these you will use over 
and over again as you progress through this text. In laying the foundation for calculations and problem-solving, this chapter 


will be a useful reference which you may need to review from time to time. 


The first step in quantitative analysis of systems is to express 
the system properties using mathematical language. This 
chapter begins by considering how physical and chemical pro- 
cesses are translated into mathematics. The nature of physical 
variables, dimensions and units are discussed, and formalised 
procedures for unit conversions outlined. You will have 
already encountered many of the concepts used in measure- 
ment, such as concentration, density, pressure, temperature, 
etc.; rules for quantifying these variables are summarised here 
in preparation for Chapters 4—6 where they are first applied to 
solve processing problems. The occurrence of reactions in bio- 
logical systems is of particular importance; terminology 
involved in stoichiometric analysis is considered in this chapter. 
Finally, since equations representing biological processes often 
involve physical or chemical properties of materials, references 
for handbooks containing this information are provided. 
Worked examples and problems are used to illustrate and 
reinforce the material described in the text. Although the ter- 
minology and engineering concepts used in these examples 
may be unfamiliar, solutions to each problem can be obtained 


using techniques fully explained within this chapter. Many of 
the equations introduced as problems and examples are 
explained in more detail in later sections of this book; the 
emphasis in this chapter is on use of basic mathematical prin- 
ciples irrespective of the particular application. At the end of 
the chapter is a check-list so you can be sure you have assimi- 
lated all the important points. 


2.1 Physical Variables, Dimensions and 
Units 


Engineering calculations involve manipulation of numbers. 
Most of these numbers represent the magnitude of measurable 
physical variables, such as mass, length, time, velocity, area, 
viscosity, temperature, density, and so on. Other observable 
characteristics of nature, such as taste or aroma, cannot at 
present be described completely using appropriate numbers; 
we cannot, therefore, include these in calculations. 

From all the physical variables in the world, the seven quan- 
tities listed in Table 2.1 have been chosen by international 


Table 2.1 Base quantities 

Base quantity Dimensional symbol Base SI unit Unit symbol 
Length L metre m 

Mass M kilogram kg 

Time T second s 

Electric current I ampere A 
Temperature 3) kelvin K 

Amount of substance N gram-mole mol or gmol 
Luminous intensity J candela cd 
Supplementary units 

Plane angle = radian rad 


Solid angle = 


steradian sr 
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agreement as a basis for measurement [1]. Two further supple- 
mentary units are used to express angular quantities. The base 
quantities are called dimensions, and it is from these that the 
dimensions of other physical variables are derived. For exam- 
ple, the dimensions of velocity, defined as distance travelled 
per unit time, are LT !; the dimensions of force, being mass X 
acceleration, are LMT ~2. A list of useful derived dimensional 
quantities is given in Table 2.2. 

Physical variables can be classified into two groups: sub- 
stantial variablesand natural variables. 


2.1.1 Substantial Variables 


Examples of substantial variables are mass, length, volume, 
viscosity and temperature. Expression of the magnitude of 
substantial variables requires a precise physical standard 
against which measurement is made. These standards are 
called units. You are already familiar with many units, e.g. 
metre, foot and mile are units of length; hour and second are 
units of time. Statements about the magnitude of substantial 
variables must contain two parts: the number and the unit 


Table 2.2 Dimensional quantities (dimensionless quantities have dimension 1) 


Quantity Dimensions 
Acceleration LT~? 
Angular velocity T7! 
Area L? 
Atomic weight 1 

(‘relative atomic mass’) 
Concentration L-3N 
Conductivity L~3M~!T3]? 
Density L~3M 
Diffusion coefficient L2T7! 
Distribution coefficient 1 
Effectiveness factor 1 
Efficiency 1 
Energy ME? 
Enthalpy L?MT~2 
Entropy L2MT~ 207! 
Equilibrium constant 1 
Force LMT~2 
Fouling factor MT 397! 
Frequency Te 
Friction coefficient 1 
Gas hold-up 1 
Half life T 
Heat L2MT~2 
Heat flux MT~3 
Heat-transfer coefficient MT 307! 
Illuminance | Bie 
Maintenance coefficient i Bae 
Mass flux L-2MT7! 
Mass-transfer coefficient LT"! 
Momentum LMT™! 
Molar mass MN7! 
Molecular weight 1 


(‘relative molecular mass’) 


Quantity Dimensions 
Osmotic pressure L-'MT~2 
Partition coefficient 1 

Period T 

Power L2MT~3 
Pressure L7-IMT~2 
Rotational frequency 5 Bs 

Shear rate T"! 

Shear stress L-IMT~2 
Specific death constant oe, 
Specific gravity rt 

Specific growth rate da 
Specific heat capacity L797! 
Specific interfacial area LT! 
Specific latent heat L*T-2 
Specific production rate T! 
Specific volume L3M7! 
Shear strain 1 

Stress L-IMT~2 
Surface tension MT~2 
Thermal conductivity LMT 30 7! 
Thermal resistance L-2M_!T30 
Torque L*MT 2 
Velocity LIT>! 
Viscosity (dynamic) L-'MT™! 
Viscosity (kinematic) L2T7! 
Void faction 1 

Volume L3 

Weight LMT~2 
Work L*MT~2 
Yield coefficient 1 
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used for measurement. Clearly, reporting the speed of a mov- 
ing car as 20 has no meaning unless information about the 
units, say km h7|, is also included. 

As numbers representing substantial variables are multi- 
plied, subtracted, divided or added, their units must also be 
combined. The values of two or more substantial variables 
may be added or subtracted only if their units are the same, 


c.g. 
5.0 kg +2.2 kg=7.2 kg. 


On the other hand, the values and units of anysubstantial vari- 
ables can be combined by multiplication or division, e.g.: 


1500 km 
12.5h 


=120kmh7!, 


The way in which units are carried along during calculations 
has important consequences. Not only is proper treatment of 
units essential if the final answer is to have the correct units, 
units and dimensions can also be used as a guide when deduc- 
ing how physical variables are related in scientific theories and 
equations. 


2.1.2 Natural Variables 


The second group of physical variables are natural variables. 
Specification of the magnitude of these variables does not 
require units or any other standard of measurement. Natural 
variables are also referred to as dimensionless variables, dimen- 
sionless groups ox dimensionless numbers. The simplest natural 
variables are ratios of substantial variables. For example, the 
aspect ratio of a cylinder is its length divided by its diameter; 
the result is a dimensionless number. 

Other natural variables are not as obvious as this, and 
involve combinations of substantial variables that do not have 
the same dimensions. Engineers make frequent use of dimen- 
sionless numbers for succinct representation of physical 
phenomena. For example, a common dimensionless group in 
fluid mechanics is the Reynolds number, Re. For flow in a 
pipe, the Reynolds number is given by the equation: 


Re= sad 


“ (2.1) 


where p is fluid density, u is fluid velocity, D is pipe diameter 
and pis fluid viscosity. When the dimensions of these variables 
are combined according to Eq. (2.1), the dimensions of the 


numerator exactly cancel those of the denominator. Other 
dimensionless variables relevant to bioprocess engineering are 
the Schmidt number, Prandtl number, Sherwood number, 
Peclet number, Nusselt number, Grashof number, power 
number and many others. Definitions and applications of 
these natural variables are given in later chapters of this book. 

In calculations involving rotational phenomena, rotation is 
described using number of revolutions or radians: 


: length of arc 
number of radians = i -elaadcehce 
radius 


(2.2) 


length ofarc _ length of arc 
2r 


(2.3) 


number of revolutions = — 
circumference 


where r is radius. One revolution is equal to 27 radians. 
Radians and revolutions are non-dimensional because the 
dimensions of length for arc, radius and circumference in Eqs 
(2.2) and (2.3) cancel. Consequently, rotational speed (e.g. 
number of revolutions per second) and angular velocity (e.g. 
number of radians per second), as well as frequency (e.g. num- 
ber of vibrations per second), all have dimensions TO 
Degrees, which are subdivisions of a revolution, are converted 
into revolutions or radians before application in engineering 
calculations. 


2.1.3 Dimensional Homogeneity in Equations 


Rules about dimensions determine how equations are formu- 
lated. ‘Properly constructed’ equations representing general 
relationships between physical variables must be dimension- 
ally homogeneous. For dimensional homogeneity, the 
dimensions of terms which are added or subtracted must be 
the same, and the dimensions of the right-hand side of the 
equation must be the same as the left-hand side. As a simple 
example, consider the Margules equation for evaluating fluid 
viscosity from experimental measurements: 


pie: Gay eens 
B* 4ahO & ms)" 
(2.4) 


The terms and dimensions in this equation are listed in Table 
2.3. Numbers such as 4 have no dimensions; the symbol 7 
represents the number 3.1415926536 which is also dimen- 
sionless. A quick check shows that Eq. (2.4) is dimensionally 
homogeneous since both sides of the equation have dimensions 
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L7'MT™! and all terms added or subtracted have the same 
dimensions. Note that when a term such as R, is raised to a 
power such as 2, the units and dimensions of R, must also be 
raised to that power. 

For dimensional homogeneity, the argument of any tran- 
scendental function, such as a logarithmic, trigonometric or 
exponential function, must be dimensionless. The following 
examples illustrate this principle. 


(i) An expression for cell growth is: 


In — = pt 
ca) 


(2.5) 


where xis cell concentration at time 4, x is initial cell con- 
centration, and y is the specific growth rate. The 
argument of the logarithm, the ratio of cell concentra- 
tions, is dimensionless. 

The displacement y due to action of a progressive wave 
with amplitude A, frequency “/,, and velocity vis given 
by the equation: 


lol 3) 


where ¢ is time and x is distance from the origin. The 
argument of the sine function, w (t — %), is dimension- 
less. 4 

The relationship between a, the mutation rate of 
Escherichia coli, and temperature TJ, can be described 
using an Arrhenius-type equation: 


(ii) 


(2.6) 


(iii) 


a= ae Fler 
(2.7) 


where Qp is the mutation reaction constant, F is specific 
activation energy and R is the ideal gas constant (see 
Section 2.5). The dimensions of RT are the same as those 
of E, so the exponent is as it should be: dimensionless. 


Dimensional homogeneity of equations can sometimes be 
masked by mathematical manipulation. As an example, Eq. 
(2.5) might be written: 


Inx= In Xo + pt 
(2.8) 


Inspection of this equation shows that rearrangement of the 


Table 2.3 Terms and dimensions of Eq. (2.4) 


Term Dimensions SI Units 

pe (dynamic viscosity) L-IMT7! pascal second (Pa s) 

M (torque) L2MT~2 newton metre (N m) 

A (cylinder height) L metre (m) 

2 (angular velocity) T>4 radian per second 
(rad 5!) 

R, (outer radius) L metre (m) 

R (inner radius) L metre (m) 


terms to group In x and In x, together recovers dimensional 
homogeneity by providing a dimensionless argument for the 
logarithm. 

Integration and differentiation of terms affect dimension- 
ality. Integration of a function with respect to x increases the 
dimensions of that function by the dimensions of «x. 
Conversely, differentiation with respect to x results in the 
dimensions being reduced by the dimensions of x. For example, 
if Cis the concentration of a particular compound expressed as 
mass per unit volume and x is distance, dC74. has dimensions 
L~4M, while 4 “/y,: has dimensions L~°M. On the other 
hand, if p is the specific growth rate of an organism with 
dimensions T~!, then [4 dtis dimensionless where tis time. 


2.1.4 Equations Without Dimensional 
Homogeneity 


For repetitive calculations or when an equation is derived from 
observation rather than from theoretical principles, it is 
sometimes convenient to present the equation in a non- 
homogeneous form. Such equations are called equations in 
numerics or empirical equations. In empirical equations, the 
units associated with each variable must be stated explicitly. 
An example is Richards’ correlation for the dimensionless gas 
hold-up € ina stirred fermenter [2]: 


0.4 
a w!2 = 30€ +1.33 
(2.9) 


where P is power in units of horsepower, Vis ungassed liquid 
volume in units of ft?, wis linear gas velocity in units of ft s~! 
and € is fractional gas hold-up, a dimensionless variable. The 
dimensions of each side of Eq. (2.9) are certainly not the same. 
For direct application of Eq. (2.9), only those units stated 
above can be used. 
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2.2 Units 


Several systems of units for expressing the magnitude of physi- 
cal variables have been devised through the ages. The metric 
system of units originated from the National Assembly of 
France in 1790. In 1960 this system was rationalised, and the 
SI or Systeme International d’Unités was adopted as the inter- 
national standard. Unit names and their abbreviations have 
been standardised; according to SI convention, unit abbrevia- 
tions are the same for both singular and plural and are not 
followed by a period. SI prefixes used to indicate multiples and 
sub-multiples of units are listed in Table 2.4. Despite wide- 
spread use of SI units, no single system of units has universal 
application. In particular, engineers in the USA continue to 
apply British or imperial units. In addition, many physical 
property data collected before 1960 are published in lists and 
tables using non-standard units. 

Familiarity with both metric and non-metric units is neces- 
sary. Many units used in engineering such as the slug (1 slug = 
14.5939 kilograms), dram (1 dram = 1.77185 grams), stoke (a 
unit of kinematic viscosity), poundal (a unit of force) and erg 
(a unit of energy), are probably not known to you. Although 
no longer commonly applied, these are legitimate units which 
may appear in engineering reports and tables of data. 

In calculations it is often necessary to convert units. Units 
are changed using conversion factors. Some conversion factors, 
such as ] inch = 2.54 cm and 2.20 lb = 1 kg, you probably 
already know. Tables of common conversion factors are given 
in Appendix A at the back of this book. Unit conversions are 
not only necessary to convert imperial units to metric; some 
physical variables have several metric units in common use. 


Table 2.4 SI prefixes 
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For example, viscosity may be reported as centipoise or 
kg h~! m7}; pressure may be given in standard atmospheres, 
pascals, or millimetres of mercury. Conversion of units seems 
simple enough; however difficulties can arise when several vari- 
ables are being converted in a single equation. Accordingly, an 
organised mathematical approach is needed. 

For each conversion factor, a unity bracket can be derived. 
The value of the unity bracket, as the name suggests, is unity. 
As an example, 


1 lb= 453.6 g 
(2.10) 


can be converted by division of both sides of the equation by 
1 lb to give a unity bracket denoted by | |: 


453.6 g 
1 |b 


=] 
(2.11) 


Similarly, division of both sides of Eq. (2.10) by 453.6 g gives 
another unity bracket: 


1 Ib 
453.6 g 


= | 
(2.12) 


To calculate how many pounds are in 200 g, we can multiply 
200 g by the unity bracket in Eq. (2.12) or divide 200 g by the 
unity bracket in Eq. (2.11). This is permissible since the value 


(from ].V. Drazil, 1983, Quantities and Units of Measurement, Mansell, London) 


Factor Prefix Symbol 
107! deci* d 

10-2 centi* c 

1073 milli m 

1076 micro y 

107? nano n 
10712 pico p 

10715 femto f 

10738 atto a 


Factor Prefix Symbol 
1018 exa E 

10! peta Pp 

10/2 tera T 

10? giga G 

10° mega M 

103 kilo k 

102 hecto* h 

10! deka* da 


* Used for areas and volumes. 
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of both unity brackets is unity, and multiplication or division On the right-hand side, cancelling the old units leaves the 
by 1 does not change the value of 200 g. Using the option of — desired unit, Ib. Dividing the numbers gives: 
multiplying by Eq. (2.12): 
200 g=0.441 Ib: 
1 |b (2.14) 
453.6% A more complicated calculation involving a complete equa- 
(2.13) tion is given in Example 2.1. 


200 g=200¢ i 


Example 2.1 Unit conversion 


Air is pumped through an orifice immersed in liquid. The size of the bubbles leaving the orifice depends on the diameter of the 
orifice and the properties of the liquid. The equation representing this situation is: 


§(P, ~ Pc) D Dy 
oD, 
where g = gravitational acceleration = 32.174 ft s~*; p, = liquid density = 1 g cm; P., = gas density = 0.081 Ib ft >; D, = 
bubble diameter; o = gas-liquid surface tension = 70.8 dyn cm™ !; and D, = orifice diameter = 1 mm. 
Calculate the bubble diameter D,. 


Solution: 
Convert the data to a consistent set of units, e.g. g, cm, s. From Appendix A, the conversion factors required are: 
1 fe= 0.3048 m; 
1 lb = 453.6 g; and 
l1dyncm™!=1gs 
Also: 1 m= 100 cm; and 
10 mm=1 cm. 
Converting units: 


=2 


g= 32174 ae || OS | = 980.7 cms? 
p= 0.081 = = = |e . | sows = i | * = 1,30x 1073g em™3 
1 Ib 0.3048 m 100 cm 
-| lgs? ~2 
o=70.8 dyncm™'. a | 70.8 gs 
1 dyn cm™! 
D,=1 mm . | aay = 0.1 cm. 
10 mm 


. : : : 3, 
Rearranging the equation to give an expression for DR: 


6aD, 


DoS Se Os 
b . 
£(Py a Po) 


Substituting values gives: 
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6 (70.8 g s 2) (0.1 cm) 


‘p> = — NE 
: 980.7 cms 2 (1 gem — 1.30x 1073g cm7) 


Taking the cube root: 


D,=0.35 cm. 


= 4.34x 1072 cm?. 


Note that unity brackets are squared or cubed when appropriate, e.g. when converting ft? to cm3. This is permissible since the 


value of the unity bracket is 1, and 1? or 13 is still 1. 


2.3 Force and Weight 


According to Newton’s law, the force exerted on a body in 
motion is proportional to its mass multiplied by the accelera- 
tion. As listed in Table 2.2, the dimensions of force are 
LMT™~2; the natural units of force in the SI system are 
kg ms ?. Analogously, g cm s~2 and lb ft s~2 are the natural 
units of force in the metric and British systems, respectively. 

Force occurs frequently in engineering calculations, and 
derived units are used more commonly than natural units. In 
SI, the derived unit is the newton, abbreviated as N: 


1N=1kg ms 2. 
(2.15) 


In the British or imperial system, the derived unit for force is 
defined as (1 lb mass) x (gravitational acceleration at sea level 
and 45° latitude). The derived force-unit in this case is called 


the pound-force, and is denoted Ib ¢: 


Example 2.2 Use of g. 


1 Iby = 32.174 lb, fs? 
(2.16) 


as gravitational acceleration at sea level and 45° latitude is 
32.174 ft s-?. Note that pound-mass, represented usually as 
Ib, has been shown here using the abbreviation, Ib,, to distin- 
guish it from Ib, Use of the pound in the imperial system for 
reporting both mass and force can be a source of confusion and 
requires care. 

In order to convert force from a defined unit to a natural 
unit, a special dimensionless unity-bracket called g_ is used. 
The form of g. depends on the units being converted. From 
Eqs (2.15) and (2.16): 


IN 1 Ibe 
g.=1=|— |= —_—_-— | 
lkgms~? 32.174 lb, ft s* 


(2.17) 
Application of g_ is illustrated in Example 2.2. 


Calculate the kinetic energy of 250 lb, liquid flowing through a pipe at 35 ft s~ 1 Express your answer in units of ft Ib p- 


Solution: 
Kinetic energy is given by the equation: 


kinetic energy = £, = "Mv? 
where Mis mass and vis velocity. Using the values given: 


2 Ib. ft? 


= 1.531 x 10° 5 
Ss 


E,=1/,(250 lb,,) [35% 


Multiplying by g. from Eq. (2.17) gives: 


Ib, fe? 1 Ibe 


E, = 1.531 x 10° S| ee, 
s* 32.174 Ib, ft s 2 


Calculating and cancelling units gives the answer: 


E,= 4760 felb,. 
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Weight is the force with which a body is attracted by gravity to 
the centre of the earth. It changes according to the value of the 
gravitational acceleration g, which varies by about 0.5% over 


2. in 


the earth’s surface. In SI units gis approximately 9.8 m s~ 
imperial units gis about 32.2 ft s_*. Using Newton’s law and 
depending on the exact value of g, the weight of a mass of 1 kg 
is about 9.8 newtons; the weight of a mass of 1 |b is about 
1 Ib,. Note that although the value of gchanges with position 
on the earth’s surface (or in the universe), the value of g. 
within a given system of units does not. g. is a factor for con- 


verting units, not a physical variable. 


2.4 Measurement Conventions 


Familiarity with common physical variables and methods for 
expressing their magnitude is necessary for engineering analysis 
of bioprocesses. This section covers some useful definitions and 
engineering conventions that will be applied throughout the text. 


2.4.1 Density 


Density is a substantial variable defined as mass per unit vol- 
ume. Its dimensions are L~3M, and the usual symbol is p. 
Units for density are, for example, g cm~3, kg m7? and 
lb ft~3. If the density of acetone is 0.792 g cm73, the mass of 
150 cm? acetone can be calculated as follows: 


150 cm? 


0.792 g\ _ 
07078} - 119g. 


Densities of solids and liquids vary slightly with temperature. 
The density of water at 4°C is 1.0000 g cm 73, or 62.4 Ib fr >. 
The density of solutions is a function of both concentration 
and temperature. Gas densities are highly dependent on tem- 
perature and pressure. 


2.4.2 Specific Gravity 


Specific gravity, also known as ‘relative density’, is a dimen- 
sionless variable. It is the ratio of two densities, that of the 
substance in question and that of a specified reference 
material. For liquids and solids, the reference material is usual- 
ly water. For gases, air is commonly used as reference, but 
other reference gases may also be specified. 

As mentioned above, liquid densities vary somewhat with 
temperature. Accordingly, when reporting specific gravity the 
temperatures of the substance and its reference material are 
specified. If the specific gravity of ethanol is given as 
0.789205, this means that the specific gravity is 0.789 for 
ethanol at 20°C referenced against water at 4°C. Since the 


density of water at 4°C is almost exactly 1.0000 g cm™3, we 
can say immediately that the density of ethanol at 20°C is 
0.789 gcm “3. 


2.4.3 Specific Volume 


Specific volume is the inverse of density. The dimensions of 
specific volume are L3M7!, 


2.4.4 Mole 


In the SI system, a mole is ‘the amount of substance of a system 
which contains as many elementary entities as there are atoms 
in 0.012 kg of carbon-12’ [3]. This means that a mole in the SI 
system is about 6.02 x 1073 molecules, and is denoted by the 
term gram-mole or gmol. One thousand gmol is called a kilo- 
gram-mole or kgmol. \n the American engineering system, the 
basic mole unit is the pound-mole or lbmol, which is 6.02 x 
1023 x 453.6 molecules. The gmol, kgmol and Ibmol therefore 
represent three different quantities. When molar quantities 
are specified simply as ‘moles’, gmol is usually meant. 

The number of moles in a given mass of material is calculat- 
ed as follows: 


mass in grams 


gram moles = —————__2—___ 
molar mass in grams 
(2.18) 
Ib moles = S20 _ inlb ; 
molar mass in |b 
(2.19) 


Molar mass is the mass of one mole of substance, and has 
dimensions MN7!. Molar mass is routinely referred to as 
molecular weight, although the molecular weight of a com- 
pound is a dimensionless quantity calculated as the sum of the 
atomic weights of the elements constituting a molecule of that 
compound. The atomic weight of an element is its mass relative 
to carbon-12 having a mass of exactly 12; atomic weight is also 
dimensionless. The terms ‘molecular weight’ and ‘atomic 
weight’ are frequently used by engineers and chemists instead 
of the more correct terms, ‘relative molecular mass’ and ‘rela- 
tive atomic mass’. 


2.4.5 Chemical Composition 


Process streams usually consist of mixtures of components or 
solutions of one or more solutes. The following terms are used 
to define the composition of mixtures and solutions. 

The mole fraction of component A in a mixture is defined 
as: 
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a ser ee number of moles of A 
total number of moles ” 


(2.20) 


Mole percentis mole fraction x 100. In the absence of chemical 
reactions and loss of material from the system, the composition 
of a mixture expressed in mole fraction or mole percent does 
not vary with temperature. 

The mass fraction of component A ina mixture is defined as: 


: mass of A 
mass fraction A = ————— . 
total mass 


(2.21) 


Mass percent is mass fraction X 100; mass fraction and mass 
percent are also called weight fraction and weight percent, 
respectively. Another common expression for composition is 
weight-for-weight percent (Yow/w); although not so well 
defined, this is usually considered to be the same as weight per- 
cent. For example, a solution of sucrose in water with a 
concentration of 40% w/w contains 40 g sucrose per 100 g 
solution, 40 tonnes sucrose per 100 tonnes solution, 40 lb 
sucrose per 100 Ib solution, and so on. In the absence of chem- 
ical reactions and loss of material from the system, mass and 
weight percent do not change with temperature. 

Because the composition of liquids and solids is usually 
reported using mass percent, this can be assumed even if not 
specified. For example, if an aqueous mixture is reported to 
contain 5% NaOH and 3% MgSO,, it is conventional to 
assume that there are 5 g NaOH and 3 g MgSO, in every 
100 g solution. Of course, mole or volume percent may be 
used for liquid and solid. mixtures; however this should be 
stated explicitly, e.g. 10 vol% or 50 mole%. 

The volume fraction of component A in a mixture is: 


. volume of A 
volume fraction A = ——————_ 
total volume 


(2.22) 


Volume percent is volume fraction X 100. Although not as 
clearly defined as volume percent, volume-for-volume percent 
(%v/v) is usually interpreted in the same way as volume per- 
cent; for example, an aqueous sulphuric acid mixture 
containing 30 cm? acid in 100 cm? solution is referred to as a 
30% (v/v) solution. Weight-for-volume percent (Y%w/v) is 
also commonly used; a codeine concentration of 0.15% w/v 
generally means 0.15 g codeine per 100 ml solution. 
Compositions of gases are commonly given in volume per- 
cent; if percentage figures are given without specification, 
volume percent is assumed. According to the /nternational 
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Critical Tables [4], the composition of air is 20.99% oxygen, 
78.03% nitrogen, 0.94% argon and 0.03% carbon dioxide; 
small amounts of hydrogen, helium, neon, krypton and xenon 
make up the remaining 0.01%. For most purposes, all inerts 
are lumped together with nitrogen; the composition of air is 
taken as approximately 21% oxygen and 79% nitrogen. This 
means that any sample of air will contain about 21% oxygen 
by volume. At low pressure, gas volume is directly proportional 
to number of moles; therefore, the composition of air stated 
above can be interpreted as 21 mole% oxygen. Since tempera- 
ture changes at low pressure produce the same relative change 
in partial volumes of constituent gases as in the total volume, 
volumetric composition of gas mixtures is not altered by varia- 
tion in temperature. Temperature changes affect the com- 
ponent gases equally, so the overall composition is unchanged. 

There are many other choices for expressing the concentra- 
tion ofa component in solutions and mixtures: 


(i) Moles per unit volume, e.g. gmol I~, Ibmol ft7 3. 

(ii) Mass per unit volume, e.g. kg m7 3, g 17, Ib ft7~9. 

(iii) Parts per million, ppm. This is used for very dilute solu- 
tions. Usually, ppm is a mass fraction for solids and 
liquids and a mole fraction for gases. For example, an 
aqueous solution of 20 ppm manganese contains 20 g 
manganese per 10° g solution. A sulphur dioxide con- 
centration of 80 ppm in air means 80 gmol SO, per 
10° gmol gas mixture. At low pressures this is equivalent 
to 80 litres SO, per 10° litres gas mixture. 

(iv) Molarity, gmol I7!. 

(v) Molality, gmol per 1000 g solvent. 

(vi) Normality, mole equivalents |~ 1 A normal solution con- 
tains one equivalent gram-weight of solute per litre of 
solution. For an acid or base, an equivalent gram-weight 
is the weight of solute in grams that will produce or react 
with one gmol hydrogen ions. Accordingly, a 1 N solu- 
tion of HC] is the same as a 1 M solution; on the other 
hand, a 1 N H,SO, or 1 N Ca(OH), solution is 0.5 M. 

(vii) Formality, formula gram-weight 17}. If the molecular 
weight of a solute is not clearly defined, formality may be 
used to express concentration. A formal solution contains 
one formula gram-weight of solute per litre of solution. If 
the formula gram-weight and molecular gram-weight are 
the same, molarity and formality are the same. 


In several industries, concentration is expressed in an indirect 
way using specific gravity. For a given solute and solvent, the 
density and specific gravity of solutions are directly dependent 
on concentration of solute. Specific gravity is conveniently 
measured using a hydrometer which may be calibrated using 
special scales. The Baumeé scale, originally developed in France 
to measure levels of salt in brine, is in common use. One 
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Baumé scale is used for liquids lighter than water; another is 
used for liquids heavier than water. For liquids heavier than 
water such as sugar solutions: 


degrees Baumé (°Bé) = 145 — is 


(2.23) 


where Gis specific gravity. Unfortunately, the reference tem- 
perature for the Baumé and other gravity scales is not 
standardised world-wide. If the Baumé hydrometer is calibrat- 
ed at 60°F (15.6°C), Gin Eq (2.23) would be the specific 
gravity at GO°F relative to water at 60°F; however another 
common reference temperature is 20°C (68°F). The Baumé 
scale is used widely in the wine and food industries as a meas- 
ure of sugar concentration. For example, readings of °Bé from 
grape juice help determine when grapes should be harvested 
for wine making. The Baumé scale gives only an approximate 
indication of sugar levels; there is always some contribution to 
specific gravity from soluble compounds other than sugar. 
Degrees Brix (°Brix), or degrees Balling, is another hydrometer 
scale used extensively in the sugar industry. Brix scales calibrated 
at 15.6°C and 20°C are in common use. With the 20°C scale, 
each degree Brix indicates 1 gram of sucrose per 100 g liquid. 


2.4.6 Temperature 


Temperature is a measure of the thermal energy of a body at 
thermal equilibrium. It is commonly measured in degrees 
Celsius (centigrade) or Fahrenheit. In science, the Celsius scale 
is most common; 0°C is taken as the ice point of water and 
100°C the normal boiling point of water. The Fahrenheit scale 
has everyday use in the USA; 32°F represents the ice point and 
212°F the normal boiling point of water. Both Fahrenheit and 
Celsius scales are relative temperature scales, i.e. their zero 
points have been arbitrarily assigned. 

Sometimes it is necessary to use absolute temperatures. 
Absolute-temperature scales have as their zero point the lowest 
temperature believed possible. Absolute temperature is used in 
application of the ideal gas law and many other laws of ther- 
modynamics. A scale for absolute temperature with degree 
units the same as on the Celsius scale is known as the Kelvin 
scale; the absolute-temperature scale using Fahrenheit degree- 
units is the Rankine scale. Units on the Kelvin scale used to be 
termed ‘degrees Kelvin’ and abbreviated °K. It is modern prac- 
tice, however, to name the unit simply ‘kelvin’; the SI symbol 
for kelvin is K. Units on the Rankine scale are denoted °R. 0O°R 
= 0K = —459.67°F = —273.15°C. Comparison of the four 


temperature scales is shown in Figure 2.1. One unit on the 


Kelvin—Celsius scale corresponds to a temperature difference 
of 1.8 times a single unit on the Rankine—Fahrenheit scale; the 
range of 180 Rankine—Fahrenheit degrees between the freez- 
ing and boiling points of water corresponds to 100 degrees on 
the Kelvin—Celsius scale. 

Equations for converting temperature units are as follows; 
T represents the temperature reading: 


T(K) = TCC) + 273.15 


(2.24) 
TOR) = TF) + 459.67 

(2.25) 
T(°R)= 1.8 7(K) 

(2.26) 
T(CF) = 1.8 TCC) + 32. 

(2.27) 


2.4.7 Pressure 


Pressure is defined as force per unit area, and has dimensions 
L~'MT~ 2. Units of pressure are numerous, including pounds 
per square inch (psi), millimetres of mercury (mmHg), stan- 
dard atmospheres (atm), bar, newtons per square metre 
(N m~?), and many others. The SI pressure unit, N m~2, is 
called a pascal (Pa). Like temperature, pressure may be 
expressed using absolute or relative scales. 

Absolute pressure is pressure relative to a complete vacuum. 
Because this reference pressure is independent of location, 
temperature and weather, absolute pressure is a precise and 
invariant quantity. However, absolute pressure is not com- 
monly measured. Most pressure-measuring devices sense the 
difference in pressure between the sample and the surrounding 
atmosphere at the time of measurement. Measurements using 
these instruments give relative pressure, also known as gauge 
pressure. Absolute pressure can be calculated from gauge 
pressure as follows: 


absolute pressure = gauge pressure + atmospheric pressure. 
(2.28) 


As you know from listening to weather reports, atmospheric 
pressure varies with time and place and is measured using a 
barometer. Atmospheric pressure or barometric pressure should 
not be confused with the standard unit of pressure called the 
standard atmosphere (atm), defined as 1.013 x 10° N m7?, 
14.70 psi, or 760 mmHg at 0°C. Sometimes the units for 
pressure include information about whether the pressure is 
absolute or relative. Pounds per square inch is abbreviated psia 
for absolute pressure or psig for gauge pressure. Atma denotes 
standard atmospheres of absolute pressure. 
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Comparison of temperature scales. 


Figure 2.1 


Kelvin scale 


Celsius scale 


—459.67 


Fahrenheit scale 
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Vacuum pressure is another pressure term, used to indicate 
pressure below barometric pressure. A gauge pressure of 
—5 psig, or 5 psi below atmospheric, is the same as a vacuum 
of 5 psi. A perfect vacuum corresponds to an absolute pressure 
of zero. 


2.5 Standard Conditions and Ideal Gases 


A standard state of temperature and pressure has been defined 
and is used when specifying properties of gases, particularly 
molar volumes. Standard conditions are needed because the 
volume of a gas depends not only on the quantity present but 
also on the temperature and pressure. The most widely- 
adopted standard state is 0°C and 1 atm. 

Relationships between gas volume, pressure and tempera- 
ture were formulated in the 18th and 19th centuries. These 
correlations were developed under conditions of temperature 
and pressure so that the average distance between gas molecules 


32 98.6 212 


————— | nn Pad 


77 


491.67 558.27 671.67 


ee Se 


ci 


Ice point Boiling point 
of water at 
Ambient | atm 
Physiological 
temperature 


was great enough to counteract the effect of intramolecular 
forces, and the volume of the molecules themselves could be 
neglected. Under these conditions, a gas became known as an 
ideal gas. This term now in common use refers to a gas which 
obeys certain simple physical laws, such as those of Boyle, 
Charles and Dalton. Molar volumes for an ideal gas at stand- 
ard conditions are: 


1 gmol = 22.4 litres 


(2.29) 
1 kgmol = 22.4 m? 

(2.30) 
1 lbmol = 359 ft? 

(2.31) 


No real gas is an ideal gas at all temperatures and pressures. 
However, light gases such as hydrogen, oxygen and air deviate 
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negligibly from ideal behaviour over a wide range of condi- 
tions. On the other hand, heavier gases such as sulphur dioxide 
and hydrocarbons can deviate considerably from ideal, parti- 
cularly at high pressures. Vapours near the boiling point also 
deviate markedly from ideal. Nevertheless, for many applica- 
tions in bioprocess engineering, gases can be considered ideal 
without much loss of accuracy. 


Eqs (2.29)-(2.31) can be verified using the ideal gas law: 


Table 2.5 Values of the ideal gas constant, R 


V=nRT 
P (2.32) 


where pis absolute pressure, V is volume, is moles, T is abso- 
lute temperature and Ris the ideal gas constant. Eq. (2.32) can 
be applied using various combinations of units for the physical 
variables, as long as the correct value and units of R are 
employed. Table 2.5 gives a list of Rvalues in different systems 
of units. 


(From R.E. Balzhiser, M.R. Samuels and J.D. Eliassen, 1972, Chemical Engineering Thermodynamics, Prentice-Hall, 


New Jersey) 

Energy unit Temperature unit Mole unit R 

cal K gmol 1.9872 

J K gmol 8.3144 
cm? atm K gmol 82.057 
latm K gmol 0.082057 
m? atm K gmol 0.000082057 
I mmHg K gmol 62.361 

| bar K gmol 0.083144 
kg -m~? | K gmol 847.9 

kg -cm™? | K gmol 0.08479 
mmHg ft3 K Ibmol 998.9 

atm ft K lbmol 1.314 

Bru OR lbmol 1.9869 

psi fe? oR Ibmol 10.731 

Ib ft oR Ibmol 1545 

atm ft3 oR Ibmol 0.7302 
in.Hg ft? oR Ibmol 21.85 

hph °R Ibmol 0.0007805 
kWh oR lbmol 0.0005819 
mmHg ft? oR lbmol 555 


Example 2.3 Ideal gas law 


Gas leaving a fermenter at close to 1 atm pressure and 25°C has the following composition: 78.2% nitrogen, 19.2% oxygen, 


2.6% carbon dioxide. Calculate: 


(a) the mass composition of the fermenter off-gas; and 


(b) the mass of CO, in each cubic metre of gas leaving the fermenter. 


Solution: 
Molecular weights: nitrogen = 28 
oxygen = 32 
carbon dioxide 


if 
HS 
ha 
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(a) Because the gas is at low pressure, percentages given for composition can be considered mole percentages. Therefore, using 


the molecular weights, 100 gmol off-gas contains: 


28 gN, 


78.2 gmolN, . | = 2189.6 gN, 
1 gmol N, 

19.2 gmol O, . BEER, = 614.4 gO, 
1 gmol O, 

PegmotCo; | 82. 24s coy, 
1 gmol CO, 


Therefore, the total mass is (2189.6 + 614.4 + 114.4) g= 2918.4 g. The mass composition can be calculated as follows: 


Mass percent N, = ze 88 x 100 = 75.0% 
2918.4 g 

Mass percent O, = BIE S. x 100 = 21.1% 
2918.4 g 


114.4 ¢ 


Mass percent CO, = x 100 = 3.9%. 
2918.4 g 


Therefore, the composition of the gas is 75.0 mass% N,, 21.1 mass% O, and 3.9 mass% CO). 


(b) As the gas composition is given in volume percent, in each cubic metre of gas there must be 0.026 m? CO). The relationship 
between moles of gas and volume at 1 atm and 25°C is determined using Eq. (2.32) and Table 2.5: 


m? atm 


(1 atm) (0.026 m3) = 2 (0.000082057 


gmol K 
Calculating the moles of CO, present: 
n= 1.06 gmol. 


Converting to mass of CO,: 


44 ¢ 
1 gmol 


1.06 gmol. = 46.8 g. 


) (298.15 K). 


2.6 Physical and Chemical Property Data 


Information about the properties of materials is often required 
in engineering calculations. Because measurement of physical 
and chemical properties is time-consuming and expensive, 
handbooks containing this information are a tremendous 
resource. You may already be familiar with some handbooks of 
physical and chemical data, including: 


(i) International Critical Tables [4] 
(ii) Handbook of Chemistry and Physics [5]; and 
(iii) Handbook of Chemistry {6]. 


To these can be added: 
(iv) Chemical Engineers’ Handbook {7}; 


and, for information about biological materials, 
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(v) Biochemical Engineering and Biotechnology Handbook {8}. 


A selection of physical and chemical property data is included 
in Appendix B. 


2.7 Stoichiometry 


In chemical or biochemical reactions, atoms and molecules 
rearrange to form new groups. Mass and molar relationships 
between the reactants consumed and products formed can be 
determined using stoichiometric calculations. This informa- 
tion is deduced from correctly-written reaction equations and 
relevant atomic weights. 

As an example, consider the principal reaction in alcohol fer- 
mentation: conversion of glucose to ethanol and carbon dioxide: 

C,H,,0, > 2 C,H,O+2 CO,. ee 


This reaction equation states that one molecule of glucose 
breaks down to give two molecules of ethanol and two mole- 
cules of carbon dioxide. Applying molecular weights, the 
equation shows that reaction.of 180 g glucose produces 92 g 
ethanol and 88 g carbon dioxide. During chemical or bio- 
chemical reactions, the following two quantities are 
conserved: 


(i) total mass, i.e. total mass of reactants = total mass of 
products; and 

(ii) number of atoms of each element, e.g. the number of C, H 
and O atoms in the reactants = the number of C, H and 
O atoms, respectively, in the products. 


Note that there is no corresponding law for conservation of 
moles; moles of reactants # moles of products. 


Example 2.4 Stoichiometry of amino acid synthesis 


The overall reaction for microbial conversion of glucose to t-glutamic acid is: 


CsH,,0,+ NH, + 7/20, > C,HyNO, + CO, +3 H,O. 
(glucose) (glutamic acid) 


What mass of oxygen is required to produce 15 g glutamic acid? 


Solution: 
Molecular weights: oxygen = 32 


glutamic acid 147 


In the following equation, g glutamic acid is converted to gmol using a unity bracket for molecular weight, the stoichiometric equa- 


tion is applied to convert gmol glutamic acid to gmol oxygen, and finally gmol oxygen are converted to g for the final answer: 


15 gglumatic acid . 


3/9 gmol O, 


| 1 gmol glutamic acid glutamic acid | | 
147 g glutamic acid 


1 gmol glutamic acid 


| | 32 gO, 
1 gmol O, 


= 4.9 gO). 


Therefore, 4.9 g oxygen is required. More oxygen will be needed if microbial growth also occurs. 


By themselves, equations such as (2.33) suggest that all the 
reactants are converted into the products specified in the equa- 
tion, and that the reaction proceeds to completion. This is 
often not the case for industrial reactions. Because the stoichi- 
ometry may not be known precisely, or in order to manipulate 
the reaction beneficially, reactants are not usually supplied in 
the exact proportions indicated by the reaction equation. 
Excess quantities of some reactants may be provided; this 


excess material is found in the product mixture once the reac- 
tion is stopped. In addition, reactants are often consumed in 
side reactions to make products not described by the principal 
reaction equation; these side-products also form part of the 
final reaction mixture. In these circumstances, additional 
information is needed before the amounts of product formed 
or reactants consumed can be calculated. Terms used to 
describe partial and branched reactions are outlined below. 
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The dmiting reactant is the reactant present in the small- 
est stoichiometric amount. While other reactants may be 
present in smaller absolute quantities, at the time when 
the last molecule of the limiting reactant is consumed, 
residual amounts of all reactants except the limiting reac- 
tant will be present in the reaction mixture. As an 
illustration, for the glutamic acid reaction of Example 
2.4, if 100 g glucose, 17 g NH; and 48 g O, are provided 
for conversion, glucose will be the limiting reactant even 
though a greater mass of it is available compared with the 
other substrates. 


(ii) An excess reactant is a reactant present in an amount in 


excess of that required to combine with all of the limiting 
reactant. It follows that an excess reactant is one remain- 
ing in the reaction mixture once all the limiting reactant 
is consumed. The percentage excess is calculated using the 
amount of excess material relative to the quantity required 
for complete consumption of the limiting reactant: 


moles present — moles required to react 
completely with the limiting reactant 


iN 100 


% excess = = 
| moles required to react 


completely with the limiting reactant 
(2.34) 


or 


es present — mass required to react 


completely with the limiting reactant ] 100 


% excess = 
mass required to react 


completely with the limiting reactant 


(2.35) 


Example 2.5 Incomplete reaction and yield 


The required amount of a reactant is the stoichiometric 
quantity needed for complete conversion of the limiting 
reactant. In the above glutamic acid example, the 
required amount of NH, for complete conversion of 
100 g glucose is 9.4 g; therefore if 17 g NH, are pro- 
vided the percent excess NH, is 80%. Even if only part 
of the reaction actually occurs, required and excess quan- 
tities are based on the entire amount of the limiting 
reactant. 


Other reaction terms are not as well defined with multiple def- 
initions in common use: 


(iii) Conversion is the fraction or percentage of a reactant con- 
verted into products. 

(iv) Degree of completion is usually the fraction or percentage 
of the limiting reactant converted into products. 

(v) Selectivity is the amount of a particular product formed 
as a fraction of the amount that would have been formed 
if all the feed material had been converted to that 
product. 

(vi) Yield is the ratio of mass or moles of product formed to 
the mass or moles of reactant consumed. If more than one 
product or reactant is involved in the reaction, the parti- 
cular compounds referred to must be stated, e.g. the yield 
of glutamic acid from glucose was 0.6 g g~!. Because of 
the complexity of metabolism and the frequent occur- 
rence of side reactions, yield is an important term in 
bioprocess analysis. Application of the yield concept for 
cell and enzyme reactions is described in more detail in 


Chapter 11. 


Depending on culture conditions, glucose can be catabolised by yeast to produce ethanol] and carbon dioxide, or can be diverted 
into other biosynthetic reactions. An inoculum of yeast is added to a solution containing 10 g 17! glucose. After some time only 
1 g17! glucose remains while the concentration of ethanol is 3.2 g1~!. Determine: 


(a) the fractional conversion of glucose to ethanol; and 
(b) the yield of ethanol from glucose. 


Solution: 


(a) To find the fractional conversion of glucose to ethanol, we must first determine exactly how much glucose was directed into 
ethanol biosynthesis. Using a basis of 1 litre and Eq. (2.33) for ethanol fermentation, we can calculate the mass of glucose 


required for synthesis of 3.2 g ethanol: 


1 gmol ethanol 


46 g ethanol 


3.2 gethanol . 


| 


| 1 gmol glucose 


2 gmol ethanol 


180 g glucose 


= 6.3 g glucose. 


1 gmol glucose 
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Therefore, based on the total amount of glucose provided per litre (10 g), the fractional conversion of glucose to ethanol was 
0.63. Based on the amount of glucose actually consumed per litre (9 g), the fractional conversion to ethanol was 0.70. 


(b) Yield of ethanol from glucose is based on the total mass of glucose consumed. Since 9 g glucose was consumed per litre to 
provide 3.2 g 17! ethanol, the yield of ethanol from glucose was 0.36 g g_!. We can also conclude that, per litre, 2.7 g 


glucose was consumed but not used for ethanol synthesis. 


2.8 Summary of Chapter 2 
Having studied the contents of Chapter 2, you should: 


(i) understand dimensionality and be able to convert units 
with ease; 

(ii) understand the terms mole, molecular weight, density, 
specific gravity, temperature and pressure, know various 
ways of expressing concentration of solutions and mix- 
tures, and be able to work simple problems involving 
these concepts; 


wa 


(ii 

{iv) know where to find physical and chemical property data 
in the literature; and 

(v) understand reaction terms such as limiting reactant, excess 
reactant, conversion, degree of completion, selectivity and 
yield, and be able to apply stoichiometric principles to 
reaction problems. 


be able to apply the ideal gas law; 


Problems 


2.1 Unit conversion 


(a) Convert 1.5 107 © centipoise to kg s —lom7 

(b) Convert 0.122 horsepower (British) to British thermal 
units per minute (Bru min ely 

(c) Convert 670 mmHg ft? to metric horsepower h. 


(d) Convert 345 Bru Ib~! to kcal g~!. 


2.2 Unit conversion 


Using Eq. (2.1) for the Reynolds number, calculate Re for the 
following two sets of data: 


Parameter Case 1 Case 2 

D 2mm 1 in. 

u 3cms! Ims! 

p 25 Ib fr~3 12.5kgm73 

pe 107° cP 0.14x10-4Ib s-! ft! 


2.3. Dimensionless groups and property data 


The rate at which oxygen is transported from gas phase to 
liquid phase is a very important parameter in fermenter design. 
A well-known correlation for transfer of gas is: 


Sha 03PGr) SoM" 


where Sh is the Sherwood number, Gr is the Grashof number 
and Scis the Schmidt number. These dimensionless numbers 
are defined as follows: 


pice fue 
Gr = Po Po = Pg 
ra 
see. A 
pF 


where &, is mass-transfer coefficient, Dy i is bubble diameter, D 
is diffusivicy of gas in the liquid, p,, is density of gas, p, is 
density of liquid, y, is viscosity of liquid, and gis gravitational 
acceleration = 32.17 ft s~? 

A gas sparger in a fermenter operated at 28°C and 1 atm 
produces bubbles of about 2 mm diameter. Calculate the 
value of the mass transfer coefficient, &, . Collect property data 
from, e.g. Chemical Engineers’ Handbook, and assume that the 
culture broth has similar properties to water. (Do you think 
this is a reasonable assumption?) Report the literature source 
for any property data used. State explicitly any other assump- 
tions you make. 


2.4 Mass and weight 


The density of water is 62.4 Ib, ft” >. What is the weight of 
10 ft? of water: 


(a) at sea level and 45° latitude?; and 


(b) somewhere above the earth’s surface where g = 9.76 m s 2? 
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2.5 Dimensionless numbers 


The Colburn equation for heat transfer is: 


2/3 
h Guy? _ 0.023 
CG k [Per 
B 


where Cis heat capacity, Btulb~! °F~!; yp is viscosity, 
lbh! ft}; & is conductivity, Btu ho! 72 
(°F ft~!)~!; Dis pipe diameter, ft; and G is mass velocity per 
unit area, Ib h~! ft~. 

The Colburn equation is dimensionally consistent. What 
are the units and dimensions of the heat-transfer coefficient, 4? 


thermal 


2.6 Dimensional homogeneity and &. 


Two students have reported different versions of the dimen- 
sionless power number NV, used to relate fluid properties to the 
power required for stirring: 


(i) Np= pean 
1 1 
g. 

(ii) Np NDS 


where P is power, gis gravitational acceleration, p is fluid den- 
sity, N, is stirrer speed, D. is stirrer diameter and g. is the force 
unity bracket. Which equation is correct? 


2.7 Molar units 
Ifa bucket holds 20.0 Ib NaOH, how many: 


(a) lbmol NaOH; 
(b) gmol NaOH; and 
(c) kgmol NaOH 


does it contain? 


2.8 Density and specific gravity 


(a) The specific gravity of nitric acid is 1.51 2 
(i) What is its density at 20°C in kg m»? 

(ii) What is its molar specific volume? 

(b) The volumetric flow rate of carbon tetrachloride (CCI,) 
in a pipe is 50cm? min™!. The density of CCl, is 
16g cm ?. 

(i) What is the mass flow rate of CCI? 
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(ii) What is the molar flow rate of CCL,? 


2.9 Molecular weight 


Calculate the average molecular weight of air. 


2.10 Mole fraction 


A solution contains 30 wt% water, 25 wr% ethanol, 15 wt% 
methanol, 12 wt% glycerol, 10 wt% acetic acid and 8 wt% 
benzaldehyde. What is the mole fraction of each component? 


2.11 Temperature scales 


What is —40°F in degrees centigrade? degrees Rankine? 
kelvin? 


2.12 Pressure scales 


(a) The pressure gauge on an autoclave reads 15 psi. What is 
the absolute pressure in the chamber in psi? in atm? 
(b) Avacuum gauge reads 3 psi. What is the pressure? 


2.13 Stoichiometry and incomplete reaction 


For production of penicillin (C,,H,,0O,N,S) using 
Penicillium mould, glucose (C,H, ,O¢) is used as substrate, 
and phenylacetic acid (CgH,O,) is added as precursor. The 


stoichiometry for overall synthesis is: 


1.67 C,H),0¢ +2 NH, + 0.5 O, +H,SO, + C,H,O, 
— C,6H,,O,N,S + 2 CO, +9 H,0. 


(a) What is the maximum theoretical yield of penicillin from 
glucose? 

(b) When results from a particular penicillin fermentation 
were analysed, it was found that 24% of the glucose had 
been used for growth, 70% for cell maintenance activities 
(such as membrane transport and macromolecule turn- 
over), and only 6% for penicillin synthesis. Calculate the 
yield of penicillin from glucose under these conditions. 

(c) Batch fermentation under the conditions described in (b) 
is carried out ina 100-litre tank. Initially, the tank is filled 
with nutrient medium containing 50 g 17! glucose and 
4 g1~! phenylacetic acid. If the reaction is stopped when 
the glucose concentration is 5.5 g1~!, determine: 

(i) which is the limiting substrate if NH, O, and 
H,SO, are provided in excess; 
(ii) the total mass of glucose used for growth; 
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(iii) che amuunt of penicillin produced; and 
(iv) the final concentration of phenylacetic acid. 


2.14 Stoichiometry, yield and the 
ideal gas law 


Stoichiometric equations are used to represent growth of 
microorganisms provided a ‘molecular formula’ for the cells is 
available. The molecular formula for biomass is obtained by 
measuring the amounts of C, N, H, O and other elements in 
cells. For a particular bacterial strain, the molecular formula 
was determined to be Cg gHy 30; No g6- 

These bacteria are grown under aerobic conditions with 
hexadecane (C,,H3,4) as substrate. The reaction equation 


16 
describing growth is: 


Ci gHy34 + 16.28 O, + 1.42 NH, 
> 1.65 Cy gH, 50, »No gt 8-74 CO, + 13.11 H,0. 


(a) Is the stoichiometric equation balanced? 

(b) Assuming 100% conversion, what is the yield of cells from 
hexadecane in g g~!? 

(c) Assuming 100% conversion, what is the yield of cells from 
oxygen ing g™!? 

(d) You have been put in charge of a small fermenter for grow- 
ing the bacteria and aim to produce 2.5 kg of cells for 
inoculation of a pilot-scale reactor. 

(i) What minimum amount of hexadecane substrate 
must be contained in your culture medium? 

(ii) What must be the minimum concentration of hexa- 
decane in the medium if the fermenter working 
volume is 3 cubic metres? 

(iii) What minimum volume of air at 20°C and 1 atm 
pressure must be pumped into the fermenter during 
growth to produce the required amount of cells? 
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Presentation and Analysis of Data 


Quantitative information is fundamental to scientific and engineering analysis. Information about bioprocesses, such as the 
amount of substrate fed into the system, the operating conditions, and properties of the product stream, is obtained by 
measuring pertinent physical and chemical variables. In industry, data are collected for equipment design, process control, 
trouble-shooting and economic evaluations. In research, experimental data are used to develop new theories and test 
theoretical predictions. In either case, quantitative interpretation of data is absolutely essential for making rational decisions 
about the system under investigation. The ability to extract useful and accurate information from data is an important skill 


for any scientist. Professional presentation and communication of results is also required. 


Techniques for data analysis must take into account the exis- 
tence of error in measurements. Because there is always an 
element of uncertainty associated with measured data, 
interpretation calls for a great deal of judgement. This is espe- 
cially the case when critical decisions in design or operation of 
processes depend on data evaluation. Although computers and 
calculators make data processing less tedious, the data analyst 
must possess enough perception to use these tools effectively. 

This chapter discusses sources of error in data and methods 
of handling errors in calculations. Presentation and analysis of 
data using graphs and equations and presentation of process 
information using flow sheets are described. 


3.1 Errors in Data and Calculations 


Measurements are never perfect. Experimentally-determined 
quantities are always somewhat inaccurate due to measure- 
ment error; absolutely ‘correct’ values of physical quantities 
(time, length, concentration, temperature, etc.) cannot be 
found. The significance or reliability of conclusions drawn 
from data must take measurement error into consideration. 
Estimation of error and principles of error propagation in cal- 
culations are important elements of engineering analysis and 
help prevent misleading representation of data. General prin- 
ciples for estimation and expression of errors are discussed in 
the following sections. 


3.1.1 Significant Figures 


Data used in engineering calculations vary considerably in 
accuracy. Economic projections may estimate market demand 


for a new biotechnology product to within +100%; on the 
other hand, some properties of materials are known to within 
+0.0001% or less. The uncertainty associated with quantities 
should be reflected in the way they are written. The number of 
figures used to report a measured or calculated variable is an 
indirect indication of the precision to which that variable is 
known. It would be absurd, for example, to quote the estim- 
ated income from sales of a new product using ten decimal 
places. Nevertheless, the mistake of quoting too many figures 
is not uncommon; display of superfluous figures on calculators 
is very easy but should not be transferred to scientific reports. 

A significant figure is any digit, 1-9, used to specify a num- 
ber. Zero may also be a significant figure when it is not used 
merely to locate the position of the decimal point. For exam- 
ple, the numbers 6304, 0.004321, 43.55 and 8.063 x 10!° 
each contain four significant figures. For the number 1200, 
however, there is no way of knowing whether or not the two 
zeros are significant figures; a direct statement or an alternative 
way of expressing the number is needed. For example, 
1.2 X 10% has two significant figures, while 1.200 x 10% has 
four. 

A number is rounded to » significant figures using the fol- 
lowing rules: 


(i) Ifthe number in the (7+ 1)th position is less than 5, dis- 
card all figures to the right of the mth place. 

(ii) If the number in the (7+ 1)th position is greater than 5, 
discard all figures to the right of the mth place, and 
increase the mth digit by 1. 

(iii) Ifthe number in the (7+ 1)th position is exactly 5, discard 
all figures to the right of the mth place, and increase the 
ath digit by 1. 


3 Presentation and Analysis of Data 


For example, when rounding off to four significant figures: 


1.426348 becomes 1.426; 
1.426748 becomes 1.427; and 
1.4265 becomes 1.427. 


The last rule is not universal but is engineering convention; 
most electronic calculators and computers round up halves. 
Generally, rounding off means that the value may be wrong by 
up to 5 units in the next number-column not reported. Thus, 
10.77 kg means that the mass lies somewhere between 
10.765 kg and 10.775 kg, whereas 10.7754 kg represents a 
mass between 10.77535 kg and 10.77545 kg. These rules 
apply only to quantities based on measured values; some num- 
bers used in calculations refer to precisely known or counted 
quantities. For example, there is no error associated with the 
number //, in the equation for kinetic energy: 


. . _ hve 1 2 
kinetic energy = £, = '/, Mv 


where Mis mass and vis velocity. 

It is good practice during calculations to carry along one or 
two extra significant figures for combination during arith- 
metic operations; final rounding-off should be done only at 
the end. How many figures should we quote in the final 
answer? There are several rules-of-thumb for rounding off 
after calculations, so rigid adherence to all rules is not always 
possible. However as a guide, after multiplication or division, 
the number of significant figures in the result should equal the 
smallest number of significant figures of any of the quantities 
involved in the calculation. For example: 


(6.681 x 107) (5.4 x 10°) = 3.608 x 108 > 3.6 x 108 
and 


6.16 


——_ =_ 112.6616310 > 113. 
0.054677 


For addition and subtraction, look at the position of the last 
significant figure in each number relative to the decimal point. 
The position of the last significant figure in the result should 
be the same as that most to the left, as illustrated below: 


24.335 + 3.90 + 0.00987 = 28.24487 > 28.24 


and 


121.808 — 112.87634 = 8.93166 > 8.932. 


3.1.2 Absolute and Relative Uncertainty 


Uncertainty associated with measurements can be stated more 
explicitly than is possible using the rules of significant figures. 
For a particular measurement, we should be able to give our 
best estimate of the parameter value, and the interval repre- 
senting its range of uncertainty. For example, we might be able 
to say with confidence that the prevailing temperature lies 
between 23.7°C and 24.3°C. Another way of expressing this 
result is 24 + 0.3°C. The value + 0.3°C is known as the uncer- 
tainty or error of the measurement, and allows us to judge the 
quality of the measuring process. Since + 0.3°C represents the 
actual temperature range by which the reading is uncertain, it 
is known as the absolute error. An alternative expression for 
24 + 0.3°C is 24°C + 1.25%; in this case the relative error is 
+ 1.25%. 

Because most values of uncertainty must be estimated 
rather than measured, there is a rule-of-thumb that magni- 
tudes of errors should be given with only one or two significant 
figures. A flow rate may be expressed as 146 + 13 gmol h7!, 
even though this means that two figures, i.e. the ‘4’ and the ‘6’ 
in the result, are uncertain. The number of digits used to 
express the result should be compatible with the magnitude of 
its estimated error. For example, in the statement: 2.1437 + 
0.12 grams, the estimated uncertainty of 0.12 grams shows 
that the last two digits in the result are superfluous. Use of 
more than three significant figures in this case gives a false 
impression of accuracy. 

There are rules for combining errors during mathematical 
operations. The uncertainty associated with calculated results 
is found from the errors associated with the raw data. For addi- 
tion and subtraction the rule is: add absolute errors. The total of 
the absolute errors becomes the absolute error associated with 
the final answer. For example, the sum of 1.25 + 0.13 and 
0.973 + 0.051 is: 


(1.25 + 0.973) + (0.13 + 0.051) =2.22 + 0.18 =2.22 + 8.1%. 


Considerable loss of accuracy can occur after subtraction, 
especially when two large numbers are subtracted to give an 
answer of small numerical value. Because the absolute error 
after subtraction of two numbers always increases, the relative 
error associated with a small-number answer can be very great. 
For example, consider the difference between two numbers, 
each with small relative error: 12 736 + 0.5% and 12 681 + 
0.5%. For subtraction, the absolute errors are added: 


(12 736 + 64) — (12 681 + 63) =55 + 127 =55 + 230%. 
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Even though it could be argued that the two errors might 
almost cancel each other (if one were +64 and the other were 
—63, for example), we can never be certain that this would 
occur. 230% represents the worst case or maximum possible 
error. For measured values, any small number obtained by sub- 
traction of two large numbers must be examined carefully and 
with justifiable suspicion. Unless explicit errors are reported, 
the large uncertainty associated with results can go unnoticed. 

For multiplication and division: add relative errors. The 
total of the relative errors becomes the relative error associated 
with the answer. For example, 164 + 1 divided by 790 + 20 is 
the same as 164 + 0.61% divided by 790 + 2.5%: 


(799), 64) + (2.5 + 0.61)% = 4.82 + 3.1% =4.82 + 0.15. 


Propagation of errors in more complex expressions will not be 
discussed here; more information and rules for combining 
errors can be found in other references [1—3]. 

So far we have considered the error occurring in a single 
observation. However, as discussed below, better estimates of 
errors are obtained by taking repeated measurements. Because 
this approach is useful only for certain types of measurement 
error, let us consider the various sources of error in experi- 
mental data. 


3.1.3 Types of Error 


There are two broad classes of measurement error: systematic 
and random. A systematic error is one which affects all meas- 
urements of the same variable in the same way. If the cause of 
systematic error is identified, it can be accounted for using a 
correction factor. For example, errors caused by an imperfectly 
calibrated analytical balance may be identified using standard 
weights; measurements with the balance can then be corrected 
to compensate for the error. Systematic errors easily go un- 
detected; performing the same measurement using different 
instruments, methods and observers is required to detect 
systematic error [4]. 

Random or accidental errors are due to unknown causes. 
Random errors are present in almost all data; they are revealed 
when repeated measurements of an unchanging quantity give 
a ‘scatter’ of different results. As outlined in the next section, 
scatter from repeated measurements is used in statistical analy- 
sis to quantify random error. The term precision refers to the 
reliability or reproducibility of data, and indicates the extent to 
which a measurement is free from random error. Accuracy, on 
the other hand, requires both random and systematic errors to 
be small. Repeated weighings using a poorly-calibrated 


balance can give results that are very precise (because each 
reading is similar); however the result would be inaccurate 
because of the incorrect calibration and systematic error. 

During experiments, large, isolated, one-of-a-kind errors 
can also occur. This type of error is different from the system- 
atic and random errors mentioned above and can be described 
as a ‘blunder’. Accounting for blunders in experimental data 
requires knowledge of the experimental process and judge- 
ment about the likely accuracy of the measurement. 


3.1.4 Statistical Analysis 


Measurements containing random errors but free of system- 
atic errors and blunders can be analysed using statistical 
procedures. Details are available in standard texts, e.g. [5]; 
only the most basic techniques for statistical treatment will be 
described here. From readings containing random error, we 
aim to find the best estimate of the variable measured, and to 
quantify the extent to which random error affects the data. 

In the following analysis, errors are assumed to follow a 
normal or Gaussian distribution. Normally-distributed ran- 
dom errors in a single measurement are just as likely to be 
positive as negative; thus, if an infinite number of repeated 
measurements were made of the same variable, random error 
would completely cancel out from the arithmetic mean of 
these values. For less than an infinite number of observations, 
the arithmetic mean of repeated measurements is still regarded 
as the best estimate of the variable, provided each measure- 
ment is made with equal care and under identical conditions. 
Taking replicate measurements is therefore standard practice 
in science; whenever possible, several readings of each datum 
point should be obtained. For variable x measured 7 times, the 
arithmetic mean is calculated as follows: 

n 
xX = mean value of x _2* et ay ilar Teal ; 
n n 


(3.1) 


As indicated, the symbol z represents the sum of 7 values; 
= x means the sum of n values of parameter x. 

In addition to the mean, we need some measure of the pre- 
cision of the measurements; this is obtained by considering the 
scatter of individual values about the mean. The deviation of 
an individual value from the mean is known as the residual; an 
example of a residual is (x, — ¥) where x, isa measurement in 
a set of replicates. The most useful indicator of the magnitude 
of the residuals is the standard deviation. For a set of experi- 
mental data, standard deviation @ is calculated as follows: 
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(x; =e) OG = a $= xP +..%,- x)? 


n- 1 


(3.2) 


Eq. (3.2) is the definition used by most modern statisticians 
and manufacturers of electronic calculators; o as defined in 
Eq. (3.2) is sometimes called the sample standard deviation. 
Therefore, to report the results of repeated measurements, 
we quote the mean as the best estimate of the variable, and the 
standard deviation as a measure of the confidence we place in 
the result. The units and dimensions of the mean and standard 
deviation are the same as those of x. For less than an infinite 


Example 3.1 Mean and standard deviation 


number of repeated measurements, the mean and standard 
deviation calculated using one set of observations will produce 
a different result from that determined using another set. It 
can be shown mathematically that values of the mean and 
standard deviation become more reliable as 7 increases; taking 
replicate measurements is therefore standard practice in 
science. A compromise is usually struck between the confict- 
ing demands of precision and the time and expense of 
experimentation; sometimes it is impossible to make a large 
number of replicate measurements. Sample size should always 
be quoted when reporting the outcome of statistical analysis. 
When substantial improvement in the accuracy of the mean 
and standard deviation is required, this is generally more effec- 
tively achieved by improving the intrinsic accuracy of the 
measurement rather than by just taking a multitude of 
repeated readings. 


The final concentration of L-lysine produced by a regulatory mutant of Brevibacterium lactofermentum is measured 10 times. 
The results in g 17! are: 47.3, 51.9, 52.2, 51.8, 49.2, 51.1, 52.4, 47.1, 49.1 and 46.3. How should the lysine concentration be 


reported? 
Solution: 


For this sample, 2= 10. From Eq. (3.1): 


10 
49.84 17}, 


Substituting this result into Eq. (3.2) gives: 


g= j 24 = 2.34g171. 


Therefore, from 10 repeated measurements, the lysine concentration was 49.8 g 1~! with standard deviation 2.3 g 171. 


Methods for combining standard deviations in calculations 
are discussed elsewhere [1, 2]. Remember that standard statis- 
tical analysis does not account for systematic error; parameters 
such as the mean and standard deviation are useful only if the 
error in measurements is random. The effect of systematic error 
cannot be minimised using standard statistical analysis or by col- 
lecting repeated measurements. 


3.2 Presentation of Experimental Data 


Experimental data are often collected to examine relationships 
between variables. The role of these variables in the experimental 


47.3 +51.9+52.2+51.8+49.2+51.14+52.4+47.14+49.1+ 46.3 


process is clearly defined. Dependent variables or response variables 
are uncontrolled during the experiment; dependent variables are 
measured as they respond to changes in one or more independent 
variables which are controlled or fixed. For example, if we wanted 
to determine how UV radiation affects the frequency of muta- 
tion in a culture, radiation dose would be the independent 
variable and number of mutants the dependent variable. 
There are three general methods for presenting data: 


(i) tables; 
(ii) graphs; and 


(iii) equations. 
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Each has its own strengths and weaknesses. Tables listing data 
have highest accuracy, but can easily become too long and the 
overall result or trend of the data cannot be readily visualised. 
Graphs or plots of data create immediate visual impact since 
relationships between variables are represented directly. 
Graphs also allow easy interpolation of data, which can be dif- 
ficult with tables. By convention, independent variables are 
plotted along the abscissa (the X-axis), while one or more 
dependent variables are plotted along the ordinate (Y-axis). 
Plots show ata glance the general pattern of data, and can help 
identify whether there are anomalous points; it is good prac- 
tice to plot raw experimental data as they are being measured. 
In addition, graphs can be used directly for quantitative data 
analysis. 

Physical phenomena can be represented using equations or 
mathematical models; for example, balanced growth of micro- 
organisms is described using the model: 


— t 
x = xy eh 


(3.3) 


where x is the cell concentration at time 4, Xp is the initial cell 
concentration, and pis the specific growth rate. Mathematical 
models can be either mechanistic or empirical. Mechanistic 
models are founded on theoretical assessment of the phen- 
omenon being measured. An example is the Michaelis— 
Menten equation for enzyme reaction: 


¥ Ynaxt 


~ K,ts 
(3.4) 


where vis rate of reaction, v,,,, is maximum rate of reaction, 
K,, is the Michaelis constant, and sis substrate concentration. 
The Michaelis-Menten equation is based on a loose analysis of 
reactions supposed to occur during simple enzyme catalysis. 
On the other hand, empirical models are used when no theoret- 
ical hypothesis can be postulated. Empirical models may be 
the only feasible option for correlating data from complicated 
processes. As an example, the following correlation has been 
developed to relate the power required to stir aerated liquids to 
that required in non-aerated systems: 


P EF \7925 7 N2p4  \-0.20 
ae i ee te ee 
aes Pe gW.v2s 


(3.5) 


In Eq. (3.5) ae is power consumption with sparging, Py is 
power consumption without sparging, E is volumetric gas 


flow rate, N. is stirrer speed, Vis liquid volume, D, is impeller 
diameter, g is gravitational acceleration, and W, is impeller 
blade width. There is no easy theoretical explanation for this 
relationship; the equation is based on many observations using 
different impellers, gas flow rates and rates of stirring. 
Equations such as Eq. (3.5) are a short, concise means for com- 
municating the results of a large number of experiments. 
However, they are one step removed from the raw data and 
can be only an approximate representation of all the informa- 
tion collected. 


3.3 Data Analysis 


Once experimental data are collected, what we do with them 
depends on the information being sought. Data are generally 
collected for one or more of the following reasons: 


(i) to visualise the general trend of influence of one variable 
on another; 

(ii) to test the applicability ofa particular model to a process; 

(iii) to estimate the value of coefficients in process models; 

and 

to develop new empirical models. 


(iv) 
Analysis of data would be enormously simplified ifeach datum 
point did not contain error. For example, after an experiment 
in which the apparent viscosity ofa mycelial broth is measured 
as a function of temperature, if all points on a plot of viscosity 
versus temperature lay perfectly along a line and there were no 
scatter, it would be very easy to determine unequivocally the 
relationship between the variables. In reality, however, proce- 
dures for data analysis must be closely linked with statistical 
mathematics to account for random errors in measurement. 
Despite their importance, detailed description of statistical 
analysis is beyond the scope of this book; there are entire texts 
devoted to the subject. Rather than presenting methods for 
data analysis as such, the following sections discuss some of the 
ideas behind interpretation of experiments. Once the general 
approach is understood, the actual procedures involved can be 
obtained from the references listed at the end of this chapter. 

As we shall see, interpreting experimental data requires a 
great deal of judgement and sometimes involves difficult deci- 
sions. Nowadays most scientists and engineers have access to 
computers or calculators equipped with software for data pro- 
cessing. These facilities are very convenient and have removed 
much of the tedium associated with statistical analysis. There 
is a danger, however, that software packages are applied with- 
out appreciation of inherent assumptions in the analysis or its 
mathematical limitations. Thus, the user cannot know how 
valuable or otherwise are the generated results. 
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As already mentioned in Section 3.1.4, standard statistical 
methods consider only random error, not systematic error. In 
practical terms, this means that most procedures for data pro- 
cessing are unsuitable when errors are due to poor instrument 
calibration, repetition of the same mistakes in measurement, 
or preconceived ideas about the expected result. All effort must 
be made to eliminate these types of error before treating the 
data. As also noted in Section 3.1.4, the reliability of results 
from statistical analysis improves if many readings are taken. 
No amount of sophisticated mathematical or other type of 
manipulation can make up for sparse, inaccurate data. 


3.3.1 Trends 


Consider the data plotted in Figure 3.1 representing con- 
sumption of glucose during batch culture of plant cells. If 
there were serious doubt about the trend of the data we could 
present the plot as a scatter of individual points without any 
lines drawn through them. Sometimes data are simply con- 
nected using line segments as shown in Figure 3.1(a); the 
problem with this representation is that it suggests that the ups 
and downs of glucose concentration are real. If, as with these 
data, we are assured there is a progressive downward trend in 
sugar concentration despite the occasional apparent increase, 
we should smooth the data by drawing a curve through the 
points as shown in Figure 3.1(b). Smoothing moderates the 
effects of experimental error. By drawing a particular curve we 
are indicating that, although the scatter of points is consider- 
able, we believe the actual behaviour of the system is smooth 


Figure 3.1 


represented by a smooth curve. 
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and continuous, and that all of the data without experimental 
error would lie on that line. Usually there is great flexibility as 
to where the smoothing curve is placed, and several questions 
arise. To which points should the curve pass closest? Should all 
the data points be included, or are some points clearly in error? 
It soon becomes apparent that many equally-acceptable curves 
can be drawn through the data. 

Various techniques are available for smoothing. A smooth 
line can be drawn freehand or with French or flexible curves 
and other drafting equipment; this is called hand smoothing. 
Procedures for minimising bias during hand smoothing can be 
applied; some examples are discussed further in Chapter 11. 
The danger involved in smoothing manually: that we tend to 
smooth the expected response into the data, is well recognised. 
Another method is to use a computer software package; this is 
called machine smoothing. Computer routines, by smoothing 
data according to pre-programmed mathematical or statistical 
principles, eliminate the subjective element but are still 
capable of introducing bias into the results. For example, 
abrupt changes in the trend of data are generally not 
recognised by statistical analysis. The advantage of hand 
smoothing is that judgements about the significance of indi- 
vidual data points can be taken into account. 

Choice of curve is critical if smoothed data are to be applied 
in subsequent analysis. The data of Figure 3.1 may be used to 
calculate the rate of glucose consumption as a function of 
time; procedures for this type of analysis are described further 
in Chapter 11. In rate analysis, different smoothing curves 
can lead to significantly different results. Because final 


Glucose concentration during batch culture of plant cells; (a) data connected directly by line segments; (b) data 
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interpretation of the data depends on decisions made during 
smoothing, it is important to minimise any errors introduced. 
One obvious way of doing this is to take as many readings as 
possible; when smooth curves are drawn through too few 
points it is very difficult to justify the smoothing process. 


3.3.2 Testing Mathematical Models 


Most applications of data analysis involve correlating meas- 
ured data with existing mathematical models. The model 
proposes some functional relationship between two or more 
variables; our primary objective is to compare the properties of 
the model with those of the experimental system. 

As an example, consider Figure 3.2 which shows the results 
from experiments in which rates of heat production and oxy- 
gen consumption are measured for several microbial cultures 
[6]. Although there is considerable scatter in these data we 
could be led to believe that the relationship between rate of 
heat production and rate of oxygen consumption is linear, as 
indicated by the straight line in Figure 3.2. However there is 
an infinite number of ways to represent any set of data; how do 


we know that this linear relationship is the best? For instance 
we might consider whether the data could be fitted by the 
curve shown in Figure 3.3. This non-linear, oscillating model 
seems to follow the data reasonably well; should we conclude 
that there is a more complex non-linear relationship berween 
heat production and oxygen consumption? 

Ultimately, we cannot know if a particular relationship 
holds between variables. This is because we can only test a 
selection of possible relationships and determine which of 
them fits closest to the data. We can determine which model, 
linear or oscillating, is the better representation of the data in 
Figure 3.2, but we can never conclude that the relationship 
between the variables is actually linear or oscillating. This 
fundamental limitation of data analysis has important conse- 
quences and must be accommodated in our approach. We 
must start off with a hypothesis about how the parameters are 
related and use data to determine whether this hypothesis is 
supported. A basic tenet in the philosophy of science is that it 
is only possible to disprove hypotheses by showing that experi- 
mental data do not conform to the model. The idea that the 
primary business of science is to falsify theories, not verify 


Figure 3.2 Correlation between rate of heat evolution and rate of oxygen consumption for a variety of microbial fermenta- 
tions. (O) Escherichia coli, glucose medium; (@) Candida intermedia, glucose medium; (A) C. intermedia, molasses medium; (V) 
Bacillus subtilis, glucose medium; (MM) B. subtilis, molasses medium; (@) B. subtilis, soybean-meal medium; ©) Aspergillus niger, 
glucose medium; (@) Asp. niger, molasses medium. (From C.L. Cooney, D.I.C. Wang and R.I. Mateles, Measurement of heat 
evolution and correlation with oxygen consumption during microbial growth, Biotechnol. Bioeng. 11, 269-281; Copyright © 


1968. Reprinted by permission of John Wiley and Sons, Inc.) 
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Figure 3.3 Alternative non-linear correlation for the data of Figure 3.2. 
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them, was developed this century by Austrian philosopher, 
Karl Popper. Popper’s philosophical excursions into the 
meaning of scientific truth make extremely interesting read- 
ing, e.g. (7, 8]; his theories have direct application in analysis 
of measured data. We can never deduce with absolute cer- 
tainty the physical relationships between variables using 
experiments. Language used to report the results of data analy- 
sis must reflect these limitations; particular models used to 
correlate data cannot be described as ‘correct’ or ‘true’ 
descriptions of the system, only ‘satisfactory’ or ‘adequate’ for 
our purposes and measurement precision. 


3.3.3 Goodness of Fit: Least-Squares Analysis 


Determining how well data conform to a particular model 
requires numerical procedures. Generally, these techniques 
rely on measurement of the deviations or residuals of each 
datum point from the curve or line representing the model 
being tested. For example, residuals after correlating cell plas- 
mid content with growth rate using a linear model are shown 
by the dashed lines in Figure 3.4. A curve or line producing 
small residuals is considered a good fit of the data. 

A popular technique for locating the line or curve which 
minimises the residuals is least-squares analysis. This statistical 
procedure is based on minimising the sum of squares of the residu- 
als, There are several variations of the procedure: Legendre’s 


method minimises the sum-of-squares of residuals of the depen- 
dent variable; Gauss’s and Laplace’s methods minimise the sum 
of squares of weighted residuals where the weighting factors 
depend on the scatter of replicate data points. Each method 
gives different results; it should be remembered that the curve of 
‘best’ fit is ultimately a matter of opinion. For example, by mini- 
mising the sum of squares of the residuals, least-squares analysis 
could produce a curve which does not pass close to particular 
data points known beforehand to be more accurate than the rest. 
Alternatively, we could choose to define the best fit as that which 
minimises the absolute values of the residuals, or the sum of the 
residuals raised to the fourth power. The decision to use the sum 
of squares is an arbitrary one; many alternative approaches are 
equally valid mathematically. 

As well as minimising the residuals, other factors must be 
taken into account when correlating data. First, the curve used 
to fit the data should create approximately equal numbers of 
positive and: negative residuals. As shown in Figure 3.4(a), 
when there are more positive than negative deviations from 
the points, even though the sum of the residuals is relatively 
small, the line representing the data cannot be considered a 
good fit. The fit is also poor when, as shown in Figure 3.4(b), 
all the positive residuals occur at low values of the independent 
variable while the negative residuals occur at high values. 
There should be no significant correlation of the residuals with 
either the dependent or independent variable. The best 
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Figure 3.4 Residuals in plasmid content after fitting a 
straight line to experimental data. 
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straight-line fit is shown in Figure 3.4(c); the residuals are rela- 
tively small, well distributed in both positive and negative 
directions, and there is no relationship between the residuals 
and either variable. 


Some data sets contain one or more points which deviate 
substantially from predicted values, more than is expected 
from ‘normal’ random experimental error. These points 
known as ‘outliers’ have large residuals and, therefore, strongly 
influence regression methods using the sum-of-squares 
approach. It is usually inappropriate to eliminate outliers; they 
may be legitimate experimental results reflecting the true 
behaviour of the system and could be explained and fitted 
using an alternative model not yet considered. The best way to 
handle outliers is to analyse the data with and without the 
aberrant values to make sure their elimination does not influ- 
ence discrimination between models. It must be emphasised 
that only one point at a time and only very rare data points, if 
any, should be eliminated from data sets. 

Measuring individual residuals and applying least-squares 
analysis would be very useful in determining which of the two 
curves in Figures 3.2 and 3.3 fits the data more closely. 
However, as well as mathematical considerations, other factors 
can influence choice of model for experimental data. Consider 
again the data of Figures 3.2 and 3.3. Unless the fit obtained 
with the oscillatory model were very much improved com- 
pared with the linear model, we might prefer the straight-line 
correlation because it is simple, and because it conforms with 
what we know about microbial metabolism and the thermo- 
dynamics of respiration. It is difficult to find a credible 
theoretical justification for representing the relationship with 
an oscillating curve, so we could be persuaded to reject the 
non-linear model even though it fits the data reasonably well. 
Choosing between models on the basis of supposed mech- 
anism requires a great deal of judgement. Since we cannot 
know for sure what the relationship is between the two param- 
eters, choosing between models on the basis of supposed 
mechanism brings in an element of bias. This type of pre- 
sumptive judgement is the reason why it is so difficult to 
overturn established scientific theories; even if data are avail- 
able to support a new hypothesis there is a tendency to reject it 
because it does not agree with accepted theory. Nevertheless, if 
we wanted to fly in the face of convention and argue that an 
oscillatory relationship between rates of heat evolution and 
oxygen consumption is more reasonable than a straight-line 
relationship, we would undoubtedly have to support our claim 
with more evidence than the data shown in Figure 3.3. 


3.3.4 Linear and Non-Linear Models 


Astraight line is represented by the equation: 


y =Axt B. 
(3.6) 
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Bis the intercept of the straight line on the ordinate; A is the 
slope. A and B are also called the coefficients, parameters or 
adjustable parameters of Eq. (3.6). Once a straight line is 
drawn, A is found by taking any two points (x,, y,) and (x, y,) 
on the line, and calculating: 


A= » — 


- (x, a x1) 
(3.7) 


As indicated in Figure 3.5, (x,, y,) and (x), y>) are points on the 
line through the data; they are not measured data values. Once 
Ais known, Bis calculated as: 

B=y, 


~ Ax, or 


B = J — A Xp. 
(3.8) 


Suppose we measure 7 pairs of values of two variables x and y, 
and a plot of the dependent variable y versus the independent 
variable x suggests a straight-line relationship. In testing corre- 
lation of the data with Eq. (3.6), changing the values of A and 
Bwill affect how well the model fits the data. Values of Aand B 
giving the best straight line are determined by Linear regression 
or linear least-squares analysis. This procedure is one of the 
most frequently used in data analysis; linear-regression rou- 
tines are part of many computer packages and are available on 
hand-held calculators. Linear regression methods fit data by 
finding the straight line which minimises the sum of squares of 
the residuals. Details of the method can be found in statistics 
texts [5, 9, 10]. 

Because linear regression is so accessible, it can be readily 
applied without proper regard for its appropriateness or the 
assumptions incorporated in its method. Unless the following 


Figure 3.5 Straight-line correlation for calculation of model 


parameters. 


points are considered before using regression analysis, biased 
estimates of parameter values will be obtained. 


(i) Least-squares analysis applies only to data containing 
random error. 

(ii) 

(iii) 


The variables «and y must be independent. 

Simple linear-regression methods are restricted to the 
special case of all uncertainty being associated with one 
variable. If the analysis uses a regression of yon x, then y 
should be the variable involving the largest errors. More 
complicated techniques are required to deal with errors in 
xand ysimultaneously. 

(iv) Simple linear-regression methods assume that each data 
point has equal significance. Modified procedures must 
be used if some points are considered more or less import- 
ant than others, or if the line must pass through some 
specified point, e.g. the origin. It is also assumed that each 
point is equally precise, i.e. the standard deviation or ran- 
dom error associated with individual readings is the same. 
In experiments, the degree of fluctuation in the response 
variable often changes within the range of interest; for 
example, measurements may be more or less affected by 
instrument noise at the high or low end of the scale, so 
that data collected at the beginning of an experiment will 
have different errors compared with those measured at 
the end. Under these conditions, simple least-squares 
analysis is not appropriate. 

(v) As already mentioned with respect to Figures 3.4(a) and 
3.4(b), positive and negative residuals should be approxi- 
mately evenly distributed, and residuals should be 
independent of both xand y variables. 


Correlating data with straight lines is a relatively easy form 
of data analysis. When experimental data deviate markedly 
from a straight line, correlation using non-linear models is 
required. It is usually more difficult to decide which model to 
test and obtain parameter values when data do not follow 
linear relationships. As an example, consider growth of 
Saccharomyces cerevisiae yeast, which is expected to follow the 
non-linear model of Eq. (3.3). We could attempt to check 
whether measured cell-concentration data are consistent with 
Eq. (3.3) by plotting the values on linear graph paper as shown 
in Figure 3.6(a). The data appear to exhibit an exponential 
response typical of simple growth kinetics but it is not clear 
that an exponential model is appropriate. It is also difficult to 
ascertain some of the finer points of culture behaviour; for 
instance, whether the initial points represent a lag phase or 
whether exponential growth commenced immediately. 
Furthermore, the value of yu for this culture is not readily dis- 
cernible from Figure 3.6(a). 
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Figure 3.6 Growth curve for Saccharomyces cerevisiae 

(a) data plotted directly on linear graph-paper; 

(b) linearisation of growth data by plotting logarthims of cell 
concentration versus time. 


Yeast concentration (g 17!) 


Time (h) 


Natural logarithm of yeast concentration 


6 8 
Time (h) 


A convenient graphical approach to this problem is to 
transform the model equation into a linear form. Following 
the rules for logarithms outlined in Appendix D, taking the 
natural logarithm of both sides of Eq (3.3) gives: 


Inx= In Nyt ye. 
(3.9) 


Eq. (3.9) indicates a linear relationship between In x and 4 
with intercept In xy and slope y. Accordingly, if Eq. (3.3) is a 
good model of yeast growth, a plot of the natural logarithm of 
cell concentration versus time should, during the growth 
phase, yield a straight line. Results of this linear transformation 


are shown in Figure 3.6(b). All points before stationary phase 
appear to lie on a straight line suggesting absence of a lag 
phase; the value of y is readily calculated from the slope of the 
line. Graphical linearisation has the advantage that gross 
deviations from the model are immediately evident upon vis- 
ual inspection. Other non-linear relationships and suggested 
methods for yielding straight-line plots are given in Table 3.1. 

Once data have been transformed to produce straight lines, 
it is tempting to apply linear least-squares analysis to deter- 
mine the model parameters. We could enter the values of time 
and logarithms of cell concentration into a computer or calcu- 
lator programmed for linear regression. This analysis would 
give us the straight line through the data which minimises the 
sum-of-squares of the residuals. Most users of linear regression 
choose this technique because they believe it will automatical- 
ly give them an objective and unbiased analysis of their data. 
However, application of linear least-squares analysis to linearised 
data can result in biased estimates of model parameters. The 
reason is related to the assumption in least-squares analysis 
that each datum point has equal random error associated with 
it. 

When data are linearised, the error structure is changed so 
that distribution of errors becomes biased [11, 12]. Although 
standard deviations for each raw datum point may be approxi- 
mately constant over the range of measurement, when 
logarithms are calculated, the error associated with each datum 
point becomes dependent on its magnitude. This also happens 
when data are inverted, as in some of the transformations sug- 
gested in Table 3.1. Small errors in y lead to enormous errors 
in ly when y is small; for large values of y the same errors are 
barely noticeable in '/y. This effect is shown in Figure 3.7; the 
error bars represent a constant error in y of + 0.05 y’. When 
the magnitude of errors after transformation is dependent on 
the value of the variable, simple least-squares analysis should 
not be used. 

In such cases, modifications must be made to the analysis. 
One alternative is to apply weighted least-squares techniques. 
The usual way of doing this is to take replicate measurements 
of the variable, transform the data, calculate the standard 
deviations for the transformed variable, and then weight the 
values by '/g”. Correctly weighted linear regression often gives 
satisfactory parameter values for non-linear models; details of 
the procedures can be found elsewhere [2, 9]. 

Techniques of non-linear regression usually give better 
results than weighted linear regression. In non-linear regres- 
sion, equations such as those in Table 3.1 are fitted directly to 
the data. However, determining an optimal set of parameters 
by non-linear regression can be difficult and reliability of the 
results more difficult to interpret. The most common non-linear 


3 Presentation and Analysis of Data 


38 


Table 3.1 Methods for plotting data as straight lines 
y=Ax" Plot yvs x on logarithmic coordinates. 
y=At Bx? Plot yvs x?. 
y=At Bx" First obtain A as the intercept on a plot of yvs x; then plot (y— A) vs xon logarithmic coordinates. 
= B* Plot yvs x on semi-logarithmic coordinates. 
y=At (Bly) Plot yvs Ve. 
1 

a Plot '/yvs x. 
4 Axt+B J 

22 * \ 1 

= As Ba Plot “Tyvs x, OF INS. fs 
y=lt+(Ax?+ B)!2 Plot (y— 1)? vs x?. 
y=A+ Bet Cx? Plot YJ, vs x, where (y,, x,,) are the coordinates of any point on a smooth curve through the 

x— x 
experimental points. 
x e (x — x.) ; . 
y= tt Plot “vs x, where (y,, x,,) are the coordinates of any point on a smooth curve through the 
(A+ Bx) I, 


experimental points. 


methods, such as the Gauss-Newton procedure widely avail- 
able as computer software, are based on gradient, search or 
linearisation algorithms and use iterative solution techniques. 
More information about non-linear approaches to data analy- 
sis is available in other books [5, 9, 10, 13]. 


Figure 3.7 Error bars for '/, vary in magnitude even though 


the error in yis the same for each datum point. 


3.4 Graph Paper With Logarithmic 
Coordinates 


Two frequently-occurring non-linear functions are the power 
law, y= B x4, and the exponential function, y= B e“*. These 
relationships are often presented using graph paper with 
logarithmic coordinates. Before proceeding, it may be 
necessary for you to review the mathematical rules for log- 
arithms outlined in Appendix D. 


3.4.1 Log—Log Plots 


When plotted on a linear scale, some data have the form of 
either 1, 2 or 3 in Figure 3.8(a), all of which are not straight 
lines. Note also that none of these curves intersects either axis 
except at the origin. If straight-line representation is required, 
we must transform the data by calculating logarithms; plots of 
log or In x versus log or In y yield straight lines as shown in 
Figure 3.8(b). The best straight line through the data can be 
estimated using suitable non-linear regression analysis as dis- 
cussed in Section 3.3.4. 

When there are many data points, calculating the loga- 
rithms of xand ycan be very time-consuming. An alternative is 
to use log-log graph paper. The raw data, not logarithms, are 
plotted directly on log-log paper; the resulting graph is as if 
logarithms were calculated to base e. Graph paper with both 
axes scaled logarithmically is shown in Figure 3.9; each axis in 
this example covers two logarithmic cycles. On log-log plots 
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Figure 3.8 Equivalent curves on linear and log-log graph 
paper. (See text.) 


the origin (0,0) can never be represented; this is because In 0 
(or log, .0) is not defined. 

A straight line on log-log graph paper corresponds to the 
equation: 


y= Bx 
(3.10) 
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Figure 3.9 Log-—log plot. 


or 


Iny = In B+Alnx. 
(3.11) 


Inspection of Eq. (3.10) shows that, if A is positive, y= 0 when 
x= 0. Therefore, a positive value of A corresponds to either 
curve 1 or 2 passing through the origin of Figure 3.8(a). If Ais 
negative, when x= 0, yis infinite; therefore, negative A corre- 
sponds to curve 3 in Figure 3.8(a) which is asymptotic to both 
linear axes. 

Aand Bare obtained from a straight line on log—log paper 
as follows. A can be calculated in two ways: 


(i) Ifthe log-log graph paper is drawn so that the ordinate 
and abscissa scales are the same, i.e. the distance measured 
with a ruler for a 10-fold change in the y variable is the 
same as for a 10-fold change in the «x variable, A is the 
actual slope of the line. Ais obtained by taking two points 
(x,, yy) and (x Jy) on the line, and measuring the dis- 
tances between y, and y, and x, and x, witha ruler: 


ia (distance between y, and y,) 


~ (distance between x, and x,) : 
(3.12) 
(ii) Alternatively, A is obtained by reading from the axes the 
coordinates of two points on the line, (x,, y,) and (x, y,), 
and making the calculation: 


3 Presentation and Analysis of Data 


40 


As (In y, — In y,) a In (y,/y,) 
(Inx,—-Inx,) In (x,/x,) 
(3.13) 
Note that all points x,, y,, x, and y, used in these 


calculations are points on the line through the data; they 
are not measured data values. 


Once A is known, Bis calculated from Eq. (3.11) as follows: 


In B=Iny, — Alnx, or InB=Iny, — Alnx, 
(3.14) 


where B= e!ln 8), 


when x = 1. 


B can also be determined as the value of y 


3.4.2 Semi-Log Plots 


When plotted on linear-scale graph paper, some data show 
exponential rise or decay as illustrated in Figure 3.10(a). 
Curves | and 2 can be transformed into straight lines if log y 
or In yis plotted against x, as shown in Figure 3.10(b). 

An alternative to calculating logarithms is a semi-log plot, 
also known as a /inear-log plot. As shown in Figure 3.11 raw 
data, not logarithms, are plotted directly on semi-log paper; 
the resulting graph is as if all logarithms were calculated to base 
e. Zero cannot be represented on the log-scale axis of semi-log 


plots. In Figure 3.11, values of the dependent variable were fit- 
ted within one logarithmic cycle from 10 to 100; semi-log 
paper with multiple cycles is also available. 

Astraight line on semi-log paper corresponds to the equation: 


y=Be 
(3.15) 


or 


Iny=InB+Ax. 
(3.16) 


Values of A and Bare obtained from the straight line as fol- 
lows. If two points (x,, y,) and (x, y,), are located on the line, 
Ais given by: 


_ In(y,/y,) 
(x, ade x) : 


ae (In y, —Iny,) 
(x, = x) 


(3.17) 


Bis the value of y at x = 0, i.e. Bis the intercept of the line at 
the ordinate. Alternatively, once A is known, Bis determined 
as follows: 


In B=Iny,-Ax, or InB=Iny,-Ax. 
(3.18) 


Bis calculated as e"' 4), 


Figure 3.10 Equivalent curves on linear and semi-log graph paper. (See text.) 
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Figure 3.11 Semi-log plot. 


Example 3.2 Cell growth data _ 
Data for cell concentration xversus time tare plotted on semi-log graph paper. Points (¢, = 0.5 h, x, = 3.5 g 17!) and (4, = 15h, 
x)= 10.6 g1~!) fall ona straight line passing through the data. 


(a) Determine the equation relating xand ¢. 
(b) What is the value of the specific growth rate for this culture? 


Solution: 


(a) A straight line on semi-log graph paper means that xand tare correlated with the equation x= Be“. Aand Bare calculated 
from Eqs (3.17) and (3.18): 


ae In 10.6 — In 3.5 
15 — 0.5 


= 0.076 

and 

In B =In 10.6 — (0.076) (15) = 1.215 

or 

B= 3.37. 

Therefore, the equation for cell concentration as a function of time is: 
x= 3,37 69-076 t 

This result should be checked, for example, by substituting ¢, = 0.5: 


BeAh = 3,37 ¢0-0700) = 3.5 = x). 


(b) After comparing the empirical equation with Eq. (3.3), the specific growth rate zis 0.076 h™ - 
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3.5 General Procedures For Plotting Data 


Axes on plots must be labelled for the graph to carry any mean- 
ing. The units associated with all physical variables should be 
stated explicitly. If more than one curve is plotted on a single 
graph, each curve must be identified with a label. 

It is good practice to indicate the precision of data on 
graphs using error bars. As an example, Table 3.2 lists values of 
monoclonal-antibody concentration as a function of medium 
flow rate during continuous culture of hybridoma cells in a 
stirred fermenter. The flow rate was measured to within + 0.02 
litres per day. Measurement of antibody concentration was 
more difficult and somewhat imprecise; these values are esti- 
mated to involve errors of + 10 yg ml~!. Errors associated 
with the data are indicated in Figure 3.12 using error bars to 
show the possible range of each variable. 


Table 3.2 Antibody concentration during continuous cul- 
ture of hybridoma cells 


Flow rate (1d~') Antibody concentration (ug ml ~ 1) 


0.33 75.9 
0.40 58.4 
0.52 40.5 
0.62 28.9 
0.78 22.0 
1.05 11.5 


3.6 Process Flow Diagrams 


This chapter is concerned with ways of presenting and 
analysing data. Because of the complexity of large-scale manu- 
facturing processes, communicating information about these 
systems requires special methods. Flow diagrams or flow sheets 
are simplified pictorial representations of processes and are 
used to present relevant process information and data. Flow 
sheets vary in complexity from simple block diagrams to high- 
ly complex schematic drawings showing main and auxiliary 
process equipment such as pipes, valves, pumps and by-pass 
loops. 

Figure 3.13 is a simplified process flow diagram showing 
the major operations for production of the antibiotic, bacitra- 
cin. This qualitative flow sheet indicates the flow of materials, 
the sequence of process operations, and the principal equip- 
ment in use. When flow diagrams are applied in calculations, 
the operating conditions, masses and concentrations of 
material handled by the process are also specified. An example 
is Figure 3.14, which represents recovery operations for 
2,3-butanediol produced commercially by fermentation of 
whole wheat mash. The quantities and compositions of 
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Figure 3.12 Error bars for antibody concentration and 
medium flow rate measured during continuous culture of 
hybridoma cells. 
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streams undergoing processes such as distillation, evaporation, 
screening and drying are shown to allow calculation of prod- 
uct yields and energy costs. 

Detailed engineering flowsheets such as Figure 3.15 are 
useful for plant construction work and trouble-shooting 
because they show all piping, valves, drains, pumps and safety 
equipment. Standard symbols are adopted to convey the infor- 
mation as concisely as possible. Figure 3.15 represents a 
pilot-scale fermenter with separate vessels for antifoam, acid 
and alkali. All air, medium inlet and harvest lines are shown, as 
are the steam and condensate-drainage lines for in situ steam 
sterilisation of the entire apparatus. 

In addition to those illustrated here, other specialised types 
of flow diagram are used to specify instrumentation for process 
control networks in large-scale processing plants, and for util- 
ities such as steam, water, fuel and air supplies. We will not be 
applying complicated or detailed diagrams such as Figure 3.15 
in our analysis of bioprocessing; their use is beyond the scope 
of this book. However, simplified versions of flow diagrams 
are extremely useful, especially for material- and energy- 
balance calculations; we will be applying block diagram flow 
sheets in Chapters 4—6 for this purpose. You should become 
familiar with flow diagrams for showing data and other process 
information. 


3.7 Summary of Chapter 3 


This chapter covers a range of topics related to data presenta- 
tion and analysis. After studying Chapter 3 you should: 
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Figure 3.13 Process flowsheet showing the major operations for production of bacitracin. (From G.C. Inskeep, R.E. 
Bennett, J.F. Dudley and M.W. Shepard, 1951, Bacitracin: product of biochemical engineering, Jnd. Eng. Chem. 43, 


1488-1498.) 
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(i) understand use of significant figures; 


(ii) know the types of error which affect accuracy of experi- 
mental data and which errors can be accounted for with 
statistical techniques; 

(iti) be able co combine errors in simple calculations; 

(iv) be able to report the results of replicate measurements in 
terms of the mean and standard deviation; 

(v) understand the fundamental limitations associated with 
use of experimental data for testing mathematical models; 

(vi) be familiar with /east-squares analysis and its assump- 
tions; 

(vit) be able to analyse linear plots and determine model 
parameters; 

(vili) understand how simple non-linear models can be linear- 


ised to obtain straight-line plots; 
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(ix) be able to use dogand semi-log graph paper with ease; and 
(x) be familiar with simple process flow diagrams. 


Problems 


3.1 Combination of errors 


The oxygen mass-transfer coefficient in fermentation vessels is 
determined from experimental measurements using the formula: 


b OTR 
a = OO 
, CAL ~ Cat 


where &, a is the mass-transfer coefficient, OTR is the oxygen 
transfer rate, C4, is the solubility of oxygen in the fermentation 
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Figure 3.14 Quantitative flowsheet for the downstream processing of 2,3-butanediol based on fermentation of 1000 bushels 
wheat per day by Aerobacillus polymyxa. (From J.A. Wheat, J.D. Leslie, R.V. Tomkins, H.E. Mitton, D.S. Scott and G.A. 
Ledingham, 1948, Production and properties of 2,3-butanediol, XXVIII: Pilot plant recovery of /evo-2,3-butanediol from 


whole wheat mashes fermented by Aerobacillus polymyxa, Can. J. 


Res. 26F, 469-496.) 
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broth, and C4, is the dissolved-oxygen concentration. C4, is 
estimated to be 0.25 mol m7? with an uncertainty of 
+ 4%; Cy, is measured as 0.183 mol m~? + 4%. If the OTRis 
0.011 mol m~3 s~! + 5%, what is the uncertainty associated 
with &, a? 


3.2 Mean and standard deviation 


The pH for maximum activity of B-amylase enzyme is meas- 


ured four times. The results are: 5.15, 5.45, 5.50 and 5.35. 


(a) What is the best estimate of optimal pH? 
(b) How accurate is this value? 


8,520 6.64 49,000 Ib Total 660 


(c) If the experiment were stopped after only the first two 
measurements were taken, what would be the result and 
its accuracy? 

(d) If an additional four measurements were made with the 
same results as those above, how would this change the 
outcome of the experiment? 


3.3 Linear and non-linear models 


Determine the equation for y as a function of x using the 
following information. Reference to coordinate point 
(x, y) means that x is the abscissa value and y is the ordinate 
value. 
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Figure 3.15 Detailed equipment diagram for pilot-plant fermentation system. (Reproduced with permission from LH 
Engineering Ltd, a member of the Inceltech Group of companies. Copyright 1983.) 
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(a) A plot of y versus x on linear graph paper gives a straight 
line passing through the points (1, 10) and (8, 0.5). 

(b) A plot of yversus x!/2 on linear graph paper gives a straight 
line passing through points (3.2, 14.5) and (8.9, 38.5). 

(c) A plot of '/, versus x? on linear graph paper gives a 
straight line passing through points (5, 6) and (1, 3). 

(d) A plot of y versus x on log-log paper gives a straight line 
passing through (0.5, 25) and (550, 2600). 

(e) A plot of y versus x on semi-log paper gives a straight line 


passing through (1.5, 2.5) and (10, 0.036). 


3.4 Linear curve fitting 


Sucrose concentration in a fermentation broth is measured 
using HPLC. Chromatogram peak areas are measured for five 
standard sucrose solutions to calibrate the instrument. 
Measurements are performed in triplicate with results as follows: 


Sucrose concentration (g\~ ') Peak area 


6.0 55.55, 57.01, 57.95 
12.0 110.66, 114.76, 113.05 
18.0 168.90, 169.44, 173.55 
24.0 233.66, 233.89, 230.67 
30.0 300.45, 304.56, 301.11 


(a) Determine the mean peak areas for each sucrose concen- 
tration, and the standard deviations. 

(b) Plot the data. Plot the standard deviations as error bars. 

(c) Find an equation for sucrose concentration as a function 
of peak area. 

(d) A sample containing sucrose gives a peak area of 209.86. 
What is the sucrose concentration? 


3.5 Non-linear model: calculation of 
parameters 


The mutation rate of £. coli increases with temperature. The 
following data were obtained by measuring the frequency of 
mutation of Ais” cells to produce /is* colonies: 


Temperature (°C) Relative mutation frequency, 
1 44x 107) 
20 2.0 10714 
25 8.6x 10714 
30 Box 1071? 
35 1.4x 107 
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Mutation frequency: is expected to obey an Arrhenius-type 
equation: 


= a] 
a= Aye RT 


where @, is the mutation rate parameter, £ is activation 
energy, Ris the universal gas constant and Tis absolute temp- 
erature. 


(a) Test the model using an appropriate plot on log graph 
paper. 

(b) What is the activation energy for the mutation reaction? 

(c) What ts the value of ay? 


3.6 Linear regression: distribution of residuals 


‘Medium conductivity is sometimes used to monitor cell 


growth during batch culture. Experiments are carried out to 
relate decrease in conductivity to increase in plant-cell biomass 
during culture of Catharanthus roseus in an airlift fermenter. 
The results are tabulated below. 


Decrease in medium Increase in biomass 


conductivity concentration 
(mS cm™!) (gl!) 
0 0 
0.12 2.4 
0.31 2.0 
0.41 2.8 
0.82 4.5 
1.03 5.1 
1.40 5.8 
1.91 6.0 
2.11 6.2 
2.42 6.2 
2.44 6.2 
2.74 6.6 
2.91 6.0 
3.53 7.0 
4.39 9.8 
5.21 14.0 
5.24 12.6 
14.6 


5.55 

(a) Plot the points on linear coordinates and obtain an equa- 
tion for the ‘best’ straight line through the data using 
linear least-squares analysis. 

(b) Plot the residuals in biomass increase versus conductivity 
change after comparing the model equation with the 
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actual data. What do you conclude about the goodness of 
fit for the straight line? 


3.7 Discriminating between rival models 


In bioreactors where the liquid contents are mixed by sparging 
air into the vessel, the liquid velocity is dependent directly on 
the gas velocity. The following results were obtained from 
experiments with 0.15 M NaCl solution. 


Chi superficial velocity, tig Liquid perfil velocity, uy 


(ms!) (ms~!) 
0.02 0.060 
0.03 0.066 
0.04 0.071 
0.05 0.084 
0.06 0.085 
0.07 0.086 
0.08 0.091 
0.09 0.095 
0.095 0.095 


(a) How well are these data fitted with a linear model? 
Determine the equation for the ‘best’ straight line relating 
gas and liquid velocities. 

It has been reported in the literature that fluid velocities in 
air-driven reactors are related using the power equation: 


(b 


a 


= v 
“4, > Aue 


where @ and vare constants. Is this model an appropriate 
description of the experimental data? 

Which equation, linear or non-linear, is the better model 
for the reactor system? 


(c 


~ 


3.8 Non-linear model: calculation of 
parameters 


When nutrient medium is autoclaved, the number of viable 
microorganisms decreases with time spent in the autoclave. 
An experiment is conducted to measure the number of viable 
cells Nin a bottle of glucose solution after various sterilisation 
times ¢. Triplicate measurements are taken of cell number; the 
mean and standard deviation of each measurement are listed 
in the following table. 
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t(min) Mean N Standard deviation of N 
5 3.6 x 103 0.20 x 10° 
10 6.3 x 102 0.40 x 10 
15 1.07 x 102 0.09 x 102 
20 1.8x 10! 0.12 x 10! 


30 <l - 


From what is known about thermal death kinetics for micro- 
organisms, it is expected that the relationship between Nand ¢ 
is of the form: 


N= Ne a? 


where &, is the specific death constant and N, is the number of 
viable cells present before autoclaving begins. 


(a) Plot the results on suitable graph paper to obtain a straight 
line through the data. 

(b) Plot the standard deviations on the graph as error bars. 

(c) What are the values of k, and N,? 

(d) What are the units and dimensions of k, and Ni? 
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Material Balances 


One of the simplest concepts in process engineering is the material or mass balance. Because mass in biological systems is 
conserved at all times, the law of conservation of mass provides the theoretical framework for material balances. 

In steady-state material balances, masses entering a process are summed up and compared with the total mass leaving the 
system; the term ‘balance’ implies that masses entering and leaving should be equal. Essentially, material balances are 
accounting procedures: total mass entering must be accounted for at the end of the process, even if it undergoes heating, 
mixing, drying, fermentation or any other operation (except nuclear reaction) within the system. Usually it is not feasible to 
measure the masses and compositions of all streams entering and leaving a system; unknown quantities can be calculated using 
mass-balance principles. Mass-balance problems have a constant theme: given the masses of some input and output streams, 


calculate the masses of others. 


Mass balances provide a very powerful tool in engineering 
analysis. Many complex situations are simplified by looking at 
the movement.of mass and equating what comes out to what 
goes in. Questions such as: what is the concentration of carbon 
dioxide in the fermenter off-gas? what fraction of the substrate 
consumed is not converted into products? how much reactant 
is needed to produce x grams of product? how much oxygen 
must be provided for this fermentation to proceed? can be 
answered using mass balances. This chapter explains how the 
law of conservation of mass is applied to atoms, molecular 
species and total mass, and sets up formal techniques for solv- 
ing material-balance problems with and without reaction. 
Aspects of metabolic stoichiometry are also discussed for cal- 
culation of nutrient and oxygen requirements during 
fermentation processes. 


4.1 Thermodynamic Preliminaries 


Thermodynamics is a fundamental branch of science dealing 
with the properties of matter. Thermodynamic principles are 
useful in setting up material balances; some terms borrowed 
from thermodynamics are defined below. 


4.1.1 System and Process 


In thermodynamics, a system consists of any matter identified 
for investigation. As indicated in Figure 4.1, the system is set 
apart from the surroundings, which are the remainder of the 
universe, by a system boundary. The system boundary may be 


real and tangible, such as the walls of a beaker or fermenter, or 
imaginary. If the boundary does not allow mass to pass from 
system to surroundings and vice versa, the system is a closed 
system with constant mass. Conversely, a system able to 
exchange mass with its surroundings is an open system. 

A process causes changes in the system or surroundings. 
Several terms are commonly used to describe processes. 


(i) A batch process operates in a closed system. All materials 
are added to the system at the start of the process; the 
system is then closed and products removed only when 
the process is complete. 

(ii) A semi-batch process allows either input or output of mass, 
but not both. 


Thermodynamic system. 


Figure 4.1 


Surroundings 


System boundary 
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(iii) A fed-batch process allows input of material to the system 
but not output. 

(iv) A continuous process allows matter to flow in and out of 
the system. If rates of mass input and output are equal, 
continuous processes can be operated indefinitely. 


4.1.2 Steady State and Equilibrium 


If all properties of a system, such as temperature, pressure, 
concentration, volume, mass, etc. do not vary with time, the 
process is said to be at steady state. Thus, if we monitor any 
variable of a steady-state system, its value will be unchanging 
with time. 

According to this definition of steady state, batch, fed- 
batch and semi-batch processes cannot operate under 
steady-state conditions. Mass of the system is either increasing 
or decreasing with time during fed-batch and semi-batch pro- 
cesses; in batch processes, even though the total mass is 
constant, changes occurring inside the system cause the system 
properties to vary with time. Such processes are called transient 
or unsteady-state processes. On the other hand, continuous 
processes may be either steady state or transient. It is usual to 
run continuous processes as close to steady state as possible; 
however, unsteady-state conditions will exist during start-up 
and for some time after any change in operating conditions. 

Steady state is an important and useful concept in engineer- 
ing analysis. However, it is often confused with another 
thermodynamic term, equilibrium. A system at equilibrium is 
one in which all opposing forces are exactly counter-balanced 
so that the properties of the system do not change with time. 
From experience we know that systems tend to approach an 
equilibrium condition when they are isolated from their sur- 
roundings. At equilibrium there is no net change in either the 
system or the universe. Equilibrium implies that there is no net 
driving force for change; the energy of the system is at a mini- 
mum and, in rough terms, the system is ‘static’, ‘unmoving’ or 
‘inert’. For example, when liquid and vapour are in equilib- 
rium in a closed vessel, although there may be constant 
exchange of molecules between the phases, there is no net 
change in either the system or the surroundings. 

To convert raw materials into useful products there must 
be an overall change in the universe. Because systems at equi- 
librium produce no net change, equilibrium is of little value in 
processing operations. The best strategy is to avoid equilib- 
rium by continuously disturbing the system in such a way that 
raw material will always be undergoing transformation into 
the desired product. In continuous processes at steady state, 
mass is constantly exchanged with the surroundings; this dis- 
turbance drives the system away from equilibrium so that a net 


change in both the system and the universe can occur. Large- 
scale equilibrium does not often occur in engineering systems; 
steady states are more common. 


4.2 Law of Conservation of Mass 


Mass is conserved in ordinary chemical and physical processes. 
Consider the system of Figure 4.2 operating as a continuous 
process with input and output streams containing glucose. 
The mass flow rate of glucose into the system is M, kg h7!; the 
mass flow rate out is M, kg hh}. If M; and Mare different, 


there are four possible explanations: 


(i) measurements of M, and M, are wrong; 
(ii) the system has a leak allowing glucose to enter or escape 
undetected; 

(iii) glucose is consumed or generated by chemical reaction 
within the system; or 


(iv) 


If we assume that the measurements are correct and there are 
no leaks, the difference between M, and M , must be due to 
consumption or generation by reaction, and/or accumulation. 
A mass balance for the system can be written in a general way 
to account for these possibilities: 


glucose accumulates within the system. 


mass in Mass Out mass Mass mass 


through through {4 ] generated | _ Jconsumed} — Jaccumulated 
system system within within within |" 
boundaries boundaries system system system 


The accumulation term in the above equation can be either 
positive or negative; negative accumulation represents deple- 
tion of pre-existing reserves. Eq. (4.1) is known as the general 
mass-balance equation. The mass referred to in the equation 
can be total mass, mass of a particular molecular or atomic spe- 
cies, or biomass. Use of Eq. (4.1) is illustrated in Example 4.1. 


Figure 4.2. Flow sheet for a mass balance on glucose. 


(kg h! glucose) 


(kg nh! glucose) 
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Example 4.1 General mass-balance equation 


A continuous process is set up for treatment of wastewater. Each day, 10° kg cellulose and 10? kg bacteria enter in the feed 
stream, while 104 kg cellulose and 1.5 x 104 kg bacteria leave in the eflluent. The rate of cellulose digestion by the bacteria is 7 x 
104 kg d~!. The rate of bacterial growth is 2 x 104 kg d7!; the rate of cell death by lysis is 5 x 10? kg d~!. Write balances for 


cellulose and bacteria in the system. 


Solution: 


Cellulose is not generated by the process, only consumed. Using a basis of 1 day, the cellulose balance in kg from Eq. (4.1) is: 


(10° — 104+0 — 7x 104) = accumulation. 


Therefore, 2 x 104 kg cellulose accumulates in the system each day. 


Performing the same balance for bacteria: 


(1031.5 x 104+ 2 104-5 x 102) = accumulation. 


Therefore, 5.5 x 103 kg bacterial cells accumulate in the system each day. 


4.2.1 Types of Material Balance 


The general mass-balance equation (4.1) can be applied with 
equal ease to two different types of mass-balance problem, 
depending on the data provided. For continuous processes it is 
usual to collect information about the process referring to a 
particular instant in time. Amounts of mass entering and leav- 
ing the system are specified using flow rates, e.g. molasses 
enters the system at a rate of 50 Ib h~!; at the same instant in 
time, fermentation broth leaves at a rate of 20 Ib h7~!. These 
two quantities can be used directly in Eq. (4.1) as the input 
and output terms. A mass balance based on rates is called a 
differential balance. 

An alternative approach is required for batch and semi- 
batch processes. Information about these systems is usually 
collected over a period of time rather than at a particular 
instant. For example: 100 kg substrate is added to the reactor; 
after 3 days’ incubation, 45 kg product is recovered. Each term 
of the mass-balance equation in this case is a quantity of mass, 
not a rate. This type of balance is called an integral balance. 

In this chapter, we will be using differential balances for 
continuous systems operating at steady state, and integral bal- 
ances for batch and semi-batch systems between initial and 
final states. Calculation procedures for the two types of 
material balance are very similar. 


4.2.2 Simplification of the General 
Mass-Balance Equation 


Eq. (4.1) can be simplified in certain situations. If a 


continuous process is at steady state, the accumulation term 
on the right-hand side must be zero. This follows from the def- 
inition of steady state: because all properties of the system, 
including its mass, must be unchanging with time, a system at 
steady state cannot accumulate mass. Under these conditions, 


Eq. (4.1) becomes: 


mass in + mass generated = mass out + mass consumed. 


(4.2) 


Eq. (4.2) is called the general steady-state mass-balance equa- 
tion. Eq. (4.2) also applies over the entire duration of batch 
and fed-batch processes; ‘mass out in this case is the total mass 
harvested from the system so that at the end of the process 
there is no accumulation. 

If reaction does not occur in the system, or if the mass bal- 
ance is applied to a substance that is neither a reactant nor 
product of reaction, the generation and consumption terms in 
Eqs (4.1) and (4.2) are zero. Because total mass can be neither 
created nor destroyed except in nuclear reaction, generation 
and consumption terms must also be zero in balances applied 
to total mass. Similarly, generation and consumption of atom- 
ic species such as C, N, O, etc. cannot occur in normal 
chemical reaction. Therefore at steady state, for balances on 
total mass or atomic species or when reaction does not occur, 


Eq. (4.2) can be further simplified to: 


Mass in = mass out. 


(4.3) 
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Table 4.1 summarises the types of material balance for which 
direct application of Eq. (4.3) is valid. Because total number of 
moles does not balance in systems with reaction, we will carry 
out all material balances using mass. 


Table 4.1 Application of the simplified mass balance Eq. (4.3) 


At steady state, does mass in= mass out? 


Material 
Without reaction With reaction 
Total mass yes yes 
Total number of moles yes no 
Mass of a molecular species yes no 
Number of moles of a yes no 
molecular species 

Mass of an atomic species _yes yes 
Number of moles of an yes yes 


atomic species 


4.3 Procedure For Material-Balance 
Calculations 


The first step in material-balance calculations is to understand 
the problem. Certain information is available about a process; 
the task is to calculate unknown quantities. Because it is some- 
times difficult to sort through all the details provided, it is best 
to use standard procedures to translate process information 
into a form that can be used in calculations. 

Material balances should be carried out in an organised 
manner; this makes the solution easy to follow, check, or use 
by others. In this chapter, a formalised series of steps is fol- 
lowed for each mass-balance problem. For easier problems 
these procedures may seem long-winded and unnecessary; 
however a standard method is helpful when you are first learn- 
ing mass-balance techniques. The same procedures are used in 
the next chapter as a basis for energy balances. 

These points are essential. 


(it) Draw a clear process flow diagram showing all relevant infor- 
mation. A simple box diagram showing all streams entering 
or leaving the system allows information about a process to 
be organised and summarised in a convenient way. All 
given quantitative information should be shown on the 
diagram. Note that the variables of interest in material bal- 
ances are masses, mass flow rates and mass compositions; if 
information about particular streams is given using volume 
or molar quantities, mass flow rates and compositions 
should be calculated before labelling the flow sheet. 


(ii) Select a set of units and state it clearly. Calculations are 


(iii) 


(iv) 


(v) 


easier when all quantities are expressed. using consistent 
units. Units must also be indicated for all variables shown 
on process diagrams. 

Select a basis for the calculation and state it clearly. In 
approaching mass-balance problems it is helpful to focus 
on a specific quantity of material entering or leaving the 
system. For continuous processes at steady state we usual- 
ly base the calculation on the amount of material entering 
or leaving the system within a specified period of time. 
For batch or semi-batch processes, it is convenient to use 
either the total amount of material fed to the system or 
the amount withdrawn at the end. Selection of a basis for 
calculation makes it easier to visualise the problem; the 
way this works will become apparent in the worked 
examples of the next section. 

State all assumptions applied to the problem. To solve prob- 
lems in this and the following chapters, you will need to 
apply some ‘engineering’ judgement. Real-life situations 
are complex, and there will be times when one or more 
assumptions are required before you can proceed with 
calculations. To give you experience with this, problems 
posed in this text may not give you all the necessary 
information. The details omitted can be assumed, pro- 
vided your assumptions are reasonable. Engineers make 
assumptions all the time; knowing when an assumption is 
permissible and what constitutes a reasonable assump- 
tion is one of the marks of a skilled engineer. When you 
make assumptions about a problem it is vitally important 
that you state them exactly. Other scientists looking 
through your calculations need to know the conditions 
under which your results are applicable; they will also 
want to decide whether your assumptions are acceptable 
or whether they can be improved. 

In this chapter, differential mass balances on continuous 
processes are performed with the understanding that the 
system is at steady state; we can assume that mass flow rates 
and compositions do not change with time and the accu- 
mulation term of Eq. (4.1) is zero. If steady state does not 
prevail in continuous processes, information about the rate 
of accumulation would be required for solution of mass- 
balance problems. This is discussed further in Chapter 6. 

Another assumption we must make in mass-balance 
problems is that the system under investigation does not 
leak. In totalling up all the masses entering and leaving 
the system, we must be sure that all streams are taken into 
account. When analysing real systems it is always a good 
idea to check for leaks before carrying out mass balances. 
Identify which components of the system, if any, are involved 
in reaction. This is necessary for determining which mass- 


balance equation (4.2) or (4.3), is appropriate. The 
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Example 4.2. Setting up a flow sheet 


Humid air enriched with oxygen is prepared for a gluconic acid fermentation. The air is prepared in a special humidifying 
chamber. 1.5 | h7! liquid water enters the chamber at the same time as dry air and 15 gmol min~! dry oxygen gas. All the water 
is evaporated. The outflowing gas is found to contain 1% (w/w) water. Draw and label the flow sheet for this process. 


Solution: 
Let us choose units of g and min for this process; the information provided is first converted to mass flow rates in these units. The 
density of water is taken to be 10° g17|; therefore: 


1.51 (10% ¢g | 1h — 
Stho}=—— {— = 25 I, 
ay h ( GOimin ia 
As the molecular weight of O, is 32: 
15 gmol min™! = ee a art = 480 gmin7!. 
min 1 gmol 


Figure 4E2.1 Flowsheet for oxygen enrichment and humidification of air. 


Humid, oxygen-rich 
air 


Hemin'! 


| mass% HO 


kd 


Liquid water Humidifier 


25 g min’! 


Pure oxygen 
480 g min’! 


Unknown flow rates are represented with symbols. As shown in Figure 4E2.1, the flow rate of dry air is denoted Dg min” | and 
the flow rate of humid, oxygen-rich air is Hg min” '. The water content in the humid air is shown as 1 mass%. 


simpler Eq. (4.3) can be applied to molecular species _ lined in this section. Although not the only way to attack these 
which are neither reactants nor products of reaction. problems, the method shown will assist your problem-solving 
efforts by formalising the mathematical approach. Mass- 
balance calculations are divided into four steps: assemble, ana- 


4.4 Material-Balance Worked Examp les hyse, calculate and finalise. Differential and integral mass 


Procedures for setting out mass-balance calculations are out- balances with and without reaction are illustrated below. 
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Example 4.3 Continuous filtration 
A fermentation slurry containing Streptomyces kanamyceticus cells is filtered using a continuous rotary vacuum filter. 120 kg h7! 
slurry is fed to the filter; 1 kg slurry contains 60 g cell solids. To improve filtration rates, particles of diatomaceous-earth filter aid 
are added at a rate of 10 kg h~!. The concentration of kanamycin in the slurry is 0.05% by weight. Liquid filtrate is collected at 


a rate of 112 kg h7!; the concentration of kanamycin in the filtrate is 0.045% (w/w). Filter cake containing cells and filter aid is 
continuously removed from the filter cloth. 


(a) What percentage liquid is the filter cake? 
(b) If the concentration of kanamycin in the filter-cake liquid is the same as in the filtrate, how much kanamycin is absorbed per 


kg filter aid? 


Solution: 

1. Assemble 
(i) Draw the flowsheet showing all data with units. 
This is shown in Figure 4E3.1. 


Figure 4E3.1  Flowsheet for continuous filtration. 
System boundary 


120 kg hr"! 
6% cells 
0.05% kanamycin 


Fermentation slurry 


Filter # Filter cake 


Filter aid 
l0kgh'! 


Filtrate 


112 kgh'! 
0.045% kanamycin 


(ii) Define the system boundary by drawing on the flowsheet. 
The system boundary is shown in Figure 4E3.1. 
2. Analyse 
(i) State any assumptions. 
— process is operating at steady state 
— system does not leak 
— filtrate contains no solids 
— cells do not absorb or release kanamycin during filtration 
— filter aid is dry 
— the liquid phase of the slurry, excluding kanamycin, can be considered water 
(ii) Collect and state any extra data needed. 
No extra data are required. 
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(iit) Select and state a basis. 

The calculation is based on 120 kg slurry entering the filter, or 1 hour. 

(iv) List the compounds, ifany, which are involved in reaction. 

No compounds are involved in reaction. 

(v) Write down the appropriate general mass-balance equation. 

The system is at steady state and no reaction occurs; therefore Eq. (4.3) is appropriate: 


mass in = mass out. 


3. Calculate 
(i) Set up a calculation table showing all components of all streams passing across system boundaries. State the units used for the 
table. Enter all known quantities. 

As shown in Figure 4E3.1, four streams cross the system boundaries: fermentation slurry, filter aid, filtrate and filter cake. 
The components of these streams: cells, kanamycin, filter aid and water are represented in Table 4E3.1. The table is divided 
into two major sections: In and Out. Masses entering or leaving the system each hour are shown in the table; the units used 
are kg. Because filtrate and filter cake flow out of the system, there are no entries for these streams on the left hand-side of the 
table. Conversely, there are no entries for fermentation slurry or filter aid on the Out side of the table. The total mass of each 
stream is given in the last column on each side of the table. The total amount of each component flowing in and out of the 
system is shown in the last row. With all known quantities entered, several masses remain unknown; these quantities are 
indicated by question marks. 


Table 4E3.1 Mass-balance table (kg) 


Stream In Out 

Cells Kanamycin Filter aid Water Total Cells Kanamycin Filter aid Water Total 
Fermentation slurry E2 0.06 0 : 120 — - - = - 
Filter aid 0 0 10 0 10 - ~ - - 7 
Filtrate - - - - - 0 0.05 0 7 112 
Filter cake - = 7 = = ? > ? > ? 
Total ¢ : ? £ : : é : 2 i 


(ii) Calculate unknown quantities, apply the mass-balance equation. 

To complete Table 4E3.1, let us consider each row and column separately. In the row representing fermentation slurry, the 
total mass of the stream is known as 120 kg and the masses of each component except water are known. The entry for water 
can therefore be determined as the difference between 120 kg and the sum of the known components: (120 — 7.2 — 0.06 — 0) 
kg = 112.74 kg. This mass for water has been entered in Table 4E3.2. The row for filter aid is already complete in Table 
4E3.1; no cells or kanamycin are present in the diatomaceous earth, which we assume is dry. We can fill in the final row of 
the In side of the table; numbers in this row are obtained by adding the values in each vertical column. The total mass of cells 
input to the system in all streams is 7.2 kg, the total kanamycin entering is 0.06 kg, etc. The total mass of all components fed 
into the system is the sum of the last column of the left-hand side: (120 + 10) kg= 130 kg. On the Out side, we can complete 
the row for filtrate. We have assumed there are no solids such as cells or filter aid in the filtrate; therefore the mass of water in 
the filtrate is (1120.05) kg = 111.95 kg. As yet, the entire composition and mass of the filter cake remain unknown. 
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Table 4E3.2 Completed mass-balance table (kg) 


Stream In Out 


Cells Kanamycin Filteraid Water Total Cells Kanamycin Filter aid Water Total 
Fermentation slurry 72 0.06 0 112.74 120 = = = = = 
Filter aid 0 0 10 0 10 _ - = - - 
Filtrate ~ - - - - 0 0.05 0 111.95 112 
Filter cake - ~ = a - 7.2 0.01 10 0.79 18 
Total 7.2 0.06 10 112.74 130 7.2 0.06 10 112.74 130 


To complete the table, we must consider the mass-balance equation relevant to this problem, Eq. (4.3). In the absence of 
reaction, this equation can be applied to total mass and to the masses of each component of the system. 


Total mass balance 
130 kg total mass in = total mass out. 
. Total mass out = 130 kg. 


Cell balance 
7.2 kg cells in = cells out. 
. Cells out = 7.2 kg. 


Kanamycin balance 

0.06 kg kanamycin in = kanamycin out. 
.”. Kanamycin out = 0.06 kg. 

Filter-aid balance 


10 kg filter aid in = filter aid out. 
.. Filter aid out = 10 kg. 


Water balance 
112.74 kg water in = water out. 


.. Water out = 112.74 kg. 


These results are entered in the last row of the Out side of Table 4E3.2; in the absence of reaction this row is always identi- 
cal to the final row of In side. The component masses for filter cake can now be filled in as the difference between numbers 
in the final row and the masses of each component in the filtrate. Take time to look over Table 4E3.2; you should under- 
stand how all the numbers were obtained. 
(iii) Check that your results are reasonable and make sense. 
Mass-balance calculations must be checked. Make sure that all columns and rows of Table 4E3.2 add up to the totals 
shown. 

4. Finalise 
(i) Answer the specific questions asked in the problem. 
The percentage liquid in the filter cake can be calculated from the results in Table 4E3.2. Dividing the mass of water in the 
filter cake by the total mass of this stream, the percentage liquid is: 


0.79 kg 


x 100 = 4.39%. 
18kg 
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If the concentration of kanamycin in this liquid is only 0.045%, the mass of kanamycin is very close to: 


0.045 = 
[09 % 0:79 kg = 3.6 x 10-4 kg, 


However, we know from Table 4E3.2 that a total of 0.01 kg kanamycin is contained in the filter cake; therefore 
(0.01 — 3.6 x 1074) kg = 0.0096 kg kanamycin is unaccounted for. Following our assumption that kanamycin is not 
adsorbed by the cells, 0.0096 kg kanamycin must be retained by the filter aid. 10 kg filter aid is present; therefore the 


kanamycin absorbed per kg filter aid is: 


0.0096 kg 


= 9.6K 10 Fk ke !, 
10 kg 9.6 x kg 


(ii) State the answers clearly and unambiguously, checking significant figures. 


(a) The liquid content of the filter cake is 4.4%. 


Note in Example 4.3 that the complete composition of the fer- 
mentation slurry was not provided. Cell and kanamycin 
concentrations were given; however the slurry most probably 
contained a variety of other components such as residual car- 
bohydrate, minerals, vitamins, amino acids and additional 
fermentation products. These components were ignored in 
the mass balance; the liquid phase of the slurry was considered 
to be water only. This assumption is reasonable as the concen- 
tration of dissolved substances in fermentation broths is 
usually very small; water in spent broth usually accounts for 
more than 90% of the liquid phase. 

Note also in this problem that the masses of some of the 
components were different by several orders of magnitude, e.g. 
the mass of kanamycin in the filtrate was of the order 107? 


Example 4.4 Batch mixing — 


whereas the total mass of this stream was of the order 102. 
Calculation of the mass of water by difference therefore 
involved subtracting a very small number from a large one and 
carrying more significant figures than warranted. This is an 
unavoidable feature of most mass balances for biological pro- 
cesses, which are characterised by dilute solutions, low product 
concentrations and large amounts of water. However, 
although excess significant figures were carried in the mass- 
balance table, the final answers were reported with due regard 
to data accuracy. 

The above example illustrates mass-balance procedures for 
a simple steady-state process without reaction. An integral 
mass balance for a batch system without reaction is illustrated 
in Example 4.4. 


Corn-steep liquor contains 2.5% invert sugars and 50% water; the rest can be considered solids. Beet molasses containing 50% sucrose, 


1% invert sugars, 18% water and the remainder solids, is mixed with corn-steep liquor in a mixing tank. Water is added to produce a 


diluted sugar mixture containing 2% (w/w) invert sugars. 125 kg corn-steep liquor and 45 kg molasses are fed into the tank. 


(a) How much water is required? 
(b) What is the concentration of sucrose in the final mixture? 


Solution: 
1. Assemble 
(i) Flow sheet. 


The flow sheet for this batch process is shown in Figure 4E4.1. Unlike in Figure 4E3.1 where the streams represented continuous- 
ly-flowing inputs and outputs, the streams in Figure 4E4.1 represent masses added and removed at the beginning and end of the 
mixing process, respectively. 
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Figure 4E4.1 Flowsheet for batch mixing process. 
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(ii) System boundary. 
The system boundary is indicated in Figure 4E4.1. 


2. Analyse 
(i) Assumptions. 
——no leaks 
— no inversion of sucrose to reducing sugars, or any other reaction 
(ii) Extra data. 
No extra data are required. 
(iii) Basis. 
125 kg corn-steep liquor. 
(iv) Compounds involved in reaction. 
No compounds are involved in reaction. 
(v) Mass-balance equation. 
The appropriate mass-balance equation is Eq. (4.3): 


mass in = mass out. 


3. Calculate 
(i) Calculation table. 


Table 4E4.1 shows all given quantities in kg. Rows and columns on each side of the table have been completed as much as 
possible from the information provided. Two unknown quantities are given symbols; the mass of water added is denoted 
W, the total mass of product mixture is denoted P. 


4 Material Balances 


Table 4E4.1 Mass-balance table (kg) 


Stream In Out 
Invert Sucrose Solids H,O0 Total Invert — Sucrose Solids 
sugars sugars 
Corn-steep liquor 3.125 0 59.375 62.5 125 - - ~ 
Molasses 0.45 22.5 13.95 8.1 45 ~ - - 
Water 0 0 0) WwW Ww — - 2 
Product mixture - = a - 7 0.02P ? 2 2 
Total 3.575 22.5 73.325 70.6 170 0.02 P ? ? 
+ + 
W W 


(ii) Mass-balance calculations. 
Total mass balance 


(170+ W) kg total mass in = Pkg total mass out. 
“170+ W=P. 
(1) 
Invert sugars balance 
3.575 kg invert sugars in = (0.02 P) kg invert sugars out. 
“3.575 =0.02 P 
P=178.75 kg. 


Using this result in (1): 


W=8.75 kg. 
(2) 


Sucrose balance 


22.5 kg sucrose in = sucrose out. 
”, Sucrose out = 22.5 kg. 


Solids balance 


73.325 kg solids in = solids out. 
.. Solids out = 73.325 kg. 


H,0 balance 
(70.6 + W) kg in=H,O out. 


Using the result from (2): 
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79.35 kg H,O in=H,O out. 
“.H,O out=79.35 kg. 


These results allow the mass-balance table to be completed, as shown in Table 4E4.2. 


Table 4E4.2 Completed mass-balance table (kg) 


Stream In Out 
Invert Sucrose Solids H,O Total Invert Sucrose Solids H,0 Total 
sugars sugars 
Corn-steep liquor 3.125 0 59.375 62.5 125 - - - - - 
Molasses 0.45 22.5 13.95 8.1 45 - = - = - 
Water 0 0 0 8.75 8.75 - - - - - 
Product mixture - = = - - 3.575 22.5 73.325 79.35 178.75 
Toral 3.575 22.5 73.325 79.35 178.75 3.575 22.5 73.325 79.35 178.75 


(iii) Check the results. 
All columns and rows of Table 4E4.2 add up correctly. 


4. Finalise 


(i) The specific questions. 
The water required is 8.75 kg. The sucrose concentration in the product mixture is: 


22.5 


X 100 = 12.6% 
178.75 


(ii) Answers. 
(a) 8.75 kg water is required. 
(b) The product mixture contains 13% sucrose. 


Material balances on reactive systems are slightly more com- junction with mass-balance equations. These procedures are 
plicated than Examples 4.3 and 4.4. To solve problems with _ illustrated in Examples 4.5 and 4.6. 
reaction, stoichiometric relationships must be used in con- 


Example 4.5 Continuous acetic acid fermentation 


Acetobacter aceti bacteria convert ethanol to acetic acid under aerobic conditions. A continuous fermentation process for vinegar 
production is proposed using non-viable A. aceti cells immobilised on the surface of gelatin beads. The production target is 
2 kg h7! acetic acid; however the maximum acetic acid concentration tolerated by the cells is 12%. Air is pumped into the fer- 
menter at a rate of 200 gmol h!. 


(a) What minimum amount of ethanol is required? 
(b) What minimum amount of water must be used to dilute the ethanol to avoid acid inhibition? 
(c) What is the composition of the fermenter off-gas? 
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Solution: 
1. Assemble 
(i) Flow sheet. 
The flow sheet for this process is shown in Figure 4E5.1. 


Figure 4E5.1 Flow sheet for continuous acetic acid fermentation. 
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(ii) System boundary. 

The system boundary is shown in Figure 4E5.1. 

(iii) Write down the reaction equation. 

In the absence of cell growth, maintenance or other metabolism of substrate, the reaction equation is: 


C,H,OH + O, ~ CH,COOH + H,0. 
(ethanol) (acetic acid) 


2. Analyse 
(i) Assumptions. 
—-steady state 
—no leaks 
—inlet air is dry 
—gas volume% = mole% 
—no evaporation of ethanol, HO or acetic acid 
—complete conversion of ethanol 
——ethanol is used by the cells for synthesis of acetic acid only; no side-reactions occur 
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—oxygen transfer is sufficiently rapid to meet the demands of the cells 
—concentration of acetic acid in the product stream is 12% 
(ii) Extra data. 
Molecular weights: ethanol = 46 
acetic acid = 60 
O,=32 
N, =28 
H,O=18 
Composition of air: 21% O,,79%N,. 
(iit) Basts. 
The calculation is based on 2 kg acetic acid leaving the system, or 1 hour. 
(iv) Compounds involved in reaction. 
The compounds involved in reaction are ethanol, acetic acid, O, and H,O. N, is not involved in reaction. 
(v) Mass-balance equations. 
For ethanol, acetic acid, O, and H,O, the appropriate mass-balance equation is Eq. (4.2): 


mass in + mass generated = mass out + mass consumed. 


For total mass and N,, the appropriate mass-balance equation is Eq. (4.3): 


mass in = mass out. 


3. Calculate 
(i) Calculation table. 
The mass-balance table with data provided is shown as Table 4E5.1; the units are kg. EYOH denotes ethanol; HAc is acetic 
acid. If 2 kg acetic acid represents 12 mass% of the product stream, the total mass of the product stream must be 29.12 = 
16.67 kg. If we assume complete conversion of ethanol, the only components of the product stream are acetic acid and 
water; therefore water must account for 88 mass% of the product stream = 14.67 kg. In order to represent what is known 
about the inlet air, some preliminary calculations are needed. 


O, content = (0.21) (200 gmol . 


5 = 1344 p = 1.344 kg 
gmol 


28 
N, content = (0.79) (200 gmol). | — | = 4424 g = 4.424 kg. 
gmo 


Therefore, the total mass of air in= 5.768 kg. The masses of O, and N, can now be entered in the table, as shown. 


Table 4E5.1 | Mass-balance table (kg) 


Stream In Out 

EtOH HAc H,O O, N, Total EtOH HAc H,O O, N, Total 
Feed stream E 0 Ww 0 0 E+W _ = - = = = 
Inlet air 0 0 0 1.344 4.424 5.768 - = - = - 7 
Product stream = - = - a =_ 0 2 14.67 0 0 16.67 
Off-gas = - - - ms - 0 0 0) 2 ? G 
Total E 0 W 1.344 4.424 5.768 0 2 14.67 ? ? 16.67 

+ + 
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Eand Wdenote the unknown quantities of ethanol and water in the feed stream, respectively; Grepresents the total mass of 
off-gas. The question marks in the table show which other quantities must be calculated. 


(ii) Mass-balance and stoichiometry calculations. 
As N, isa tie component, its mass balance is straightforward. 


N, balance 


4.424 kg N, in=N, out. 
“.N, out= 4.424 kg. 


To deduce the other unknowns, we must use stoichiometric analysis as well as mass balances. 
HAc balance 


0 kg HAc in + HAc generated = 2 kg HAc out + 0 kg HAc consumed. 
“. HAc generated = 2 kg. 


1 kgmol 
60 kg 


From reaction stoichiometry, we know that generation of 3.333 x 107? kgmol HAc requires 3.333 x 107? kgmol each of 
EtOH and O,, and is accompanied by generation of 3.333 x 107? kgmol HO: 


2kg =2kg. = 3.333 x 1072 kgmol. 


46 k, 

. 3.333 X 1072 kgmol . 8 | = 1.533 kg EtOH is consumed 
1 kgmol 

3,333 x 1072 kgmol . | 27 #8 | (067 ke Os is consumed 

; amet amoll g O, is consume 
ar 18 ke ; 
3.333 x 10°“ kgmol . | = 0.600 kg H,O is generated. 
1 kgmol 


We can use this information to complete the mass balances for ECOH, O, and H,O. 
EtOH balance 


EtOH in + 0 kg EtOH generated = 0 kg EtOH out + 1.533 kg EtOH consumed. 
“EtOH in= 1.533 kg= E. 


O, balance 


1.344 kg O, in+ 0 kg O, generated = O, out + 1.067 kg O, consumed. 
Poe O, out = 0.277 kg. 


Therefore, summing the O, and N, components of the off-gas: 
G= (0.277 + 4.424) kg = 4.701 kg. 
H,0 balance 


W kg H,O in + 0.600 kg HO generated = 14.67 kg H,O out + 0 kg HO consumed. 
“. W= 14.07 kg. 
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These results allow us to complete the mass-balance table, as shown in Table 4E5.2. 


Table 4E5.2 Completed mass-balance table (kg) 


Stream Ih Out 

EtOH HAc H,O O, N, Total EtOH HAc H,O O, N, Total 
Feed stream 1.533 0 14.07 0 0 15.603 - - - - _~ - 
Inlet air 0 0 0 1.344 4.424 5.768 = = = = - = 
Product stream - - - 7 - - 0 2 14.67 0 0 16.67 
Off-gas - ~ - - - - 0 0 0 0.277 4.424 4.701 
Toral 1.533 0 14.07 1.344 4.424 21.371 0 2 14.67 0.277 4.424 21.371 


(iii) Check the results. 
All rows and columns of Table 4E5.2 add up correctly. 


4. Finalise 
(i) The specific questions. 
The ethanol required is 1.533 kg. The water required is 14.07 kg. The off-gas contains 0.277 kg O, and 4.424 kg N.. 


Since gas compositions are normally expressed using volume or mole%, we must convert these values to moles: 


1 kgmol 

O, content= 0.277 kg. | sae = 8.656 10 4kgmol 
1 kgmol 

N, content = 4.424 kg. | Ee | = 0.1580 kgmol. 


Therefore, the total molar quantity of off-gas is 0.1667 kgmol. The off-gas composition is: 


8.656 x 10-3 kgmol 

0.1667 kgmol pune 

‘ I 

0.1580 Kgl 1099 = 94 806N, 
0.1667 kgmol 


(ii) Answers. 
Quantities are expressed in kg h™! rather than kg to reflect the continuous nature of the process and the basis used for 


calculation. 


(a) 1.5kgh~! ethanol is required. 
(b) 14.1 kg h7! water must be used to dilute the ethanol in the feed stream. 
(c) The composition of the fermenter off-gas is 5.2% O, and 94.8% N,. 


There are several points to note about the problem and cal- growth and other metabolic activity must be taken into 
culation of Example 4.5. First, cell growth and its requirement account in the mass balance. This requires knowledge of 
for substrate were not considered because the cells used in this growth stoichiometry, which is considered in Example 4.6 and 
process were non-viable. For fermentation with live cells, discussed in more detail in Section 4.6. Use of non-growing 
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immobilised cells in Example 4.5 meant that the cells were not 
components of any stream flowing in or out of the process, nor 
were they generated in reaction. Therefore, cell mass did not 
have to be included in the calculation. 

Example 4.5 illustrates the importance of phase separations. 
Unreacted oxygen and nitrogen were assumed to leave the 
system as off-gas rather than as components of the liquid prod- 
uct stream. This assumption is reasonable due to the very poor 
solubility of oxygen and nitrogen in aqueous liquids; although 
the product stream most likely contains some dissolved gas, the 
quantities are relatively small. This assumption may need to be 
reviewed for gases with higher solubility, e.g. ammonia. 

In the above problem, nitrogen did not react, nor were 
there more than one stream in and one stream out carrying 
nitrogen. A material which goes directly from one stream to 
another is called a tie component; the mass balance for a tie 
component is relatively simple. Tie components are useful 
because they can provide partial solutions to mass-balance 


Example 4.6 Xanthan gum production. 


problems making subsequent calculations easier. More than 
one tie component may be present in a particular process. 

One of the listed assumptions in Example 4.5 is rapid oxy- 
gen transfer. Because cells use oxygen in dissolved form, 
oxygen must be transferred into the liquid phase from gas bub- 
bles supplied to the fermenter. The speed of this process 
depends on the culture conditions and operation of the fer- 
menter as described in more detail in Chapter 9. In 
mass-balance problems we assume that all oxygen required by 
the stoichiometric equation is immediately available to the 
cells. 

Sometimes it is not possible to solve for unknown quan- 
tities in mass balances until near the end of the calculation. In 
such cases, symbols for various components rather than 
numerical values must be used in the balance equations. This 
is illustrated in the integral mass-balance of Example 4.6 
which analyses batch culture of growing cells for production of 
xanthan gum. 


Xanthan gum is produced using Xanthomonas campestris in batch culture. Laboratory experiments have shown that for each 
gram of glucose utilised by the bacteria, 0.23 g oxygen and 0.01 g ammonia are consumed, while 0.75 g gum, 0.09 g cells, 0.27 g 
gaseous CO, and 0.13 g H,O are formed. Other components of the system such as phosphate can be neglected. Medium con- 
taining glucose and ammonia dissolved in 20 000 litres water is pumped into a stirred fermenter and inoculated with X. 
campestris. Air is sparged into the fermenter; the total amount of off-gas recovered during the entire batch culture is 1250 kg. 
Because of the high viscosity and difficulty in handling xanthan-gum solutions, the final gum concentration should not be 


allowed to exceed 3.5 wt%. 


(a) How much glucose and ammonia are required? 
(b) What percentage excess air is provided? 


Solution: 
1. Assemble 
(i) Flow sheet. 
The flow sheet for this process is shown in Figure 4E6.1. 
(ii) System boundary. 
The system boundary is shown in Figure 4E6.1. 
(iii) Reaction equation. 


1 g glucose + 0.23 gO, + 0.01 g NH; — 0.75 ggum+ 0.09 g cells + 0.27 g CO, + 0.13 g H,O. 
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Figure 4E6.1 | Flowsheet for xanthan gum fermentation. 
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Analyse 
(i) Assumptions. 

—no leaks 

—inlet air and off-gas are dry 

—conversion of glucose and NH 3 1s 100% complete 

—CO, leaves in the off-gas 
(ii) Extra data. 
Molecular weights: O,=32 

N,=28 

(iti) Basis. 
1250 kg off-gas. 
(iv) Compounds involved in reaction. 
The compounds involved in reaction are glucose, O,, NH,, gum, cells, CO, and H,O. N, is not involved in reaction. 
(v) Mass-balance equations. 
For glucose, O,, NH, gum, cells, CO, and H,O, the appropriate mass-balance equation is Eq. (4.2): 


mass in + mass generated = mass out + mass consumed. 
For total mass and N., the appropriate mass-balance equation is Eq. (4.3): 


mass in = mass out. 
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Calculate 
(i) Calculation table. 


Some preliminary calculations are required to start the mass-balance table. First, using 1 kg 17! as the density of water, 
20 000 litres water is equivalent to 20 000 kg. Let A be the unknown mass of air added. At low pressure, air is composed of 
21 mol% O, and 79 mol% N,; we need to determine the composition of air as mass fractions. In 100 gmol air: 


2 
O, content = 21 gmol. clea | = 672 g. 
1 gmol 
28 
N, content = 79 gmol. 8 | = 2212 g. 
1 gmol 


If the total mass of air in 100 gmol is (2212 + 672) = 2884 g, the composition of air is: 


672 
S28. 199=23.3 mass% Oy. 
2884 g 
2212 g 
2884 ¢ x 100 =76.7 mass% N,. 


Therefore, the mass of O, in the inlet air is 0.2334; the mass of N, is 0.767A. Let Fdenote the total mass of feed medium 
added; let P denote the total mass of product. We will perform the calculation to produce the maximum-allowable gum 
concentration; therefore, the mass of gum in the product is 0.035P. With the assumption of 100% conversion of glucose 
and NH,, these compounds are not present in the product. Quantities known at the beginning of the problem are shown in 


Table 4E6.1. 


Table 4E6.1 Mass-balance table (kg) 


Stream In Out 

Glucose Oz N, CO, Gum Cells NH; H,O Total Glucose O, N, CO, Gum Cells NH; H,O Total 
Feed i 0 0 0 0 0 % 20000 F - - - - - _ - _ - 
Air 0 0.233A 0.767A 0 0 0 0 OA - = - - 
Ofgas  - 7 a ere 2 ei eS = 0 > 2 2? 0 0 0 oO 1250 
Product - - - - - - - 0 0 0 0 0.035P ? 0 0 P 
Total 2 0.233A 0.767A 0 0 0 2 20000 F+A 0 ? ? ? 0.035P ? 0 ? 1250 

+P 


(ii) Mass-balance and stoichiometry calculations. 


Total mass balance 
(F+ A) kg total mass in = (1250 + P) kg total mass out. 
/. F+ A=12504 P. 
(1) 
Gum balance 


0 kg gum in + gum generated = (0.035) kg gum out + 0 kg gum consumed. 
.”. Gum generated = (0.035) kg. 
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From reaction stoichiometry, synthesis of (0.035 P) kg gum requires: 


0 = 0.0 P 


and produces: 


0.035P 


7075 (0.09 kg) = (0.0042?) kg cells 


0.035P 
0.75 


(0.27 kg) = (0.01267) kg CO, 


0.035P 
0.75 


(0.13 kg) = (0.00607?) kg H,O. 


O, balance 


(0.233A) kg O, in + 0 kg O, generated = O, out + (0.0107?) kg O, consumed. 
.O, out = (0.233A — 0.0107 P) kg. 
(2) 


N, balance 
N, is a tie component. 


(0.767A) kg N, in=N, out. 
“. N, out = (0.7674) kg. 
(3) 


CO, balance 


0 kg CO, in + (0.0126P) kg CO, generated = CO, out + 0 kg CO, consumed. 
“. CO, out = (0.0126P) kg. 
(4) 


The total mass of gas out is 1250 kg. Therefore, adding the amounts of O,, N, and CO, out from (2), (3) and (4): 


1250 =(0.233A-—0.0107P) + (0.767A) + (0.0126?) 
=A+0.0019P 
“. A= 1250-0.0019P. 
(5) 


Glucose balance 


glucose in + 0 kg glucose generated = 0 kg glucose out + (0.0467 P) kg glucose consumed. 
.. Glucose in = (0.0467 P) kg. 
(6) 
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NH; balance 


NH, in+0kg NH, generated = 0 kg NH; out + (0.00047 P) kg NH; consumed. 
”. NH, in= (0.00047 P) kg. 
(7) 


We can now calculate the total mass of the feed, F: 
F= glucose in + NH, in + water in. 
From (6) and (7): 


F= (0.0467 P) kg + (0.00047 P) kg + 20 000 kg 
= (20 000 + 0.047172) kg. 
(8) 


We can now use (8) and (5) in (1): 


(20 000 + 0.04717 P) + (1250 — 0.0019?) = (1250+ P) 
20 000 = 0.95473 P 

2. P=20 948.3 kg. 

«, Gum out = 733.2 kg. 


Substituting this result in (5) and (8): 


A=1210.2kg 
F=20 988.1 kg. 


From Table 4E6.1: 


O, in = 282.0 kg 
N, in= 928.2 kg. 


Using the results for P, Aand Fin (2), (3), (4), (6) and (7): 


O, out = 57.8 kg 

N, out = 928.2 kg 
CO, out = 263.9 kg 
Glucose in = 978.3 kg 
NH, in=9.8 kg. 


Cell balance 


0 kg cells in + (0.0042P) kg cells generated = cells out + 0 kg cells consumed. 
.. Cells out = (0.0042 P) kg 
Cells out = 88.0 kg. 


H,0O balance 


20 000 kg H,O in + (0.00607 P) kg HO generated = H,O out + 0 kg HO consumed. 
“. H,O our = 20 000 + (0.00607 P) kg. 
HO out=20 127.2 kg. 


These entries are included in Table 4E6.2. 
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Table 4E6.2 Completed mass-balance table (kg) 


Stream In Out 

Glucose O, N, CO, Gum Cells NH; H,O Total Glucose O, N, CO, Gum Cells NH: |, H,0 Total 
Feed 978.3 0 0 0 0 0 9.8 20000 20988.1 - - - - - - - = = 
Air 0 282.0 928.2 0 0 0 0 0 1210.2 - - - oo - - - - - 
Off-gas  — - - - - - - - 0 57.8 928.2 263.9 0 0 0 0 1250 
Product — - - - ~ - - - - 0 0 0 0 733.2 88.0 0 20127.2 20948.3 
Toral 978.3 282.0 928.2 0 0 0 9.8 20000 22198.3 0 57.8 928.2 263.9 733.2 88.0 0 20127.2 22198.3 


(ili) Check the results. 


All the columns and rows of Table 4E6.2 add up correctly to within round-off error. 


4. Finalise 
(i) The specific questions. 


From the completed mass-balance table, 978.3 kg glucose and 9.8 kg NH 3 are required. Calculation of percentage excess air is 
based on oxygen as oxygen is the reacting component of air. Percentage excess can be calculated using Eq. (2.35) in units of kg: 


% excess air = 


| kg O, required to react completely 


with the limiting substrate 


kg O, present — kg O, required to react 
completely with the limiting substrate 


x 100. 


| 


In this problem, both glucose and ammonia are limiting substrates. From stoichiometry and the mass-balance table, the 
mass of oxygen required to react completely with 978.3 kg glucose and 9.8 kg NH; is: 


8.3 k 
8 (0.23 kg) = 225.0 kg O,. 
g 


The mass provided is 282.0 kg; therefore: 


282.0 — 225.0 


x 100 = 25.3%. 
225.0 3 


% excess air = 


(ii) Answers. 
(a) 980 kg glucose and 9.8 kg NH, are required. 
(b) 25% excess air is provided. 


4.5 Material Balances With Recycle, By-Pass 
and Purge Streams 


So far, we have performed mass balances on simple single-unit 
processes. However, steady-state systems incorporating re- 
cycle, by-pass and purge streams are common in bioprocess 
industries; flow sheets illustrating these modes of operation are 
shown in Figure 4.3. Material-balance calculations for such 
systems can be somewhat more involved than those in 


Examples 4.3 to 4.6; several balances are required before all 
mass flows can be determined. 

As an example, consider the system of Figure 4.4. Because 
cells are the catalysts in fermentation processes, it is often 
advantageous to recycle biomass from spent fermentation 
broth. Cell recycle requires a separation device, such as a cen- 
trifuge or gravity settling tank, to provide a concentrated 
recycle stream under aseptic conditions. The flow sheet for cell 
recycle is shown in Figure 4.5; as indicated, at least four 
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Figure 4.3. Flow sheet for processes with (a) recycle, (b) by-pass and (c) purge streams. 
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Figure 4.4 Fermenter with cell recycle. 
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different system boundaries can be defined. System I repre- 
sents the overall recycle process; only the fresh feed and final 
product streams cross this system boundary. In addition, separ- 
ate material balances can be performed over each process unit: 
the mixer, the fermenter and the settler. Other system bound- 
aries could also be defined; for example, we could group the 
mixer and fermenter, or settler and fermenter, together. 
Material balances with recycle involve carrying out individual 
mass-balance calculations for each designated system. 


Depending on which quantities are known and what informa- 
tion is sought, analysis of more than one system may be required 
before the flow rates and compositions of all streams are known. 

Mass balances with recycle, by-pass or purge usually 
involve longer calculations than for simple processes, but are 
not more difficult conceptually. Accordingly, we will not treat 
these types of process further. Examples of mass-balance pro- 
cedures for multi-unit processes can be found in standard 
chemical-engineering texts, e.g. [1-3]. 
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Figure 4.5 | System boundaries for cell-recycle system. 


4.6 Stoichiometry of Growth and Product 
Formation 


So far in this chapter, the law of conservation of mass has been 
used to determine unknown quantities entering or leaving 
bioprocesses. For mass balances with reaction such as 
Examples 4.5 and 4.6, the stoichiometry of conversion must 
be known before the mass balance can be solved. When cell 
growth occurs, cells are a product of reaction and must be 
represented in the reaction equation. In this section we will 
discuss how reaction equations for growth and product syn- 
thesis are formulated. Metabolic stoichiometry has many 
applications in bioprocessing: as well as in mass and energy 
balances, it can be used to compare theoretical and actual 
product yields, check the consistency of experimental fermen- 
tation data, and formulate nutrient medium. 


4.6.1 Growth Stoichiometry and Elemental 
Balances 


Despite its complexity and the thousands of intracellular reac- 
tions involved, cell growth obeys the law of conservation of 
matter. All atoms of carbon, hydrogen, oxygen, nitrogen and 
other elements consumed during growth are incorporated into 
new cells or excreted as products. Confining our attention to 
those compounds taken up or produced in significant quan- 
tity, if the only extracellular products formed are CO, and 


Recycle stream 


Mes ees eee, et Oe ee! il ei Nes IE ee 


Product 
stream 


H,O, we can write the following equation for aerobic cell 
growth: 


C,,H,O,N,+ 40, + bHO,N, cCH, OgN5 + CO, + ze 
(4.4) 


In Eq. (4.4), C,H,O,N,is the chemical formula for the sub- 
strate (e.g. for glucose w=6, x= 12, y=6 and z=0), HO,N; 
is the chemical formula for the nitrogen source, and CH, OgNs 
is the chemical ‘formula’ for dry biomass. a, 6, c, dand e are 
stoichiometric coefficients. Eq. (4.4) is written on the basis of 
one mole of substrate; therefore a moles O, are consumed and 
d moles CO, are formed per mole substrate reacted, etc. As 
illustrated in Figure 4.6, the equation represents a macro- 
scopic view of metabolism; it ignores the detailed structure of 
the system and considers only those components which have 
net interchange with the environment. Despite its simplicity, 
the macroscopic approach provides a powerful tool for ther- 
modynamic analysis. Eq. (4.4) does not include a multitude of 
compounds such as ATP and NADH which are integral to 
metabolism and undergo exchange cycles in cells, but are not 
subject to net exchange with the environment. Compounds 
such as vitamins and minerals taken up during metabolism 
could be included; however, since these growth factors are 
generally consumed in small quantity we assume here that 
their contribution to the stoichiometry and energetics of 
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Figure 4.6 Conversion of substrate, oxygen and nitrogen for cell growth. 
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reaction can be neglected. Other substrates and products can 
easily be added if appropriate. 

In Eq. (4.4), biomass is represented by the formula 
CH,O,Ns5. There is no fundamental objection to having a 
molecular formula for cells, even if it is not widely applied in 
biology. The formula is a reflection of the biomass composi- 
tion. As shown in Table 4.2, microorganisms such as 
Escherichia coli contain a wide range of elements; however 
90-95% of biomass can be accounted for by four major ele- 
ments: C, H, O and N. Compositions of several species in 
terms of these four elements are listed in Table 4.3. The for- 
mulae in Table 4.3 refer to dry biomass and are based on one C 
atom; the total amount of biomass formed during growth can 
be accounted for by the stoichiometric coefficient ¢ in Eq. 


Table 4.2 Elemental composition of Escherichia coli bacteria 


(From RY. Stanier, EA. Adelberg and J. Ingraham, 1976, The 
Microbial World, 4th edn, Prentice-Hall, New Jersey) 


Element % dry weight 
Cc 50 
O 20 
N 14 
H 8 

P 3 

S 1 
K 1 
Na 1 
Ca 0.5 
Mg 0.5 
Cl 0.5 
Fe 0.2 
All others 0.3 


Biomass 
cCH, Og Ns 


dCO, 


eH,0 


(4.4). Bacteria tend to have slightly higher nitrogen contents 
(11-14%) than fungi (6.3-9.0%) [4]. For a particular species, 
cell composition depends also on culture conditions and sub- 
strate utilised, hence the different entries in Table 4.3 for the 
same organism. However, the results are remarkably similar 
for different cells and conditions; CH, gO9 ;No,2 can be used 
as a general formula when composition analysis is not avail- 
able. The average ‘molecular weight’ of biomass based on C, 
H, O and N content is therefore 24.6, although 5—10% resid- 
ual ash is often added to account for those elements not 
included in the formula. 

Eq. (4.4) is not complete unless the stoichiometric coeffi- 
cients a, 6, c, dand eare known. Once a formula for biomass is 
obtained, these coefficients can be evaluated using normal pro- 
cedures for balancing equations, i.e. elemental balances and 
solution of simultaneous equations. 


C balance: w=ct+d 

(4.5) 
H balance: xtbg=cat2e 

(4.6) 
O balance: yt2at+bh=cB+2dt+e 

(4.7) 
N balance: zt+biz=cé. 

(4.8) 


Notice that we have five unknown coefficients (a, 6, c, dand e) 
but only four balance equations. This means that additional 
information is required before the equations can be solved. 
Usually this information is obtained from experiments. A use- 
ful measurable parameter is the respiratory quotient (RQ): 


les CO duced d 
respiratory quotient, RQ = canon aot ea 
a 


moles O, consumed 


(4.9) 
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Table 4.3. Elemental composition and degree of reduction for selected organisms 


(From ].A. Roels, 1980, Application of macroscopic principles to microbial metabolism, Biotechnol. Bioeng. 22, 24 57-2 514) 


Organism Elemental formula - Degree of reduction y 
(relative to NH) 
Escherichia coli CH, 7709 490.24 4.07 
Klebsiella aerogenes SH 7509 .43No.22 4.23 
KL. aerogenes Hi, 7309.43No.24 4.15 
KI. aerogenes 1.7509.47N0.17 4.30 
KL. aerogenes H, 7309 .43No.24 4.15 
Pseudomonas C, B 2.000.52N0.23 4.27 
Aerobacter aerogenes CH, 309.55No, 25 3.98 
Paracoccus denitrificans 1.810051No0.20 4.19 
P. denitrificans CH, 5:09.46No.19 3.96 
Saccharomyces cerevisiae 1.6600.52No.16 4.12 
S. cerevisiae CH, 9309 56No.17 4.20 
S. cerevisiae 1.810051N0.17 4.28 
Candida utilis CH, g309.54No.10 4.45 
C. utilis 1.87 0.56" 0.20 4.15 
C. utilis Hy 9309.46No.19 4.34 
C. utiles 1,870.56 ¥0.20 4.15 
Average CH, 7909 50N0.20 4.19 


(standard deviation = 3%) 


When an experimental value of RQ is available, Eqs (4.5) to which must be measured very accurately. When Eq. (4.4) is 
(4.9) can be solved to determine the stoichiometric coeffi- completed, the quantities of substrate, nitrogen and oxygen 
cients. The results, however, are sensitive to small errorsin RQ, _ required for production of biomass can be determined directly. 


Example 4.7 Stoichiometric coefficients for cell growth 


Production of single-cell protein from hexadecane is described by the following reaction equation: 


C,6H34+40,+ NH, — ¢CHy 609 77No 99 + @CO, + €H,O 


where CH, ¢Op 97No 99 represents the biomass. If RQ= 0.43, determine the stoichiometric coefficients. 


Solution: 

C balance: 16=c+d 

(1) 
H balance: 344+36=1.66c+2e 

(2) 
O balance: 2a=0.27 c+2dte 

(3) 
N balance: 6=0.20¢ 

(4) 


RQ: 0.43=4,. 
(5) 
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We must solve this set of simultaneous equations. Solution can be achieved in many different ways; usually it is a good idea to 
express each variable as a function of only one other variable. Gis already written simply as a function of cin (4); let us try express- 
ing the other variables solely in terms of ¢. From (1): 


d=16-c. 
(6) 
From (5) 
d 
4> 043 = 2.326 d. 
(7) 


Combining (6) and (7) gives an expression for ain terms of conly: 


a=2.326 (16-0) 
a= 37.22-2.326¢. 


(8) 
Substituting (4) into (2) gives: 
34+3 (0.20 )=1.66c+2e 
34=1.06c+2e 
e=17-0.53 6. 
(9) 


Substituting (8), (6) and (9) into (3) gives: 
2 (37.22 — 2.326 c) =0.27 c+ 2 (16—¢) + (17 — 0.53 c) 
25.44 = 2.39 ¢ 
c= 10.64. 


Using this result for cin (8), (4), (6) and (9) gives: 


a=12.48 
6=2.13 
4=5.37 
e=11.36. 


Check that these coefficient values satisfy Eqs (1)-(5). 


The complete reaction equation is: 


Cy gHyq+ 12.5 O, + 2.13 NH, > 10.6 CH, 6¢Op 97No.09 + 5-37 CO, + 11.4H,0. 


Although elemental balances are useful, the presence of water _ experimentally verify, H and O balances can present difficult- 
in Eq. (4.4) causes some problems in practical application. ies. Instead, a useful principle is conservation of reducing 
Because water is usually present in great excess and changes in _ power or available electrons, which can be applied to deter- 
water concentration are inconvenient to measure or mine quantitative relationships between substrates and 
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products. An electron balance shows how available electrons 
from the substrate are distributed in reaction. 


4.6.2 Electron Balances 


Available electrons refers to the number of electrons available 
for transfer to oxygen on combustion of a substance to CO,, 
H,O and nitrogen-containing compounds. The number of 
available electrons found in organic material is calculated from 
the valence of the various elements: 4 for C, 1 for H, —2 for O, 
5 for P, and 6 for S. The number of available electrons for N 
depends on the reference state: —3 ifammonia is the reference, 
0 for molecular nitrogen N,, and 5 for nitrate. The reference 
state for cell growth is usually chosen to be the same as the 
nitrogen source in the medium. In the following discussion it 
will be assumed for convenience that ammonia is used as nitro- 
gen source; this can easily be changed if other nitrogen sources 
are employed [5]. 

Degree of reduction, y, is defined as the number of equiva- 
lents of available electrons in that quantity of material 
containing 1g atom carbon. Therefore, for substrate 
C,,H,O,N,, the number of available electrons is (4w + x — 2y 
— 32). The degree of reduction for the substrate, yg, is therefore 
(4w +x — 2y — 32z)/w. Degrees of reduction relative to NH, 
and N, for several biological compounds are given in Table 
B.2 in Appendix B. Degree of reduction for CO,, H,O and 
NH, is zero. 


Electrons available for transfer to oxygen are conserved during 
metabolism. In a balanced growth equation, number of avail- 
able electrons is conserved by virtue of the fact that the 
amounts of each chemical element are conserved. Applying 
this principle to Eq. (4.4) with ammonia as nitrogen source, 
the available-electron balance is: 


wy, ~ 44=cYp a8) 
1 


where y, and yp are the degrees of reduction of substrate and 
biomass, respectively. Note that the available-electron balance 
is not independent of the complete set of elemental balances; if 
the stoichiometric equation is balanced in terms of each ele- 
ment including H and O, the electron balance is implicitly 
satisfied. 


4.6.3 Biomass Yield 


Typically, Eq. (4.10) is used with carbon and nitrogen balances 
Eqs (4.5) and (4.8) and a measured value of RQ for evaluation 


of stoichiometric coefficients. However, one electron balance, 
two elemental balances and one measured quantity are still 
inadequate information for solution of five unknown coeffi- 
cients; another experimental quantity is required. As cells grow 
there is, as a general approximation, a linear relationship 
between the amount of biomass produced and the amount of 
substrate consumed. This relationship is expressed quantita- 
tively using the biomass yield, Yc: 


g cells produced 


XS" g substrate consumed 


(4.11) 


A large number of factors influences biomass yield, including 
medium composition, nature of the carbon and nitrogen 
sources, pH and temperature. Biomass yield is greater in aero- 
bic than in anaerobic cultures; choice of electron acceptor, e.g. 
O,, nitrate or sulphate, can also have a significant effect [5, 6]. 

When Yy¢ is constant throughout growth, its experimen- 
tally-determined value can be used to determine the 
stoichiometric coefficient ¢ in Eq. (4.4). Eq. (4.11) expressed 
in terms of the stoichiometric Eq. (4.4) is: 


c(MW cells) 


Ys = (MW substrate) 


(4.12) 


where MW is molecular weight and ‘MW cells’ means the 
biomass formula-weight plus any residual ash. However, 
before applying measured values of Y,< and Eq. (4.12) to 
evaluate c, we must be sure that the experimental culture sys- 
tem is well represented by the stoichiometric equation. For 
example, we must be sure that substrate is not used to synthe- 
sise extracellular products other than CO, and H,O. One 
complication with real cultures is that some fraction of sub- 
strate consumed is always used for maintenance activities such 
as maintenance of membrane potential and internal pH, 
turnover of cellular components and cell motility. These 
metabolic functions require substrate but do not necessarily 
produce cell biomass, CO,, and HO in the way described by 
Eq. (4.4). It is important to account for maintenance when 
experimental information is used to complete stoichiometric 
equations; maintenance requirements and the difference 
between observed and true yields are discussed further in 
Chapter 11. For the time being, we will assume that available 
values for biomass yield reflect substrate consumption for 
growth only. 
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4.6.4 Product Stoichiometry 


Consider formation of an extracellular product CH,ON,, 
during growth. Eq. (4.4) can be extended to include product 
synthesis as follows: 


C,H,O.N,+40,+ 6HO,N, 


+ cCH,O;N5+dCO,+eH,O+fCHON,, ae 
13 


where fis the stoichiometric coefficient for product. Product 
synthesis introduces one extra unknown stoichiometric coeffi- 
cient to the equation; thus, an additional relationship between 
coefficients is required. This is usually provided as another 
experimentally-determined yield coefficient, the product yield 
from substrate, Ys? 


_ gprtoductformed — f(MW product) 
PS g substrate consumed ~ (MW substrate)’ 


(4.14) 


As mentioned above with regard to biomass yields, we must be 
sure that the experimental system used to measure Yj. con- 
forms to Eq. (4.13). Eq. (4.13) does not hold if product 
formation is not directly linked with growth; accordingly it 
cannot be applied for secondary-metabolite production such 
as penicillin fermentation, or for biotransformations such as 
steroid hydroxylation which involve only a small number of 
enzymes in cells. In these cases, independent reaction equa- 
tions must be used to describe growth and product synthesis. 


4.6.5 Theoretical Oxygen Demand 


Oxygen demand is an important parameter in bioprocessing as 
oxygen is often the limiting substrate in aerobic fermentations. 
Oxygen demand is represented by the stoichiometric coeffi- 
cient ain Eqs (4.4) and (4.13). Oxygen requirement is related 
directly to the electrons available for transfer to oxygen; the 
oxygen demand can therefore be derived from an appropriate 
electron balance. When product synthesis occurs as repre- 
sented by Eq. (4.13), the electron balance is: 


wy, - 44 = c¥pt+ fiYp me 
15 


where 7p is the degree of reduction of the product. 
Rearranging gives: 


a="14(wy.— cp -— fi Yp)- 
(4.16) 


Eg. (4.16) is a very useful equation. It means that if we know 
which organism (7, ), substrate (wand y,) and product (jand 
Yp) are involved in cell culture, and the yields of biomass (¢) 
and product (f), we can quickly calculate the oxygen demand. 
Of course we could also determine a by solving for all the stoi- 
chiometric coefficients of Eq. (4.13) as described in Section 
4.6.1. Eq. (4.16) allows more rapid evaluation and does not 
require that the quantities of NH, CO, and HO involved in 
the reaction be known. 


4.6.6 Maximum Possible Yield 


From Eq. (4.15) the fractional allocation of available electrons 
in the substrate can be written as: 


4a oy , Lite 
WY, WYs WYs Te 
17 


In Eq. (4.17), the first term on the right-hand side is the frac- 
tion of available electrons transferred from substrate to 
oxygen, the second term is the fraction of available electrons 
transferred to biomass, and the third term is the fraction of 
available electrons transferred to product. This relationship 
can be used to obtain upper bounds for the yields of biomass 
and product from substrate. 

Let us define ¢, as the fraction of available electrons in the 
substrate transferred to biomass: 


(4.18) 


In the absence of product formation, if all available electrons 
were used for biomass synthesis, ¢, would equal unity. Under 
these conditions, the maximum value of the stoichiometric 
coefficient cis: 


(4.19) 


Cmax can be converted to a biomass yield with mass units using 
Eq. (4.12). Therefore, even if we do not know the stoichiom- 
etry of growth, we can quickly calculate an upper limit for 
biomass yield from the molecular formulae for substrate and 
product. If the composition of the cells is unknown, yp can be 
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taken as 4.2 corresponding to the average biomass formula 
CH, g09.5No 2. Maximum biomass yields for several sub- 
strates are listed in Table 4.4; maximum biomass yield can be 
expressed in terms of mass ( ¥x5, max)» OF as number of C atoms 
in the biomass per substrate C atom consumed (‘max/,,). These 
quantities are sometimes known as thermodynamic maximum 
biomass yields. Table 4.4 shows that substrates with high 
energy content, indicated by high y, values, give high maxi- 
mum biomass yields. 

Likewise, the maximum possible product yield in the 


Table 4.4 Thermodynamic maximum biomass yields 


absence of biomass synthesis can be determined from Eq. 


(4.17): 


(4.20) 


Eq. (4.20) allows ‘us to quickly calculate an upper limit for 
product yield from the molecular formulae for substrate and 
product. 


(Adapted from L.E. Erickson, I.G. Minkevich and V.K. Eroshin, 1978, Application of mass and energy balance regularities in fermen- 


tation, Biotechnol. Bioeng. 20, 1595-1621) 


Substrate Formula Ys Thermodynamic maximum yield 
corresponding to Fn =| 
Carbon yield Mass yield 
(‘max,,) sink 
Alkanes 
Methane CH, 8.0 1.9 2.9 
Hexane (7) CoHy, 6.3 1.5 2.6 
Hexadecane (7) Ci oH3, 6.1 1.5 2.5 
Alcohols 
Methanol CH,O 6.0 1.4 1.1 
Ethanol C,H,O 6.0 1.4 1.5 
Ethylene glycol C,H,O, 5.0 1.2 0.9 
Glycerol C3H,O; 4.7 1.1 0.9 
Carbohydrates 
Formaldehyde CH,O 4.0 0.95 0.8 
Glucose C;H,,0, 4.0 0.95 0.8 
Sucrose C,,H,,0,, 4.0 0.95 0.8 
Starch (CH 1909s), 4.0 0.95 0.9 
Organic acids 
Formic acid CH,O, 2.0 0.5 0.3 
Acetic acid C,H,O, 4.0 0.95 0.8 
Propionic acid CjH.O, 4.7 1.1 1.1 
Lactic acid C,H,O, 4.0 0.95 0.8 
Fumaric acid C,H,O, 3.0 0.7 0.6 
Oxalic acid C,H,0, 1.0 0.24 0.1 


Example 4.8 Product yield and oxygen demand 


The chemical reaction equation for respiration of glucose is: 


C,H,,0,+ 6 O, > 6CO,+6H,0. 
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Candida utilis cells convert glucose to CO, and H,O during growth. The cell composition is CH, 409 55No, plus 5% ash. 
Yield of biomass from substrate is 0.5 g g~!. Ammonia is used as nitrogen source. 


(a) What is the oxygen demand with growth compared to that without? 
(b) C. utilisis also able to grow with ethanol as substrate, producing cells of the same composition as above. On a mass basis, how 
does the maximum possible biomass yield from ethanol compare with the maximum possible yield from glucose? 


Solution: 
Molecular weights: glucose = 180 
ethanol = 46 


MW biomass is (25.44 + ash); since ash accounts for 5% of the total weight, 95% of the total = 25.44. Therefore, MW biomass 
= 25.44/¢ 95 = 26.78. From Table B.2, y, for glucose is 4.00; y, for ethanol is 6.00. yg = (4 x 1+ 1x 1.84 — 2x 0.55 — 30.2) 
= 4.14. For glucose w = 6; for ethanol w = 2. 


(a) ¥yo=0.5 gg |. Converting this mass yield to a molar yield: 


_ 05¢ biomass 180 g glucose 1 gmol biomass 


XS“ gglucose *| 1 gmol glucose |" | 26.78 g biomass 
7 gmol biomass _ 
Xs ~ 


gmol glucose 
Oxygen demand is given by Eq. (4.16). In the absence of product formation: 
a="/, [6 (4.00) — 3.36 (4.14)] =2.52. 


Therefore, the oxygen demand for glucose respiration with growth is 2.5 gmol O, per gmol glucose consumed. By comparison 
with the chemical reaction equation for respiration, this is only about 42% that required in the absence of growth. 


(b) Maximum possible biomass yield is given by Eq. (4.19). Using the data above, for glucose: 


6(4.00) 
Cc = 


= 5.80. 
ae 4.14 ee 


Converting this to a mass basis: 


5.80 g biomass 1 gmol glucose 
XS,max ae. sl rea 


| 26.78 g biomass 


1 gmol biomass 


gmol glucose “! 180 g glucose 


86 g biomass 


X 


XS,max — 0. 


g glucose : 
For ethanol: 


2(6.00) 
C = 


= 2.90 
oy 4.14 


and 
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2.90 gmol biomass _| 1 gmol ethanol 


XS,max gmol ethanol ~ 46 gethanol _ 
g biomass 
Ys max = 1-69 


g ethanol : 


| 26.78 g biomass 


1 gmol biomass 


Therefore, on a mass basis, the maximum possible amount of biomass produced per gram ethanol consumed is roughly twice 


that per gram glucose consumed. This result is consistent with the data listed in Table 4.4. 


Example 4.8 illustrates two important points. First, the chem- 
ical reaction equation for conversion of substrate without 
growth is a poor approximation of overall stoichiometry when 
cell growth occurs. When estimating yields and oxygen 
requirements for any process involving cell growth, the full 
stoichiometric equation including biomass should be used. 
Second, the chemical nature or oxidation state of the substrate 
has a major influence on product and biomass yield through 
the number of available electrons. 


4.7 Summary of Chapter 4 
At the end of Chapter 4 you should: 


(i) understand the terms: system, surroundings, boundaryand 
process in thermodynamics; 

(ii) beable to identify open and closed systems, and batch, semi- 
batch, fed-batch and continuous processes, 

(iii) understand the difference between steady state and equi- 
librium, 

(iv) be able to write appropriate equations for conservation of 
mass for processes with and without reaction; 

(v) be able to solve simple mass-balance problems with and 
without reaction; and 

(vi) be able to apply stoichiometric principles for macroscop- 
ic analysis of cell growth and product formation. 


Problems 


4.1 Cell concentration using membranes 


A battery of cylindrical hollow-fibre membranes is operated at 
steady state to concentrate a bacterial suspension from a fer- 
menter. 350 kg min! fermenter broth is pumped through a 
stack of hollow-fibre membranes as shown in Figure 4P1.1. 
The broth contains 1% bacteria; the rest may be considered 
water. Buffer solution enters the annular space around the 
membrane tubes at a flow rate of 80 kg min~!; because broth 
in the membrane tubes is under pressure, water is forced across 


the membrane into the buffer. Cells in the broth are too large 
to pass through the membrane and pass out of the tubes as a 
concentrate. 


Hollow-fibre membrane for concentration of 


Figure 4P 1.1 


cells. 


Fermentation 
broth 


Buffer 
solution 


Hollow-fibre 
membrane 


The aim of the membrane system is to produce a cell suspen- 
sion containing 6% biomass. 


(a) What is the flow rate from the annular space? 
(b) What is the flow rate of cell suspension from the mem- 
brane tubes? 


Assume that the cells are not active, i.e. they do not grow. 
Assume further that the membrane does not allow any mol- 
ecules other than water to pass from annulus to inner cylinder, 
or vice versa. 


4.2 Membrane reactor 


A battery of cylindrical membranes similar to that shown in 
Figure 4P1.1 is used for an extractive bioconversion. 
Extractive bioconversion means that fermentation and extrac- 
tion of product occur at the same time. 

Yeast cells are immobilised within the membrane walls. A 
10% glucose in water solution is passed through the annular 
space at a rate of 40 kg h7!. An organic solvent, such as 2-ethyl- 
1,3-hexanediol, enters the inner tube at a rate of 40 kg h-}, 
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Because the membrane is constructed of a polymer which 
repels organic solvents, the hexanediol cannot penetrate the 
membrane and the yeast is relatively unaffected by its toxicity. 
On the other hand, because glucose and water are virtually 
insoluble in 2-ethyl-1,3-hexanediol, these compounds do not 
enter the inner tube to an appreciable extent. Once immobil- 
ised in the membrane, the yeast cannot reproduce but convert 
glucose to ethanol according to the equation: 


C,H,,0, > 2 C,H,O+2.CO,,. 


Ethanol is soluble in 2-ethyl-1,3-hexanediol; it diffuses into 
the inner tube and is carried out of the system. CO, gas exits 
from the membrane unit through an escape valve. In the aque- 
ous stream leaving the annular space, the concentration of 
unconverted glucose is 0.2% and the concentration of ethanol 
is 0.5%. If the system operates at steady state: 


(a) What is the concentration of ethanol in the hexanediol 
stream leaving the reactor? 


(b) What is the mass flow rate of CO,,? 


4.3 Ethanol distillation 


Liquid from a brewery fermenter can be considered to contain 
10% ethanol and 90% water. 50 000 kg h~! of this fermenta- 
tion product are pumped to a distillation column on the 
factory site. Under current operating conditions a distillate of 
45% ethanol and 55% water is produced from the top of the 
column ata rate one-tenth that of the feed. 


(a) What is the composition of the waste ‘bottoms’ from the 
still? 
(b) What is the rate of alcohol loss in the bottoms? 


4.4 Removal of glucose from dried egg 


The enzyme, glucose oxidase, is used commercially to remove 
glucose from dehydrated egg to improve colour, flavour and 
shelf-life. The reaction is: 


C.H,,0, + O, + H,O — C.H,,0, + H,O,. 
(glucose) (gluconic acid) 

A continuous-flow reactor is set up using immobilised-enzyme 
beads which are retained inside the vessel. Dehydrated egg 
slurry containing 2% glucose, 20% water and the remainder 
unreactive egg solids, is available at a rate of 3 000 kg h™!. Air 
is pumped through the reactor contents so that 18 kg oxygen 
are delivered per hour. The desired glucose level in the 
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dehydrated egg product leaving the enzyme reactor is 0.2%. 
Determine: 


(a) which is the limiting substrate; 

(b) the percentage excess substrate; 

(c) the composition of the reactor off-gas; and 
(d) the composition of the final egg product. 


4.5 Azeotropic distillation 


Absolute or 100% ethanol is produced from a mixture of 95% 
ethanol and 5% water using the Keyes distillation process. A 
third component, benzene, is added to lower the volatility of 
the alcohol. Under these conditions, the overhead product is a 
constant-boiling mixture of 18.5% ethanol, 7.4% H,O and 
74.1% benzene. The process is outlined in Figure 4P5.1. 

Figure 4P5.1 


Flowsheet for Keyes distillation process. 
74.1% benzene 


18.5% ethanol 
7.4% water 


95% ethanol a 


5% water 


Distillation 


Benzene ————-} tower 


oo 100% ethanol 


Use the following data to calculate the volume of benzene 
which should be fed to the still in order to produce 250 litres 
absolute ethanol: p (100% alcohol) = 0.785 g cm; p (ben- 
zene) = 0.872 g cm™?. 


4.6 Culture of plant roots 


Plant roots produce valuable chemicals in vitro. ‘A batch cul- 
ture of Atropa belladonna roots at 25°C is established in an 
air-driven reactor as shown in Figure 4P6.1. Because roots 
cannot be removed during operation of the reactor, it is 
proposed to monitor growth using mass balances. 
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Figure 4P6.1 


Reactor for culture of plant roots. 
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1425 g nutrient medium containing 3% glucose and 
1.75% NH, is fed into the reactor; the remainder of the medi- 
um can be considered water. Air at 25°C and I atm pressure is 
sparged into the fermenter at a rate of 22 cm} min” !. Duringa 
10-day culture period, 47 litres O, and 15 litres CO, are col- 
lected in the off-gas. After 10 days, 1110 g liquid containing 
0.063% glucose and 1.7% dissolved NH, is drained from the 
vessel. The ratio of fresh weight to dry weight for roots is 
known to be 14:1. 


(a) What dry mass of roots is produced in 10 days? 

(b) Write the reaction equation for growth, indicating the 
approximate chemical formula for the roots, CH, OgNs5. 

(c) What is the limiting substrate? 

(d) What is the yield of roots from glucose? 


4.7 Oxygen requirement for growth on 
glycerol 


Klebsiella aerogenes is produced from glycerol in aerobic cul- 
ture with ammonia as nitrogen source. The biomass contains 
8% ash, 0.40 g biomass is produced for each g glycerol con- 
sumed, and no major metabolic products are formed. What is 
the oxygen requirement for this culture in mass terms? 
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4.8 Product yield in anaerobic digestion 


Anaerobic digestion of volatile acids by methane bacteria is 
represented by the equation: 


CH,COOH+NH, -> biomass + CO, + H,O+CH,. 


(acetic acid) (methane) 


The composition of methane bacteria is approximated by the 
empirical formula CH, 409 49No,29- For each kg acetic acid 
consumed, 0.67 kg CO, is evolved. How does the yield of 
methane under these conditions compare with the maximum 


possible yield? 


4.9 Stoichiometry of single-cell protein 
synthesis 


(a) Cellulomonas bacteria used as single-cell protein for 
human or animal food are produced from glucose under 
anaerobic conditions. All carbon in the substrate is 
converted into biomass; ammonia is used as nitrogen 
source. The molecular formula for the biomass is 
CH, 5609.54No.1¢3 the cells also contain 5% ash. How 
does the yield of biomass from substrate in mass and molar 
terms compare with the maximum possible biomass yield? 

(b) Another system for manufacture of single-cell protein is 
Methylophilus methylotrophus. This organism is produced 
aerobically from methanol with ammonia as nitrogen 
source. The molecular formula for the biomass is 
CH, 6g0o 36No.23 these cells contain 6% ash. 

(i) How does the maximum yield of biomass compare 
with (a) above? What is the main reason for the differ- 
ence? 

(ii) If the actual yield of biomass from methanol is 42% 
the thermodynamic maximum, what is the oxygen 
demand? 


4.10 Ethanol production by yeast and bacteria 


Both Saccharomyces cerevisiae yeast and Zymomonas mobilis 
bacteria produce ethanol from glucose under anaerobic condi- 
tions without external electron acceptors. The biomass yield 
from glucose is 0.11 gg ! for yeast and 0.05 gg"! for Z. 
mobilis. In both cases the nitrogen source is NH3. Both cell 
compositions are represented by the formula CH, sO, 5No >- 


(a) What is the yield of ethanol from glucose in both cases? 
(b) How do the yields calculated in (a) compare with the 
thermodynamic maximum? 
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4.11 Detecting unknown products 


Yeast growing in continuous culture produce 0.37 g biomass 
per g glucose consumed; about 0.88 g O,, is consumed per g 
cells formed. The nitrogen source is ammonia, and the bio- 
mass composition is CH, 7909 56No.17- Ate other products 
also synthesised? 


4.12 Medium formulation 


Pseudomonas 5401 is to be used for production of single-cell 
protein for animal feed. The substrate is fuel oil. The composi- 
tion of Pseudomonas 5401 is CH, 3309 55No,25- If the final cell 
concentration is 25 g1~!, what minimum concentration of 
(NH,),SO, must be provided in the medium if (NH,),SO, is 


the sole nitrogen source? 


4.13 Oxygen demand for production of 
recombinant protein 


Production of recombinant protein by a  genetically- 

engineered strain of Escherichia coli is proportional to cell 

growth. Ammonia is used as nitrogen source for aerobic respi- 

ration of glucose. The recombinant protein has an overall 

formula CH, 5509 31No.95- The yield of biomass from glucose 

is measured at 0.48 gg” !; the yield of recombinant protein 

from glucose is about 20% that for cells. 

(a) How much ammonia is required? 

(b) What is the oxygen demand? 

(c) If the biomass yield remains at 0.48 g g!, how much dif- 
ferent are the ammonia and oxygen requirements for 
wild-type E. coli unable to synthesise recombinant protein? 


4.14 Effect of growth on oxygen demand 


The chemical reaction equation for conversion of ethanol 


(C,H,O) to acetic acid (C,H,O,) is: 
C,H,O+ 0, > C,H,O,+H,0. 


Acetic acid is produced from ethanol during growth of 
Acetobacter aceti, which has the composition CH, gO9 5Ng >- 
Biomass yield from substrate is 0.14 g g~!; product yield from 
substrate is 0.92 g g!. Ammonia is used as nitrogen source. 
How does growth in this culture affect oxygen demand for 
acetic acid production? 
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Energy Balances 


Unlike many chemical processes, bioprocesses are not particularly energy intensive. Fermenters and enzyme reactors are oper- 
ated at temperatures and pressures close to ambient; energy input for downstream processing is minimised to avoid damaging 
heat-labile products. Nevertheless, energy effects are important because biological catalysts are very sensitive to heat and 
changes in temperature. In large-scale processes, heat released during reaction can cause cell death or denaturation of enzymes 
if it is not quickly removed. For rational design of temperature-control facilities, energy flows in the system must be deter- 
mined using energy balances. Energy effects are also important in other areas of bioprocessing such as steam sterilisation. 


The law of conservation of energy means that an energy 
accounting system can be set up to determine the amount of 
steam or cooling water required to maintain optimum process 
temperatures. In this chapter, after the necessary thermo- 
dynamic concepts are explained, an energy-conservation equa- 
tion applicable to biological processes is derived. The 
calculation techniques outlined in Chapter 4 are then 
extended for solution of simple energy-balance problems. 


5.1 Basic Energy Concepts 


Energy takes three forms: 


(i) kinetic energy, &,; 

(ii) potential energy, E; and 
Sah. af P 

(iii) internal energy, U. 


Kinetic energy is the energy possessed by a moving system 
because of its velocity. Potential energy is due to the position of 
the system in a gravitational or electromagnetic field, or due to 
the conformation of the system relative to an equilibrium posi- 
tion (e.g. compression of a spring). /nternal energyis the sum of 
all molecular, atomic and sub-atomic energies of matter. 
Internal energy cannot be measured directly or known in abso- 
lute terms; we can only quantify change in internal energy. 
Energy is transferred as either heat or work. Heat is energy 
which flows across system boundaries because of a tempera- 
ture difference between the system and surroundings. Work is 
energy transferred as a result of any driving force other than 
temperature difference. There are two types of work: shaft 
work W., which is work done by a moving part within the 
system, e.g., an impeller mixing a fermentation broth, and flow 
work W,. Flow wark is the energy required to push matter into 


the system. In a flow-through process, fluid at the inlet has 
work done on it by fluid just outside of the system, while fluid 
at the outlet does work on the fluid in front to push the flow 
along. Flow work is given by the expression: 


We=pVv 
(5.1) 


where p is pressure and Vis volume. (Convince yourself that 
pV has the same dimensions as work and energy.) 


5.1.1 Units 


The SI unit for energy is the joule (J): 1 J = 1 newton metre 
(N m). Another unit is the calorie (cal), which is defined as the 
heat required to raise the temperature of 1 g pure water by 1°C 
at | atm pressure. The quantity of heat according to this defi- 
nition depends somewhat on the temperature of the water; 
because there has been no universal agreement on a reference 
temperature, there are several slightly different calorie-units in 
use. The international table calorie (cal,;) is fixed at 4.1868 J 
exactly. In imperial units, the British thermal unit (Bru) is 
common; this is defined as the amount of energy required to 
raise the temperature of 1 lb water by 1°F at 1 atm pressure. As 
with the calorie, a reference temperature is required for this 
definition; 60°F is common although other temperatures are 
sometimes used. 


5.1.2 Intensive and Extensive Properties 


Properties of matter fall into two categories: those whose mag- 
nitude depends on the quantity of matter present and those 
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whose magnitude does not. Temperature, density, and mole 
fraction are examples of properties which are independent of 
the size of the system; these quantities are called intensive vari- 
ables. On the other hand, mass, volume and energy are 
extensive variables which change if mass is added to or removed 
from the system. Extensive variables can be converted to 
specific quantities by dividing by the mass of the system; for 
example, specific volume is volume divided by mass. Because 
specific properties are independent of the mass of the system, 
they are also intensive variables. In this chapter, for extensive 
properties denoted by an upper-case symbol, the specific prop- 
erty is given in lower-case notation. Therefore if Uis internal 
energy, denotes specific internal energy with units, e.g. 
kJ g~!. Although, strictly speaking, the term ‘specific’ refers to 
the quantity per unit mass, we will use the same lower-case 
symbols for molar quantities, e.g. with units kJ gmol a 


5.1.3. Enthalpy 


Enthalpyis a property used frequently in energy-balance calcu- 
lations. It is defined as the combination of two energy terms: 


H=U+ pV 
(5.2) 


where Tis enthalpy, U is internal energy, pis pressure and Vis 
volume. Specific enthalpy Ais therefore: 


h= ut pv 
(5.3) 


where x is specific internal-energy and »v is specific volume. 
Since internal energy cannot be measured or known in absol- 
ute terms, neither can enthalpy. 


5.2 General Energy-Balance Equations 


The principle underlying all energy-balance calculations is the 
law of conservation of energy, which states that energy can be 
neither created nor destroyed. Although this law does not apply 
to nuclear reactions, conservation of energy remains a valid 
principle for bioprocesses because nuclear rearrangements are 
not involved. In the following sections, we will derive the equa- 
tions used for solution of energy-balance problems. 
The law of conservation of energy can be written as: 
energy in through | energy out through | energy accumulated 


within the system 


(5.4) 


system boundaries system boundaries 


Flow system for energy-balance calculations. 


Figure 5.1 


For practical application of this equation, consider the 
system depicted in Figure 5.1. Mass M, enters the system while 
mass M, leaves. Both these masses have energy associated with 
them in the form of internal, kinetic and potential energy; flow 
work is also being done. Energy leaves the system as heat Q; 
shaft work W, is done on the system by the surroundings. We 
will assume that the system is homogeneous without charge or 
surface-energy effects. 

To apply Eq. (5.4), we must identify which forms of energy 
are involved in each term of the expression. If we group togeth- 
er the extensive properties and express them as specific 
variables multiplied by mass, Eq. (5.4) can be written: 


M.(ut+e,+ 6, + pr),- M, (ute+ 6+ Pr) Q+ ‘a 


where subscripts i and o refer to inlet and outlet conditions, 
respectively, and AF represents the total change or accumula- 
tion of energy in the system. w is specific internal energy, ¢, is 
specific kinetic energy, e, is specific potential energy, p is 
pressure, and vis specific volume. All energies associated with 
masses crossing the system boundary are added together; the 
energy-transfer terms Q and W, are considered separately. 
Shaft work appears explicitly in Eq. (5.5) as W3 flow work 
done the by inlet and outlet streams is represented as pv multi- 
plied by mass. 

Energy flows represented by Q and W, can be directed 
either into or out of the system; appropriate signs must be used 
to indicate the direction of flow. Because it is usual in bio- 
processes that shaft work be done on the system by external 
sources, in this text we will adopt the convention that work is 
positive when energy flows from the surroundings to the 
system as shown in Figure 5.1. Conversely, work will be con- 
sidered negative when the system supplies work energy to the 
surroundings. On the other hand, we will regard heat as posi- 
tive when the surroundings receives energy from the system, 
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i.e. when the temperature of the system is higher than the sur- 
roundings. Therefore, when W, and Qare positive quantities, 
W, makes a positive contribution to the energy content of the 
system while Q causes a reduction. These effects are accounted. 
for in Eq. (5.5) by the signs preceding Qand W.. The opposite 
sign convention is sometimes used in thermodynamics texts. 
Choice of sign convention is arbitrary if used consistently. 

Eq. (5.5) refers to a process with only one input and one 
output stream. A more general equation is Eq. (5.6), which 
can be used for any number of separate material flows: 


Mut q+ 6+ pr) —- YU M(ut+ & + 6+ pr) 
input output 
streams streams 


~ Q+W=AE 

(5.6) 
The symbol £ means summation; the internal, kinetic, 
potential and flow work energies associated with all output 
streams are added together and subtracted from the sum for all 
input streams. Eq. (5.6) is a basic form of the first law of ther- 
modynamics, a simple mathematical expression of the law of 
conservation of energy. The equation can be shortened by sub- 

stituting enthalpy / for «+ py as defined by Eq. (5.3): 


Mbt e+ ey) —~LMht+e+ ey) — Q+ W=AE. 
input output 
streams streams 


(5.7) 


5.2.1 Special Cases 
Eq. (5.7) can be simplified considerably if the following 


assumptions are made: 

(i) kinetic energy is negligible; and 

(ii) potential energy is negligible. 

These assumptions are acceptable for bioprocesses, in which 
high-velocity motion and large changes in height or electro- 


magnetic field do not generally occur. Thus, the 
energy-balance equation becomes: 
5 (Mb) — 5 (Mb) - Q+ W=AE. 
input output 
streams streams 
(5.8) 


Eq. (5.8) can be simplified further in the following special 


cases: 


{i) Steady-state flow process. At steady state, all properties of 
the system are invariant. Therefore, there can be no accu- 
mulation or change in the energy of the system: AE = 0. 


The steady-state energy-balance equation is: 


L (Mh) — X (Mb) - Q+ W=0. 
input output 
streams streams 


(5.9) 


Eg. (5.9) can also be applied over the entire duration of 
batch and fed-batch processes if there is no energy accumu- 
lation; ‘output streams’ in this case refers to the harvesting 
of all mass in the system at the end of the process. Eq. (5.9) 
is used frequently in bioprocess energy balances. 

(ii) Adiabatic process. A process in which no heat is transferred 
to or from the system is termed adiabatic; if the system 
has an adiabatic wall it cannot receive or release heat to 
the surroundings. Under these conditions Q= 0 and Eq. 
(5.8) becomes: 


© (MA) ~ & (Mh) + W,= AE 


input output 
streams streams 


(5.10) 


Eqs (5.8)—(5.10) are energy-balance equations which allow us 
to predict, for example, how much heat must be removed 
from a fermenter to maintain optimum conditions, or the 
effect of evaporation on cooling requirements. To apply the 
equations we must know the specific enthalpy 4 of flow 
streams entering or leaving the system. Methods for calculat- 
ing enthalpy are outlined in the following sections. 


5.3 Enthalpy Calculation Procedures 


Irrespective of how enthalpy changes occur, certain conven- 
tions are used in enthalpy calculations. 


5.3.1 Reference States 


Specific enthalpy / appears explicitly in energy-balance equa- 
tions. What values of do we use in these equations if enthalpy 
cannot be measured or known in absolute terms? Because 
energy balances are actually concerned with the difference in 
enthalpy between incoming and outgoing streams, we can 
overcome any difficulties by working always in terms of 
enthalpy change. In many energy-balance problems, changes 
in enthalpy are evaluated relative to reference states that must 
be defined at the beginning of the calculation. 

Because H cannot be known absolutely, it is convenient to 
assign H = 0 to some reference state. For example, when 
1 gmol carbon dioxide is heated at 1 atm pressure from 0°C to 
25°C, the change in enthalpy of the gas can be calculated 
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(using methods explained later) as AH'= 0.91 kJ. If we assign 
H=0 for CO, gas at 0°C, Hat 25°C can be considered to be 
0.91 kJ. This result does not mean that the absolute value of 
enthalpy at 25°C is 0.91 kJ; we can say only that the enthalpy 
at 25°C is 0.91 kJ relative to the enthalpy at 0°C. 

We will use various reference states in energy-balance cal- 
culations to determine enthalpy change. Suppose for example 
we want to calculate the change in enthalpy as a system moves 
from State 1 to State 2. If the enthalpies of States 1 and 2 are 
known relative to the same reference condition H_,,, AHis cal- 


ref? 
culated as follows: 


AH 
Statel —> State2 
Enthalpy = H, - H,¢ Enthalpy = H, — H_. 


AH=(Hy~ H,)— (H,~ Hed) =H Fh, 


AHis therefore independent of the reference state because H.__,- 
cancels out in the calculation. 


5.3.2 State Properties 


Values of some variables depend only on the state of the system 
and not on how that state was reached. These variables are 
called state properties or functions of state; examples include 
temperature, pressure, density and composition. On the other 
hand, work is a path function since the amount of work done 
depends on the way in which the final state of the system is 
obtained from previous states. 

Enthalpy is a state function. This property of enthalpy is very 
handy in energy-balance calculations; it means that change in 
enthalpy for a process can be calculated by taking a series of 
hypothetical steps or process path leading from the initial state 
and eventually reaching the final state. Change in enthalpy is 
calculated for each step; the total enthalpy change for the pro- 
cess is then equal to the sum of changes in the hypothetical 
path. This is true even though the process path used for calcu- 
lation is not the same as that actually undergone by the system. 
As an example, consider the enthalpy change for the process 
shown in Figure 5.2 in which hydrogen peroxide is converted 
to oxygen and water by catalase enzyme. The enthalpy change 
for the direct process at 35°C can be calculated using an alter- 
native pathway in which hydrogen peroxide is first cooled to 
25°C, oxygen and water are formed by reaction at 25°C, and 
the products then heated to 35°C. Because the initial and final 
states for both actual and hypothetical paths are the same, the 
total enthalpy change is also identical: 


AH= AH, +AH,+ AH, 
(5.11) 
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Figure 5.2 Hypothetical process path for calculation of 
enthalpy change. 
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The reason for using hypothetical rather than actual pathways 
to calculate enthalpy change will be come apparent later in the 
chapter. 


5.4 Enthalpy Change in Non-Reactive 
Processes 


Change in enthalpy can occur asa result of: 


(i) temperature change; 
(ii) change of phase; 

(iii) mixing or solution; and 
(iv) reaction. 


In the remainder of this section we will consider enthalpy 
changes associated with (i), (ii) and (iii). We will then consider 
how the results are used in energy-balance calculations. Pro- 
cesses involving reaction will be discussed in Sections 5.8-5.11. 


5.4.1 Change in Temperature 


Heat transferred to raise or lower the temperature of a material 
is called sensible heat; change in the enthalpy of a system due to 
variation in temperature is called sensible heat change. \n 
energy-balance calculations, sensible heat change is deter- 
mined using a property of matter called the heat capacity at 
constant pressure, ox just heat capacity. We will use the symbol 
CG, for heat capacity; units for GC, are, e.g. J gmol”! Kk"), 
cal g-!°C7! and Btu Ib7! °F~!. The term specific heat refers 
to heat capacity expressed on a per-unit-mass basis. Heat 
capacity must be known before enthalpy changes from heating 
or cooling can be determined. Tables B.3—-B.6 in Appendix B 
list C, values for several organic and inorganic compounds. 
Additional C, data and information about estimating heat 


Sa P : ; 
capacities can be found in references such as Chemical 
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Engineers’ Handbook [1], Handbook of Chemistry and Physics 
(2] and International Critical Tables (3). 

There are several methods for calculating enthalpy change 
using CG values. When C, is constant, the change in enthalpy of 
a substance due to change in temperature at constant pressure is: 


AH = MC,AT=MG,(T, ~ T,) 
(5.12) 


go 


where Mis either mass or moles of the substance depending on 
the dimensions of C,, 7, is the initial temperature and T, is 
the final temperature. The corresponding change in specific 
enthalpy is: 


Ah=C,AT=C,(T, — T)). 
(5.13) 


Example 5.1 Sensible heat change with constant C, 


What is the enthalpy of 150 g formic acid at 70°C and 1 atm relative to 25°C and 1 atm? 


Solution: 


From Table B.5, C, for formic acid in the temperature range of interest is 0.524 cal g-! °C~!. Substituting into Eq (5.12): 


AH = (150 g) (0.524 cal g7! °C!) (70 - 25)°C 
AH = 3537.0 cal 


or 


AH = 3.54 kcal. 


Relative to H =0 at 25°C, the enthalpy of formic acid at 70°C is 3.54 kcal. 


Heat capacities for most substances vary with temperature. 
This means that when we calculate enthalpy change due to 
change in temperature, the value of C, itself varies over the 
range of AT. Heat capacities are often tabulated as polynomial 
functions of temperature, such as: 


C= a+ 6T+cT?+aT?. 
(5.14) 


Coefficients a, 6, cand d for a number of substances are given 
in Table B.3 in Appendix B. 

Sometimes we can assume that heat capacity is constant; 
this will give results for sensible heat change which approxi- 
mate the true value. Because the temperature range of interest 
in bioprocessing is relatively small, assuming constant heat 
capacity for some materials does not introduce large errors. C, 
data may not be available at all temperatures; heat capacities 
like most of those listed in Tables B.5 and B.6 are applicable 
only at a specified temperature or temperature range. As an 
example, in Table B.5 the heat capacity for liquid acetone 
between 24.2°C and 49.4°C is given as 0.538 cal g-1 °C™! 
even though this value will vary within the temperature range. 
A useful rule of thumb for organic liquids near room 
temperature is that C. p increases by 0.001-0.002 cal g~! °C™! 


for each Celsius-degree temperature increase [4]. 

One method for calculating sensible heat change when CG, 
varies with temperature involves use of the mean heat capacity, 
Com Table B.4 in Appendix B lists mean heat capacities for 
several common gases. These values are based on changes in 
enthalpy relative to a single reference temperature, T,¢=0°C. 
To determine the change in enthalpy for a change in tempera- 
ture from 7, to 7}, read the values of Go. at 7, and 7, and 
calculate: 


AH= M(C,..) 7,67, = Tf) a (Com 7, 11 7 7,9]: 
(5.15) 


5.4.2 Change of Phase 


Phase changes, such as vaporisation and melting, are accom- 
panied by relatively large changes in internal energy and 
enthalpy as bonds between molecules are broken and 
reformed. Heat transferred to or from a system causing change 
of phase at constant temperature and pressure is known as 
latent heat. Types of latent heat are: 


(i) latent heat of vaporisation (AA, ): heat required to vaporise 
a liquid; 
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(ii) latent heat of fusion (Ah,): heat required to melt a solid; 
and 

(iii) Latent heat of sublimation (Ah): heat required to directly 
vaporise a solid. 


Condensation of gas to liquid requires removal rather than 
addition of heat; the latent heat evolved in condensation is 
—Ajb,. Similarly, the latent heat evolved in freezing or solidifi- 
cation of liquid to solid is —A/,. 

Latent heat is a property of substances and, like heat capacity, 
varies with temperature. Tabulated values of latent heats usu- 
ally apply to substances at their normal boiling, melting or 
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sublimation point at 1 atm, and are called standard heats of phase 
change. Table B.7 in Appendix B lists latent heats for selected 
compounds; more values may be found in Chemical Engineers’ 
Handbook [1] and Handbook of Chemistry and Physics (2). 

The change in enthalpy resulting from phase change is cal- 
culated directly from the latent heat. For example, increase in 
enthalpy due to evaporation of liquid mass Mat constant tem- 
perature is: 


AH = MAh,. 
(5.16) 


Example 5.2 Enthalpy of condensation 


50 g benzaldehyde vapour is condensed at 179°C. What is the enthalpy of the liquid relative to the vapour? 


Solution: 


From Table B.7, the molecular weight of benzaldehyde is 106.12, the normal boiling point is 179.0°C, and the standard heat of 
vaporisation is 38.40 kJ gmol~!. For condensation the latent heat is — 38.40 kJ gmol~!. The enthalpy change is: 


Igmol 


= a, = 106.12¢ 
AH=50 g (~38.40 kJ gmol - eT 


| = —18.09kJ. 


Therefore, the enthalpy of 50 g benzaldehyde liquid relative to the vapour at 179°C is — 18.09 kJ. As heat is released during 


condensation, the enthalpy of the liquid is lower than the vapour. 


Phase changes often occur at temperatures other than the nor- 
mal boiling, melting or sublimation point; for example, water 
can evaporate at temperatures higher or lower than 100°C. 
How can we determine AH when the latent heat at the actual 
temperature of the phase change is not listed in the tables? This 
problem is overcome by using a hypothetical process path as 
described in Section 5.3.2. Suppose a substance is vaporised 
isothermally at 30°C although tabulated values for standard 
heat of vaporisation refer to 60°C. As shown in Figure 5.3, we 
can consider a process whereby liquid is heated from 30°C to 
60°C, vaporised at 60°C, and the vapour cooled to 30°C. The 
total enthalpy change for this process is the same as if vaporisa- 
tion occurred directly at 30°C. AH, and AH; are sensible heat 
changes and can be calculated using heat-capacity values and 
the methods described in Section 5.4.1. AH, is the latent heat 
at standard conditions available from tables. Because enthalpy 
is a state property, AH/ for the actual path is the same as AH, + 
AH, + AH. 


5.4.3 Mixing and Solution 


So far we have considered enthalpy changes for pure com- 
pounds. For an ideal solution or ideal mixture of several 


compounds, the thermodynamic properties of the mixture are 
a simple sum of contributions from the individual components. 
However, when compounds are mixed or dissolved, bonds 
between molecules in the solvent and solute are broken and 
reformed. In real solutions a net absorption or release of energy 
accompanies these processes resulting in changes in the 
internal energy and enthalpy of the mixture. Dilution of sul- 
phuric acid with water is a good example; in this case energy is 


Figure 5.3 Process path for calculating latent-heat change 
at a temperature other than the normal boiling point. 
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released. For real solutions there is an additional energy term 
to consider in evaluating enthalpy: the integral heat of mixing 
or integral heat of solution, Ah_,. The integral heat of solution is 
defined as the change in enthalpy which occurs as one mole of 
solute is dissolved at constant temperature in a given quantity 
of solvent. The enthalpy of a non-ideal mixture of two com- 
pounds A and B is: 

H 


mixture 


=H, + H,+AH,, 
(5.17) 


where AH is the heat of mixing. 
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Heat of mixing is a property of the solution components 
and is dependent on the temperature and concentration of 
the mixture. As a solution becomes more and more dilute, 
an asymptotic value of Ah, is reached. This value is called 
the integral heat of solution at infinite dilution. When water 
is the primary component of solutions, A/_, at infinite dilu- 
tion can be used to calculate the enthalpy of the mixture. 
AA, values for selected aqueous solutions are listed in 
Chemical Engineers’ Handbook (1], Handbook of Chemistry 
and Physics [2] and Biochemical Engineering and 
Biotechnology Handbook (5}. 


Example 5.3 Heat of solution 


Malonic acid and water are initially at 25°C. If 15 g malonic acid is dissolved in 5 kg water, how much heat must be added for the 
solution to remain at 25°C? What is the solution enthalpy relative to the components? 


Solution: 


The molecular weight of malonic acid is 104. Because the solution is very dilute (< 0.3% w/w), we can use the integral heat of 
solution at infinite dilution. From handbooks, A/,, at room temperature is 4.493 kcal gmol™!. This value is positive; therefore 
the mixture enthalpy is greater than the components and heat is absorbed during solution. The heat required for the solution to 


remain at 25°C is: 


1 gmol 


= 0.648 kcal. 
104g 


AH = 4.493 kcal gmol™! (15g) . | 


Relative to H! = 0 for water and malonic acid at 25°C, the enthalpy of the solution at 25°C is 0.648 kcal. 


In biological systems, significant changes in enthalpy due to 
heats of mixing do not often occur. Most solutions in fermen- 
tation and enzyme processes are dilute aqueous mixtures; in 
energy-balance calculations these solutions are usually con- 
sidered ideal without much loss of accuracy. 


5.5 Steam Tables 


Steam tables have been used for many years by engineers 
designing industrial processes and power stations. These tables 
list the thermodynamic properties of water, including specific 
volume, internal energy and enthalpy. As we are mainly con- 
cerned here with enthalpies, a list of enthalpy values for steam 
and water under various conditions has been extracted from 
the steam tables and given in Appendix C [6]. All enthalpy 
values must have a reference point; in the steam tables of 
Appendix C, H =0 for liquid water at the triple point: 0.01°C 
and 0.6112 kPa pressure. (The triple point is an invariant con- 
dition of pressure and temperature at which ice, liquid water 
and water vapour are in equilibrium with each other.) Steam 


tables from other sources may have different reference states. 
Steam tables eliminate the need for sensible-heat and latent- 
heat calculations for water and steam, and can be used directly 
in energy-balance calculations. 

Tables C.1 and C.2 in Appendix C list enthalpy values for 
liquid water and saturated steam. When liquid and vapour are 
in equilibrium with each other, they are saturated; a gas satu- 
rated with water contains all the water it can hold at the 
prevailing temperature and pressure. For a pure substance 
such as water, once the temperature is specified, saturation 
occurs at only one pressure. For example, from Table C.2 satu- 
rated steam at 188°C hasa pressure of 1200 kPa. Also from the 
table, the enthalpy of this steam relative to the triple point of 
water is 2782.7 kJ kg~}; liquid water in equilibrium with the 
steam has an enthalpy of 798.4 kJ kg~!. The latent heat of 
vaporisation under these conditions is the difference between 
liquid and vapour enthalpies; as indicated in the middle 
enthalpy column, Ah, is 1984.3 kJ kg™!. Table C.1 lists 
enthalpies of saturated water and steam by temperature; Table 
C.2 lists these enthalpies by pressure. 
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It is usual when using steam tables to ignore the effect of 
pressure on the enthalpy of liquid water. For example, the 
enthalpy of water at 40°C and 1 atm (101.3 kPa) is found by 
looking up the enthalpy of saturated water at 40°C in Table 
C.1, and assuming the value is independent of pressure. This 
assumption is valid at low pressure, i.e. less than about 50 atm. 
The enthalpy of liquid water at 40°C and 1 atm is therefore 
167.5 kJ kg~}. 

Enthalpy values for superheated steam are given in Table 
C.3. If the temperature of saturated vapour is increased (or the 
pressure decreased at constant temperature), the vapour is said 
to be superheated. A superheated vapour cannot condense 
until it is returned to saturation conditions. The difference 
between the temperature of a superheated gas and its satura- 
tion temperature is called the degrees of superheat of the gas. In 
Table C.3, enthalpy is listed as a function of temperature at 15 
different pressures from 10 kPa to 50 000 kPa; for example, 
superheated steam at 1000 kPa pressure and 250°C has an 
enthalpy of 2943 kJ kg™! relative to the triple point. Table 
C.3 also lists properties at saturation conditions; at 1000 kPa 
the saturation temperature is 179.9°C, the enthalpy of liquid 
water under these conditions is 762.6 kJ kg~!, and the enthal- 
py of saturated vapour is 2776.2 kJ kg” !. Thus, the degrees of 
superheat for superheated steam at 1000 kPa and 250°C can 
be calculated as (250 — 179.9) = 70.1 centigrade degrees. 
Water under pressure remains liquid even at relatively high 
temperatures. Enthalpy values for liquid water up to 350°C 
are found in the upper region of Table C.3 above the line 
extending to the critical pressure. 


5.6 Procedure For Energy-Balance 
Calculations Without Reaction 


Methods described in Section 5.4 for evaluating enthalpy can 
be used to solve energy-balance problems for systems in which 
reactions do not occur. Many of the points described in 
Section 4.3 for material balances also apply when setting out 
an energy balance. 


(i) A properly drawn and labelled flow diagram is essential to 
identify all inlet and outlet streams and their composi- 
tions. For energy balances, the temperatures, pressures 


and phases of the material should also be indicated if 

appropriate. 

The units selected for the energy balance should be stated; 

these units are also used when labelling the flow diagram. 

As in mass balance problems, a basis for the calculation 

must be chosen and stated clearly. 

The reference state for H= 0 is determined. In the absence 

of reaction, reference states for each molecular species in 

the system can be arbitrarily assigned. 

(v) State all assumptions used in solution of the problem. 
Assumptions such as absence of leaks and steady-state 
operation for continuous processes are generally applic- 


able. 


(ii) 
(iii) 
(iv) 


Following on from (v), other assumptions commonly made 
for energy balances include the following: 


(a) The system is homogeneous or well mixed. Under these 
conditions, product streams including gases leave the 
system at the system temperature. 

Heats of mixing are often neglected for mixtures contain- 
ing compounds of similar molecular structure. Gas 
mixtures are always considered ideal. 

(c) Sometimes shaft work can be neglected even though the 
system is stirred by mechanical means. This assumption 
may not apply when vigorous agitation is used or when 
the liquid being stirred is very viscous. When shaft work 
is not negligible you will need to know how much 
mechanical energy is input through the stirrer. 
Evaporation in liquid systems may be considered neglig- 
ible if the components are not particularly volatile or if 
the operating temperature is relatively low. 

(e) Heat losses from the system to the surroundings are often 


(b) 


(d) 


ignored; this assumption is generally valid for large insu- 
lated vessels when the operating temperature is close to 
ambient. 


5.7 Energy-Balance Worked Examples 
Without Reaction 


As illustrated in the following examples, the format described 
in Chapter 4 for material balances can be used as a foundation 
for energy-balance calculations. 
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Example 5.4 Continuous water heater 


Water at 25°C enters an open heating tank at a rate of 10 kg h7!. Liquid water leaves the tank at 88°C at a rate of 9 kg ho}; 
1 kg h~! water vapour is lost from the system through evaporation. At steady state, what is the rate of heat input to the system? 


Solution: 

1. Assemble 
(i) Select units for the problem. 
kg, h, kJ, °C. 


(ii) Draw the fowsheet showing all data and units. 
The flowsheet is shown in Figure 5E4.1. 


Figure 5E4.1 — Flowsheet for continuous water heater. 


Water vapour 
Ikgh! 
88°C 


Liquid water Liquid water 
10 kg br! 9kgh! 
25°C 88°C 


System boundary 


(iii) Define the system boundary by drawing on the flowsheet. 
The system boundary is indicated in Figure 5E4.1. 


2. Analyse 
(i) State any assumptions. 
— process is operating at steady state 
—system does not leak 
—system is homogeneous 
—evaporation occurs at 88°C 
—vapour is saturated 
—shaft work is negligible 
—no heat losses 
(ii) Select and state a basis. 
The calculation is based on 10 kg water entering the system, or 1 hour. 
(iii) Select and state a reference state. 
The reference state for water is the same as that used in the steam tables: 0.01°C and 0.6112 kPa. 
(iv) Collect any extra data needed. 
A (liquid water at 88°C) = 368.5 kJ kg~! (Table C.1) 
A (saturated steam at 88°C) = 2656.9 kJ kg~! (Table C.1) 
A (liquid water at 25°C) = 104.8 kJ kg~ | (Table C.1). 
(v) Determine which compounds are involved in reaction. 
No reaction occurs. 
(vi) Write down the appropriate mass-balance equation. 
The mass balance is already complete. 
(vit) Write down the appropriate energy-balance equation. 
At steady state, Eq. (5.9) applies: 
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(MP) — X (Mb) ~ Q+ W,=0. 


input output 
streams streams 
3. Calculate 


(i) Identify the terms of the energy-balance equation. 


For this problem W,=0. The energy-balance equation becomes: 
(Mh);., in (Mh); out (MA) Jap oa 28. 

Substituting the information available: 
(10 kg) (104.8 kJ kg~!) — (9 kg) (368.5 kJ kg~ *) — (1 kg) (2656.9 kJ kg~!) — Q=0 
Q=-4925.4 kJ. 


Qhas a negative value. Thus, according to the sign convention outlined in Section 5.2, heat must be supplied to the system 
from the surroundings. 


4. Finalise 
Answer the specific questions asked in the problem; check the number of significant figures; state the answers clearly, 
The rate of heat input is 4.93 x 10° kJ h7}. 


Example 5.5 Cooling in downstream processing 


In downstream processing of gluconic acid, concentrated fermentation broth containing 20% (w/w) gluconic acid is cooled in a 
heat exchanger prior to crystallisation. 2000 kg h7! liquid leaving an evaporator at 90°C must be cooled to 6°C. Cooling is achieved 
by heat exchange with 2700 kg h7 ! water initially at 2°C. If the final temperature of the cooling water is 50°C, what is the rate of 
heat loss from the gluconic acid solution to the surroundings? Assume the heat capacity of gluconic acid is 0.35 cal g~!°C7!. 


Solution: 

1. Assemble 
(i) Units. 
kg, h, kJ, °C. 


(ii) Flowsheet. 
The flowsheet is shown in Figure 5E5.1. 


Figure 5E5.1  Flowsheet for cooling gluconic acid product stream. 


System boundary 


Feed stream ~ Cooler — : Product stream 


2000 kg h., a, ee ae 2000 kg h.; 

400 kg h_; gluconic acid BEee ene : 400 kg h.; gluconic acid 
1600 kg h_, water oe ; 1600 kg h_; water 

90°C 6°C 


Q (to cooling water) Q (loss) 
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(iti) System boundary. 


The system boundary indicated in Figure 5E5.1 separates the gluconic acid solution from the cooling water 


2. Analyse 
(i) Assumptions. 
—-steady state 
—no leaks 
—other components of the fermentation broth can be considered water 
—gluconic acid and water form an ideal mixture 
—no shaft work 
(it) Basis. 
2000 kg feed stream, or | hour. 
(iii) Reference state. 
H =0 for gluconic acid at 90°C 
H=0 for water at its triple point. 
(iv) Extra data. 
The heat capacity of gluconic acid is 0.35 cal g~!°C™ !; we will assume this G remains constant over the temperature range 
of interest. Converting units: 


0.35 cal 
g°C 


4.187] 
1 cal 


on det L kJ | ree 
C, (gluconic acid) = | s5555 3 a 


CG, (gluconic acid) = 1.47 kJ kg~!°C~!. 


A (liquid water at 90°C) = 376.9 kJ kg~! (Table C.1) 
A (liquid water at 6°C) = 25.2 kJ kg~! (Table C.1) 
A (liquid water at 2°C) = 8.4 k] kg ' (Table C.1) 
A (liquid water at 50°C) = 209.3 kJ kg ' (Table C.1). 
(v) Compounds involved in reaction. 
No reaction occurs. 
(vi) Mass-balance equation. 
The mass-balance equation for total mass, gluconic acid and water is: 


mass in = mass out. 


The mass flow rates are as shown in Figure 5E5.1. 
(vii) Energy-balance equation. 


x (MA) — X(MA) — Q+ W.= 0. 


input output 
streams streams 
3. Calculate 


(i) Identify terms in the energy-balance equation. 
W, = 0. There are two heat flows out of the system: one to the cooling water (Q) and one representing loss to the surround- 
ings (Q,,,,)- With symbols W = water and G = gluconic acid, the energy-balance equation is: 


(MA) yy int (Mh), in (Mb) out a (Mh), out Cig Q =0. 


(Mh) wy ;,, = (1600 kg) (376.9 kJ kg™ !) = 6.03 x 10° kJ. 
(Mb) ¢;,,=0 (reference state). 
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(Mb) xg oug = (1600 kg) (1.47 kJ kg™!) = 4.03 x 104 KJ. 
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(MA) g oy, at °C is calculated as a sensible heat change from 90°C using Eq. (5.12): 


(MP) 6 oye= MG, (T,— T,) = (400 kg) (1.47 kJ kg~1°C~}) (6-90)°C 


o (MD) 6 our = ~ 4-94 X 104 kJ. 


The heat removed to the cooling water, Q, is equal to the enthalpy change of the cooling water between 2°C and 50°C: 


Q= (2700 kg) (209.3 — 8.4) kJ kg”! =5.42 x 10° kJ. 


These results can now be substituted into the energy-balance equation: 


(6.03 x 10° kJ) + (0 kJ) ~ (4.03 x 104 kJ) — (4.94 x 104 kJ) - Q,,..- 5.42 x 10° kJ =0 


 Qiogs = 7-01 104 kJ. 


4, Finalise 
The rate of heat loss to the surroundings is 7.0 x 104kj h7!, 


It is important to recognise that the final answers to energy- 
balance problems do not depend on the choice of reference 
states for the components. Although values of / depend on the 
reference states, as discussed in Section 5.3.1 this dependence 
disappears when the energy-balance equation is applied and 
the difference between input and output enthalpies deter- 
mined. To prove the point, any of the examples in this chapter 
can be repeated using different reference conditions to obtain 
the same final answers. 


5.8 Enthalpy Change Due to Reaction 


Reactions in bioprocesses occur as a result of enzyme activity 
and cell metabolism. During reaction, relatively large changes 
in internal energy and enthalpy occur as bonds between atoms 
are rearranged. Heat of reaction AH,,,, is the energy released or 
absorbed during reaction, and is equal to the difference in 
enthalpy of reactants and products: 


AH, = = Mb- Mb 
products reactants 
(5.18) 
or 
AH, = Xnh-Xnh 
products reactants 


(5.19) 


where = denotes the sum, M is mass, 2 is number of moles, and 
A is specific enthalpy expressed on either a per-mass or per- 
mole basis. Note that Mand x represent the mass and moles 


actually involved in the reaction, not the total amount present 
in the system. In an exothermic reaction the energy required to 
hold the atoms of product together is less than for the reac- 
tants; surplus energy is released as heat and AH, , is negative in 
value. On the other hand, energy is absorbed during endother- 
mic reactions, the enthalpy of the products is greater than the 
reactants and AH, is positive. 

The specific heat of reaction A/,,,, is a property of matter. 
The value of AA, depends on which reactants and products 
are involved in the reaction and the temperature and pressure. 
Because any molecule can participate in a large number of 
reactions, it is not feasible to tabulate all possible AA, values. 
Instead, Ah, is calculated from the heats of combustion of 
individual compounds. 


5.8.1 Heat of Combustion 


Heat of combustion Ah, is defined as the heat evolved during 
reaction of a substance with oxygen to yield certain oxidation 
products such as CO, gas, HO liquid and N, gas. The stan- 
dard heat of combustion Ah? is the specific enthalpy change 
associated with this reaction at standard conditions, usually 
25°C and 1 atm pressure. By convention, AA? is zero for the 
products of oxidation, i.e. CO, gas, H,O liquid, N, gas, etc.; 
standard heats of combustion for other compounds are always 
negative. Table B.8 in Appendix B lists selected values; heats of 
combustion for other materials can be found in Chemical 
Engineers’ Handbook [1] and Handbook of Chemistry and 
Physics (2]. As an example, the standard heat of combustion for 
citric acid is given in Table B.8 as — 1962.0 kJ gmol~!; this 
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refers to the heat evolved at 25°C and 1 atm in the following 
reaction : 


C.H,O, (s) + 41/20, (g) > 6 CO, (g) + 4H,0 (1). 
Standard heats of combustion are used to calculate the stan- 


dard heat of reaction AH, for reactions involving combust- 
ible reactants and combustion products: 
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AG. = Xn Ake a LnAhe 


reactants products 


(5.20) 


where 7 is moles of reactant or product involved in the reac- 
tion, and A/° is the standard heat of combustion per mole. 
The standard heat of reaction is the difference between the 
heats of combustion of reactants and products. 


Example 5.6 Calculation of heat of reaction from heats of combustion 


Fumaric acid is produced from malic acid using the enzyme, fumarase. Calculate the standard heat of reaction for the following 


enzyme transformation: 


C,H,O, > C,H,O, + H,0. 


(malic acid) (fumaric acid) 


Solution: 


Ah? = 0 for liquid water. From Eq. (5.20): 


A een =(n Abe) malic acid (n NPV icviaeie acid 


Table B.8 lists the standard heats of combustion for these compounds: 


(AL?) nalic acid = ~ 1328.8 kJ gmol~! 
(AA°)¢ maricacid = ~ 1334.0 kJ gmol™ 1 


Therefore, using a basis of 1 gmol malic acid converted: 


AH® = (1 gmol) (— 1328.8 kJ gmol!) — (1 gmol) (— 1334.0 kJ gmol 7!) 


AH? =5.2 kj. 


As AH° | is positive, the reaction is endothermic and heat is absorbed. 


5.8.2 Heat of Reaction at Non-Standard 
Conditions 


Example 5.6 shows how to calculate the heat of reaction at 
standard conditions. However, most reactions do not occur at 
25°C, and the standard heat of reaction calculated using Eq. 
(5.20) may not be the same as the actual heat of reaction at the 
reaction temperature. 

Consider the following reaction between compounds A, B, 
Cand D occurring at temperature 7: 


atbrct+d. 


The standard heat of reaction at 25°C is known from tabu- 
lated heat of combustion data. AH, at temperature Tcan be 
calculated using the alternative reaction pathway outlined in 


Figure 5.4, in which reaction occurs at 25°C and the reactants 
and products are heated or cooled between 25°C and T before 
and after the reaction. Because the initial and final states for 
the actual and hypothetical paths are the same, the total 
enthalpy change is also identical. Therefore: 


AH.,, (at T)=AH, + AH? + AH, 
(5.21) 


where AH, and AH, are changes in sensible heat and AH? ., is 
the standard heat of reaction at 25°C. AH, and AH; are evalu- 
ated using heat capacities and the methods described in 
Section 5.4.1. 

Depending on how much T deviates from 25°C and the 
magnitude of AH®,., AH_,, may not be much different from 


rxn? 
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Figure 5.4 Hypothetical process path for calculating heat of 
reaction at non-standard temperature. 


A+Be 
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AH°._. For example, consider the reaction for respiration of 
mn ip. P. 
glucose: 


C,H,,0,+60, > 6CO,+6H,0. 


AH? for this conversion is — 2805.0 kJ; if the reaction occurs 
at 37°C, AH. is ~2801.7 kJ. Contributions from sensible 
heat amount to only 3.3 kJ, which is insignificant compared 
with the total magnitude of AH®,, and can be ignored without 
much loss of accuracy. With reference to Figure 5.4, AH, = 
—4.8 kJ for cooling 1 gmol glucose and 6 gmol oxygen from 
37°C to 25°C; AH, = 8.1 kJ for heating the products back to 
37°C. Having opposite signs, AH, and AH, act to cancel each 
other. This situation is typical of most reactions in bioprocess- 
ing where the actual temperature of reaction is not sufficiently 
different from 25°C to warrant concern about sensible heat 
changes. When heat of reaction is substantial compared with 
other types of enthalpy change, AH, can be assumed equal to 
AH? , itrespective of reaction temperature. 

A major exception to this general rule are single-enzyme 
conversions. Because most single-enzyme reactions involve 
only small molecular rearrangements, heats of reaction are 
relatively small. For instance, per mole of substrate, the fuma- 
tase reaction of Example 5.6 involves a standard enthalpy 
change of only 5.2 kJ; other examples are 8.7 kJ gmol™! for 
the glucose isomerase reaction, — 26.2 kJ gmol™! for hydroly- 
sis of sucrose, and — 29.4 kJ per gmol glucose for hydrolysis of 
starch. For conversions such as these, sensible energy changes 
of 5 to 10 kJ are clearly significant and should not be ignored. 
Calculated enthalpy changes for enzyme reactions are often 
imprecise; being the difference between two or more large num- 
bers, the small AH®. for these conversions can carry 
considerable uncertainty depending on the accuracy of the 
heats of combustion data. When coupled with usual assump- 
tions such as constant C. . and Af, within the temperature 
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range of interest, this uncertainty means that estimates of heat- 
ing and cooling requirements for enzyme reactors are 
sometimes quite rough. 


5.9 Heat of Reaction For Processes With 
Biomass Production 


Biochemical reactions in cells do not occur in isolation but are 
linked in a complex array of metabolic transformations. 
Catabolic and anabolic reactions take place at the same time, 
so that energy released in one reaction is used in other energy- 
requiring processes. Cells use chemical energy quite 
efficiently; however some is inevitably released as heat. How 
can we estimate the heat of reaction associated with cell 
metabolism and growth? 


5.9.1 Thermodynamics of Microbial Growth 


As described in Section 4.6.1, a macroscopic view of cell 
growth is represented by the equation: 


C,H,O,N,+ 40, + 6H,O,N;> ¢CH,OgNs + dCO, + ny 


where a, 6, c, d and e are stoichiometric coefficients, 
C,H,O,N, is the substrate, H PN; is the nitrogen source, 
and CH,O,Ns is dry biomass. Once the stoichiometric 
coefficients or yields are determined, Eq. (4.4) can be used as 
the reaction equation in energy-balance calculations. We 
need, however, to determine the heat of reaction for this con- 
version. 

Heats of reaction for cell growth can be estimated. using 
microbial stoichiometry and the concept of available electrons 
(Section 4.6.2). It has been found empirically that the energy 
content of organic compounds is related to degree of reduc- 
tion as follows: 


st a (5.22) 


where AA? is the molar heat of combustion at standard condi- 
tions, g is the heat evolved per mole of available electrons 
transferred to oxygen during combustion, y is the degree of 
reduction of the compound defined with respect to N,, and x. 
is the number of carbon atoms in the molecular formula. The 
coefficient g relating A/° and 7 is relatively constant for a large 
number of compounds. Patel and Erickson [7] assigned a 
value of 111 kJ gmol™! to q; in another analysis, Roels [8] 
determined a value of 115 kJ gmol7'. The correlation found 
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by Roels is based on analysis of several chemical and biochem- 
ical compounds including biomass; the results are shown in 


Figure 5.5. 


5.9.2 Heat of Reaction With Oxygen as 
Electron Acceptor 


The direct proportionality between heat of combustion and 
degree of reduction as shown in Figure 5.5 has important 
implications for determining the heat of reaction in aerobic 
culture. Degree of reduction is related directly to the amount 
of oxygen required for complete combustion of a substance; 
therefore, heat produced in reaction of compounds for which 
Figure 5.5 applies must be directly proportional to oxygen 
consumption. In aerobic cultures with oxygen the principal 
acceptor of electrons, because molecular oxygen O, accepts 
four electrons, if one mole O, is consumed during respiration, 
four moles of electrons must be transferred. Accepting the 
value of 115 kJ energy released per gmol electrons transferred, 
the amount of energy released from consumption of one gmol 
O, is therefore (4 x 115) kJ, or 460 kJ. This result, that the 
heat of reaction for aerobic metabolism is approximately 
—460 kJ per gmol O, consumed, is verified by the experimen- 
tal data of Cooney, et al. [9] shown in Figure 3.2 (p. 33). 
The value is quite accurate for a wide range of conditions, 


Figure 5.5 Relationship between degree of reduction and 
heat of combustion for various organic compounds. (From 
J.A. Roels, 1987, Thermodynamics of growth. In: J. Bu’Lock 
and B. Kristiansen, Eds, Basic Biotechnology, Academic Press, 
London.) 
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including fermentations involving product formation. Thus, 
once the amount of oxygen taken up during aerobic cell cul- 
ture is known, the heat of reaction can be evaluated 
immediately. 


5.9.3 Heat of Reaction With Oxygen Not the 
Principal Electron Acceptor 


If a fermentation uses electron acceptors other than oxygen, 
for example in anaerobic culture, the simple relationship for 
heat of reaction derived in Section 5.9.2 does not apply. Heats 
of combustion must be used to estimate the heat of reaction 
for anaerobic conversions. Consider the following reaction 
equation for anaerobic growth with product formation: 


C,H,O,N,+ 6H,O,N;—> ¢CH,O,Ns + dCO, + ¢H,O 
+ fCHON,, 
(5.23) 


where C,H,ON,, is an extracellular product and fis its stoi- 
chiometric coefficient. With ammonia as nitrogen source and 
heats of combustion of H,O and CO, zero, from Eq. (5.20) 
the equation for standard heat of reaction is: 


APB een = (n Ah?) + (2 Ab NH, - (2 AA) biomass = 


(n Ah?) 


c¢’ product 


substrate 


(5.24) 


where mis number of moles and AA? is the standard molar heat 
of combustion. Heats of combustion for substrate, NH 3 and 
product are available from tables; what is the heat of combus- 
tion of biomass? 

As shown in Table 4.3 (p. 76), the elemental composition 
of biomass does not vary a great deal. If we assume an average 
biomass molecular formula of CH, gO9 5No.2> the reaction 
equation for combustion of cells to CO,, H,O and N, is: 


CH, g09 5No.2+ 1.20, > CO,+0.9H,0+0.1N.. 


From Table B.2, the degree of reduction of the biomass rela- 
tive to N, is 4.80. Assuming an average of 5% ash associated 
with the biomass, the cell molecular weight is 25.9. Heat of 
combustion is obtained by applying Eq. (5.22): 


1 gmol 
25.9 g 


(AF) piommace = (—115 kJ gmol™}) (4.80) (1) | 
==21 3k ¢ 


(5.25) 
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Actual heats of combustion measured by Cordier et al. [10] for 
a range of microorganisms and culture conditions are listed in 
Table 5.1. The difference in AA, values for bacteria and yeast 
reflects their different elemental compositions. When the 
composition of a particular organism is unknown, the heat of 
combustion for bacteria can be taken as —23.2 kJ g~}; for 
yeast Ah. is approximately —21.2 kJ g~!. These experimen- 
tally determined values compare well with that calculated in 
Eq. (5.25). Once the heat of combustion of biomass is known, 
it can be used with the heats of combustion for the other prod- 
ucts and substrates to determine the heat of reaction. 


5.10 Energy-Balance Equation For Cell 
Culture 


In fermentations, the heat of reaction so dominates the energy 
balance that small enthalpy effects due to sensible heat change 
and heats of mixing can generally be ignored. In this section 
we incorporate these observations into a simplified energy- 
balance equation for cell processes. 


Table 5.1 


Heats of combustion for bacteria and yeast 


ror 


Consider Eq. (5.9) applied to a continuous fermenter. 
What are the major factors responsible for the enthalpy differ- 
ence between input and output streams in fermentations? 
Because cell-culture media are usually dilute aqueous solutions 
with behaviour close to ideal, even though the composition of 
the broth may change as substrates are consumed and products 
formed, changes in heats of mixing of these solutes are gener- 
ally negligible. Similarly, even though there may be a 
temperature difference between input and output streams, the 
overall change in enthalpy due to sensible heat is also small. 
Usually, heat of reaction, latent heat of phase change and shaft 
work are the only energy effects worth considering in fermen- 
tation energy balances. Evaporation is the most likely phase 
change in fermenter operation; if evaporation is controlled 
then latent heat effects can also be ignored. Per cubic metre of 
fermentation broth, metabolic reactions typically generate 
5—20 kJ heat per second for growth on carbohydrate, and up 
to 60 kJ s~! for growth on hydrocarbon substrates. By way 
of comparison, in aerobic cultures sparged with dry air, 
evaporation of the fermentation broth removes only about 


(From J.-L. Cordier, B.M. Butsch, B. Birou and U. von Stockar, 1987, The relationship between elemental composition and 
heat of combustion of microbial biomass. App|. Microbiol. Biotechnol. 25, 305-312) 


Organism Substrate 
Bacteria 
Escherichia coli glucose 
glycerol 
Enterobacter cloacae glucose 
glycerol 
Methylophilus methylotrophus methanol 
Bacillus thuringiensis glucose 
Yeast 
Candida lipolytica glucose 
Candida boidinii glucose 
ethanol 
methanol 
Kluyveromyces fragilis lactose 
galactose 
glucose 
glucose” 


Ah, (kJ 7!) 


— 23.04 + 0.06 
— 22.83 + 0.07 
—23.22 + 0.14 
— 23.39 + 0.12 
—23.82 + 0.06 
— 22.08 + 0.03 


—21.3420.16 
—20.1420.18 
— 20.40 + 0.14 
—21.52 + 0.09 
—21.54 + 0.07 
—21.78 + 0.10 
—21.66+0.19 
—21.07 + 0.07 
—21.30 40.10 
— 20.66 + 0.26 
—21,22+0.14 


* Chemostat rather than batch culture: dilution rates were 0.036 h~!, 0.061 h7~!, 0.158 h~! and 0.227 h7 |, respectively. 
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0.5 kJ s~! m74as latent heat. Energy input due to shaft work 
varies between 0.5 and 5 kJ s~! m7 in large-scale vessels and 
10-20 kJ s~! m~3 in small vessels. Sensible heats and heats of 
mixing are generally several orders of magnitude smaller. 

For cell processes, therefore, we can simplify energy- 
balance calculations by substituting expressions for heat of 
reaction and latent heat for the first two terms of Eq. (5.9). By 
the definition of Eq. (5.18), AH, is the difference between 
product and reactant enthalpies. As the products are contained 
in the output flow and the reactants in the input, AH, is 
approximately equal to the difference in enthalpy between 
input and output streams. If evaporation is also significant, the 
enthalpy of vapour leaving the system will be greater than that 
of liquid entering by M, Ah,, where M,_ is the mass of liquid 
evaporated and Af, is the latent heat of vaporisation. The 
energy-balance equation can be modified as follows: 


—AH,, -— M,Ah,- Q+W.=0. 
(5.26) 


AH,,,, has a negative sign in Eq. (5.26) because AH, is equal 
to [enthalpy of products — enthalpy of reactants} whereas the 
energy-balance equation refers to [enthalpy of inlet streams — 
enthalpy of outlet streams]. Eq. (5.26) applies even if some 
proportion of the reactants remains unconverted or if there are 


Example 5.7 Continuous ethanol fermentation 


components in the system which do not react. At steady state, 
any material added to the system that does not participate in 
reaction must leave in the output stream; ignoring enthalpy 
effects due to change in temperature or solution and unless 
the material volatilises, the enthalpy of unreacted material in 
the output stream must be equal to its inlet enthalpy. As sen- 
sible heat effects are considered negligible, the difference 
between AH® and AH. at the reaction temperature can be 
ignored. 

It must be emphasised that Eq. (5.26) is greatly simplified 
and, as discussed in Section 5.8.2, may not be applicable to 
single-enzyme conversions. It is, however, a very useful equa- 
tion for fermentation processes. 


5.11 Fermentation Energy-Balance Worked 
Examples 


For processes involving cell growth and metabolism the 
enthalpy change accompanying reaction is relatively large. 
Energy balances for aerobic and anaerobic cultures can there- 
fore be carried out using the modified energy-balance 
equation (5.26). Because this equation contains no enthalpy 
terms, it is not necessary to define reference states. Application 
of Eq. (5.26) to anaerobic fermentation is illustrated in 
Example 5.7. 


Saccharomyces cerevisiae is grown anaerobically in continuous culture at 30°C. Glucose is used as carbon source; ammonia is the 
nitrogen source. A mixture of glycerol and ethanol is produced. At steady state, mass flows to and from the reactor at steady state 


are as follows: 


glucose in 36.0kgh7! 
NH, in 0.40 kgh7! 
cells out 2.81kgh™! 
glycerol out 7.94kgh7! 
ethanol out 11.9kgh7! 
CO, out 13.6kgh7! 
H,O out 0.15 kgh7! 


Estimate the cooling requirements. 


Solution: 

1. Assemble 
(i) Units. 
kg, kj, h, °C. 


(ii) Flowsheet. 
The flowsheet for this process is shown in Figure 5E7.1. 
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Figure 5E7.1  Flowsheet for anaerobic yeast fermentation. 
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(iii) System boundary. 
The system boundary is shown in Figure 5E7.1. 


2. Analyse 

(i) Asstemptions. 
—steady state 
-—no leaks 
—-system is homogeneous 
—heat of combustion for yeast is —21.2 kJ g™! 
—ideal solutions 
—negligible sensible heat change 
—no shaft work 
—no evaporation 

(ii) Basts. 
36.0 kg glucose, or 1 hour. 

(iti) Extra data. 


MW glucose = 180 
MW NH, =17 
MW glycerol =92 
MW ethanol = 46 
Heats of combustion: 
(Ab) slucose = —2805.0 kJ gmol~! (Table B.8) 


(Ah?) nu, = ~ 382.6 kJ gmol' (Table B.8) 
(As?) —1655.4kJ gmol~! (Table B.8) 
(Abe) — 1366.8 kJ gmol~! (Table B.8). 


glycerol = 
ethanol — 
(iv) Reaction. 


glucose + NH, — biomass + glycerol + ethanol + CO, + H,0. 
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All components are involved in reaction. 

(v) Mass-balance equation. 

The mass balance is already complete. 

(vi) Energy-balance equation. 

For cell metabolism, the modified energy-balance equation is Eq. (5.26): 


—AH,,,, — M,Ah,— Q+ W,= 0. 
3. Calculate 

(i) Identify terms in the energy-balance equation. 

W, = 0; M, = 0. Therefore: 
~AH_,~ Q=0. 

Evaluate the heat of reaction using Eq. (5.20). As the heat of combustion of H,O and CO, is zero, the heat of reaction is: 
AH, = (nh) + (n Ah?) — (2 Ah®)p — (ndh oy — (nAh?°), 

where G = glucose, A = ammonia, B = cells, Gly = glycerol and E = ethanol. Converting to a mass basis: 
AH, = (MAh?°), + (MAS), — (MAAS), — (MAA?) Gy — (MAh?), 


where AA? is expressed per unit mass. Converting the AA® data to kJ kg™!: 


KL 1 gmol | | es 1000 g | _ = 
Ah°),. = ~2805.0 —1.558x 104k 
es ss gmol * “180g Vl kg ar Jkgo! 
1 gmol | | 1000 
(AA°), = —382.6 a5: 7 |e 8) = 2.251 x 104 kJ kg! 
1 
(AA°), = —21.2 —— Ky | 10008 | =~ 9.120% 104 ky kg! 
“Tk: 
kJ 1 gmol | | = 
Ah®) 4, = — 1655.4 ‘ .|——|]=-1. 104k L 
(Abe) Gly 55 sual S26 The 799 x J kg 
kJ 1 gmol | oe | P = 
Ah®), = — 1366.8 : .| —— | = -2.971x10*k 1 
(Ah®)p 3 eal". aoa Tk 971 x 104k] kg 


Therefore: 


= (36.0 kg) (— 1.558 x 104 kJ kg~!) + (0.4 kg) (—2.251 x 104 kJ kg!) — (2.81 kg) (—2.120 x 104 kJ kg~) 
— (7.94 kg) (— 1.799 x 104 kJ kg!) — (11.9 kg) (—2.971 x 104 kJ kg~}) 


= —1.392x 104k]. 
Substituting this result into the energy-balance equation: 


Q = 1.392x 104 KJ. 
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Qis positive indicating that heat must be removed from the system. 


4. Finalise 


1.4 104k] heat must be removed from the fermenter per hour. 


In Example 5.7, the water used as solvent for components of 
the nutrient medium was ignored. This water was effectively a 
tie component, moving through the system unchanged and 
not contributing to the energy balance. Cooling requirements 
could be determined directly from the heat of reaction. 


method for determining AH, . Heats of combustion are not 
required in these calculations. Also, as long as the amount of 
oxygen consumed is known, the mass balance for the problem 
need not be completed. The procedure for energy-balance 
problems involving aerobic fermentation is illustrated in 


For aerobic cultures, we can relate the heat of reaction 
directly to oxygen consumption, providing a short-cut 


Example 5.8. 


Example 5.8 Citric acid production 


Citric acid is manufactured using submerged culture of Aspergzllus niger in a batch reactor operated at 30°C. Over a period of two 
days, 2500 kg glucose and 860 kg oxygen are consumed to produce 1500 kg citric acid, 500 kg biomass and other products. 
Ammonia is used as nitrogen source. Power input to the system by mechanical agitation of the broth is about 15 kW; approxi- 
mately 100 kg water is evaporated over the culture period. Estimate the cooling requirements. 


Solution: 

1. Assemble 
(i) Units. 
kg, kJ, h, °C. 


(ii) Flowsheet. 
The flowsheet is shown in Figure 5E8.1. 


Figure 5E8.1 Flowsheet for microbial production of citric acid. 
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(iii) System boundary. 
The system boundary is shown in Figure 5E8.1. 


2. Analyse 
(i) Assumptions. 
—-system is homogeneous 
—no leaks 
—ideal solutions 
—negligible sensible heat 
—heat of reaction at 30°C is — 460 kJ gmol™! O, consumed 
(ii) Basis. 
1500 kg citric acid produced, or 2 days. 
(iii) Extra data. 
Ah, water at 30°C = 2430.7 kJ kg~! (Table C.1) 


(iv) Reaction. 
glucose + O,+NH, — biomass + CO, + H,0 + citric acid. 


All components are involved in reaction. 

(v) Mass balance. 

‘The mass balance need not be completed as the sensible energy associated with inlet and outlet streams is negligible. 

(vi) Energy balance. 

The aim of the integral energy balance for batch culture is to calculate the amount of heat which must be removed to pro- 
duce zero accumulation of energy in the system. Eq. (5.26) is appropriate: 


~AH,,,, — M,Ah, - Q+ W.=0 
where each term refers to the two-day culture period. 


3. Calculate 
(i) Identify terms in the energy-balance equation. 
AF, is related to the amount of oxygen consumed: 


1000 1 gmol 
AH, = (~460 k} gmol™") (860 kg) .| = .| cn 


1 kg 32 g 


=—1.24x107KJ. 
Heat lost through evaporation is: 
M, Ah, =(100 kg) (2430.7 kJ kg~!) = 2.43 x 10° kJ. 
Power input by mechanical agitation is 15 kW or 15 kJ s”!. Overa period of 2 days: 


3600 s 
lh 


2 
W, = (15 1g 5} (2 days), | an 


1 day 


= 2.59x 10° kJ. 


These results can now be substituted into the energy-balance equation. 
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—(—1.24x 107 kJ) — (2.43 x 10° kJ) — Q+ (2.59 x 10° kJ) =0. 


Q=1.47x 107 kj. 


Qis positive, indicating that heat must be removed from the system. Note the relative magnitudes of the energy contribu- 
tions from heat of reaction, shaft work and evaporation; the effects of evaporation can often be ignored. 


4, Finalise 


1.5 x 107 kJ heat must be removed from the fermenter per 1500 kg citric acid produced. 


5.12 Summary of Chapter 5 
At the end of Chapter 5 you should: 


(i) know which forms of energy are common in biopro- 
cesses; 

(ii) know the general energy balance in words and as a mathe- 

matical equation, and the simplifications that can be 

made for bioprocesses; 

be familiar with eat capacity tables and be able to calcu- 

late sensible heat changes; 

(iv) beable to calculate detent heat changes; 

(v) understand heats of mixing for non-ideal solutions; 

(vi) be able to use steam tables; 

(vit) be able to determine standard heats of reaction from heats 
of combustion; 

(viii) know how to determine heats of reaction for aerobic and 
anaerobic cell cultures; and 


(iii) 


(ix) be able to carry out energy-balance calculations for bio- 
logical systems with and without reaction. 
Problems 


5.1 Sensible energy change 


Calculate the enthalpy change associated with the following 
processes: 


(a) m-cresol is heated from 25°C to 100°C; 

(b) ethylene glycol is cooled from 20°C to 10°C; 

(c) succinic acid is heated from 15°C to 120°C; and 
(d) air is cooled from 150°C to 65°C. 


5.2 Heat of vaporisation 


Nitrogen is sometimes bubbled into fermenters to maintain 
anaerobic conditions. It does not react, and leaves in the fer- 
menter off-gas. However it can strip water from the fermenter, 
so that water vapour also leaves in the off-gas. In a continuous 
fermenter operated at 33°C, 20 g h7! water is evaporated in 
this way. How much heat must be put into the system to com- 
pensate for evaporative cooling? 


5.3 Steam tables 
Use the steam tables to find: 


(a) the heat of vaporisation of water at 85°C; 

(b) the enthalpy of liquid water at 35°C relative to H = 0 at 
10°C; 

the enthalpy of saturated water vapour at 40°C relative to 
A= 0at the triple point; and 

the enthalpy of superheated steam at 2.5 atm absolute 
pressure and 275°C relative to H = 0 at the triple point. 


(c 


w 


(d 


~ 


5.4 Pre-heating nutrient medium 


Steam is used to heat nutrient medium in a continuous-flow 
process. Saturated steam at 150°C enters a coil on the outside 
of the heating vessel and is completely condensed. Medium 
enters the vessel at 15°C and leaves at 44°C. Heat losses from 
the jacket to the surroundings are estimated as 0.22 kW. If the 
flow rate of medium is 3250 kg h™! and the heat capacity is 
C,=0.9 cal g~!°C~!, how much steam is required? 


5.5 Production of glutamic acid 


Immobilised cells of a genetically-improved strain of 
Brevibacterium lactofermentum are used to convert glucose to 
glutamic acid for production of MSG (monosodium gluta- 
mate). The immobilised cells are unable to grow, but 
metabolise glucose according to the equation: 


C,H,,0,+NH,+11/,0, > C,H,NO,+CO,+3H,0. 


A feed stream of 4% glucose in water enters a 25 000-litre 
reactor at 25°C at a flow rate of 2000 kg h7!. A gaseous mix- 
ture of 12% NH, in air is sparged into the reactor at 1 atm and 
15°C ata flow rate of 4 vvm (1 vvm means 1| vessel volume per 
minute). The product stream from the reactor contains residu- 
al sugar at a concentration of 0.5%. 


(a) Estimate the cooling requirements. 
(b) How important is cooling in this fermentation? For 
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example, assuming the reaction rate remains constant irre- 
spective of temperature, if cooling were not provided and 
the reactor operated adiabatically, what would be the tem- 
perature? (In fact, the rate of conversion will decline 
rapidly at high temperatures due to cell death and enzyme 
deactivation.) 


5.6 Bacterial production of alginate 


Azotobacter vinelandii is investigated for production of 
alginate from sucrose. In a continuous fermenter at 28°C with 
ammonia as nitrogen source, the yield of alginate was found to 
be 4 gg! oxygen consumed. Ir is planned to produce alginate 
at a rate of 5 kg h~!. Since the viscosity of alginate in aqueous 
solution is considerable, energy input due to mixing the broth 
cannot be neglected. The fermenter is equipped with a flat- 
bladed disc turbine; at a satisfactory mixing speed and air 
flow-rate, power requirements are estimated at 1.5 kW. 
Estimate the cooling requirements. 


5.7 Acid fermentation 


Propionibacterium species are tested for commercial-scale pro- 
duction of propionic acid. Propionic and other acids are 
synthesised in anaerobic culture using sucrose as substrate and 
ammonia as nitrogen source. Overall yields from sucrose are as 
follows: 


propionic acid 40% (w/w) 
acetic acid 20% (w/w) 
butyric acid 5% (w/w) 

lactic acid 3.4% (w/w) 
biomass 12% (w/w) 


Bacteria are inoculated into a vessel containing sucrose and 
ammonia; a total of 30 kg sucrose is consumed over a period of 
10 days. What are the cooling requirements? 


5.8 Ethanol fermentation 


A crude fermenter is set up in a shed in the backyard ofa sub- 
urban house. Under anaerobic conditions with ammonia as 
nitrogen source, about 0.45 g ethanol are formed per g glucose 
consumed. At steady state, the production rate of ethanol aver- 
agesO0.4kgh }. 

The owner of this enterprise decides to reduce her electric- 
ity bill by using the heat released during the fermentation to 
warm water as an adjunct to the household hot-water system. 
2.5 litres h~! cold water at 10°C is fed into a jacket surround- 
ing the fermenter. To what temperature is the water heated? 


108 


Heat losses from the system are negligible. Use a biomass com- 
position of CH, 5,09 5gNo 1 plus 8% ash. 


5.9 Production of bakers’ yeast 


Bakers’ yeast is produced in a 50 000-litre fermenter under 
aerobic conditions. The carbon substrate is sucrose; ammonia 
is provided as nitrogen source. The average biomass composi- 
tion is CH, 2309 55No 17 with 5% ash. Under efficient growth 
conditions, biomass is the only major product; the biomass 
yield from sucrose is 0.5 g g~!. If the specific growth-rate is 
0.45 h7 |, estimate the rate of heat removal required to main- 
tain constant temperature in the fermenter when the yeast 
concentration is 10 g17!. 


References 


1. Perry, R.H., D.W. Green and J.O. Maloney (Eds) 
(1984) Chemical Engineers’ Handbook, 6th edn, 
McGraw-Hill, New York. 

2. Handbook of Chemistry and Physics, CRC Press, Boca 
Raton. 

3. International Critical Tables (1926) McGraw-Hill, New 
York, 

4. Perry, R.H. and C.H. Chilton (Eds) (1973) Chemical 
Engineers’ Handbook, 5th edn, McGraw-Hill, Tokyo. 

5. Atkinson, B. and F. Mavituna (1991) Biochemical 
Engineering and Biotechnology Handbook, 2nd edn, 
Macmillan, Basingstoke. 

6. Haywood, R.W. (1972) Thermodynamic Tables in SI 
(Metric) Units, 2nd edn, Cambridge University Press, 
Cambridge. 

7. Patel, §.A. and L.E. Erickson (1981) Estimation of heats 
of combustion of biomass from elemental analysis using 
available electron concepts. Biotechnol. Bioeng. 23, 
2051-2067. 

8. Roels, J.A. (1983) Energetics 
Biotechnology, Chapter 3, Elsevier Biomedical Press, 
Amsterdam. 

9. Cooney, C.L., D.IL.C. Wang and R.I. Mateles (1968) 
Measurement of heat evolution and correlation with oxy- 
gen consumption during microbial growth. Biotechnol. 
Bioeng. 11, 269-281. 

10. Cordier, J.-L., B.M. Butsch, B. Birou and U. von Stockar 
(1987) The relationship between elemental composition 
and heat of combustion of microbial biomass. Appi 
Microbiol. Biotechnol. 25, 305-312. 


and Kinetics in 


5 Energy Balances 


109 


Suggestions for Further Reading 


Process Energy Balances 


Felder, R.M. and R.W. Rousseau (1978) Elementary Principles 
of Chemical Processes, Chapters 8~10, John Wiley, New 
York. 

Himmelblau, D.M. (1974) Basic Principles and Calculations in 
Chemical Engineering, 3rd edn, Chapter 4, Prentice-Hall, 
New Jersey. 

Shaheen, E.I. (1975) Basic Practice of Chemical Engineering, 
Chapter 5, Houghton Mifflin, Boston. 

Whitwell, J.C. and R.K. Toner (1969) Conservation of Mass 
and Energy, Chapters 6-9, Blaisdell, Waltham, 
Massachusetts. 


Metabolic Thermodynamics 


Erickson, L.E. (1980) Biomass elemental composition and 
energy content. Biotechnol. Bioeng. 22, 451-456. 

Marison, I. and U. von Stockar (1987) A calorimetric investi- 
gation of the aerobic cultivation of Kluyveromyces fragilison 
various substrates. Enzyme Microbiol. Technol. 9, 33-43. 

Minkevich, I.G. and V.K. Eroshin (1973) Productivity and 
heat generation of fermentation under oxygen limitation. 
Folia Microbiol. 18, 376-385. 

Nagai, S. (1979) Mass and energy balances for microbial 
growth kinetics. Adv. Biochem. Eng. 11, 49-83. 

Roels, J.A. (1980) Application of macroscopic principles to 
microbial metabolism. Biotechnol. Bioeng. 22, 2457-2514. 

Roels, J.A. (1987) Thermodynamics of growth. In: J. Bu’ Lock 
and B. Kristiansen (Eds), Basic Biotechnology, 
pp. 57-74, Academic Press, London. 


6 


Unsteady-State Material and Energy Balances 


An unsteady-state or transient process is one which causes system properties to vary with time. Batch and semi-batch systems 
are inherently transient; continuous systems are unsteady during start-up and shut-down. Changing from one set of process 
conditions to another also creates an unsteady state, as does any fluctuation in input or control variables. 


The principles of mass and energy balances developed in 
Chapters 4 and 5 can be applied to unsteady-state processes. 
Balance equations are used to determine the rate of change of 
system parameters; solution of these equations generally 
requires application of calculus. Questions such as what is the 
concentration of product in the reactor as a function of time?, 
and how long will it take to reach a particular temperature 
after flow of steam is started? can be answered using unsteady- 
state mass and energy balances. In this chapter we will consider 
some simple unsteady-state problems. 


6.1 Unsteady-State Material-Balance 
Equations 


When mass of a system is not constant, we generally need to 
know how the mass varies as a function of time. To evaluate 
the rate of change of mass in the system, let us first return to the 
general mass-balance equation introduced in Chapter 4 see 


p. 52). 


mass in mass out mass mass mass 
through — } through 4+ {generated | _ } consumed| — Jaccumulated 
system system within within within 
boundaries boundaries system system system 


(4.1) 


Consider the flow system of Figure 6.1 in which reactions are 
taking place. Species A is involved in the process; Mis the mass 
of A in the system. Using the ‘hat’ symbol ~ to denote rate, let 
M. , be the mass flow rate of A entering the system, and M > the 
mass flow rate of A leaving. R,, is the mass rate of generation of 
species A by chemical reaction; R, is the mass rate of con- 
sumption by reaction. The dimensions of M,, M,, Rg and Ro 
are MT~!, with units such asgs e kg h7!, Ib min“, ete. 

All of the variables: M;, M,, R, and R., may vary 


with time. However, let us focus on an infinitesimally-small 


Flow system for an unsteady-state masss balance. 


Figure 6.1 


interval of time At between times tand ¢+ Az Even though the 
system variables may be changing, if Aris sufficiently small we 
can treat the flow rates M and rates of reaction Ras if they were 
constant during this period. Under these circumstances, the 
terms of the general balance equation (4.1) may be written as 
follows. 


(i) Mass in. During period At, the mass of species A trans- 
ported into the system is M ; Az. Note that the dimensions 
of M, Arare M, with units g, kg, lb, etc. 

(ii) Mass out. Similarly, the mass of species A transported out 

during time Aris M,At. 

Generation. The mass of A generated during Aris Ro At 

Consumption. The mass of A consumed during At is 

Ro At 

(v) Accumulation. Let AM be the mass of A accumulated in 
the system during At. AM may be either positive (accu- 
mulation) or negative (depletion). 


(iii) 
(iv) 


Entering these terms into the general mass balance Eq. (4.1) 
with the accumulation term on the left-hand side: 


AM = M,At — M,Ar+R.At — Re At. 
(6.1) 


We can divide both sides of Eq. (6.1) by Atto give: 
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Iil 


AM 7 “ 


(6.2) 


Eq. (6.2) applies when Aris infinitesimally small. If we take the 
limit as Atapproaches zero, i.e. as tand t+ Ar become virtually 
the same, Eq. (6.2) represents the system at an instant rather 
than over an interval of time. Mathematical techniques for 
handling this type of situation are embodied in the rules of cal- 
culus. In calculus, the derivative of y with respect to x, M44, is 


defined as: 


oy ten BY 
dx ~ Ax 0 Ax 
(6.3) 
where 
lim 
Ax—0 


represents the limit as Ax approaches zero. As Eq. (6.2) is valid 
for At— 0, we can write: 


dM . AM ~ 
ae eee AE M,— M,+Ro- Re 
(6.4)... 
The derivative dM) dz tepresents the rate of change of mass with 


time measured at a particular instant. We have thus derived a 
differential equation for rate of change of M as a function of 
system variables M,, M,, Rg and Re: 


dM a Bs 
ap = M,—-M,+Ro7— Re. 
(6.5) 


At steady state there can be no change in mass of the system, so 
the rate of change, dy dr Must be zero. At steady state, there- 
fore, Eq. (6.5) reduces to the familiar steady-state 
mass-balance equation (see p. 53): 


mass in + mass generated = mass out + mass consumed. 


(4.2) 


Unsteady-state mass-balance calculations begin with deriva- 
tion of a differential equation to describe the process. Eq. (6.5) 
was developed on a mass basis and contains parameters such as 
mass flow rate M/ and mass rate of reaction R. Another com- 
mon form of the unsteady-state mass balance is based on 
volume. The reason for this variation is that reaction rates are 
usually expressed on a per-volume basis. For example, the rate 
of a first-order reaction is expressed in terms of the concentra- 
tion of reactant: 


r= hy Gy 


where r¢ is the volumetric rate of consumption of A by reaction 
with units, e.g. gcm~>s_!, & is the first-order reaction-rate 
constant, and C, is the concentration of reactant A. This and 
other reaction-rate equations are described in more detail in 
Chapter 11. When rate expressions are used in mass- and 
energy-balance problems, the relationship between mass and 
volume must enter the analysis. This is illustrated in Example 


6.1. 


Example 6.1 Unsteady-state material balance for a CSTR 


A continuous stirred-tank reactor is operated as shown in Figure 6E1.1. The volume of liquid in the tank is V. Feed enters with 
volumetric flow rate F; product leaves with flow rate F,. The concentration of reactant A in the feed is C,,; the concentration of 
Ain the exit stream is C,. The density of the feed stream is p;; the density of the product stream is p,. The tank is well mixed. 
The concentration of A in the tank is C, and the density of liquid in the tank is p. In the reactor, compound A undergoes reac- 
tion and is transformed into compound B. The volumetric rate of consumption of A by reaction is give by the expression 
To = AG. 
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Figure 6E1.1 Continuous stirred-tank reactor. 


Feed stream Product stream 


° 


Cao 
Po 


Using unsteady-state balances, derive differential equations for: 
(a) total mass; and 


(b) mass of component A. 


Solution: 
The general unsteady-state mass-balance equation is Eq. (6.5): 


dM ~ n 
(a) For the balance on total mass R, and R. are zero; total mass cannot be generated or consumed by chemical reaction. From 


the definition of density (Section 2.4.1), total mass can be expressed as the product of volume and density. Similarly, mass 
flow rate can be expressed as the product of volumetric flow rate and density. 
dM d(pV 
Total mass in the tank: M= pV; therefore a e ) 
Mass flow rate in: M, =F op; . f 


Mass flow rate out: M. =F, p,. 


Substituting these terms into Eq. (6.5): 


(6.6) 


Eq. (6.6) is a differential equation representing the unsteady-state total-mass balance. 
(b) Ais not generated in the reaction; therefore R,, = 0. The other terms of Eq. (6.5) can be expressed as follows. 
dM d(VC, 
Mass of A in the tank: M= V'C,; therefore rs = ( 7 w) 
Mass flow rate of A in: M, =ECy. : 


Mass flow rate of A out: M, =FC,, 
Rate of consumption of A: Ro =k, GV. 


Substituting into Eq. (6.5): 
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d(VC,) _ 
dt 


= EC — EC GV 
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(6.7) 


Eq. (6.7) is the differential equation representing the unsteady-state mass balance on A. 


6.2 Unsteady-State Energy-Balance 
Equations 


In Chapter 5, the law of conservation of energy was repre- 
sented by the equation (see p. 87): 


energy in through |_| energy out through | _ | energy accumulated 
system boundaries system boundaries within the system 


(5.4) 


Consider the system shown in Figure 6.2. Fis the total energy 
in the system, W, is the rate at which shaft work is done on the 
system, Q is the rate of heat removal from the system, and M; 
and M, are mass flow rates to and from the system. All these 
parameters may vary with time. 

Ignoring kinetic and potential energies as discussed in 
Section 5.2.1, the energy-balance equation can be applied over 
an infinitesimally-small interval of time Az during which we 
can treat W, Q, M, and M, as if they were constant. Under 
these conditions, the terms of the general energy-balance 
equation are: 


(i) Input. During time interval As, the amount of energy 
entering the system is M, h, At + W, At, where 4; is the 
specific enthalpy of the incoming flow stream. 

Output. Similarly, the amount of energy leaving the 
system is M, h, Att Q At. 

Accumulation. ‘Let AE be the energy accumulated in the 
system during time Az. AE may be either positive (accu- 
mulation) or negative (depletion). In the absence of 
kinetic and potential energies, FE represents the enthalpy 
of the system. 


(ii) 
(iii) 


Entering these terms into Eq. (5.4) with the accumulation 
term first: 


AE = M,h,At— Mb, At— QAr+ W,At. 


(6.8) 
We can divide both sides of Eq. (6.8) by Az: 
AE "8 rr 2) os 
Ae = Mh. ~ h,- Q+W., 
(6.9) 


Figure 6.2 Flow system for an unsteady-state energy balance. 


Eq. (6.9) is valid for small At. The equation for rate of change 
of energy at a particular instant in time is determined by taking 
the limit of Eq. (6.9) as Atapproaches zero: 


lim AE 


a; ao =, = MAH M,h,- Q+W.. 


(6.10) 


Eq. (6.10) is the unsteady-state energy-balance equation for a 
system with only one inlet and one outlet stream. If there are 
several such streams, all mass flow rates and enthalpies must be 


added together: 


= = Z(Mh) - 


dt input me a. 


output 
streams 


Q+W.. 
(6.11) 


Eq. (6.11) can be simplified for fermentation processes using 
the same arguments as those presented in Section 5.10. If 
AF xn is the rate at which heat is absorbed or liberated by reac- 
tion, and M, is the mass flow rate of evaporated liquid leaving 
the system, for fermentation processes in which sensible heat 
changes and heats of mixing can be ignored, the following 
unsteady-state energy-balance equation applies: 


dE n 5 | ate 
de = —AH_,,, — M, Ah, - Q+W. 


(6.12) 
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For exothermic reactions AH,, , is negative; for endothermic 
reactions AH rxn IS positive. 


6.3 Solving Differential Equations 


As shown in Sections 6.1 and 6.2, unsteady-state mass and 
energy balances are represented using differential equations. 
Once the differential equation for a particular system has been 
found, the equation must be solved to obtain an expression for 
mass M or energy £ as a function of time. Differential equa- 
tions are solved by integration. Some simple rules for 
differentiation and integration are outlined in Appendix D. 
Of course, there are many more rules of calculus than those 
included in Appendix D; however those shown are sufficient 
for handling the unsteady-state problems in this chapter. 
Further details can be found in any elementary calculus text- 
book, or in mathematics handbooks written especially for 
biological scientists, e.g. [1-3]. 

Before we proceed with solution techniques for unsteady- 
state mass and energy balances, there are several general points 
to consider. 


(i) A differential equation can be solved directly only if it 
contains no more than two variables. For mass- and energy- 
balance problems, the differential equation must have the 


form: 
saled = f(Mt) or oF eeu 
dt dt 


where f (M, #) represents some function of Mand ¢, and 

f (E, t) represents some function of Eand ¢. The function 

may contain constants, but no other variables besides M 
and t should appear in the expression for 4™/ dp and no 

other variables besides E and ¢ should appear in the 

expression for dz]. Before you attempt to solve these 

differential equations, check first that all parameters 

except Mand 4, or Eand £, are constants. 

Solution of differential equations requires knowledge of 
boundary conditions. Boundary conditions contain extra 

information about the system. The number of boundary 

conditions required depends on the order of the differen- 

tial equation, which is equal to the order of the highest 

differential coefficient in the equation. For example, if 
the equation contains a second derivative, e.g. 4 */ dz?» the 


(ii) 


equation is second order. All equations developed in this 
chapter have been first order; they involve only first order 
derivatives of the form dy, - One boundary condition is 
required to solve a first-order differential equation; two 


boundary conditions are required for a second-order 
differential equation, and so on. Boundary conditions 
which apply at the beginning of the process when ¢ = 0 
are called initial conditions. 

Not all differential equations can be solved algebraically, 
even if the equation contains only two variables and the 
boundary conditions are available. Solution of some 
differential equations requires application of numerical 
techniques, preferably using a computer. In this chapter 


(iii) 


we will be concerned mostly with simple equations that 
can be solved using elementary calculus. 


The easiest way of solving differential equations is to separate 
variables so that each variable appears on only one side of the 
equation. For example, consider the simple differential 
equation: 


dx 


dp = a(b—- x) 


(6.13) 


where aand are constants. First we must check that the equa- 
tion contains only two variables x and 4, and that all other 
parameters in the equation are constants. Once this is verified, 
the equation is separated so that x and ¢ each appear on only 
one side of the equation. In the case of Eq. (6.13), this is done 
by dividing each side of the equation by (6 — x), and multiply- 
ing each side by dt: 


1 
ary dx = adt. 
(6.14) 
The equation is now ready for integration: 
eee dx =| adt 
fea | 
(6.15) 


Using integration rules (D-28) and (D-24) from Appendix D: 


—In(6-y =att+ K 
(6.16) 


Note that the constants of integration from both sides of the 
equation have been condensed into one constant K; this is 
valid because a constant + a constant =a constant. 
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6.4 Solving Unsteady-State Mass Balances are the same at all points, this includes the point from 
which any product stream is drawn. Accordingly, when 
Solution of unsteady-state mass balances is sometimes difficult the system is well mixed, properties of the outlet stream 
unless certain simplifications are made. Because the aim here is are the same as those within the system. 
to illustrate application of unsteady-state balances without (ii) Expressions for reaction rate involve the concentration of 
becoming too involved in integral calculus, the problems pre- only one reactive species. The mass-balance equation for 
sented in this section will be relatively simple. For the majority this species can then be derived and solved; if other 
of problems in this chapter analytical solution is possible. species appear in the kinetic expression this introduces 
The following restrictions are common in unsteady-state extra variables into the differential equation making solu- 
mass-balance problems. tion more complex. 


(i) The system is well mixed so that properties of the system The following example illustrates solution of an unsteady-state 
do not vary with position. If properties within the system mass balance without reaction. 


Example 6.2 Dilution of salt solution 


1.5 kg salt is dissolved in water to make 100 litres. Pure water runs into a tank containing this solution at a rate of 5 | min7}; salt 
solution overflows at the same rate. The tank is well mixed. How much salt is in the tank at the end of 15 min? Assume the den- 
sity of salt solution is constant and equal to that of water. 


Solution: 
(i) Flowsheet and system boundary. 
These are shown in Figure 6E2.1. 


Figure 6E2.1  Well-mixed tank for dilution of salt solution. 


Salt solution 


System boundary 


(ii) Define variables. 
C, = concentration of salt in the tank; V= volume of solution in the tank; p = density of salt solution and water. 
(iii) Assumptions. 
—no leaks 
—tank is well mixed 
—density of salt solution is the same as water 
(iv) Boundary conditions. 
At the beginning of the process, the salt concentration in the tank is 1.5 kg in 100 1, or 0.015 kg 171. If we call this initial salt con- 
centration C,o, the initial condition is: 


att=0 Cy=Cyy=0.015 kg I“! . 
1 
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We also know that the initial volume of liquid in the tank is 100 1. Another initial condition is: 


att=0 V=V=1001. 
(2) 


(v) Total mass balance. 
The unsteady-state balance equation for total mass was derived in Example 6.1: 


d(pV) 
= Fp.—Fop.. 
dt (Pi oP o 


(6.6) 


In this problem we are told that the volumetric flow rates of inlet and outlet streams are equal; therefore F, = F.. Inaddition, the 
density of the system is constant so that p, = p,, =p. Under these conditions, the terms on the right-hand side of Eq. (6.6) cancel. 
On the left-hand side, because p is constant it can be taken outside of the differential. Therefore: 


dV 
ary 


or 


dv 
ee 


If the derivative of Vwith respect to ¢ is zero, Vmust be a constant: 
V=K 


where X is the constant of integration. This result means that the volume of the tank is constant and independent of time. Initial 
condition (2) tells us that V= 100 | at t= 0; therefore V must equal 100 | at all times. Consequently, the constant of integration 
Kis equal to 100 |, and the volume of liquid in the tank does not vary from 1001. 

(vi) Mass balance for salt. 

The unsteady mass-balance equation for component A such as salt was derived in Example 6.1: 


Ve 
on) = FC. FG EGY. 


(6.7) 


In the present problem there is no reaction, so k, is zero. Also, F=F = F=5|min™ 1, Because the tank is well mixed, the con- 
centration of salt in the outlet stream is equal to that inside the tank, i.e. Cy, = Cy. In addition, since the inlet stream does not 
contain salt, C,; = 0. From the balance on total mass we know that V is constant and can be placed outside of the differential. 
Taking these factors into consideration, Eq. (6.7) becomes: 


dc, 


= —FC,. 
dt 7 


This differential equation contains only two variables C, and t; Fand Vare constants. The variables are easy to separate by divid- 
ing both sides by VC, and multiplying by dz: 
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a ah 
eee —— dt 
V 


The equation is now ready to integrate: 


Using integration rules (D-27) and (D-24) from Appendix D and combining the constants of integration: 


—F 
| = —tt+kK. 
nC, V t 
(3) 
We have yet to determine the value of K. From initial condition (1), at =0, C, = Cy. Substituting this information into (3): 
In CG,y=K. 


We have thus determined K. Substituting this value for K back into (3): 


In CG, = TF e+ In Go 
(4) 


This is the solution to the mass balance; it gives an expression for concentration of salt in the tank as a function of time. Notice 
that if we had forgotten to add the constant of integration, the answer would not contain the term In C,). The equation would 
then say that at ¢=0, In C, = 0; ie. Cy = 1. We know this is not true; instead, at t= 0, C, = 0.015 kg 17, so the result without 
the boundary condition is incorrect. It is important to apply boundary conditions every time you integrate. 

The solution equation is usually rearranged to give an exponential expression. This is achieved by subtracting In C,, from 


both sides of (4): 


In Cy — In Cyy = ae 


and noting from Eq. (D-9) that (In C, — In C,5) is the same as In Cy/ Cyn? 


jh 


Ga. V. 


Taking the anti-logarithm of both sides: 


or 
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We can check that this is the correct solution by taking the derivative of both sides with respect to ¢and making sure that the 
original differential equation is recovered. 


For F=5! min~!, V=100land Cyy = 0.015 kg 17}, att = 15 min: 

Cy = (0.015 kg 171) e(—51 min 190 DCS min) = 7.99 x 1073 kg 17}. 
The salt concentration after 15 min is 7.09 x 1073 kg 17!. Therefore: 

Mass of salt = C, V = (7.09 x 1073 kg I~!) 1001 = 0.71 kg. 


(vii) Finalise. 
After 15 min, the mass of salt in the tank is 0.71 kg. 


In Example 6.2 the density of the system was assumed con- _ balance makes intuitive sense: for a tank with equal flow rates 
stant. This simplified the mathematics of the problem so that __in and out and constant density, the volume of liquid inside 
p could be taken outside the differential and cancelled from the tank should remain constant. 

the total mass balance. The assumption of constant density is The effect of reaction on the unsteady-state mass balance is 
justified for dilute solutions because the density does not differ __ illustrated in Example 6.3. 

greatly from that of the solvent. The result of the total mass 


Example 6.3 Flow reactor 
Rework Example 6.2 to include reaction. Assume that a reaction in the tank consumes salt, at a rate given by the first-order equa- 
tion: 


r=k Cy 


where &, is the first-order reaction constant and C, is the concentration of salt in the tank. Derive an expression for C, a as a func- 
tion of time. If &, = 0.02 min— 1 how long does it take for the concentration of salt to fall to a value en the initial level? 


Solution: 
The flowsheet, boundary conditions and assumptions for this problem are the same as in Example 6.2. The total mass balance is 
also the same; total mass in the system is unaffected by reaction. 


(i) Mass balance for salt. 
From Example 6.1, the unsteady mass-balance equation for salt is: 


d(VC,) 
dt 


= FCG, - FG - & GV. 
(6.7) 
In this problem F = F, = F, C,,=0, and V is constant. Because the tank is well mixed C,, = C,. Therefore, Eq. (6.7) becomes: 


dC, 
V ae = —FC,- & GV. 


This equation contains only two variables C, and +; K Vand &, are constants. Separate variables by dividing both sides by VC, 
and multiplying by dz: 
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oa @ ” tae 
an V 


Integrating both sides gives: 


F 
In Cy = (=F -a)e+x 


where K is the constant of integration. K is determined from initial condition (1) in Example 6.2: at ¢ = 0, Cy = Cro: 


Substituting these values gives: 
In Cyg=X. 


Substituting this value for K back into the answer: 


In On = = = sje In Cro 
or 


C —F 
In—A = (=F 4): 
Ci yer 


For F=51min~!, V=1001, &, =0.02 min”! and Ca tos 1/9 this equation becomes: 


pe sl 
In (3. } a as 0.02min~) 
20 1001 


or 
—3.00 = (0.07 min7!) ¢. 
Solving for ¢: 


t = 42.8 min. 


(ii) Finalise. 


The concentration of salt in the tank reaches !/ 9g its initial level after 43 min. 


6.5 Solving Unsteady-State Energy Balances 


Solution of unsteady-state energy-balance problems can be 
mathematically quite complex. In this chapter only problems 
with the following characteristics will be treated for ease of 
mathematical handling. 


(i) The system has at most one input and one output stream; 
furthermore, these streams have the same mass flow rate. 


Under these conditions, total mass of the system is constant. 

(ii) The system is well mixed with uniform temperature and 
composition. Properties of the outlet stream are therefore 
the same as within the system. 

(iii) No chemical reactions or phase changes occur. 

(iv) Mixtures and solutions are ideal. 

(v) Heat capacities of the system contents and inlet and 
outlet streams are independent of composition and tem- 
perature, and therefore invariant with time. 
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(vi) Internal energy U and enthalpy H are independent of 
pressure. 

The principles and equations for unsteady-state energy bal- 

ances are entirely valid when these conditions are not met; the 
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only difference is that solution of the differential equation is 
greatly simplified for systems with the above characteristics. 
The procedure for solution of unsteady-state energy balances 
is illustrated in Example 6.4. 


Example 6.4 Solvent heater 


An electric heating-coil is immersed in a stirred tank. Solvent at 15°C with heat capacity 2.1 kJ kg~! °C7! is fed into the tank at 
a rate of 15 kg h7™!. Heated solvent is discharged at the same flow rate. The tank is filled initially with 125 kg cold solvent at 
10°C. The rate of heating by the electric coil is 800 W. Calculate the time required for the temperature of the solvent to reach 


60°C. 


Solution: 
(i) Flowsheet and system boundary. 
These are shown in Figure 6E4.1. 

Figure 6E4.1 


Continuous process for heating solvent. 


Solvent in Solvent out 
ISkgh! 


15°C 


System boundary 


(ii) Define variables. 


If the tank is well mixed, the temperature of the outlet stream is the same as inside the tank. Let T be the temperature in the tank; 
T, is the temperature of the incoming stream, M is the mass of solvent in the tank, and M is the mass flow rate of solvent to and 


from the tank. 
(iii) Asstemptions. 
—no leaks 
—tank is well mixed 
——negligible shaft work 
—heat capacity is independent of temperature 
—no evaporation 
—heat losses to the environment are negligible 
(iv) Reference state. 
H = 0 for solvent at 10°C, i.e. 7) = 10°C. 
(v) Boundary conditions. 
The initial condition is: 


att=0 T=Ty = 10°C. 
(1) 
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(vi) Mass balance. 

Since the mass flow rates of solvent to and from the tank are equal, the mass M of solvent inside the tank is constant and equal to 
the initial value, 125 kg. The mass balance is therefore complete. 

(vii) Energy balance. 

The unsteady-state energy-balance equation for two flow streams is given by Eq. (6.10): 


In the absence of phase change, reaction and heats of mixing, the enthalpies of input and output streams can be determined from 
sensible heats only. Similarly, any change in the energy content of the system must be due to change in temperature and sensible 
heat. With solvent enthalpy defined as zero at T,.,, change in Ecan be calculated from the difference between the system temper- 
ature and T_.,. Therefore, the terms of the energy-balance equation are: 


. dE d 
Accumulation: a = ae (MC, AT) = ae UG, (T— T,..]) 
dE dT 
As M, G, and 7, ¢ are constants, a = MC, oF 


Flow input: M, h.= M, C7; Pied ee 
Flow output: M, h, b= M, C pi t— T,.¢) 
Shaft work: W, =0. 
Substituting these expressions into the energy-balance equation gives: 


dT 
MC, 4 = M,C,(T,— T,) ~ M, C,(T- Teg) ~ @. 


= 125 kg, C,=2.1 kJ kg”? Co! ,M,=M,=15kgh7!, T, = 15°C and T,¢ = 10°C. Converting data for Q into consistent 


units: 


1Js7 . es 1kJ 3600 s 


Q = -a00 w | 7000j || th 


= —2.88x 103 kJh7!. 
Q is negative because heat flows into the system. Substituting these values into the energy-balance equation: 
~toe-t, dF - -loc-! 
(125 kg) (2.1 kJ kg~ 1 °C~}) a (15 kg h7}) (2.1 kJ kg~! °C~!) (15°C — 10°C) 
— (15kgh7!) (2.1 kJ kg~! °C~4) (7—10°C) — (—2.88x 103 kJ h7!). 
Grouping terms gives a differential equation for rate of temperature change: 


dT 
— =12.77 — 0.12T 
dt 
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where T has units °C and thas units h. Separating variables and integrating: 


=a 


Using the integration rule (D-28) from Appendix D: 


{ dT 
12.77 — 0.12T 


0.1 


1 
5 In (12.77 -O12T) =¢+K. 


The initial condition is: att =0, T= 15°C. Therefore, K = — 19.96 and the solution is: 


1 
19.96 — 0D In (12.77 — 0.127) = 4 


From this equation, at 7 = 60°C, t= 5.65 h. 
(viii) Finalise. 
It takes 5.7 h for the temperature to reach 60°C. 


6.6 Summary of Chapter 6 


At the end of Chapter 6 you should: 

(i} know what types of process require unsteady-state 
analysis; 

(ii) be able to derive appropriate differential equations for 
unsteady-state mass and energy balances; 

(iii) understand the need for boundary conditions to solve 
differential equations representing actual processes; and 

(iv) be able to solve simple unsteady-state mass and energy 
balances to obtain equations for system parameters as a 
function of time. 


Problems 


6.1 Dilution of sewage 


In a sewage-treatment plant, a large concrete tank initially 
contains 440 000 litres liquid and 10 000 kg fine suspended 
solids. To flush this material out of the tank, water is pumped 
into the vessel at a rate of 40 000 litres h~'. Liquid containing 
solids leaves at the same rate. Estimate the concentration of 


suspended solids in the tank at the end of 5 h. 


6.2 Production of fish-protein concentrate 


Whole gutted fish are dried to make a protein paste. In a batch 
drier, the rate at which water is removed from the fish is 


roughly proportional to the moisture content. If a batch of 
gutted fish loses half its initial moisture content in the first 
20 min, how long will the drier take to remove 95% of the 
water? 


6.3. Contamination of vegetable oil 


Vegetable oil is used in a food-processing factory for preparing 
instant breadcrumbs. A stirred tank is used to hold the oil; dur- 
ing operation of the breadcrumb process, oil is pumped from 
the tank at a rate of 4.8 |h7!. At 8 p.m. during the night shift, 
the tank is mistakenly connected to a drum of cod-liver oil 
which is then pumped into the tank. The volume of vegetable 
oil in the tank at 8 p.m. is 601. 


(a) If the flow rate of cod-liver oil into the tank is 7.5 | h7! 
and the tank has a maximum capacity of 100 |, will the 
tank overflow before the factory manager arrives at 9 a.m.? 
Assume that the density of both oils is the same. 

(b) If cod-liver oil is pumped into the tank at a rate of 
4.81 h7! instead of 7.5 | h~!, what is the composition of 
oil in the tank at midnight? 


6.4 Batch growth of bacteria 


During exponential phase in batch culture, the growth rate of 
a culture is proportional to the concentration of cells present. 
When Streptococcus lactis bacteria are cultured in milk, the 
concentration of cells doubles in 45 min. If this rate of growth 
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is maintained for 12 h, what is the final concentration of cells 
relative to the inoculum level? 


6.5 Radioactive decay 


A radioactive isotope decays at a rate proportional to the 
amount of isotope present. If the concentration of isotope is 
C(mg1~?), its rate of decay is: 


T= RC. 


(a) A solution of radioactive isotope is prepared at concentra- 
tion Cp. Show that the half-life of the isotope, i.e. the time 
required for the isotope concentration to reach half of its 
original value, is equal to In 2/ hy 

(b) A solution of the isotope 32P is used to radioactively label 
DNA for hybridisation studies. The half-life of 32P is 14.3 
days. According to institutional safety requirements, the 
solution cannot be discarded until the activity is 1% its 
present value. How long will this take? 


6.6 Continuous fermentation 


A well-mixed fermenter of volume V contains cells initially at 
concentration xp. A sterile feed enters the fermenter with volu- 
metric flow rate F; fermentation broth leaves at the same rate. 
The concentration of substrate in the feed is s,. The equation 
for rate of cell growth is: 


and the expression for rate of substrate consumption is: 
1, = ky x 


where &, and &, are rate constants with dimensions Tak ry 
and r, have dimensions L~3MT™!, and xis the concentration 
of cells in the fermenter. 


(a) Derive a differential equation for the unsteady-state mass 
balance of cells. 

(b) From this equation, what must be the relationship 
between F, &, and the volume of liquid in the fermenter at 
steady state? 

{c) Solve the differential equation to obtain an expression for 
cell concentration in the fermenter as a function of time. 

(d) Use the following data to calculate how long it takes for 
the cell concentration in the fermenter to reach 4.0 g]7!: 


F = 2200lh7! 
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V = 100001 
% = 05 ra eg 
A = 0.33h71, 


V is the volume of liquid in the fermenter. 

(e) Set up a differential equation for the mass balance of sub- 
strate. Substitute the result for x from (c) to obtain a 
differential equation in which the only variables are sub- 
strate concentration and time. (Do you think you would 
be able to solve this equation algebraically?) 

(f) At steady state, what must be the relationship between s 
and x? 


6.7 Fed-batch fermentation 


A feed stream containing glucose enters a fed-batch fermenter 
at constant flow rate. The initial volume of liquid in the fer- 
menter is Vj. Cells in the fermenter consume glucose at a rate 
given by: 


r= kys 


where &, is the rate constant (h™ 1) and sis the concentration of 
glucose in the fermenter (g17!). 


(a) Assuming constant density, derive an equation for the 
total mass balance. What is the expression relating volume 
and time? 

(b) Derive the differential equation for rate of change of sub- 
strate concentration. 


6.8 Plug-flow reactor 


When fluid flows through a pipe or channel with sufficiently 
large Reynolds number, it approximates plug flow. Plug flow 
means that there is no variation of axial velocity over the flow 
cross-section. When reaction occurs in a plug-flow tubular 
reactor (PFTR), as reactant is consumed its concentration 
changes down the length of the tube. 


(a) Derive the differential equation for change in reactant 
concentration with distance at steady state. 

(b) What are the boundary conditions? 

(c) Ifthe reaction is first order, solve the differential equation 
to determine an expression for concentration as a function 
of distance from the front of the tube. 

(d) How does this expression compare with that for a well- 
mixed batch reactor? 


Hint: Referring to Figure 6P8.1, consider the accumulation 
of reactant within a section of the reactor between zand z+ Az. 
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In this case, the volumetric flow rate of liquid in and out of the 
section is Au. Use the following symbols: 


A is the reactor cross-sectional area 

uz is the fluid velocity 

z is distance along the tube from the entrance 

L is the total length of the reactor 

C,; is the concentration of reactant in the feed stream 

C, is the concentration of reactant in the reactor; C, is a 
function of z 

rc is the volumetric rate of consumption of reactant. 


6.9 Boiling water 


A beaker containing 2 litres water at 18°C is placed on a labor- 
atory hot-plate. The water begins to boil in 11 min. 


(a) Neglecting evaporation, write the energy balance for the 
process. 

(b) The hot-plate delivers heat at a constant rate. Assuming that 
the heat capacity of water is constant, what is that rate? 


6.10 Heating glycerol solution 


An adiabatic stirred tank is used to heat 100 kg of a 45% gly- 
cerol solution in water. An electrical coil delivers 2.5 kW of 
power to the tank; 88% of the energy delivered by the coil goes 
into heating the vessel contents. The glycerol solution is 
initially at 15°C. 


(a) Write a differential equation for the energy balance. 

(b) Integrate the equation to obtain an expression for temper- 
ature as a function of time. 

(c) Assuming glycerol and water form an ideal solution, how 
long will the solution take to reach 90°C? 


6.11 Heating molasses 


Diluted molasses is heated in a well-stirred steel tank by satu- 
rated steam at 40 psia condensing in a jacket on the outside of 


Figure 6P8.1 Plug-flow tubular reactor (PFTR). 
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the tank. The outer walls of the jacket are insulated. 
1020 kg h~! molasses solution at 20°C enters the tank, and 
1020 kg h~! of heated molasses leaves. The rate of heat trans- 
fer from the steam through the jacket and to the molasses is 
given by the equation: 
Q =UA( Deas a Tea) 

where Q is the rate of heat transfer, U is the overall heat- 
transfer coefficient, A is the surface area for heat transfer, and 
T is the temperature. For this system the value of U is 
190 kcal m=2 ho! °C’~!; C, for the molasses solution is 
0.85 kcal kg~! °C7!. The initial mass of molasses solution in 
the tank is 5000 kg; the initial temperature is 20°C. The sur- 
face area for heat transfer between the steam and tank is 
1.5 m2. 


(a) Derive the differential equation describing the rate of 
change of temperature in the tank. 

(b) Solve the differential equation to obtain an equation relat- 
ing temperature and time. 

(c) Plot the temperature of molasses leaving the tank as a 
function of time. 

(d) What is the maximum temperature that can be achieved 
in the tank? 

(e) Estimate the time required for this system to reach steady 
state. 

(f) How long does it take for the outlet molasses temperature 
to rise from 20°C to 40°C? 


6.12 Pre-heating culture medium 


A glass fermenter used for culture of hybridoma cells contains 
nutrient medium at 15°C. The fermenter is wrapped in an 
electrical heating mantle which delivers heat at a rate of 
450 W. Before inoculation, the medium and vessel must be at 
36°C. The medium is well mixed during heating. Use the fol- 
lowing information to determine the time required for 
medium pre-heating. 


Plug-Flow Tubular Reactor 
(PFTR) 
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Glass fermenter vessel: mass= 12.75 kg; C,= 0.20 cal g™!°C™! 
Nutrient medium: mass = 7.50 kg; C, =0:92cale °C}. 


6.13 Water heater 


A tank contains 1000 kg water at 24°C. It is planned to heat 
this water using saturated steam at 130°C in a coil inside the 
tank. The rate of heat transfer from the steam is given by the 
equation: 


Q = UAT, 7 


team basse) 


where Q is the rate of heat transfer, Uis the overall heat-trans- 
fer coefficient, A is the surface area for heat transfer, and T 
is the temperature. The heat-transfer area provided by 
the coil is 0.3m; the heat-transfer coefficient is 
220 kcal m~2 h~!°C7™!. Condensate leaves the coil saturated. 


(a) The tank has a surface area of 0.9 m? exposed to the ambi- 
ent air. The tank exchanges heat through this exposed 
surface at a rate given by an equation similar to that above. 
For heat transfer to or from the surrounding air the heat- 
transfer coefficient is 25 kcal m~? h7! °C7!. If the air 
temperature is 20°C, calculate the time required to heat 
the water to 80°C. 


(b) What time is saved if the tank is insulated? 


Assume the heat capacity of water is constant, and neglect the 
heat capacity of the tank walls. 
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Fluid Flow and Mixing 


Fluid mechanics is an important area of engineering science. The nature of flow in pipes, pumps and reactors depends on the 
power input to the system and the physical characteristics of the fluid. In fermenters, fluid properties affect process energy 
requirements and the effectiveness of mixing, which can have a dramatic influence on productivity and the success of equip- 
ment scale-up. As we shall see in the following chapters, transport of heat and mass is often coupled with fluid flow. To 
understand the mechanisms of these important transport processes, we must first examine the behaviour of fluid near surfaces 
and interfaces. Fluids in bioprocessing often contain suspended solids, consist of more than one phase, and have 
non-Newtonian properties. All of these features complicate analysis of flow behaviour and present many challenges in 


bioprocess design. 


Fluid dynamics accounts for a substantial fraction of the 
chemical engineering literature. Accordingly, complete treat- 
ment of the subject is beyond the scope of this book. Here, we 
content ourselves with study of those aspects of flow behaviour 
particularly relevant to fermentation fluids. Further informa- 
tion can be found in the references at the end of the chapter. 


7.1 Classification of Fluids 


A fluid is a substance which undergoes continuous deformation 
when subjected to a shearing force. A simple shearing force is one 
which causes thin parallel plates to slide over each other, as ina 
pack of cards. Shear can also occur in other geometries; the 
effect of shear force in planar and rotational systems is illus- 
trated in Figure 7.1. Shear forces in these examples cause 
deformation, which is a change in the relative positions of parts 
of a body. A shear force must be applied to produce fluid flow. 

According to the above definition, fluids can be either gases 
or liquids. Two physical properties, viscosity and density, are 
used to classify fluids. If the density of a fluid changes with 
pressure, the fluid is compressible. Gases are generally classed as 
compressible fluids. The density of liquids is practically 
independent of pressure; liquids are incompressible fluids. 
Sometimes the distinction between compressible and incom- 
pressible fluid is not well defined; for example, a gas may be 
treated as incompressible if variations of pressure and tempera- 
ture are small. 

Fluids are also classified on the basis of viscosity. Viscosity 
is the property of fluids responsible for internal friction during 
flow. An ideal or perfect fluid is a hypothetical liquid or gas 


which is incompressible and has zero viscosity. The term invis- 
cid applies to fluids with zero viscosity. All real fluids have 
finite viscosity and are therefore called viscid or viscous fluids. 
Fluids can be classified further as Newtonian or non- 
Newtonian. This distinction is explained in detail in Sections 


7.3 and 7.5. 


Figure 7.1 Laminar deformation due to (a) planar shear 
and (b) rotational shear. (From J.R. van Wazer, J.W. Lyons, 
K.Y. Kim and RE. Colwell, 1963, Viscosity and Flow 


Measurement, Interscience, New York.) 
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7.2 Fluids in Motion 


Bioprocesses involve fluids in motion in vessels and pipes. 
General characteristics of fluid flow are described in the fol- 
lowing sections. 


7.2.1 Streamlines 


When a fluid flows through a pipe or over a solid object, the 
velocity of the fluid varies depending on position. One way of 
representing variation in velocity is streamlines, which follow 
the flow path. Constant velocity is shown by equidistant spac- 
ing of parallel streamlines as shown in Figure 7.2(a). The 
velocity profile for slow-moving fluid flowing over a sub- 
merged object is shown in Figure 7.2(b); reduced spacing 
between the streamlines indicates that the velocity at the top 
and bottom of the object is greater than at the front and back. 

Streamlines show only the net effect of fluid motion; 
although streamlines suggest smooth continuous flow, fluid 
molecules may actually be moving in an erratic fashion. The 
slower the flow the more closely the streamlines represent 
actual motion. Slow fluid flow is therefore called streamline or 
laminar flow. In fast motion, fluid particles frequently cross 
and recross the streamlines. This motion is called turbulent 
flow and is characterised by formation of eddies. 


7.2.2 Reynolds Number 


Transition from laminar to turbulent flow depends not only 
on the velocity of the fluid, but also on its viscosity and density 
and the geometry of the flow conduit. A parameter used to 
characterise fluid flow is the Reynolds number. For full flow in 
pipes with circular cross-section, Reynolds number Re is 


defined as: 


(7.1) 


where D is pipe diameter, u is average linear velocity of the 
fluid, p is fluid density, and y is fluid viscosity. For stirred ves- 
sels there is another definition of Reynolds number: 


N,Dip 
Vad 


Re, = 


1 


(7.2) 


where Re; is the impeller Reynolds number, N, is stirrer speed, 
D, is impeller diameter, p is fluid density and pis fluid viscosity. 


Figure 7.2 Streamlines for (a) constant fluid velocity; (b) 
steady flow over a submerged object. 


—— | 


(b) 


The Reynolds number is a dimensionless variable; the units 
and dimensions of the parameters in Eqs (7.1) and (7.2) cancel 
completely. 

Reynolds number is named after Osborne Reynolds, who 
published in 1883 a classical series of papers on the nature of 
flow in pipes. One of the most significant outcomes of 
Reynolds’ experiments is that there is a critical Reynolds num- 
berwhich marks the upper boundary for laminar flow in pipes. 
In smooth pipes, laminar flow is. encountered at Reynolds 
numbers less than 2100. Under normal conditions, flow is 
turbulent at Re above about 4000. Between 2100 and 4000 is 
the transition region where flow may be either laminar or tur- 
bulent depending on conditions at the entrance of the pipe 
and other variables. Flow in stirred tanks may also be laminar 
or turbulent as a function of the impeller Reynolds number. 
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The value of Re, marking the transition between these flow 
regimes depends on the geometry of the impeller and tank; for 
several commonly-used mixing systems, laminar flow is found 
at Re, = 10. 


7.2.3 Hydrodynamic Boundary Layers 


In most practical applications, fluid flow occurs in the pres- 
ence of a stationary solid surface, such as the walls of a pipe or 
tank. That part of the fluid where flow is affected by the solid is 
called the boundary layer. As an example, consider flow of fluid 
parallel to the flat plate shown in Figure 7.3. Contact between 
the moving fluid and the plate causes formation of a boundary 
layer beginning at the leading edge and developing on both 
top and bottom of the plate. Figure 7.3 shows only the upper 
stream; fluid motion below the plate will be a mirror image of 
that above. 

As indicated by the arrows in Figure 7.3(a), the bulk fluid 
velocity in front of the plate is uniform and of magnitude up. 
The extent of the boundary layer is indicated by the broken 


Figure 7.3. Fluid boundary layer for flow over a flat plate. 
(a) The boundary layer forms at the leading edge. 
(b) Compared with velocity #, in the bulk fluid, velocity in the 
boundary layer is zero at the plate surface but increases with 
distance from the plate to reach wp near the outer limit of the 
boundary layer. 


i~J 


Bulk fluid 
velocity 


Boundary layer 


Leading edge Flat plate 


tye, 


line. Above the boundary layer, fluid motion is the same as if 
the plate were not there. The boundary layer grows in thick- 
ness from the leading edge until it develops its full size. Final 
thickness of the boundary layer depends on the Reynolds 
number for bulk flow. 

When fluid flows over a stationary object, a thin film of 
fluid in contact with the surface adheres to it to prevent slip- 
page over the surface. Fluid velocity at the surface of the plate 
in Figure 7.3 is therefore zero. When part of a flowing fluid has 
been brought to rest, the flow of adjacent fluid layers is slowed 
down by the action of viscous drag. This phenomenon is illus- 
trated in Figure 7.3(b). Velocity of fluid within the boundary 
layer, u, is represented by arrows; w is zero at the surface of the 
plate. Viscous drag forces are transmitted upwards through the 
fluid from the stationary layer at the surface. The fluid layer 
just above the surface moves at a slow but finite velocity; layers 
further above move at increasing velocity as the drag forces 
associated with the stationary layer decrease. At the edge of the 
boundary layer, fluid is unaffected by the presence of the plate 
and the velocity is close to that of the bulk flow, ug. The mag- 
nitude of wat various points in the boundary layer is indicated 
in Figure 7.3(b) by the length of the arrows in the direction of 
flow. The line connecting the heads of the velocity arrows 
shows the velocity profile in the fluid. A velocity gradient, i.e. a 
change in velocity with distance from the plate, is thus estab- 
lished in a direction perpendicular to the direction of flow. 
The velocity gradient forms as the drag force resulting from 
retardation of fluid at the surface is transmitted through the 
fluid. 

Formation of boundary layers is important not only in 
determining characteristics of fluid flow, but also for transfer 
of heat and mass between phases. These topics are discussed 


further in Chapters 8 and 9. 


7.2.4 Boundary-Layer Separation 


What happens when contact is broken between a fluid and a 
solid immersed in the flow path? As an example, consider a flat 
plate aligned perpendicular to the direction of fluid flow, as 
shown in Figure 7.4. Fluid impinges on the surface of the 
plate, and forms a boundary layer as it flows either up or down 
the object. When fluid reaches the top or bottom of the plate 
its momentum prevents it from making the sharp turn around 
the edge. As a result, fluid separates from the plate and 
proceeds outwards into the bulk fluid. Directly behind the 
plate is a zone of highly decelerating fluid in which large eddies 
or vortices are formed. This zone is called the wake. Eddies in 
the wake are kept in rotational motion by the force of border- 
ing currents. 
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Figure 7.4 Flow around a flat plate aligned perpendicular to 
the direction of flow. (From W.L. McCabe and J.C. Smith, 
1976, Unit Operations of Chemical Engineering, 3rd edn, 
McGraw-Hill, Tokyo.) 


Flat plate 


Wake zone 


Boundary-layer separation such as that shown in Figure 7.4 
occurs whenever an abrupt change in either magnitude or direc- 
tion of fluid velocity is too great for the fluid to keep to a solid 
surface. It occurs in sudden contractions, expansions or bends in 
the flow channel, or when an object is placed across the flow 
path. Considerable energy is associated with the wake; this 
energy is taken from the bulk flow. Formation of wakes should 
be minimised if large pressure losses in the fluid are to be avoided; 
however, for some purposes such as promotion of mixing and 
heat transfer, boundary-layer separation may be desirable. 


7.3 Viscosity 


Viscosity is the most important property affecting flow behavi- 
our of a fluid; viscosity is related to the fluid’s resistance to 
motion. Viscosity has a marked effect on pumping, mixing, 
mass transfer, heat transfer and aeration of fluids; these in turn 
exert a major influence on bioprocess design and economics. 
Viscosity of fermentation fluids is affected by the presence of 
cells, substrates, products and air. 

Viscosity is an important aspect of rheology, the science of 
deformation and flow. Viscosity is determined by relating the 
velocity gradient in fluids to the shear force causing flow to 
occur. This relationship can be explained by considering the 
development of laminar flow between parallel plates, as shown 
in Figure 7.5. The plates are a relatively short distance apart 
and, initially, the fluid between them is stationary. The lower 
plate is then moved steadily to the right with shear force F, 
while the upper plate remains fixed. 

A thin film of fluid adheres to the surface of each plate. 
Therefore as the lower plate moves, fluid moves with it, while 
at the surface of the stationary plate the fluid velocity is zero. 
Due to viscous drag, fluid just above the moving plate is set 


Figure 7.5 Velocity profile for Couette flow between 
parallel plates. 


Stationary plate 


Moving plate 


into motion, but with reduced speed. Layers further above also 
move; however, as we get closer to the top plate, the fluid is 
affected by viscous drag from the stationary film attached to 
the upper plate surface. As a consequence, fluid velocity 
between the plates decreases from that of the moving plate at 
y= 0, to zero at y= D. The velocity at different levels between 
the plates is indicated in Figure 7.5 by the arrows marked v. 
Laminar flow due to a moving surface as shown in Figure 7.5 is 
called Couette flow. 

When steady Couette flow is attained in simple fluids, the 
velocity profile is as indicated in Figure 7.5; the slope of the 
line connecting all the velocity arrows is constant and propor- 
tional to the shear force F responsible for motion of the plate. 
The slope of the line connecting the velocity arrows is the 
velocity gradient, dufdy, When the magnitude of the velocity 


gradient is directly proportional to F, we can write: 


dv 
—«xF 


dy 
(7.3) 


If we define Tas the shear stress, equal to the shear force per unit 
area of plate: 


= F 
A 
(7.4) 
it follows from Eq. (7.3) that: 
Pp dv 
fo ee 
dy 
(7.5) 
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This proportionality is represented by the equation: 


(7.6) 


where y is the proportionality constant. Eq. (7.6) is called 
Newton’s law of viscosity, and pis the viscosity. The minus sign 
is necessary in Eq. (7.6) because the velocity gradient is always 
negative if the direction of F and therefore 1, is considered 
positive. —dy dy is called the shear rate, and is usually denoted 
by the symbol 7. 

Viscosity as defined in Eq. (7.6) is sometimes called dynamic 
viscosity. As T has dimensions L>!MT~? and y has dimen- 
sions T~!, # must therefore have dimensions L>'!MT~!. The 
SI unit of viscosity is the Pascal second (Pa s), which is equal to 
1Ns m“or1kgm7!s7!. Other units include centipoise, 
cP. Direct conversion factors for viscosity units are given in 
Table A.9 in Appendix A. The viscosity of water at 20°C is 
approximately 1 cP or 1073 Pa s. A modified form of viscosity 
is the kinematic viscosity, defined as ¥/p where p is fluid den- 
sity; kinematic viscosity is usually given the symbol v. 

Fluids which obey Eq. (7.6) with constant # are known as 
Newtonian fluids. The flow curve or rheogram for a Newtonian 
fluid is shown in Figure 7.6; the slope of a plot of T versus y is 
constant and equal to y. The viscosity of Newtonian fluids 
remains constant despite changes in shear stress (force applied) 
or shear rate (velocity gradient). This does not imply that the 
viscosity is invariant; viscosity depends on many parameters 
such as temperature, pressure and fluid composition. 
However, under a given set of these conditions, viscosity of 
Newtonian fluids is independent of shear stress and shear rate. 
On the other hand, the ratio between shear stress and shear 
rate is not constant for non-Newtonian fluids, but depends on 
the shear force exerted on the fluid. Accordingly, yin Eq. (7.6) 
is not a constant, and the velocity profile during Couette flow 
is not as simple as that shown in Figure 7.5. 


7.4 Momentum Transfer 


Viscous drag forces responsible for the velocity gradient in 
Figure 7.5 are the instrument of momentum transfer in fluids. 
At y = 0 the fluid acquires momentum in the «direction due 
to motion of the lower plate. This fluid imparts some of its 
momentum to the adjacent layer of fluid above the plate, caus- 
ing it also to move in the x-direction. Momentum in the 
x-direction is thus transmitted through the fluid in the » 
direction. 

Momentum transfer in fluids is represented by Eq. (7.6). 


Figure 7.6 Flow curve for a Newtonian fluid. 


To interpret this equation in terms of momentum transfer, 
shear stress Tis considered as the flux of x-momentum in the » 
direction. The validity of this definition can be verified by 
checking the dimensions of momentum flux and shear stress. 

Momentum is given by the expression Mv where M is mass 
and v is velocity; momentum has dimensions LMT~!. Flux 
means rate per unit area; therefore momentum flux has dimen- 
sions L- 'MT~?, which are also the dimensions of T. So with T 
representing momentum flux, according to Eq. (7.6), flux of 
momentum is directly proportional to the velocity gradient 
doyqy, The negative sign in Eq. (7.6) means that momentum is 
transferred from regions of high velocity to regions of low 
velocity, i.e. in a direction opposite to the direction of increas- 
ing velocity. The magnitude of the velocity gradient dog, 
determines the magnitude of the momentum flux; dujgy thus 
acts as the ‘driving force’ for momentum transfer. 

Interpretation of fluid flow as momentum transfer perpen- 
dicular to the direction of flow may seem peculiar at first. The 
reason it is mentioned here is that there are many parallels 
between momentum transfer, heat transfer and mass transfer 
in terms of mechanism and equations. The analogy between 
these physical processes will be discussed further in Chapters 8 
and 9. 


7.5 Non-Newtonian Fluids 


Most slurries, suspensions and dispersions are non- 
Newtonian, as are homogeneous solutions of long-chain 
polymers and other large molecules. Many fermentation 
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processes involve materials which exhibit non-Newtonian 
behaviour, such as starches, extracellular polysaccharides, and 
culture broths containing cell suspensions or pellets. Examples 
of non-Newtonian fluids are listed in Table 7.1. 

Classification of non-Newtonian fluids depends on the 
relationship between the shear stress imposed on the fluid and 
the shear rate developed. Common types of non-Newtonian 
fluid include pseudoplastic, dilatant, Bingham plastic and 
Casson plastic; flow curves for these materials are shown in 
Figure 7.7. In each case, the ratio between shear stress and 
shear rate is not constant; nevertheless, this ratio for non- 
Newtonian fluids is often called the apparent viscosity, p,. 
Apparent viscosity is not a physical property of the fluid in the 
same way as Newtonian viscosity; it is dependent on the shear 
force exerted on the fluid. It is therefore meaningless to specify 
the apparent viscosity of a non-Newtonian fluid without 
noting the shear stress or shear rate at which it was measured. 


7.5.1 Two-Parameter Models 


Pseudoplastic and dilatant fluids obey the Ostwald—de Waele 
or power law: 


t= Ky” 
(7.7) 


where Tis shear stress, K is the consistency index, y is shear rate, 


Table 7.1 Common non-Newronian fluids 


and nis the flow behaviour index. The parameters Kand nchar- 
acterise the rheology of power-law fluids. The flow behaviour 
index 7 is dimensionless; the dimensions of K, L~'MT*72, 
depend on x. As indicated in Figure 7.7, when n< 1 the fluid 
exhibits pseudoplastic behaviour; when n> 1 the fluid is dila- 
tant. 2 = 1 corresponds to Newtonian behaviour. For 
power-law fluids, apparent viscosity yz, is expressed as: 


(7.8) 


For pseudoplastic fluids » < 1 and the apparent viscosity 
decreases with increasing shear rate; these fluids are said to 
exhibit shear thinning. On the other hand, apparent viscosity 
increases with shear rate for dilatant or shear thickening fluids. 

Also included in Figure 7.7 are flow curves for plastic flow. 
Some fluids do not produce motion until some finite yield 
stress has been applied. For Bingham plastic fluids: 


T= %]+K,y 
(7.9) 


where Ty is the yield stress. Once the yield stress is exceeded 
and flow initiated, Bingham plastics behave like Newtonian 
fluids; a constant ratio K, exists between change in shear stress 


(Adapted from B. Atkinson and F. Mavituna, 1991, Biochemical Engineering and Biotechnology Handbook, 2nd edn, 


Macmillan, Basingstoke) 


Fluid type 


Examples 


Newtonian 


All gases, water, dispersions of gas in water, low-molecular-weight liquids, aqueous 


solutions of low-molecular-weight compounds 


Non-Newtonian 
Pseudoplastic 


Rubber solutions, adhesives, polymer solutions, some greases, starch suspensions, 


cellulose acetate, mayonnaise, some soap and detergent slurries, some paper pulps, paints, 


wallpaper paste, biological fluids 


Dilatant 


Some cornflour and sugar solutions, starch, quicksand, wet beach sand, iron powder 


dispersed in low-viscosity liquids, wet cement aggregates 


Bingham plastic 


Some plastic melts, margarine, cooking fats, some greases, toothpaste, some soap and 


detergent slurries, some paper pulps 


Casson plastic 


Blood, tomato sauce, orange juice, melted chocolate, printing ink 
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Figure 7.7 Classification of fluids according to their rheological behaviour. (From B. Atkinson and F. Mavituna, 1991, 
Biochemical Engineering and Biotechnology Handbook, 2nd edn, Macmillan, Basingstoke.) 
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Equation Apparent viscosity 
Ha 


Constant. 
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Decreases with 
increasing shear 
qi2= qe K,y'2 rate when yield 
stress Tp is 
exceeded. 


a= [Gem 


and change in shear rate. Another common plastic behaviour 7.5.2 Time-Dependent Viscosity 
is described by the Casson equation: 


V2 = 71/2 1/2 
TN = Tp + Ky : 


When a shear force is exerted on some fluids, the apparent vis- 
cosity either increases or decreases with duration of the force. 


(7.10) If apparent viscosity increases with time, the fluid is said to be 


rheopectic; theopectic fluids are relatively rare in occurrence. If 


Once the yield stress is exceeded, the behaviour of Casson apparent viscosity decreases with time the fluid is thixotropic. 
fluids is pseudoplastic. Several other equations describing Thixotropic behaviour is not uncommon in cultures contain- 


non-Newtonian flow have also been developed [1]. 


ing fungal mycelia or extracellular microbial polysaccharides, 
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and appears to be related to reversible ‘structure’ effects associ- 
ated with the orientation of cells and macromolecules in the 
fluid. Rheological properties vary during application of the 
shear force because it takes time for equilibrium to be estab- 
lished between structure breakdown and re-development. 


7.5.3 Viscoelasticity 


Viscoelastic fluids, such as some polymer solutions, exhibit an 
elastic response to changes in shear stress. When shear forces are 
removed from a moving viscoelastic fluid, the direction of flow 
may be reversed due to elastic forces developed during flow. 
Most viscoelastic fluids are also pseudoplastic and may exhibit 
other rheological characteristics such as yield stress. Mathe- 
matical analysis of viscoelasticity is therefore quite complex. 


7.6 Viscosity Measurement 


Many different instruments or viscometers are available for 
measurement of rheological properties. Space does not permit a 
detailed discussion of viscosity measurement in this text; 
further information can be found elsewhere [1-5]. Specifi- 
cations for commercial viscometers are also available (2, 3, 6]. 
The objective of any viscosity measurement system is to 
create a controlled flow situation where easily measured 
parameters can be related to the shear stress Tand shear rate y . 
Usually the fluid is set in rotational motion and the parameters 
measured are torque M and angular velocity 2. These quan- 
tities are used to calculate tand using approximate formulae 
which depend on the geometry of the apparatus. Once 
obtained, t and y are applied for evaluation of viscosity in 
Newtonian fluids, or viscosity parameters such as K, n, and Ty 
for non-Newtonian fluids. Equations for particular viscometers 
can be found in other texts (2, 3, 6]. Most modern viscometers 
use microprocessors to provide automatic read-out of 
parameters such as shear stress, shear rate and apparent viscosity. 
Three types of viscometer commonly used in bioprocessing 
applications are the cone-and-plate viscometer, the coaxial- 
cylinder rotary viscometer, and the impeller viscometer. 


7.6.1 Cone-and-Plate Viscometer 


The cone-and-plate viscometer consists of a flat horizontal 
plate and an inverted cone, the apex of which is near contact 
with the plate as shown in Figure 7.8. The angle @ between the 
plate and cone is very small, usually less than 3°, and the fluid to 
be measured is located in this small gap. Large cone angles are 
not used for routine work for a variety of reasons, the most 
important being that analysis of the results for non-Newtonian 
fluids would be complex or impossible. The cone is rotated in 
the fluid, and the angular velocity and torque M measured. It 


Figure 7.8 Cone-and-plate viscometer. 


Rotating cone 


Stationary plate 


is generally assumed that the fluid undergoes streamline flow in 
concentric circles about the axis of rotation of the cone. This 
assumption is not always valid; however for @¢ less than about 
3°, the error is small. Temperature can be controlled by circu- 
lating water from a constant-temperature bath beneath the 
plate; this is effective provided the speed of rotation is not too 
high. Limitations of the cone-and-plate method for measure- 
ment of flow properties, including corrections for edge and 
temperature effects and turbulence, are discussed elsewhere [3]. 


7.6.2 Coaxial-Cylinder Rotary Viscometer 


The coaxial-cylinder viscometer is a popular rotational device 
for measuring rheological properties. A typical coaxial- 
cylinder instrument is shown in Figure 7.9. This device is 
designed to shear fluid located in the annulus between two 


Figure 7.9 Coaxial-cylinder viscometer. 
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concentric cylinders, one of which is held stationary while the 
other rotates. A cylindrical bob of radius R; is suspended in 
sample fluid held in a stationary cylindrical cup of radius R,. 
Liquid covers the bob to a height 4 from the bottom of the 
outer cup. As the inner cylinder rotates, the angular velocity 2 
and torque Mare measured. In some designs the outer cylinder 
rather than the inner bob rotates; in any case the motion is 
relative with magnitude Q. 

Coaxial-cylinder viscometers are used with Newtonian or 
non-Newtonian fluids. When flow is non-Newtonian, shear 
rate is not related simply to rotational speed and geometric fac- 
tors and the calculations can be somewhat complicated. 
Limitations of the coaxial-cylinder method, including correc- 
tions for end effects, slippage, temperature variation and 
turbulence, are discussed elsewhere [2, 3, 6]. 


7.6.3 Impeller Viscometer 


Because of difficulties (discussed in Section 7.6.4) associated 
with standard rotational viscometers, modified apparatus 
employing turbine and other impellers have been developed 
for rheological study of fermentation fluids [7, 8]. Instead of 
the rotating inner cylinder of Figure 7.9, a small impeller on a 
stirring shaft is used to shear the fluid sample. As the impeller 
rotates slowly in the fluid, accurate measurements of torque M 
and rotational speed N, are made. For a turbine impeller under 
laminar-flow conditions, the following relationships apply [8]: 


y =kN, 
(7.11) 
and 
cs 2nMk 
~ 64D3 
(7.12) 


where D, is the impeller diameter and & is a constant which 
depends on the geometry of the impeller (see Section 7.13). 
The relationship of Eq. (7.11) is experimentally derived; for 
turbine impellers & is approximately 10. The exact value of & 
for a particular apparatus is evaluated using liquid with a 
known viscosity—shear rate relationship. 

Because Eqs (7.11) and (7.12) are valid only for laminar 
flow, viscosity measurements using the impeller method must 
be carried out under laminar flow conditions. Accordingly, ifa 
turbine impeller is used, Re, should not be greater than about 
10. As Re, is directly proportional to N, which, from Eg. 
(7.11), determines the value of y , the necessity for laminar flow 
limits the range of shear rates that may be investigated. This 
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range can be extended if anchor or helical agitators are used 
instead of the conventional disc turbine (see Figure 7.15 for 
illustrations of these impellers), Laminar flow is maintained at 
higher Re, with anchor and helical impellers; the value of & in 
Eq. (7.11) is also greater so that higher shear rates can be tested. 
As Eq. (7.12) is valid only for turbine impellers, the relation- 
ship between t and M must be modified if alternative impellers 
are used. Application of anchor and helical impellers for viscos- 
ity measurement is described in the literature [9, 10]. 

Because the flow patterns in stirred fluids are relatively 
complex, analysis of data from impeller viscometers is not 
absolutely rigorous from a rheological point of view. However, 
the procedure is based on well-proven and widely-accepted 
empirical correlations and is considered the most reliable tech- 
nique for mycelial broths. As discussed below, the method 
eliminates many of the operating problems associated with 
conventional viscometers for study of fermentation fluids. 


7.6.4 Use of Viscometers With Fermentation 
Broths 


Measurement of rheological properties is difficult when the 
fluid contains suspended solids such as cells. Viscosity of fer- 
mentation broths often appears time-dependent due to 
artifacts associated with the measuring device. With viscome- 
ters such as the cone-and-plate and coaxial cylinder, the 
following problems can arise: 


(i) the suspension is effectively centrifuged in the viscometer 
so that a region with lower cell density is formed near the 
rotating surface; 

(ii) solids settle out of suspension during measurement; 

(iii) large particles about the same size as the gap in the coaxial 

viscometer, or about the same size as the cone angle in the 

cone-and-plate, interfere with accurate measurement; 
the measurement will depend somewhat on the orienta- 
tion of particles in the flow field; 

(v) some types of particle will begin to flocculate or de- 
flocculate when the shear field is applied; and 

(vi) particles can be destroyed during measurement. 


(iv) 


The first problem is particularly troublesome because it is hard 
to detect and can give viscosity results which are too small by a 
factor of up to 100. For suspensions containing solids, the 
impeller method offers significant advantages compared with 
other measurement procedures. Stirring by the impeller pre- 
vents sedimentation, promotes uniform distribution of solids 
through the fluid, and reduces time-dependent changes in sus- 
pension composition. The method has proved very useful for 
rheological measurements on microbial suspensions [5]. 
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Table 7.2 Rheological properties of microbial and plant-cell suspensions 


(Adapted from M. Charles, 1978, Technical aspects of the rheological properties of microbial cultures. Adv. Biochem. Eng. 8, 


1-62) 


Culture Shear rate Viscometer Comments Reference 
(s~') 

Saccharomyces cerevisiae 2-100 rotating spindle Newtonian below [11] 
(pressed cake diluted 10% solids (4 < 4-5 cP); 
with water) pseudoplastic above 

10% solids 
Aspergillus niger 0-21.6 rotating spindle pseudoplastic {12] 
(washed cells in buffer) (guard removed) 
Penicillium chrysogenum 1-15 turbine impeller Casson plastic [8] 
(whole broth) 
Penicillium chrysogenum not given coaxial cylinder Bingham plastic {13] 
(whole broth) 
Penicillium chrysogenum not given coaxial cylinder pseudoplastic; K [14] 
(whole broth) and vary with 

CO, content of 

inlet gas 
Endomyces sp. not given coaxial cylinder pseudoplastic; Kand [15] 
(whole broth) nvaty over course 

of batch culture 
Streptomyces noursei 4-28 rotating spindle Newtonian in [16] 
(whole broth) (guard removed) batch culture; 

viscosity 40 cP 

after 96h 
Streptomyces aureofaciens 2-58 rotating spindle/ initially Bingham {17] 
(whole broth) coaxial cylinder plastic due to high 

starch concentration 

in medium; changes 

to Newtonian as 

starch is broken 

down; increasingly 

pseudoplastic as 

mycelium concentration 

increases 
Aureobasidium pullulans 10.2-1020 coaxial cylinder Newtonian at the [18] 
(whole broth) beginning of culture; 

increasingly pseudoplastic 

as concentration of product 

(exopolysaccharide) increases 
Xanthomonas campestris 0.0035-100 cone-and-plate pseudoplastic; K [4] 


increases continually; 
nievels off when 
xanthan concentration 
reaches 0.5%; cell mass 
(max 0.6%) has relatively 
little effect on viscosity 
contd. 
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Culture Shear rate Viscometer Comments Reference 
(s~) 

Cellulomonas uda 0.8—100 anchor impeller shredded newspaper [10] 
(whole broth) used as substrate; 

broth pseudoplastic 

with constant 7 until 

end of cellulose 

degradation; Newtonian 

thereafter 
Nicotiana tabacum not given rotating spindle pseudoplastic [19] 
(whole broth) 
Datura stramonium 0-1000 rotating spindle/ pseudoplastic [20] 
(whole broth) parallel-plate and viscoelastic, 

with yield stress 


7.7 Rheological Properties of Fermentation 
Broths 


Rheological data have been reported for a range of fermentation 
fluids. This information has been obtained. using various vis- 
cometers and measurement techniques; however, operating 
problems such as particle settling and broth centrifugation have 
been ignored in many cases. Most mycelial suspensions have 
been modelled as pseudoplastic fluids or, if there is a yield stress, 
Bingham or Casson plastic. On the other hand, the rheology of 
dilute broths and cultures of yeast and non-chain-forming bac- 
teria is usually Newtonian. Rheological properties of some 
microbial and plant-cell suspensions are listed in Table 7.2. In 
most cases, the results are valid over only a limited range of shear 
conditions which is largely dictated by the choice of viscometer. 
When the fermentation produces extracellular polymers such as 
in microbial production of pullulan and xanthan, the rheo- 
logical characteristics of the broth depend strongly on the prop- 
erties and concentration of these materials. 


7.8 Factors Affecting Broth Viscosity 


The rheology of fermentation broths often changes through- 
out batch culture. For broths obeying the power law, the flow 
behaviour index 7 and consistency index K can vary substan- 
tially depending on culture time. As an example, Figure 7.10 
shows changes in 2 and K during batch culture of Endomyces 
[15]; the culture starts off Newtonian (7 = 1) but quickly 
becomes pseudoplastic (7 < 1). K rises steadily throughout 
most of the batch period; this gives a direct indication of the 
increase in apparent viscosity since, as indicated in Eq. (7.8), 
#, is directly proportional to K. 

Changes in rheology of fermentation broths are caused by 
variation of one or more of the following properties: 


Figure 7.10 Variation of rheological parameters in 
Endomyces fermentation. (From H. Taguchi and S. 
Miyamoto, 1966, Power requirement in non-Newtonian 
fermentation broth. Biotechnol. Bioeng. 8, 43-54.) 
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cell concentration; 

cell morphology, including size, shape and mass; 
flexibility and deformability of cells; 

(iv) osmotic pressure of the suspending fluid; 

(v) concentration of polymeric substrate; 

(vi) concentration of polymeric product; and. 

(vii) rate of shear. 


(i) 
(ii) 
(iii) 


Some of these parameters are considered below. 


7.8.1 Cell Concentration 


The viscosity of a suspension of spheres in Newtonian liquid 
can be predicted using the Vand equation: 


_ 2 
p= (1 +2.5y +7.25y*) (7.13) 
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where yt, is the viscosity of the suspending liquid and wis the 
volume fraction of solids. Eq. (7.13) has been found to hold 
for yeast and spore suspensions up to 14 vol% solids [21]. 
Many other cell suspensions do not obey Eq. (7.13); cell con- 
centration can have a much stronger influence on rheological 
properties than is predicted by the Vand equation. As an 
example, Figure 7.11 shows how cell concentration affects the 
apparent viscosity of various pseudoplastic plant-cell suspen- 
sions [22]; a doubling in cell concentration causes the 
apparent viscosity to increase by a factor of up to 90. Similar 
results have been found for mould pellets in liquid culture 
{23]. When viscosity is so strongly dependent on cell concen- 
tration, a steep drop in viscosity can be achieved by diluting 
the broth with water or medium. Periodic removal of part of 
the culture and refilling with fresh medium reduces the vis- 
cosity and improves fluid flow in viscous fermentations. 


7.8.2 Cell Morphology 


Morphological characteristics exert a profound influence on 
broth rheology. Disperse filamentous growth produces ‘struc- 
ture’ in the broth, resulting in pseudoplasticity, yield-stress 
behaviour, or both. On the other hand, broths containing pel- 
leted cells tends to be more Newtonian, depending on how 


Figure 7.11 Relationship between apparent viscosity and cell 
concentration for plant-cell suspensions forming aggregates of 
various size. (©) Cudrania tricuspidata 44-149 um; (@) C. tri- 
cuspidata 149-297 jm; (2) Vinca rosea 44-149 jm; (@) V. 
rosea 149-297 tm; (A) Nicotiana tabacum 150-800 pm. 
(From H. Tanaka, 1982, Oxygen transfer in broths of plant 
cells at high density. Biotechnol. Bioeng. 24, 425-442.) 
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readily the pellets are deformed during flow. The extent of 
branching of hyphal cells can also affect rheology; cells with a 
high branching frequency are generally less flexible than non- 
branching cells and produce higher viscosities. 

Sample rheological data for pseudoplastic mycelial broths 
are shown in Figure 7.12 [9]. Pelleted mycelia are more closely 
Newtonian in behaviour than filamentous cells; the flow beha- 
viour index 7 for pellets is closer to unity. As indicated in 
Figure 7.12(b), the consistency index, and therefore the appar- 
ent viscosity, can differ by several orders of magnitude 


depending on cell morphology. 


7.8.3 Osmotic Pressure 


Osmotic pressure of the culture medium affects cell turgor 
pressure. This in turn affects the hyphal flexibility of filamen- 
tous cells; increased osmotic pressure gives a lower turgor 
pressure making the hyphae more flexible. Improved hyphal 
flexibility reduces broth viscosity, and can also have a marked 
effect on yield stress. 


7.8.4 Product and Substrate Concentrations 


When the product of fermentation is a polymer, continued 
excretion in batch culture raises the broth viscosity. For 
example, during production of exopolysaccharide by 
Aureobasidium pullulans, apparent viscosity measured at a 
shear rate of 1 s~! can reach as high as 24 000 cP [18]. Cell 
concentration usually has a negligible effect on overall viscos- 
ity in these fermentations; the rheological properties of the 
fluid are dominated by the dissolved polymer. Other products 
having a similar effect on culture rheology include dextran, 
alginate and xanthan gum. 

In contrast, when the fermentation medium contains poly- 
meric substrate such as starch, apparent viscosity will decrease 
as the fermentation progresses and the polymer is broken 
down. There could also be a progressive change from 
non-Newtonian to Newtonian behaviour. In mycelial fermen- 
tations this change is usually short lived; as the cells grow and 
develop a structured filamentous network, the broth becomes 
increasingly pseudoplastic and viscous. 


7.9 Mixing 


Mixing is a physical operation which reduces non- 
uniformities in fluid by eliminating gradients of concen- 
tration, temperature and other properties. Mixing is accom- 
plished by interchanging material between different locations 
to produce a mingling of components. If a system is perfectly 
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Figure 7.12 Effect of morphology on the rheology of mycelial broths. (From J.H. Kim, J.M. Lebeault and M. Reuss, 1983, 
Comparative study on rheological properties of mycelial broth in filamentous and pelleted forms. Eur. J. Appl. Microbiol. 


Biotechnol. 18, 11-16.) 
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mixed, there is a random homogeneous distribution of system 
properties. Mixing involves: 


(i) blending soluble components of the medium such as 
sugars; 

(ii) dispersing gases such as air through the liquid in the form 

of small bubbles; 

maintaining suspension of solid particles such as cells; 

where necessary, dispersing immiscible liquids to form an 

emulsion or suspension of fine drops; and 

(v) promoting heat transfer to or from the liquid. 


(iti) 
iv) 


Mixing is one of the most important operations in bioprocess- 
ing. To create the optimal environment for fermentation, 
bioreactors must provide the cells access to all substrates, 
including oxygen in aerobic culture. It is not enough to just fill 
the fermenter with nutrient-rich medium; unless the culture is 
mixed, zones of nutrient depletion will develop as the cells 
rapidly consume the materials they need. This problem is 
heightened if mixing does not maintain a uniform suspension 
of biomass; substrate concentrations can quickly drop to zero 
in areas where cells settle out of suspension. Another import- 
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ant function of mixing is heat transfer. Bioreactors must be 
capable of transferring heat to or from the broth rapidly 
enough so that the desired temperature is maintained. Cooling 
water is used to take up excess heat from fermentations; the 
rate of heat transfer from the broth through the walls of the 
vessel to the cooling water depends on mixing conditions in 
the vessel. The effectiveness of mixing depends in turn on the 
theological properties of the culture fluid. 

Mixing can be achieved in many different ways. In this 
chapter we will concentrate on the most common mixing 
technique in bioprocessing: mechanical agitation using an 


impeller. 


7.9.1 Mixing Equipment 


Mixing is usually carried out in a stirred tank, such as that 
shown in Figure 7.13. Stirred tanks are usually cylindrical in 
shape. If possible, the base of the tank is rounded at the edges 
rather than angled; this eliminates sharp corners and pockets 
into which fluid currents may not penetrate and discourages 
formation of stagnant regions. Mixing is achieved using an 
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impeller mounted in the tank; for use with Newtonian fluids, 
the ratio of tank diameter to impeller diameter is normally 
about 3:1. The impeller is usually positioned overhead on a 
centrally-located stirrer shaft. Sometimes, stirrer shafts are 
designed to enter at the bottom of the vessel; the disadvantage 
of this arrangement is that leaks can develop if the seal between 
the shaft and the tank floor is not perfect. The stirrer shaft is 
driven rapidly by the stirrer motor; the effect of the rotating 
impeller is to pump the liquid and create a regular flow pattern. 
Liquid is forced away from the impeller, circulates through the 
vessel, and periodically returns to the impeller region. For effi- 
cient mixing with a single impeller, the depth of liquid in the 
tank should be no more than 1.0—1.25 times the tank diameter. 

Baffles, which are vertical strips of metal mounted against 
the wall of the tank, are installed to reduce vortexing and swirl- 
ing of the liquid. Baffles are attached to the tank by means of 
welded brackets; four equally-spaced baffles are usually suffi- 
cient to prevent vortex formation. The optimum baffle width 
depends on the impeller design and fluid viscosity but is of the 
order '/;9—!/;3 the tank diameter. For low-viscosity liquids, 
baffles are usually attached perpendicular to the wall as illus- 
trated in Figure 7.14(a). Alternatively, as shown in Figures 
7.14(b) and (c), baffles can be mounted away from the wall 
with a clearance of about !/<9 the tank diameter, or set at an 
angle. These arrangements prevent sedimentation and devel- 
opment of stagnant zones at the inner edge of the baffle during 
mixing of viscous cell suspensions. 

Many impeller designs are available for mixing applica- 
tions; a smal] selection is illustrated in Figure 7.15. Further 
details and descriptions of impellers can be found elsewhere 
[24, 25]. Some impellers have flat blades; in others such as the 


Figure 7.13 Typical configuration of a stirred tank. 


Strrer shaft 


Baffle 


Impeller 


propeller and helical screw, the slope of the individual blades 
varies continuously. Specification of the pitch of a propeller 
blade refers to its properties as a segment of a screw; pitch is the 
advance per revolution. Choice of impeller depends on several 
factors, including viscosity of the liquid to be mixed and sensi- 
tivity of the system to mechanical shear. The recommended 
viscosity ranges for a number of common impellers are indi- 
cated in Figure 7.16. For low-to-medium-viscosity liquids, 
propellers and flat-blade turbines are recommended. The most 
frequently-used impeller in the fermentation industry is the 6- 
flat-blade disc-mounted turbine shown in Figure 7.15; this 
impeller is also known as the Rushton turbine. 


Figure 7.14 Baffle arrangements. (a) Baffles attached to the 
wall for low-viscosity liquids. (b) BafHles set away from the 
wall for moderate-viscosity liquids. (c) Baffles set away from 
the wall and at an angle for high-viscosity liquids. (From F.A. 
Holland and F.S. Chapman, 1966, Liguid Mixing and 
Processing in Stirred Tanks, Reinhold, New York.) 
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Figure 7.15 


Impeller designs. 
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Figure 7.16 Viscosity ranges for different impellers. (From 
F.A. Holland and F.S. Chapman, 1966, Liquid Mixing and 
Processing in Stirred Tanks, Reinhold, New York.) 
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7.9.2 Flow Patterns in Agitated Tanks 


The flow pattern in an agitated tank depends on the impeller 
design, the properties of the fluid, and the size and geometric 
proportions of the vessel, baffles and agitator. 

Although most stirrers are rotational in action, simple cir- 
cular flow of liquid around the shaft such as that illustrated in 
Figure 7.17(a) is generally disadvantageous and should be 
avoided. In circular flow, liquid moves in a streamline fashion 
and there is little mixing between fluid at different heights in 
the tank. Circular flow also leads to vortex development as 
shown in Figure 7.17(b). At high impeller speeds, the vortex 
may reach down to the impeller so that gas from the surround- 
ing atmosphere is drawn into the liquid; this is generally 
undesirable as it produces very high mechanical stresses in the 
stirrer shaft, bearings and seal. Prevention of circular flow has a 
high priority in design of mixing systems, and is usually 
achieved by installing baffles which interrupt the circular low 
pattern and create turbulence in the fluid. 

As well as circular flow, motion of fluid occurs in the radial 
direction (i.e. from the stirrer out to the sides of the tank and 
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back again) and in the axial direction (i.e. up and down the 
height of the tank). Axial and radial flows are generated at the 
impeller, and it is these components of fluid motion which are 
primarily responsible for bulk mixing. Impellers are broadly 
classified as axial flow or radial flow depending on the direc- 
tion of liquid leaving the impeller; some impellers have both 
axial- and radial-flow characteristics. 


7.9.2.1 Radial-flow impellers 


Radial-flow impellers have blades which are parallel to the ver- 
tical axis of the stirrer shaft and tank; the six-flat-blade disc 
turbine of Figure 7.15 is an example. The flow pattern set up by 
high-speed rotation of a radial-flow impeller is illustrated in 


Figure 7.17 (a) Circular flow in an unbaffled stirred tank 
viewed from above. (b) Vortex formation during circular flow. 
(From J.H. Rushton, E.W. Costich and H.]J. Everett, 1950, 
Power characteristics of mixing impellers: Part I. Chem. Eng. 
Prog. 46, 395-404.) 
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Figure 7.18. Liquid is driven radially from the impeller against 
the walls of the tank where it divides into two streams, one 
flowing up to the top of the tank and the other flowing down to 
the bottom. These streams eventually reach the central axis of 
the tank and are drawn back to the impeller. Radial-flow impel- 
lers also set up circular flow which must be reduced by baffles. 


7.9.2.2 Axial-flow impellers 


In general, axial-flow impellers have blades which make an angle 
of less than 90° to the plane of rotation and promote axial top- 
to-bottom motion. Propellers are axial-flow devices, as are 
pitched-blade turbines such as that shown in Figure 7.19. The 
flow pattern set up by a typical axial-flow impeller is illustrated 
in Figure 7.20. Fluid leaving the impeller is driven downwards 
until it is deflected from the floor of the vessel. It then spreads 
out over the floor and flows up along the wall before being 
drawn back to the impeller. Axial-flow impellers are particularly 
useful when strong vertical currents are required. For example, if 
the fluid contains solids, a strong axial flow of liquid leaving the 
impeller will discourage settling at the bottom of the tank. 


7.9.3. Mechanism of Mixing 


As illustrated in Figures 7.18 and 7.20, large liquid-circulation 
loops develop in stirred vessels. For mixing to be effective, 
fluid circulated by the impeller must sweep the entire vessel in 
a reasonable time. In addition, the velocity of fluid leaving the 
impeller must be sufficient to carry material into the most 
remote parts of the tank. Turbulence must also be developed 
in the fluid; mixing is certain to be poor unless flow in the tank 
is turbulent. All these factors are important in mixing, which 
can be described as a combination of three physical processes: 
(i) distribution; 

(ii) dispersion; and 

(iii) diffusion. 

Distribution is sometimes called macromixing, diffusion is also 
called micromixing. Dispersion can be classified as either micro- 
or macromixing depending on the scale of fluid motion. 

The pattern of bulk fluid flow in a vessel stirred by a radial- 
flow impeller is shown in detail in Figure 7.21. Near the 
impeller there is a region of high turbulence where fluid cur- 
rents converge and exchange material. Away from the impeller, 
flow is slower and largely streamline; mixing in these regions is 
much less intense than near the impeller. The contents of the 
vessel are recirculated through the mixing zone in a very regular 
manner due to the periodic pumping action of the impeller. 

Let us consider what happens when a small amount of 
liquid dye is dropped onto the top of the fluid in Figure 7.21, 
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Figure 7.18 Flow pattern produced by a radial-flow impeller in a baffled tank. (a) side view; (b) bottom view. (From J.H. 
Rushton, E.W. Costich and HJ. Everett, 1950, Power characteristics of mixing impellers. Part I. Chem. Eng. Prog. 46, 395-404.) 


Side view Bottom view 


(a) (b) 


First, the dye is swept by circulating currents down to the 
impeller. At the impeller there is vigorous and turbulent 
motion of fluid; the dye is mechanically dispersed into smaller 
volumes and distributed between the large circulation loops. 
These smaller parcels of dye are then carried around the tank, 
dispersing all the while into those parts of the system not yet 
containing dye. Returning again to the impeller, the dye ali- 
quots are broken up into even smaller volumes for further 
distribution. After a time, dye is homogeneously distributed 
throughout the tank with uniform concentration. 

The process whereby dye is transported to all regions of the 
vessel by bulk circulation currents is called distribution. 
Distribution is an important process in mixing, but can be 
relatively slow. In large tanks, the size of the circulation paths 
is also large and the time taken to traverse them is long; this, 
together with the regularity of fluid pumping at the impeller, 
inhibits rapid mixing. Accordingly, distribution is often the 
slowest step in the mixing process. If the rotational speed of the 
impeller is sufficiently high, superimposed on the distribution 


Figure 7.19 Pitched-blade turbine. 


7 Fluid Flow and Mixing 


146 


Figure 7.20 Flow pattern produced by an axial-flow impeller in a baffled tank. (a) side view; (b) bottom view. (From J.H. 
Rushton, E.W. Costich and HJ. Everett, 1950, Power characteristics of mixing impellers. Part I. Chem. Eng. Prog. 46, 395-404.) 


Side view 


(a) 


process is turbulence. Turbulent flow occurs when fluid no 
longer travels along streamlines but moves erratically in the 
form of cross-currents. The kinetic energy of turbulent fluid is 
directed into regions of rotational flow called eddies; masses of 
eddies of various size coexist during turbulent flow. Large 
eddies are continuously formed by action of the stirrer; these 
break down into small eddies which produce even smaller 
eddies. Eddies, like spinning tops, possess kinetic energy 
which is transferred to eddies of decreasing size. When the 
eddies become very small they can no longer sustain rotational 
motion and their kinetic energy is dissipated as heat. At steady 
state in a mixed tank, most of the energy from the stirrer is dis- 
sipated through eddies as heat; energy lost as fluid collides with 
the tank walls is generally negligible. 

The process of breaking up bulk flow into smaller and 
smaller eddies is called dispersion; dispersion facilitates rapid 
transfer of material throughout the vessel. The degree of 
homogeneity possible as a result of dispersion is limited by the 
size of the smallest eddies which may be formed in a particular 
fluid. This size is given approximately as the Kolmogorov scale 
of mixing, or scale of turbulence, A: 


Bottom view 


(b) 


31/4 
ie) 

E 
where J is the characteristic dimension of the smallest eddies, 
v is the kinematic viscosity of the fluid, and € is the local rate of 
turbulent energy dissipation per unit mass of liquid. At steady 
state, the rate of energy dissipation by turbulence is equal to 
the power supplied by the impeller. According to Eq. (7.14), 
the greater the power input to the fluid, the smaller are the 
eddies. A is also dependent on viscosity; at a given power 
input, smaller eddies are produced in low-viscosity fluids. For 
low-viscosity liquids such as water, A is usually in the range 
30-100 pm. For such fluids, this is the smallest scale of mixing 
achievable by dispersion. 

Within eddies there is little mixing because rotational flow 
occurs in streamlines. Therefore, to achieve mixing on a scale 
smaller than the Kolmogorov scale, we must rely on diffusion. 
Molecular diffusion is generally regarded as a slow process; 
however, over small distances it can be accomplished quite 
rapidly. Within eddies of 30-100 um diameter, homogeneity 
is achieved in about 1 s for low-viscosity fluids. Consequently, 


(7.14) 
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Flow pattern developed by a centrally-positioned radial-flow impeller. (From R.M. Voncken, J.W. Rotte and 


A.Th. ten Houten, Circulation model for continuous-flow, turbine-stirred, baffled tanks. In: Mixing—Theory Related to 
Practice, Proc. Symp. 10, AIChE—IChE Joint Meeting, London, June 1965.) 


if power input to a stirred vessel produces eddies of this dimen- 
sion, mixing on a molecular scale is accomplished virtually 
simultaneously. 


7.9.4 Assessing Mixing Effectiveness 


As explained in the above section, to achieve rapid mixing in a 
stirred tank the agitator must provide good bulk circulation or 
macromixing. Micromixing at or near the molecular scale is also 
important, but usually occurs relatively quickly compared with 
macromixing. Assessment of mixing effectiveness can therefore 
be reduced in most cases to measuring the rate of bulk flow. 
Mixing time is a useful parameter for assessing mixing effi- 
ciency and is applied to characterise bulk flow in fermenters 
and reactors. The mixing time ¢, is the time required to 
achieve a given degree of homogeneity starting from the com- 
pletely segregated state. It can be measured by injecting a 
tracer into the vessel and following its concentration at a fixed 
point in the tank. Tracers in common use include acids, bases 


and concentrated salt solutions; corresponding detectors are 
pH probes and conductivity cells. Mixing time can also be 
determined by measuring the temperature response after addi- 
tion of a small quantity of heated liquid. 

Let us assume that a small pulse of tracer is added to fluid in 
a stirred tank already containing tracer material at concentra- 
tion C;, When flow in the system is circulatory, the tracer 
concentration measured at some fixed point in the tank will 
follow a pattern similar to that shown in Figure 7.22. Before 
mixing is complete, a relatively high concentration will be 
detected every time the bulk flow brings tracer to the measure- 
ment point. The peaks in concentration will be separated by a 
period approximately equal to the average time taken for fluid 
to traverse one bulk circulation loop. In stirred vessels this 
period is called the circulation time, t,, After several circula- 
tions the desired degree of homogeneity is reached. 

Definition of the mixing time ¢,, depends on the degree of 
homogeneity required. Usually, mixing time is defined as the 
time after which the concentration of tracer differs from the 
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Figure 7.22 Concentration response after dye is injected into a stirred tank. 


0.1 (Cs—C; ) 


e 
i} 
Ss 
g 
a 
o 
Q 
2 
Q 
3) 
~ 
8 
< 
e 


Figure 7.23 Variation of mixing time with 
Reynolds number for a six-blade Rushton turbine 
in a baffled tank. The impeller is located one-third 
the tank diameter off the floor of the vessel; the 
impeller diameter is one-third the tank diameter. 
The liquid height is equal to the tank diameter; the 
tank has four baffles of width one-tenth the tank 
diameter. Several measurement techniques and 
tank sizes were used: (@) thermal method, 1.8-m 
diameter vessel; (©) thermal method, 0.24-m ves- 
sel; (A) decoloration method, 0.24-m vessel. 
(Reprinted from C.J. Hoogendoorn and A.P. den 
Hartog, Model studies on mixers in the viscous 
flow region, Chem. Eng. Sci. 22, 1689-1699. 
Copyright 1967, with permission from Pergamon 
Press Ltd, Oxford.) 
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final concentration C; by less than 10% of the total concentra- 
tion difference (C; ~ C,). However, there is no single, 
universally-applied definition of mixing time; sometimes devi- 
ations greater or less than 10% are specified. Nevertheless, at 
t,, the tracer concentration is relatively steady and the fluid 
composition approaches uniformity. For a single-phase liquid 
in astirred tank with several baffles and small impeller, there is 
an approximate relationship between mixing time and circula- 
tion time [26]: 

fa Ae (7.15) 
Industrial-scale stirred vessels with working volumes between 
1 and 100 m3 have mixing times between about 30 and 120 s, 
depending on conditions. 

Intuitively, we can predict that mixing time in stirred tanks 
will depend on variables such as the size of the tank and impeller, 
fluid properties such as viscosity, and stirrer speed. The relation- 
ship between mixing time and several of these variables has been 
determined experimentally for different impellers [27]; results 
for a Rushton turbine in a baffled tank are shown in Figure 7.23. 
The dimensionless product NV, t,, is plotted as a function of the 
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impeller Reynolds number Re, defined in Eq. (7.2); t,, is the 
mixing time based on a 10% deviation from final conditions, 
and N,, is rotational speed of the stirrer. N,t,, represents the 
number of stirrer-rotations required to homogenise the liquid. 
At low Reynolds number, N;t,, increases significantly with 
decreasing Re; However, as Reynolds number is increased 
above about 5 x 107, N.t,, approaches a constant value which 
persists at high Re.. For Rushton turbines, this constant value 
can be estimated using the following relationship [28]: 


1.54V 
N.t_= : 


i°m D3 


at high Re. 
(7.16) 


where Vis liquid volume and D, is impeller diameter. Thus, 
N, t,, at high Reynolds number depends only on the size of the 
tank and stirrer. The relationship between N,t,, and Re, for 
most impellers is similar to that shown in Figure 7.23 for 
Rushton turbines. In some systems a slight increase in N,t,, 
with increasing Re, has been reported; however, in practice we 
can assume NV;t,, reaches a constant value [29]. With N,t,, 
constant, mixing time reduces in direct proportion to increase 
in stirrer speed. 


A fermentation broth with viscosity 10~? Pa s and density 1000 kg m~ is agitated in a 2.7 m? baffled tank using a Rushton 
turbine with diameter 0.5 m and stirrer speed 1 s~!. Estimate the mixing time. 


Solution: 


From Eq. (7.2): 


om 1s~! (0.5 m)? 1000 kg m~ 


2 25 104, 
' 10°-7kgm=!s7! 


Re, > 5x 10°; therefore N. t,, is constant and can be calculated from Eq. (7.16): 


1.54 (2.7 m? 
pee Ae 
in (0.5 m) 
Therefore: 
33.3 
t= ict = 33.35 


The mixing time is about 33 s. 


For rapid and effective mixing, t,, should be as small as poss- 
ible. From Eq. (7.16) we can conclude that, in a tank of fixed 
volume, mixing time is reduced if we use a large impeller and 
high stirring speed. However, as the power requirements for 
mixing are also dependent on impeller diameter and stirrer 


speed, it is not always possible to achieve small mixing times 
without consuming enormous amounts of energy, especially 
in large vessels. Relationships between power requirements, 
mixing time, tank size, fluid properties and other operating 
variables are explored further in the following section. 
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Figure 7.24 Correlation between power number and Reynolds number for Rushton turbine, paddle and marine propeller 
wichout sparging. (From J.H. Rushton, E.W. Costich and H.J. Everett, 1950, Power characteristics of mixing impellers. Parts I 


and II. Chem. Eng. Prog. 46, 395-404, 467-476.) 
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7.10 Power Requirements for Mixing 


Usually, electrical power is used to drive impellers in stirred ves- 
sels. For a given stirrer speed, the power required depends on 
the resistance offered by the fluid to rotation of the impeller. 
Average power consumption per unit volume for industrial 
bioreactors ranges from 10 kW m? for small vessels (ca. 
0.1 m3), to 1-2kWm> for large vessels (ca. 100 m?). 
Friction in the stirrer motor gearbox and seals reduces the ener- 
gy transmitted to the fluid; therefore, the electrical power 


Baffles 


0.1 
0.1 o 
0.1 . 


consumed by stirrer motors is always greater than the mixing 
power by an amount depending on the efficiency of the drive. 
Energy costs for operation of stirrers in bioreactors are an 
important consideration in process economics. General guide- 
lines for calculating power requirements are discussed below. 


7.10.1 Ungassed Newtonian Fluids 


Mixing power for non-aerated fluids depends on the stirrer 
speed, the impeller diameter and geometry, and properties of 
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the fluid such as density and viscosity. The relationship 
between these variables is usually expressed in terms of dimen- 
sionless numbers such as the impeller Reynolds number Re, 
and the power number Np. Np is defined as: 


P 
No 
° pN3D} 
(7.17) 


where Pis power, p is fluid density, N, is stirrer speed and D, is 
impeller diameter. The relationship between Re, and N, has 
been determined experimentally for a range of impeller and tank 
configurations. The results for five impeller designs: Rushton 
turbine, paddle, marine propeller, anchor and helical ribbon, are 
shown in Figures 7.24 and 7.25 [29-31]. Once the value of NV, is 
known, the power required is calculated from Eq. (7.17) as: 


P = Nop N3 D>. 
(7.18) 


For a given impeller, the general relationship between power 
number and Reynolds number depends on the flow regime in 
the tank. Three flow regimes can be identified in Figures 7.24 
and 7.25: 


(i) Laminar regime. The laminar regime corresponds to 
Re, < 10 for many impellers; for stirrers with very small 
wall-clearance such as the anchor and helical-ribbon 
mixer, laminar flow persists until Re, = 100 or greater. In 
the laminar regime: 

Np & P=k, uN? D3 


—— OF 


Re. 


L 


(7.19) 


where &, is a proportionality constant. Values of &, for 
the impellers illustrated in Figures 7.24 and 7.25 are list- 
ed in Table 7.3 [29]. Power required for laminar flow is 
independent of the density of the fluid but directly pro- 
portional to fluid viscosity. 

Turbulent regime. Power number is independent of 
Reynolds number in turbulent flow. Therefore: 


(ii) 


P = Nop N? D? —e 


where Vp is the constant value of the power number in the 
turbulent regime. Approximate values of Np for the 
impellers of Figures 7.24 and 7.25 are listed in Table 7.3 
[29]. Np for turbines is significantly higher than for most 
other impellers, indicating that turbines transmit more 
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power to the fluid than other designs. Power required for 
turbulent flow is independent of the viscosity of the fluid 
but proportional to fluid density. The turbulent regime is 
fully developed at Re; > 10? or 104 for most small impel- 
lers in baffled vessels. For the same impellers in vessels 
without baffles, the power curves are somewhat different 
from those shown in Figure 7.24. Without baffles, turbu- 
lence is not fully developed until Re, > 10°; even then the 
value of Ny is reduced to between !/, and 1/,, that with 
baffles [29-31]. 

(iii) Transition regime. Between laminar and turbulent flow 
lies the transition regime. Both density and viscosity 
affect power requirements in this regime. There is usually 
a gradual transition from laminar to fully-developed tur- 
bulent flow in stirred tanks; the flow pattern and 
Reynolds-number range for transition depend on system 
geometry. 


Eqs (7.19) and (7.20) express the strong dependence of power 
consumption on stirrer diameter and, to a lesser extent, stirrer 
speed. Small changes in impeller size have a large effect on 
power requirements, as would be expected from dependency 
on impeller diameter raised to the third or fifth power. In the 
turbulent regime, a 10% increase in impeller diameter 
increases the power required by more than 60%; a 10% 
increase in stirrer speed raises the power required by over 30%. 

Frictional drag, and therefore the power required for stir- 
ring, depend on the geometry of the impeller and 
configuration of the tank. The curves of Figures 7.24 and 7.25 
refer to the particular geometries specified and will change if 
the number or size of baffles, the number, length, width, pitch 
or angle of blades on the impeller, the height of impeller from 
the bottom of the tank, etc. are changed. For a Rushton tur- 
bine in a baffled tank under fully turbulent conditions 
(Re; > 104), the power number lies between about 2 and 10 
depending on these parameters [25, 31]. For propellers, 
impeller pitch has a significant effect on power number in the 
turbulent regime [25]. 


Table 7.3 Constants in Eqs (7.19) and (7.20) 


Impeller type k 


1 P 
(Re, = 1) (Re, = 10°) 
Rushton turbine 70 5-6 
Paddle 35 2 
Marine propeller 40 0.35 
Anchor 420 0.35 
Helical ribbon 1000 0.35 
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Figure 7.25 Correlation between power number and Reynolds number for anchor and helical-ribbon impellers without 
sparging. (From M. Zlokarnik and H. Judat, 1988, Stirring. In: W. Gerhartz, Ed, Ullmann’s Encyclopedia of Industrial 
Chemistry, vol. B2, pp. 25-1-25-33, WCH, Weinheim.) 


Impeller 


1. Anchor 1.02 0.01 0.1 
2. Helical ribbon 1.02 0.01 0.1 


Example 7.2. Calculation of power requirements 


A fermentation broth with viscosity 107? Pa s and density 1000 kg m~? is agitated in a 50 m> baffled tank using a marine 


propeller 1.3 m in diameter. The tank geometry is as specified in Figure 7.24. Calculate the power required for a stirrer speed 
of 4s—!, 


Solution: 
From Eq. (7.2): 


ge 4s~1 (1.3 m)? 1000 kg m~ 


= 5 
= 0 2kgm te = 6.76X 10°. 
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From Figure 7.24, flow at this Re, is fully turbulent. From Table 7.3, Np is 0.35; therefore: 


P= (0.35) 1000 kg m~3 (4 s~!)3 (1.3 m)> = 8.3 x 104kg m?s~3 


P=83kW. 


7.10.2 Ungassed Non-Newtonian Fluids 


Estimation of power requirements for non-Newtonian fluids 
is more difficult. It may be impossible with highly viscous 
fluids to achieve fully-developed turbulence so that Np is 
always dependent on Re,. In addition, because the viscosity of 
non-Newtonian liquids varies with shear conditions, the 
impeller Reynolds number used to correlate power require- 
ments must be re-defined. Some power correlations have been 
devéloped using an impeller Reynolds number based on the 
apparent viscosity yz,: 


N. D? 
Re, = cia eld 
se (7.21) 
so that, from Eq. (7.8) for power-law fluids: 
Re,-= —— us 
K y n-1 
(7.22) 


where 7 is the flow behaviour index and Kis the consistency 
index. A problem with application of Eq. (7.22) is evaluation 
of y. For stirred tanks, an approximate relation for pseudo- 
plastic fluids is often used: 


y= RN. 
sj : (7.11) 


where &is a constant with magnitude dependent on the geom- 
etry of the impeller. The relationship of Eq. (7.11) is discussed 
further in Section 7.13; for turbine impellers & is about 10. 
Substituting Eq. (7.11) into Eq. (7.22) gives an appropriate 
Reynolds number for pseudoplastic fluids: 


ge NPP 


een on aan 
(7.23) 


The relationship between power number and Reynolds num- 
ber for a Rushton turbine in a baffled tank containing 
pseudoplastic non-Newtonian fluid is shown in Figure 7.26 
[32, 35]. The upper line was measured using Newtonian fluid 
for which Re, is defined by Eq. (7.2); this line corresponds to 
part of the curve already shown in Figure 7.24. The lower line 
gives the N,—Re, relationship for pseudoplastic fluid with Re; 


Figure 7.26 Correlation between power number and 
Reynolds number for a Rushton turbine in unaerated non- 
Newtonian fluid in a baffled tank. (From A.B. Metzner, R.H. 
Feehs, H. Lopez Ramos, R.E. Otto and J.D. Tuthill, 1961, 
Agitation of viscous Newtonian and non-Newtonian fluids. 
AIChE J. 7, 3-9.) 
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defined by Eq. (7.23). The laminar region extends to higher 
Reynolds numbers in pseudoplastic fluids than in Newtonian 
systems. At Re; below 10 and above 200 the results for 
Newtonian and non-Newtonian fluids are essentially the 
same; in the intermediate range, pseudoplastic liquids con- 
sume less power than Newtonian fluids. 

There are several practical difficulties with application of 
Figure 7.26 for design of bioreactors. As discussed further in 
Section 7.13, flow patterns in pseudoplastic and Newtonian 
fluids differ significantly. Even when there is high turbulence 
near the impeller in pseudoplastic systems, the bulk liquid may 
be moving very slowly and consuming relatively little power. 
Another problem is that, as illustrated in Figure 7.10, the non- 
Newtonian parameters K and x, and therefore pz » can vary 
substantially during fermentation. 


7.10.3 Gassed Fluids 


Liquids into which gas is sparged have reduced power require- 
ments. Gas bubbles decrease the density of the fluid; however, 
the influence of density on power requirements as expressed by 
Eq. (7.20) does not adequately explain all the power character- 
istics of gas-liquid systems. The presence of bubbles also 
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affects the hydrodynamic behaviour of fluid around the impel- 
ler. Large gas-filled cavities develop behind the stirrer blades in 
aerated liquids; these cavities reduce the resistance to fluid flow 
and decrease the drag coefficient of the impeller. Typical gas 
cavities are shown in Figure 7.27; this photograph taken 
through the base of a baffled tank shows a nine-blade disc- 
turbine with sparger positioned just below the impeller [33]. 

All of the changes in hydrodynamic behaviour due to gassing 
are not completely understood. Power consumption is strongly 
controlled by gas-cavity formation; because this process is dis- 
continuous and appears somewhat random, reduction in power 
consumption is typically non-uniform. The random nature of 
gas dispersion in agitated tanks means that it is difficult to obtain 
an accurate prediction of power requirements. However, an 
expression for the ratio of gassed to ungassed power as a function 
of operating conditions has been obtained [34]: 


F. \7 0.25 N2pD4_ \9.20 
g 7 4 1 i 
£ =010(55)  (Srva| 
Py NY] \gwv 


where Ve is power consumption with sparging, P is power 
consumption without sparging, F, is volumetric gas flow rate, 
N, is stirrer speed, V is liquid volume, D, is impeller diameter, 
gis gravitational acceleration, and W, is impeller blade width. 
The average deviation of experimental values from Eq. (7.24) 


(7.24) 


Figure 7.27 Gas cavities formed behind the blades of a 
7.6-cm nine-blade flat-disc turbine in water sparged with air. 
The stirrer speed was 720 rpm. (From W. Bruijn, K. van’t 
Riet and J.M. Smith, 1974, Power consumption with aerated 
Rushton turbines. 7rans. ChE 52, 88-104.) 


is about 12%. With sparging, the power consumed could be 
reduced to as little as half the ungassed value, depending on gas 
flow rate [33]. 


7.11 Scale-Up of Mixing Systems 


Design of industrial-scale bioprocesses is usually based on the 
performance of small-scale prototypes. Determining optim- 
um operating conditions at production scale is expensive and 
time-consuming; accordingly, it is always better to know 
whether a particular process will work properly before it is 
constructed in full size. Ideally, scale-up should be carried out 
so that conditions in the large vessel are as close as possible to 
those producing good results in the small vessel. As mixing is 
an important function of bioreactors, it would seem desirable 
to keep the mixing time constant on scale-up. Unfortunately, 
as explained below, the relationship between mixing time and 
power consumption makes this rarely possible in practice. 

As the volume of mixing vessels is increased, so too are the 
lengths of the flow paths for bulk circulation. To keep the mix- 
ing time constant, the velocity of fluid in the tank must be 
increased in proportion to the size. As a rough guide, under 
turbulent conditions the power per unit volume is propor- 
tional to the fluid velocity squared: 

P 2 

ee (7.25) 
where P is power, V is liquid volume, and » is fluid linear 
velocity. The effect of this relationship on power requirements 
is illustrated in the following example. Suppose a cylindrical 
1 m? pilot-scale stirred tank is scaled up to 100 m?. If the tanks 
are geometrically similar, the length of the flow path in the 
large tank is about 4.5 times that in the small tank. Therefore, 
to keep the same mixing time, fluid velocity in the large tank 
must be approximately 4.5 times faster. From Eq. (7.25) this 
would entail a (4.5) or 20-fold increase in power per unit vol- 
ume. So, if the power input to the 1 m? pilot-scale vessel is P, 
the power required for the same mixing time in the 100 m? 
tank is about 2000P. This represents an extremely large 
increase in power, much greater than is economically or tech- 
nically feasible with most equipment used for stirring. Because 
the criterion of constant mixing time can hardly ever be 
applied for scale-up, it is inevitable that mixing times increase 
with scale. If instead of mixing time, Py y is kept constant dur- 
ing scale-up, mixing time can be expected to increase in 
proportion to vessel diameter raised to the power 0.67 [29]. 

Reduced productivity and performance often accompany 
scale-up of bioreactors as a result of lower mixing efficiency and 
subsequent alteration of the physical environment. One way of 
improving the design procedure is to use scale-down methods. 
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The general idea behind scale-down is that small-scale experi- 
ments to determine operating parameters are carried out under 
conditions that can actually be realised, physically and econom- 
ically, at production scale. For example, if we decide that power 
input to a large-scale vessel cannot exceed a certain limit, we can 
calculate the corresponding mixing time and use an appropriate 
power input to a small-scale reactor to simulate mixing condi- 
tions in the large-scale system. Using this approach, as long as 
the flow regime is the same in the small- and large-scale ferment- 
ers, there is a better chance that results achieved in the 
small-scale unit will be reproducible in the larger system. 


7.12 Improving Mixing in Fermenters 


Sometimes, for the reasons outlined in the previous section, it 
is not possible to reduce mixing times by simply raising the 
power input to the stirrer. So, while increasing the stirrer speed 
is an obvious way of improving fluid circulation, other tech- 
niques may be required. 

Mixing can sometimes be improved by changing the configu- 
ration of the system. Baffles should be installed; this is routine for 
stirred fermenters and produces greater turbulence. For efficient 
mixing the impeller should be mounted below the geometric 
centre of the vessel. In standard designs the impeller is located 
about one impeller diameter, or one-third the tank diameter, 
above the bottom of the tank. Mixing is facilitated when circula- 
tion currents below the impeller are smaller than those above; 
fluid particles leaving the impeller at the same instant then take 
different periods of time to return and exchange material. Rate 
of distribution throughout the vessel is increased when upper 
and lower circulation loops are asynchronous. 

Another device for improving mixing is multiple impellers, 
although this requires an increase in power input. Typical bio- 
reactors used for aerobic culture are tall cylindrical vessels with 
liquid depths significantly greater than the tank diameter. This 
design produces a higher hydrostatic pressure at the bottom of 
the vessel, and gives rising air bubbles a longer contact time 
with the liquid. Effective mixing in tall fermenters requires 
more than one impeller, as illustrated in Figure 7.28. Each 
impeller generates its own circulation currents. The distance 
between impellers should be 1.0 to 1.5 impeller diameters. If 
the impellers are spaced too far apart, unagitated zones develop 
between them; conversely, impellers located too close together 
produce flow streams which interfere with each other and dis- 
rupt circulation to the far reaches of the vessel. In ungassed 
systems with spacing between impellers of at least one impeller 
diameter, the power dissipated by multiple impellers is 
approximated by the following relationship: 
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Figure 7.28 Multiple impellers in a tall fermenter. 


where (P),, is the power required by impellers and (P), is the 
power required by a single impeller. Two turbines spaced less 
than one impeller diameter apart can draw as much as 2.4 times 
the power of a single turbine. When the vessel is sparged with 
gas the power relationship may not be so simple. As described 
in Section 7.10.3, the presence of gas bubbles reduces the 
power required for the lowest impeller. However the quantity 
of gas passing through the upper impellers is often much 
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smaller; when this occurs the power drawn by each additional 
impeller is large compared with a single-impeller system [36]. 

Additional mixing problems can occur in fermenters when 
material is fed into the system during operation. If bulk distri- 
bution is slow, fermenters operated continuously or in 
fed-batch mode develop high localised concentrations of sub- 
strate near the feed point. This has been observed particularly 
in large-scale processes for production of single-cell-protein 
from methanol. Because high levels of methanol are toxic to 
cells, biomass yields decrease significantly when mixing of feed 
material into the broth is slow. Problems like this can be allevi- 
ated by using multiple injection points to aid distribution of 
substrate. It is much less expensive to do this than to increase 
the fluid velocity and power input. 


7.13 Effect of Rheological Properties on Mixing 


For effective mixing there must be turbulent conditions in the 
mixing vessel. Intensity of turbulence is represented by the 
impeller Reynolds number Re;. As shown in Figure 7.23 for a 
baffled tank with turbine impeller, once Re; falls below about 
5 x 103 turbulence is damped and mixing time increases signi- 
ficantly. Re; as defined in Eq. (7.2) decreases in direct pro- 
portion to increase in viscosity. Accordingly, non-turbulent 
conditions and poor mixing are likely to occur during 
agitation of highly viscous fluids. Increasing the impeller speed 
is an obvious solution but, as discussed in Section 7.11, this 
requires considerable increase in power consumption and 
therefore may not be feasible. 

Most non-Newtonian fluids in bioprocessing are pseudo- 
plastic. Because the apparent viscosity of these fluids depends 
on the shear rate, the rheological behaviour of many culture 
broths depends on shear conditions in the fermenter. Metzner 
and Otto [32] have proposed that the average shear rate in a 
stirred vessel is a linear function of stirrer speed: 

Tay = EN; (7.27) 
where ¥ ,, is the average shear rate, & is a constant dependent 
on impeller design and N, is stirrer speed. Experimental values 
of & are summarised in Table 7.4. The validity of Eq. (7.27) 
was established in studies by Metzner et al, [35]. However, 
shear rate in stirred vessels is far from uniform, being strongly 
dependent on distance from the impeller. Figure 7.29 indi- 
cates the rapid decline in shear rate in pseudoplastic fluid with 
increasing radial distance from the tip of a flat-blade turbine 
impeller [37]. The maximum shear rate close to the impeller is 
much higher than the average calculated from Eq. (7.27). 

Pseudoplastic fluids are shear thinning, i.e. their apparent 
viscosity decreases with increasing shear. Accordingly, in stirred 
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vessels, pseudoplastic fluids have relatively low apparent viscos- 
ity in the high-shear zone near the impeller, and relatively high 
apparent viscosity when the fluid is away from the impeller. Asa 
result, flow patterns similar to that illustrated in Figure 7.30 can 
develop; a small circulating pool of highly sheared fluid sur- 
rounds the impeller while the bulk liquid scarcely moves at all. 
In bioreactors containing non-Newtonian broths, this can lead 
to development of stagnant zones away from the impeller. 

The effects of local fluid thinning in pseudoplastic fluids can 
be countered by modifying the geometry of the system or impel- 
ler design. Stirrers of larger diameter are recommended. For 
turbine impellers, instead of the conventional tank-to-impeller 
diameter ratio of 3:1 used with low viscosity fluids, this ratio is 
reduced to between 1.6 and 2. Different impeller designs which 
sweep the entire volume of the vessel are also recommended. 
The most common types used for viscous mixing are helical 
impellers and gate- and paddle-anchors mounted with small 
clearance between the impeller and tank wall. Mixing with these 
stirrers is accomplished at low speed without high-velocity 
streams. Helical agitators have been used to reduce shear dam- 
age and improve mixing in viscous cell suspensions [38]. 

Alternative impeller designs such as the helical ribbon and 
anchor improve mixing in viscous fluids; however their appli- 
cation in fermenters is only possible when oxygen demand in 
the culture is relatively low. Although large-diameter impellers 
operating at relatively slow speed give superior bulk mixing, 
high-shear systems with small, high-speed impellers are prefer- 
able for breaking up gas bubbles and promoting oxygen 
transfer to the liquid. In design of fermenters for viscous cul- 
tures, a compromise is usually required between mixing 
effectiveness and adequate mass transfer. 


7.14 Role of Shear in Stirred Fermenters 


Mixing in bioreactors must provide the shear conditions neces- 
sary to disperse bubbles, droplets and cell flocs. Dispersion of 


Table 7.4 Observed values of kin Eq. (7.27) 


(From S. Nagata, 1975, Mixing: Principles and Applications, 
Kodansha, Tokyo) 


Impeller type k 
Rushton turbine 10-13 
Paddle 10-13 
Curved-blade paddle 7.1 
Propeller 10 
Anchor 20-25 
Helical ribbon 30 
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Figure 7.29 Shear rate in pseudoplastic fluid as a function of 
stirrer speed and radial distance from the impeller: (©) impel- 
ler tip; (A) 0.10 in; (Ml) 0.20 in; (V) 0.34 in; (@) 0.50 in; (CQ) 
1.00 in. The impeller diameter is 4 in. (From A.B. Metzner 

and J.S. Taylor, 1960, Flow patterns in agitated vessels. AIChE 
J.6, 109-114.) 
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Figure 7.30 Mixing pattern for pseudoplastic liquid in a 


stirred fermenter. 
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gas bubbles by agitation involves a balance between opposing 
forces. Shear forces in turbulent eddies stretch and distort the 
bubbles and break them into smaller sizes; at the same time, 
surface tension at the gas-liquid interface tends to restore the 
bubbles to their spherical shape. In the case of solid material 
such as cell flocs or aggregates, shear forces in turbulent flow are 
resisted by the mechanical strength of the particles. 

While bubble break-up is required in fermenters to facili- 
tate oxygen transfer, disruption of cells is undesirable. 
Different cell types display different levels of shear sensitivity; 
insect, mammalian and plant cells are known to be particularly 
sensitive to mechanical forces. Bioreactors used for culture of 
these cells must limit the intensity of shear while still providing 
adequate mixing and mass transfer. At the present time, the 
effects of shear on cells are not well understood. Cell disrup- 
tion is an obvious outcome of high shear forces; however more 
subtle changes such as retardation of growth and product syn- 
thesis, denaturation of extracellular proteins, change in 
morphology, and thickening of the cell wall, may also occur. 

Because there is significant spatial variation in shear inten- 
sity in stirred vessels, the precise shear conditions experienced 
by cells are poorly defined. There have been many publications 
in recent years addressing the problem of shear damage, 
especially in insect- and mammalian-cell cultures. Several 
mechanisms have been considered in terms of their contribu- 
tion to cell damage: 

(i) 
(ii) 


interaction between cells and turbulent eddies; 

collisions between cells, collision of cells with the impel- 
ler, and collision of cells with stationary surfaces in the 
vessel; 

generation of shear forces in the boundary layers and 
wakes near solid objects in the reactor, especially the 
impeller; 

generation of shear forces as bubbles rise through liquid; 
and 


(v) bursting of bubbles at the liquid surface. 


(iii) 


(iv) 


Detailed discussion of these effects can be found elsewhere 
[39-50]. In general, when gas bubbles are not present in the 
liquid, interactions between cells and turbulent eddies are con- 
sidered most likely to damage cells. However, if the vessel is 
sparged with air, shear damage can occur at much lower impel- 
ler speeds due to shear effects associated with bubbles [44]. 


7.14.1 Interaction Between Cells and 
Turbulent Eddies 


Hydrodynamic effects have been studied mainly with animal 
cells because shear damage is a significant problem in large-scale 
culture. Many animal cells used in bioprocessing are anchorage- 


dependent; this means that the cells must be attached to a solid 
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Figure 7.31 Chinese hamster ovary (CHO) cells attached to 


microcarrier beads; magnification x 85. (Photograph 
courtesy of J. Crowley.) 


surface for survival. In bioreactors, the surface area required for 
cell attachment is provided very effectively by microcarrier beads, 
which range in diameter from 80 to 200 pm. As shown in 
Figure 7.31, cells cover the surface of the beads which are then 
suspended in nutrient medium. There are many benefits associ- 
ated with use of microcarriers; however, a disadvantage is that 
cells attached to microcarriers cannot easily change position or 
rotate in response to shear forces in the fluid. This, coupled with 
the lack of a protective cell wall, make animal cells on microcar- 
riers especially susceptible to shear damage. 

Interactions between microcarriers and eddies in turbulent 
flow have the potential to cause mechanical damage to cells. 


Example 7.3. Operating conditions for turbulent shear damage 


158 


The intensity of shear associated with these interactions is 
dependent on the relative sizes of the eddies and microcarrier 
particles. If the particles are small relative to the eddies, they 
tend to be captured or entrained in the eddies as shown in 
Figure 7.32(a). As fluid motion within eddies is laminar, if the 
density of the microcarriers is about the same as the suspend- 
ing fluid, there is little relative motion of the particles. 
Accordingly, the velocity difference between the fluid stream- 
lines and the microcarriers is small, except for brief periods of 
acceleration when the bead enters a new eddy. On average, 
therefore, if the particles are smaller than the eddies, the shear 
effects of eddy—cell interactions are minimal. 

If the stirrer speed is increased and the average eddy size 
reduced, interactions between eddies and microcarriers can 
occur in two possible ways. A single eddy that cannot fully 
engulf the particle will act on part of its surface and cause the 

particle to rotate in the fluid; this will result in a relatively low 
level of shear at the surface of the bead. However, much higher 
shear stresses result when several eddies with opposing rota- 
tion interact with the particle simultaneously, as illustrated in 
Figure 7.32(b). It has been found experimentally that detri- 
mental effects start to occur when the Kolmogorov scale (Eq. 
7.14) for eddy size drops below */3—'/2 the diameter of the 
microcarrier beads [41, 42, 49]. Excessive agitation leads to 
formation of eddies with size small enough and of sufficient 
energy to cause damage to the cells. These findings for cells on 
microcarriers apply also to freely suspended cells; however, 
because cells are smaller than microcarriers, eddy sizes causing 
shear damage are also smaller. 


Microcarrier beads 120 pm in diameter are used to culture recombinant CHO cells for production of growth hormone. It is 
proposed to use a 6-cm turbine impeller to mix the culture in a 3.5-litre stirred tank. Air and carbon dioxide are supplied by flow 
through the reactor headspace. The microcarrier suspension has a density of approximately 1010 kg m~3 and a viscosity of 
1.3 x 1073 Pas. Estimate the maximum allowable stirrer speed which avoids turbulent shear damage of the cells. 


Solution: 

Damage due to eddies is avoided if the Kolmogorov scale remains greater than 2/,—1/, the diameter of the beads. Let us deter- 
mine the stirrer speed required to create eddies with size A = */3 (120 pm) = 80 pm =8 x 107° m. The stirrer power producing 
eddies of this dimension can be estimated using Eq. (7.14) and the properties of the fluid. 


Kinematic viscosity, v = — = —————_2—___-_ = 1.29 x 10° 6 m?s71. 
Raising both sides of Eq. (7.14) to the fourth power: 
vy 


eas 
E 


so that 
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Figure 7.32 Eddy—microcarrier interactions. (a) Microcarriers are captured in large eddies and move within the streamline 
flow. (b) When several eddies with opposing rotation interact with the microcarrier simultaneously, high levels of shear develop 
on the bead surface. (From R.S. Cherry and E.T. Papoutsakis, 1986, Hydrodynamic effects on cells in agitated tissue culture 
reactors. Bioprocess Eng. 1, 29-41.) 


(b) 


High shear 
Eddy 
streamlines 


Microcarrier 


Microcarrier 
paths 


Therefore: 


5 30.29% 1079)? mes? 


= 2.—3 
(8x 1073)! mé = 0.052 m*s”. 


€ represents the power dissipated per unit mass of fluid. The mass of fluid in which turbulent power is dissipated may be taken as 
the entire contents of the tank; however power dissipation occurs unevenly throughout the vessel with highest levels in the vicin- 
ity of the impeller. € based on the mass of fluid near the impeller is considered the more appropriate value in these calculations 
[50]; fluid mass in the impeller zone is roughly equal to p D? where p is fluid density and D, is impeller diameter. Therefore, the 
stirrer power Pis equal to € multiplied by p D?: 


P = (0.052 m? s~ 4) (1010 kg m7) (6 x 107? m)? 
PHlAgnie- “hems? = 1.13 10-2 W. 


From Figure 7.24 and Table 7.3, Nz is about 5 for a turbine impeller operating in the turbulent regime, depending on tank 
geometry. The stirrer speed corresponding to these conditions can be calculated from Eq. (7.20): 


P 
Ro 
i” Nip D? 


ie 1.13 x 107? kg m?s~9 ng = 
i ~ ©) (@0l0kgm=3)(6x10-mp> 


Taking the cube root: 
N, = 1.42 s' = 85.5 rpm. 


Flow is just turbulent with Re, = 4 x 10. This analysis indicates that shear damage from turbulent eddies is not expected until 
the stirrer speed exceeds about 85 rpm. If the culture were sparged with gas, it is possible that shear damage would occur due to 
other mechanisms, e.g. bursting bubbles. 
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As indicated by Eq. (7.14), if the viscosity of the fluid is 
increased, the size of the smallest eddies also increases. 
Increasing the fluid viscosity should, therefore, reduce shear 
damage in bioreactors. This effect has been demonstrated by 
addition of thickening agents to animal-cell growth medium; 
moderate increases in viscosity have been shown to signifi- 
cantly reduce turbulent cell death [42]. 


7.14.2 Bubble Shear 


When liquid containing shear-sensitive cells is sparged with 
air, other damaging mechanisms come into play. From experi- 
ments conducted so far, these appear to be associated primarily 
with bubbles bursting at the surface of the liquid. Breakage of 
the thin bubble film and rapid flow from the bubble rim back 
into the liquid generate high shear forces capable of damaging 
certain types of cell. Further discussion of these effects can be 
found in the literature [43-47]. 


7.15 Summary of Chapter 7 


Chapter 7 covers a wide range of topics in fluid dynamics, rhe- 
ology and mixing. At the end of Chapter 7 you should: 


(i) understand the difference between laminar and turbu- 
lent flow; 

(ii) be able to describe how fluid boundary layers develop in 

terms of viscous drag; 

be able to define viscosity in terms of Newton's law; 

know what Newtonian and non-Newtonian fluids are, 

and the difference between viscosity for Newtonian 

fluids and apparent viscosity for non-Newtonian fluids; 

(v) be familiar with equipment used for mixing in stirred 
vessels; 


(iii) 
(iv) 


(vi) be able to describe the mechanisms of mixing and their 
effect on mixing time; 
(vii) understand the effects of scale-up on mixing; 


(viii) know how liquid properties, gas sparging, impeller size 
and stirrer speed affect power consumption in stirred 
vessels; and 


(ix) understand how cells can be damaged by shear in stirred 
fermenters. 
Problems 


7.1 Rheology of fermentation broth 


The fungus Aureobasidium pullulansis used to produce an extra- 
cellular polysaccharide by fermentation of sucrose. After 120 h 
fermentation, the following measurements of shear stress and 
shear rate were made with a rotating-cylinder viscometer. 


Shear stress (dyn cm~?) Shear rate(s~') 


44.1 10.2 
235.3 170 
357.1 340 
457.1 510 

1020 


(a) Plot the rheogram for this fluid. 
(b) Determine the appropriate non-Newtonian parameters. 
(c) What is the apparent viscosity at shear rates of: 

(i) 15s7!;and 

(ii) 20057)? 


7.2 Rheology of yeast suspensions 


Apparent viscosities for pseudoplastic cell suspensions at vary- 
ing cell concentrations are measured using a coaxial-cylinder 
rotary viscometer. The results are: 


Shear rate 


Cell concentration Apparent viscosity 
(%) (-!) (cP) 
1.5 10 1.5 
100 1.5 
3 10 2.0 
100 2.0 
6 20 25 
45 2.4 
10.5 10 4.7 
20 4.0 
50 4.1 
100 3.8 
12 1.8 40 
4.0 30 
7.0 22 
20 15 
40 12 
18 1.8 140 
7.0 85 
20 62 
40 55 
21 1.8 710 
4.0 630 
7.0 480 
40 330 
70 290 


Show on an appropriate plot how K and n vary with cell 
concentration. 
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7.3 Impeller viscometer 


The rheology of a Penicillium chrysogenum broth is examined 
using an impeller viscometer. The density of the cell suspen- 
sion is approximately 1000 kg m~>. Samples of broth are 
poured into a glass beaker of diameter 15 cm and stirred slow- 
ly using a Rushton turbine of diameter 4 cm. The average 
shear rate generated by this impeller is greater than the stirrer 
speed by a factor of about 10.2. When the stirrer shaft is 
attached to a device for measuring torque and rotational speed, 
the following results are recorded. 


Stirrer speed (s—') Torque (N m) 
0.185 3.57 x 1076 
0.163 3.45 x 1076 
0.126 3.31 x 1076 
0.111 3.20 x 1076 


(a) Can the rheology be described using a power-law model? 
If so, evaluate Kand n. 

(b) Viscosity measurements using impeller viscometers must 
be carried out under laminar flow conditions. Check that 
flow in this experiment is laminar. 

(c) Use of turbines for impeller viscometry restricts the range 
of shear rates that can be tested. How is the situation 
improved with a helical-ribbon impeller? 


7.4 Particle suspension and gas dispersion 


Cells in fermenters must be kept from settling out of suspen- 
sion. The minimum stirrer speed required to keep the bottom 
of the rank free of cells can be estimated roughly using a rela- 
tion given by Zwietering [51]: 


= 0.45 
Nt=Cy,%1p 02 p~ Pr) D085 40-13 
i L P i 
PL 
where: 
N: = minimumstirrer speed for suspension of solids, s~}; 
i P p 
C = aconstant (=7.7 fora turbine impeller with diameter 
one-third that of the tank); 
V,_ = liquid kinematic viscosity, m? s~; 
D, = mean cell diameter, m; 
g = gravitational acceleration, ms" 7; 
Pe= density of the cells, kg m->; 
P;, = density of the suspending liquid, kg m3; 
D, = impeller diameter, m; and 
x =  cellconcentration, wt%. 


A certain minimum stirrer speed is also required in aerobic 


systems for proper dispersion of air bubbles. From the data of 
Westerterp et al. [52], the minimum stirrer tip speed (tip speed 
= 1 N, D.) for this purpose can be assumed to lie berween 1.5 
and 2.5 m s_!, depending on the surface tension between the 
gas and liquid, the fluid density, and the tank-to-impeller 
diameter ratio. 

A fermentation broth contains 40 wt% cells of average 
dimension 10 pm and density 1.04 g cm 3. The diameter of 
the impeller in the fermenter is 30 cm. Assuming that the den- 
sity and viscosity of the suspending medium are the same as 
water, determine which takes more power to achieve, cell sus- 
pension or bubble dispersion. 


7.5 Scale-up of mixing system 


To ensure turbulent conditions and minimum mixing time 
during agitation with a turbine impeller, the Reynolds num- 
ber must be at least 104. 


(a) A stirred laboratory-scale fermenter with a turbine impel- 
ler 5 cm in diameter is operated at 800 rpm. If the density 
of broth being stirred is close to that of water, what is the 
upper limit for viscosity of the suspension if adequate mix- 
ing is to be maintained? 

(b) The mixing system is scaled up so the tank and impeller are 
15 times the diameter of the laboratory equipment. The 
stirrer in the large vessel is operated so that the stirrer tip 
speed (tip speed = x N; D,) is the same as in the laboratory 
apparatus. How does scale-up affect the maximum viscosity 
allowable for maintenance of turbulent mixing conditions? 


7.6 Effect of viscosity on power requirements 


A cylindrical bioreactor of diameter 3 m has four baffles. A 
Rushton turbine mounted in the reactor has a diameter one- 
third the tank diameter and is operated at a speed of 90 rpm. 
The density of the fluid is approximately 1 g cm~ >. The reac- 
tor is used to culture an anaerobic organism that does not 
require gas sparging. The broth can be assumed Newtonian. 
As the cells grow, the viscosity of the broth increases. 


(a) Compare power requirements when the viscosity is: 
(i) approximately that of water; 
(ii) 100 times greater than water; and 
(iii) 104 times greater than water. 
(b) When the viscosity is 1000 times greater than water, esti- 
mate the power required to achieve turbulence. 


7.7 Electrical power required for mixing 


Laboratory-scale fermenters are usually mixed using small stir- 
rers with electric motors rated between 100 and 500 W. One 
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such motor is used to drive a 7-cm turbine impeller in a small 
reactor containing fluid with the properties of water. The stir- 
rer speed is 900 rpm. Estimate the power requirements for this 
process. How do you explain the difference between the 
amount of electrical power consumed by the motor and the 
power dissipated by the stirrer? 


7.8 Mixing time with aeration 


A cylindrical stirred bioreactor of diameter and height 2 m has 
a Rushton turbine one-third the tank diameter in size. The 
bioreactor contains Newtonian culture broth with the same 
density as water and with viscosity 4 cP. 


(a) If the specific power consumption must not exceed 
1.5 kW m3, determine the maximum allowable stirrer 
speed. What is the mixing time under these conditions? 
The tank is now aerated. In the presence of gas bubbles, 
the approximate relationship between ungassed power 
number (Np), and gassed power number (Np), is: (Np) ; 
=0.5 (Np)o. What maximum stirrer speed is now possible 
in the sparged reactor? Estimate the mixing time. 


(b) 
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Heat Transfer 


In this chapter we are concerned with the process of heat flow between hot and cold systems. The rate at which heat is 
transferred depends directly on two variables: the temperature difference between the hot and cold bodies, and the surface 
area available for heat exchange. It is also influenced by many other factors, such as the geometry and physical properties of the 
system and, if fluid is present, the flow conditions. Fluids are often heated or cooled in bioprocessing. Typical examples are 
removal of heat during fermenter operation using cooling water, and heating of raw medium to sterilisation temperature by 


steam. 


As shown in Chapters 5 and 6, energy balances allow us to 
determine the heating and cooling requirements of fermenters 
and enzyme reactors. Once the rate of heat transfer for a par- 
ticular purpose is known, the surface area required to achieve 
this rate can be calculated using design equations. Estimating 
the heat-transfer surface area is a central objective in design as 
this parameter determines the size of heat-exchange equip- 
ment. In this chapter the principles governing heat transfer are 
outlined with applications in bioprocess design. 

First, let us look at the types of equipment used for indus- 
trial heat-exchange. 


8.1 Heat-Transfer Equipment 


In bioprocessing, heat exchange occurs most frequently 
between fluids. Equipment is provided to allow transfer of 
heat while preventing the fluids from actually coming into 
contact with each other. In most heat exchangers, heat is trans- 
ferred through a solid metal wall which separates the fluid 
streams. Sufficient surface area is provided so that the desired 
rate of heat transfer can be achieved. Heat transfer is facilitated 
by agitation and turbulent flow of the fluids. 


8.1.1 Bioreactors 


Two applications of heat transfer are common in bioreactor 
operation. The first is in situ batch sterilisation of liquid 
medium. In this process, the fermenter vessel containing 
medium is heated using steam and held at the sterilisation 
temperature for a period of time; cooling water is then used to 
bring the temperature back to normal operating conditions. 
Sterilisation is discussed in more detail in Chapter 13. The 


other application of heat transfer is for temperature control 
during reactor operation. Metabolic activity of cells generates 
a substantial amount of heat in fermenters; this heat must be 
removed to avoid temperature increases. Most fermentations 
take place in the range 30-37°C; in large-scale operations, 
cooling water is used to maintain the temperature usually to 
within 1°C. Small-scale fermenters have different heat- 
exchange requirements; because the external surface area to 
volume ratio is much greater and heat losses through the wall 
of the vessel more significant, laboratory-scale units often 
require heating rather than cooling. Many enzyme reactions 
also require heating to maintain optimum temperature. 

Equipment used for heat exchange in bioreactors usually 
takes one of the forms illustrated in Figure 8.1. The fermenter 
may have an external jacket (Figure 8.1a) or coil (Figure 8.1b) 
through which steam or cooling water is circulated. 
Alternatively, helical (Figure 8.1c) or baffle (Figure 8.1d) coils 
may be located internally. Another method is to pump liquid 
from the reactor through a separate heat-exchange unit as 
shown in Figure 8.1(e). 

The surface area available for heat transfer is lower in the 
external jacket and coil designs of Figures 8.1(a) and (b) than 
when internal coils are completely submerged in the reactor 
contents. External jackets on bioreactors provide sufficient 
heat-transfer area for laboratory and other small-scale systems; 
however they are likely to be inadequate for large-scale fermen- 
tations. Internal coils are frequently used in production 
vessels; the coil can be operated with high liquid velocity and 
the entire tube surface is exposed to the reactor contents pro- 
viding a relatively large heat-transfer area. There are some 
disadvantages with internal structures: they interfere with 
mixing in the vessel and make cleaning of the reactor difficult; 
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Figure 8.1 
internal baffle-type coil; (e) external heat exchanger. 


{y. 


(a) 


another problem is film growth of cells on the heat-transfer 
surface. In contrast, the external heat exchange unit shown in 
Figure 8.1(e) is independent of the reactor, easy to scale-up, 
and can provide better heat-transfer capabilities than any of 
the other configurations. However, conditions of sterility 
must be met, the cells must be able to withstand the shear 
forces imposed during pumping, and, in aerobic fermenta- 
tions, the residence time in the heat exchanger must be small 
enough to ensure the medium does not become depleted of 
oxygen. 

When internal coils such as those in Figures 8.1(c) and (d) 
are used to carry cooling water for removal of heat from a fer- 
menter, the variation of water temperature with distance 
through the coil is as shown in Figure 8.2. The temperature of 
the cooling water rises as it flows through the tube and takes up 
heat from the fermenter contents. The water temperature 
increases steadily from its inlet temperature 7., to the outlet 
temperature 7... On the other hand, if the fermenter contents 
are well mixed, temperature gradients in the bulk fluid are neg- 
ligible and the temperature is uniform at Tp. 


(b) 


Heat-transfer configurations for bioreactors: (a) jacketed vessel; (b) external coil; (c) internal helical coil; (d) 
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Figure 8.2 Temperature changes for control of fermentation 
temperature using cooling water. 
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8.1.2 General Equipment For Heat Transfer 


Many types of general-purpose equipment are used indus- 
trially for heat-exchange operations. The simplest form of 
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heat-transfer equipment is the double-pipe heat exchanger; for 
larger capacities, more elaborate shell-and-tube units contain- 
ing hundreds of square metres of heat-exchange area are 
required. These devices are described below. 


8.1.2.1 Double-pipe heat exchanger 


A double-pipe heat exchanger consists of two metal pipes, one 
inside the other as shown in Figure 8.3. One fluid flows 
through the inner tube while the other fluid flows in the annu- 
lar space between the pipe walls. When one of the fluids is 
hotter than the other, heat flows from it through the wall of 
the inner tube into the other fluid. As a result, the hot fluid 
becomes cooler and the cold fluid becomes warmer. 
Double-pipe heat exchangers can be operated with counter- 
current or cocurrent flow of fluid. If, as indicated in Figure 8.3, 
the two fluids enter at opposite ends of the device and pass in 


opposite directions through the pipes, the flow is countercur- 
rent. Cold fluid entering the device meets the hot fluid just as it 
is leaving, i.e. cold fluid at its lowest temperature is placed in 
thermal contact with hot fluid also at its lowest temperature. 
Changes in temperature of the two fluids as they flow counter- 
currently through the length of the pipe are shown in Figure 
8.4. The four terminal temperatures are as follows: T,; is the 
inlet temperature of the hot fluid, 7, , is the outlet temperature 
of the hot fluid, 7, is the inlet temperature of the cold fluid, 
and 7, is the outlet temperature of the cold fluid leaving the 
system. A sign of efficient operation is T,, close to T,,, or 7), 
close to T,;. 

The alternative to countercurrent flow is cocurrent or paral- 
lel flow. In this mode of operation, both fluids enter their 
respective tubes at the same end of the exchanger and flow in 
the same direction to the other end. The temperature curves 
for cocurrent flow are given in Figure 8.5. Cocurrent operation 


Figure 8.3. Double-pipe heat exchanger. (From A.S. Foust, L.A. Wenzel, C.W. Clump, L. Maus and L.B. Andersen, 1960, 


Principles of Unit Operations, John Wiley, New York.) 


v 


Annulus fluid out 


Annulus fluid in 
I 


’ 


8 Heat Transfer 


Figure 8.4 Temperature changes for countercurrent flow in 
a double-pipe heat exchanger. 
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is not as effective as countercurrent; it is not possible using 
cocurrent flow to bring the exit temperature of one fluid close 
to the entrance temperature of the other. Instead, the exit tem- 
peratures of both streams lie between the two entrance 
temperatures. Less heat can be transferred in parallel flow than 
in countercurrent flow; consequently, parallel flow is applied 
less frequently. 

Double-pipe heat exchangers can be extended to several 
passes arranged in a vertical stack, as illustrated in Figure 8.3. 
However, when large surface areas are needed to achieve the 
desired rate of heat transfer, the weight of the outer pipe 
becomes so great that an alternative design, the shell-and-tube 


Figure 8.5 Temperature changes for cocurrent flow ina 
double-pipe heat exchanger. 
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heat exchanger, is a better and more economical choice. As a 
rule of thumb, if the heat-transfer area between the fluids must 
be more than 10-15 m’, a shell-and-tube exchanger is 
required. 


8.1.2.2 Shell-and-tube heat exchangers 


Shell-and-tube heat exchangers are used for heating and cooling 
all types of fluid. They have the advantage of containing very 
large surface areas in a relatively small volume. The simplest 
form, called a single-pass shell-and-tube heat exchanger, is 
shown in Figure 8.6. 


Figure 8.6 Single-pass shell-and-tube heat exchanger. (From A.S. Foust, L.A. Wenzel, C.W. Clump, L. Maus and L.B. 
Andersen, 1960, Principles of Unit Operations, John Wiley, New York.) 
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Consider the device of Figure 8.6 for exchange of sensible 
heat from one fluid to another. The heat-transfer system is 
divided into two sections: a tube bundle containing pipes 
through which one fluid flows, and a shell or cavity where the 
other fluid flows. Hot or cold fluid may be put into either the 
tubes or the shell. In a single-pass exchanger, the shell and tube 
fluids pass down the length of the equipment only once. The 
fluid which is to travel in the tubes enters at the inlet header. 
The header is divided from the rest of the apparatus by a tube 
sheet. Open tubes are fitted into the tube sheet; fluid in the 
header cannot enter the main cavity of the exchanger but must 
pass into the tubes. The tube-side fluid leaves the exchanger 
through another header at the outlet. Shell-side fluid enters 
the internal cavity of the exchanger and flows around the out- 
sides of the tubes in a direction which is largely countercurrent 
to the tube fluid. Heat is exchanged across the tube walls from 
hot fluid to cold fluid. As shown in Figure 8.6, baffles are often 
installed in the shell to decrease the cross-sectional area 
for flow and divert the shell fluid so it flows mainly across 
rather than parallel to the tubes. Both these effects promote 
turbulence in the shell fluid which improves the rate of heat 
transfer. As well as directing the flow of shell fluid, baffles also 


Figure 8.7 Double tube-pass heat exchanger. 
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support the tube bundle and keep the tubes from sagging. 

The length of tubes in a single-pass heat exchanger deter- 
mines the surface area available for heat transfer, and therefore 
the rate at which heat can be exchanged. However, there are 
practical and economic limits to the maximum length of 
single-pass tubes; if greater heat-transfer capacity is required 
multiple-pass heat exchangers are employed. Heat exchangers 
containing more that one tube pass are used routinely; Figure 
8.7 shows the structure of a heat exchanger with one shell pass 
and a double tube pass. In this device, the header for the tube 
fluid is divided into two sections. Fluid entering the header is 
channelled into the lower half of the tubes and flows to the 
other end of the exchanger. The header at the other end diverts 
the fluid into the upper tubes; the rube-side fluid therefore 
leaves the exchanger at the same end it entered. On the shell 
side, the configuration is the same as for the single-pass struc- 
ture of Figure 8.6; fluid enters one end of the shell and flows 
around several baffles to the other end. 

In a double-tube pass exchanger, flow of tube and shell 
fluids is mainly countercurrent for one tube pass and mainly 
cocurrent for the other; however, because of the action of the 
baffles, cross-flow of shell-side fluid normal to the tubes also 
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occurs. Temperature curves for the exchanger depend on the 
location of the shell-side entry nozzle; this is illustrated in 
Figure 8.8 for hot fluid flowing in the shell. In the temperature 
profile of Figure 8.8(b), a temperature cross occurs where, at 
some point in the exchanger, the temperature of the cold fluid 
equals the temperature of the hot fluid. This situation should 
be avoided because, after the cross, the cold fluid is actually 
cooled rather than heated. The solution is an increased num- 
ber of shell passes or, more practically, provision of another 
heat exchanger in series with the first. 

Heat exchangers with multiple shell-passes can also be 
used. However, in comparison with multiple-tube pass equip- 
ment, multiple-shell exchangers are complex in construction 
and are normally applied only in very large installations. 


8.2 Mechanisms of Heat Transfer 


Heat transfer occurs by one or more of the following three 
mechanisms. 


(i) Conduction. Heat conduction occurs by transfer of vibra- 
tional energy between molecules, or movement of free 
electrons. Conduction is particularly important with met- 
als and occurs without observable movement of matter. 

(ii) Convection. Convection requires movement on a macro- 
scopic scale; it is therefore confined to gases and liquids. 
Natural convection occurs when temperature gradients in 
the system generate localised density differences which 
result in flow currents. In forced convection, flow currents 
are set in motion by an external agent such as a stirrer or 
pump and are independent of density gradients. Higher 
rates of heat transfer are possible with forced convection 
compared with natural convection. 

(iii) Radiation. Energy is radiated from all materials in the 
form of waves; when this radiation is absorbed by matter 
it appears as heat. Because radiation is important at much 
higher temperatures than those normally encountered in 
biological processing, it will not be mentioned further. 


Figure 8.8 Temperature changes for a double tube-pass heat exchanger. (From J.M. Coulson and J.F. Richardson, 1977, 


Chemical Engineering, 3rd edn, Pergamon Press, Oxford.) 


Tube length 


2 
E 
Z 
5 
ee 


Tube length 


8 Heat Transfer 


170 


8.3 Conduction 


In most heat-transfer equipment, heat is exchanged between 
fluids separated by a solid wall. Heat transfer through the wall 
occurs by conduction. In this section we consider equations 
describing rate of conduction as a function of operating 
variables. 

Conduction of heat through a homogeneous solid wall is 
depicted in Figure 8.9. The wall has thickness B; on one side of 
the wall the temperature is 7,, on the other side the tempera- 
ture is 7,. The area of wall exposed to each temperature is A. 
The rate of heat conduction through the wall is given by 
Fourier’s law: 


(8.1) 


where Q is rate of heat transfer, kis the thermal conductivity of 
the wall, Ais surface area perpendicular to the direction of heat 
flow, T is temperature, and y is distance measured normal to 
Ad Tidy is the Lemperature gradient, or change of temperature 
with distance through the wall. The negative sign in Eq. (8.1) 
indicates that heat always flows from hot to cold irrespective of 
whether 47/4 |y is positive or negative. To illustrate this, when 


Figure 8.9 Heat conduction through a flat wall. 
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the temperature gradient is negative relative to co-ordinate y 
(as shown in Figure 8.9), heat flows in the positive y-direction; 
conversely, if the gradient were positive (i.e. T, < T,), heat 
would flow in the negative ydirection. 

Fourier’s law can also be expressed in terms of heat flux, q 
Heat flux is defined as the rate of heat transfer per unit area 
normal to the direction of heat flow. Therefore, from Eq. 


(8.1): 


(8.2) 


Rate of heat transfer Q is also known as power. The SI unit for 
Qis the watt (W); in imperial units Qi is measured in Ba hol, 
Corresponding units of g are W m~? and Btuh ! ft 2 

Thermal conductivity is a transport property of materials; 
values can be found in handbooks. The dimensions of & 
are LMT~307!; units include Wm 7!K7! and 
Bru h7! ft"! °F~!. The magnitude of &in Eqs (8.1) and (8.2) 
reflects the ease with which heat is conducted; the higher the 
value of & the faster is the heat transfer. Table 8.1 lists thermal 
conductivities for some common materials; metals generally 
have higher thermal conductivities than other substances. 
Solids with low & values are used as insulators to minimise the 
rate of conduction, for example, around steam pipes or in 
buildings. Thermal conductivity varies somewhat with tem- 
perature; however for small ranges of temperature, & can be 
considered constant. 


8.3.1 Analogy Between Heat and Momentum 
Transfer 


An analogy exists between the equations for heat and momen- 
tum transfer. Newton’s law of viscosity given by Eq. (7.6): 


(7.6) 


has the same mathematical form as Eq. (8.2). In heat transfer, 
the temperature gradient dT/4y is the driving force for heat 
flow; in momentum transfer the driving force is the velocity 
gradient doy gy. Both heat flux and momentum flux are 
directly proportional to the driving force, and the proportion- 
ality constant, yor &, isa physical property of the material. As 
we shall see in Chapter 9, the analogy between heat and 
momentum transfer can be extended to include mass transfer. 
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Table 8.1 Thermal conductivities 


(From J.M. Coulson and J.F. Richardson, 1977, Chemical Engineering, vol. 1, 3rd edn, Pergamon Press, Oxford) 


Material Temperature k 
(K) (Wm! K7} (Btu h7! fe7! °F~!) 
Solids: Metals 
Aluminium 573 230 133 
Bronze - 189 109 
Copper 373 377 218 
Iron (wrought) 291 61 35 
Iron (cast) 326 48 27.6 
Lead 373 33 19 
Stainless steel 293 16 9.2 
Steel (1% C) 291 45 26 
Solids: Non-metals 
Asbestos 273 0.16 0.09 
Bricks (building) 293 0.69 0.4 
Cotton wool 303 0.050 0.029 
Glass 303 1.09 0.63 
Rubber (hard) 273 0.15 0.087 
Cork 303 0.043 0.025 
Glass wool = 0.041 0.024 
Liquids 
Acetic acid (50%) 293 0.35 0.20 
Ethanol (80%) 293 0.24 0.137 
Glycerol (40%) 293 0.45 0.26 
Water 303 0.62 0.356 
Water 333 0.66 0.381 
Gases 
Air 273 0.024 0.014 
Air 373 0.031 0.018 
Carbon dioxide 273 0.015 0.0085 
Oxygen 273 0.024 0.0141 
Water vapour 373 0.025 0.0145 


8.3.2 Steady-State Conduction 


Consider again the conduction of heat through the wall shown 


expression for rate of conduction as a function of the tempera- 
ture difference across the wall. 
Separating variables in Eq. (8.1) gives: 


in Figure 8.9. At steady state there can be neither accumula- 

tion nor depletion of heat within the wall; this means that the fa) dy=~kAAT. 

rate of heat flow Q must be the same at each point in the wall. (8.3) 
If & is largely independent of temperature and A is also con- 

stant, the only variables in Eq. (8.1) are temperature Tand Both sides of Eq. (8.3) can be integrated after taking the con- 
distance y. We can therefore integrate Eq. (8.1) to obtain an stants Q, kand A outside of the integral signs: 


8 Heat Transfer 


172 


Q|dy=—kA| dT. 
je (8.4) 


From the rules of integration given in Appendix D: 
Qy=—-kAT+K 
(8.5) 


where KX is the integration constant. K is evaluated by applying 
a single boundary condition; in this case we can use the bound- 
ary condition: T= T, at y= 0. Substituting this information 
into Eq. (8.5) gives: 


K=kAT,. 
(8.6) 
Thus eliminating K from Eq. (8.5) gives: 
Qy=-kA(T, - T) 
(8.7) 
or 
is kA 
@= ““(7,- 7). 
J 
(8.8) 


Because Q at steady state is the same at all points in the wall, 
Eq. (8.8) holds for all values of y including at y= B where 
T = T,. Substituting these values into Eq. (8.8) gives the 
expression: 


is kA 
Q oa B (7, oF T;) 
(8.9) 
or 


~ kA 


= — AT. 
Q B 


(8.10) 


Eq. (8.10) allows us to calculate Q if we know the heat-transfer 
area A and the total temperature drop across the slab AT. Eq. 
(8.10) can also be written in the form: 


es AT 
a 
(8.11) 


where R,, is the thermal resistance to heat transfer offered by 


the wall: 


oo: 
w RA 
(8.12) 


In heat transfer, the AJ responsible for flow of heat is known 
as the temperature-difference driving force. Eq. (8.11) is an 
example of the general rate principle which equates rate of 
transfer to the ratio of driving force and resistance. Eq. (8.12) 
can be interpreted as follows: the wall would pose more of a 
resistance to heat transfer if its thickness were increased; on the 
other hand, resistance is reduced if the surface area is increased, 
or the material in the wall is replaced with a substance of 
higher thermal conductivity. 


8.3.3 Combining Thermal Resistances in 
Series 


When a system contains several different heat-transfer resis- 
tances in series, the overall resistance is equal to the sum of the 
individual resistances. For example, if the wall shown in Figure 
8.9 were constructed of several layers of different material, 
each layer would represent a separate resistance to heat trans- 
fer. Consider the three-layer system illustrated in Figure 8.10 
with surface area A, layer thicknesses B,, B, and B,, thermal 
conductivities &,, , and &,, and temperature drops across the 
layers AT,, AT, and AT,. If the layers are in perfect thermal 
contact so that there is no temperature drop across the inter- 
faces, the temperature change across the entire structure is: 


AT = AT,+AT,+AT;, 
(8.13) 


Rate of heat conduction in this system is given by Eq. (8.11), 
with the overall resistance R, equal to the sum of the indi- 
vidual resistances: 


AT 


w ~ (R, By R,+ Rs) 
(8.14) 


where R,, R, and R, are the thermal resistances of the indi- 
vidual layers: 
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Figure 8.10 Heat conduction through three resistances in 


series. 


Eq. (8.14) represents the important principle of additivity of 
resistances. We shall use this principle ater for analysis of con- 
vective heat transfer in pipes and stirred vessels. 


8.4 Heat Transfer Between Fluids 


Convection and conduction both play important roles in heat 
transfer in fluids. In agitated, single-phase systems, convective 
heat transfer in the bulk fluid is linked directly to mixing and 
turbulence and is generally quite rapid. However, in the heat - 
exchange devices described in Section 8.1, additional 
resistances are encountered. 


8.4.1 Thermal Boundary Layers 


Figure 8.11 depicts the heat-transfer situation at any point on 
the pipe wall ofa heat exchanger. Hot and cold fluids flow on 
either side of the wall; we assume that both fluids are in turbu- 
lent flow. The bulk temperature of the hot fluid away from the 
wall is 7; 7. is the bulk temperature of the cold fluid. 7, and 
T,,, are the respective temperatures of hot and cold fluids at 
the wall. 

As explained in Section 7.2.3, when fluid contacts a solid, a 
fluid boundary layer develops at the surface as a result of vis- 
cous drag. Therefore, fluids such as those represented in Figure 
8.11 consist of a turbulent core which accounts for the bulk of 
the fluid, and a thin sublayer or film near the wall where the 
velocity is relatively low. In the turbulent part of the fluid, 
rapidly moving eddies transfer heat quickly so that any tem- 
perature gradients in the bulk fluid can be neglected. The film 
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Figure 8.11 Heat transfer between fluids separated by a 


solid wall. 


Pipe wall 


Cold fluid 


‘Stagnant’' liquid film 


of liquid at the wall is called the thermal boundary layer or stag- 
nant film, although the fluid in it is not actually stationary. This 
viscous sublayer has an important effect on the rate of heat trans- 
fer. Most of the resistance to heat transfer to or from the fluid is 
contained in the film; the reason for this is that heat flow 
through it must occur mainly by conduction rather than con- 
vection because of the reduced velocity of the fluid. The width 
of the film indicated by the broken lines in Figure 8.11 is the 
approximate distance from the wall where the temperature 
reaches the bulk-fluid temperature, either 7, or T.. The thick- 
ness of the thermal boundary layer in most heat-transfer 
situations is less than the hydrodynamic boundary layer 
described in Section 7.2.3. In other words, as we move away 
from the wall, the temperature normally reaches that of the bulk 
fluid before the velocity reaches that of the bulk flow stream. 


8.4.2 Individual Heat-Transfer Coefficients 


Heat exchanged between the fluids in Figure 8.11 encounters 
three major resistances in series: the hot-fluid film resistance at 
the wall, resistance due to the wall itself, and the cold-fluid 
film resistance. Equations for rate of conduction through the 
wall have already been developed in Section 8.3.2. Rate of heat 
transfer through each thermal boundary layer is given by an 
equation somewhat analogous to Eq. (8.10) for steady-state 
conduction: 
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Q =hAAT 
(8.16) 


where A is the individual heat-transfer coefficient, A is the area 
for heat transfer normal to the direction of heat flow, and AT 
is the temperature difference between the wall and the bulk 
stream. AT= 7, — 7, for the hot-fluid film; A7= 7_, — T for 
the cold-fluid film. Eq. (8.16) does not contain a separate term 
for the thickness of the boundary layer; this thickness is diffi- 
cult to measure and depends strongly on the prevailing flow 
conditions. Instead, the effect of film thickness is included in 
the value of 4so that, unlike thermal conductivity, values for 4 
cannot be found in handbooks. The heat-transfer coefficient 4 
is an empirical parameter incorporating the effects of system 
geometry, flow conditions and fluid properties. Because it 
involves fluid flow, convective heat transfer is a more complex 
process than conduction. Consequently, there is little theoret- 
ical basis for calculation of 4; 4 must be determined 
experimentally or evaluated using published correlations 
based on experimental data. Suitable correlations for heat- 
transfer coefficients are presented in Section 8.5.3. SI units for 
h are W m~? K~!; in the imperial system 4 is expressed as 
Btu h7! ft~? 0F~!. Magnitudes of Avary greatly; some typical 
values are listed in Table 8.2. 

Rate of heat transfer Q in each fluid boundary layer can be 
written as the ratio of the driving force A 7 and the resistance. 
Therefore, from Eq. (8.16) the two resistances on either side of 
the pipe wall are as follows: 


1 
R= — 
h AA 
(8.17) 
and 
Table 8.2 Individual heat-transfer coefficients 


1 
R= — 
©" GA 


(8.18) 


where R,, is the resistance to heat transfer in the hot fluid, Ris 
the resistance to heat transfer in the cold fluid, h,, is the indi- 
vidual heat-transfer coefficient for the hot fluid, h, is the 
individual heat-transfer coefficient for the cold fluid and A is 
the surface area for heat transfer. 


8.4.3 Overall Heat-Transfer Coefficient 


Use of Eq. (8.16) to calculate rate of heat transfer in each 
boundary layer requires knowledge of AT for each fluid; this is 
usually difficult because of lack of information about 7, and 
T.,,- Itis easier and more accurate to measure the bulk temper- 
atures of fluids rather than wall temperatures. This problem is 
removed by introduction of the overall heat-transfer coefficient, 
U, for the total heat-flow process through both fluids and the 
wall. Uis defined by the equation: 


Q =UAAT= UA(T, - T). 
(8.19) 


The units of U are the same as 4, eg. Wm * K™! or 
Bru h7! ft-2°F71, Eq. (8.19) written in terms of the ratio of 
driving force (AT) and resistance yields an expression for the 
total resistance to heat flow, Ry: 


AT 
(8.20) 


In Section 8.3.3 it was noted that when there are thermal 


(From W.H. McAdams, 1954, Heat Transmission, 3rd edn, McGraw-Hill, New York) 


Process _ss«Raange of values ofh = 
(W m-?2K7!) (Btu ft~2h~! °F~!) 

Condensing steam 6000-115 000 1000-20 000 

Boiling water 1700—50 000 300-9000 

Condensing organic vapour 1100-2200 200-400 

Heating or cooling water 300-17 000 50-3000 

Heating or cooling oil 60-1700 10-300 

Superheating steam 30-110 5-20 

Heating or cooling air 1-60 0.2-10 
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resistances in series, the total resistance is the sum of the indi- 
vidual resistances. Applying this now to the situation of heat 
exchange between fluids, Ry is equal to the sum of R,, R, and 
R - 
RpHR t+ Rt RK. 
(8.21) 


Combining Eqs (8.12), (8.17), (8.18), (8.20) and (8.21) gives: 


(8.22) 


In Eg. (8.22), the surface area A appears in each term. When 
fluids are separated by a flat wall, the surface area for heat 
transfer through each boundary layer and the wall is the same, 
so that A can be cancelled from the equation. However, a 
minor complication arises with cylindrical geometry such as 
pipes. Let us assume that hot fluid is flowing inside a pipe 
while cold fluid flows outside, as shown in Figure 8.12. 
Because the inside diameter of the pipe is smaller than the out- 
side diameter, the surface areas for heat transfer between the 
fluid and the pipe wall are different for the two fluids. The sur- 
face area of a cylinder is equal to its circumference multiplied 
by length, ie. A= 2RL where Ris the radius of the cylinder 
and Lis its length. Therefore, the heat-transfer area at the hot- 
fluid boundary layer inside the tube is A, = 2nRJ; the 
heat-transfer area at the cold-fluid film outside the tube is 


Figure 8.12 Effect of pipe wall thickness on surface area for 


heat transfer. 


Cold-fluid 


Inside wall boundary layer 


Direction of 
heat flow 


Hot-fluid 
boundary 
layer 


Outside surface 
of tube 
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A, = 2nR,L. The surface area available for conduction through 
the wall varies between A; and A,. 

The variation of heat-transfer area in cylindrical systems 
depends on the thickness of the pipe wall; for thin walls the 
variation will be relatively small. In engineering design, these 
variations in surface area are incorporated into the equations 
for heat transfer. However, for the sake of simplicity, in this 
chapter we will ignore any differences in surface area; we will 
assume in effect that the pipes are thin-walled. Accordingly, 
for cylindrical as well as flat geometry, we can cancel A from 
Eq. (8.22), and write a simplified equation for U: 


1 
U 


oy Bea 
= hy, + ra + Be A 

(8.23) 
The overall heat-transfer coefficient characterises the operat- 
ing conditions used for heat transfer. Small U for a particular 
process means that the system has limited capacity for heat 
exchange; U can be improved by manipulating operating 
conditions such as fluid velocity in shell-and-tube equipment 
or stirrer speed in bioreactors. U is independent of A. Heat 
transfer in an exchanger with small Ucan also be improved by 
increasing the heat-transfer area and size of the unit; however 
increasing A raises the cost of the equipment. If Uis large, the 
heat exchanger is well designed and is operating under condi- 


tions which enhance heat transfer. 


8.4.4 Fouling Factors 


Heat-transfer equipment in service does not remain clean. 
Dirt and scale deposit on one or both sides of the pipes, pro- 
viding additional resistance to heat flow and reducing the 
overall heat-transfer coefficient. Resistances to heat transfer 
when fouling affects both sides of the heat-transfer surface are 
represented in Figure 8.13. Five resistances are present in 
series: the thermal boundary layer on the hot-fluid side, a foul- 
ing layer on the hot-fluid side, the pipe wall, a fouling layer on 
the cold-fluid side, and the cold-fluid boundary layer. 

Each fouling layer has associated with it a heat-transfer 
coefficient; for scale and dirt the coefficient is called a fouling 
factor. Let hp, be the fouling factor on the hot-fluid side, and 
h,. be the fouling factor on the cold-fluid side. When these 
additional resistances are present, they must be included in the 
expression for the overall heat-transfer coefficient, U. Eq. 
(8.23) becomes: 


1 1 1 B 1 1 
k 


Uy BR ge 


Cc 


(8.24) 
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Figure 8.13 Resistances to heat transfer with fouling 
deposits on both surfaces. 


Fouling layers 


Pipe wall 


Cold fluid 


Hot fluid 


‘Stagnant’ liquid film 


Table 8.3 Fouling factors for scale deposits 


(Data from J.M. Coulson and J.F. Richardson, 1977, Chemical Engineering, vol. 1, 3rd edn, Pergamon Press, Oxford) 


Adding fouling factors in Eq. (8.24) increases 1/y, thus 
decreasing the value of U. 

Accurate estimation of fouling factors is very difficult. The 
chemical nature of the deposit and its thermal conductivity 
depend on the fluid in the tube and the temperature; fouling 
thickness can also vary between cleanings. Typical values of 
fouling factors for various fluids are listed in Table 8.3. 


8.5 Design Equations For Heat-Transfer 
Systems 


The basic equation for design of heat exchangers is Eq. (8.19). 
If Q, Uand A Tare known, this equation allows us to calculate 
A. Specification of A is a major objective of heat-exchanger 
design; the surface area required dictates the configuration and 
size of the equipment and its cost. In the following sections, we 
will consider procedures for determining Q, Uand AT for use 


in Eq. (8.19). 
8.5.1 Energy Balance 


In heat-exchanger design, energy balances are applied to deter- 
mine Q and all inlet and outlet temperatures used to specify 


Source of deposit Fouling factor 
(W m2 K7!) (Btu ft~2 h7! oF ~}) 

Water* 

Distilled 11 000 2 000 

Sea 11 000 2 000 

Clear river 4 800 800 

Untreated cooling tower 1 700 300 

Hard well 1 700 300 
Steam . 

Good quality, oil free 19 000 3 000 
Liquids 

Treated brine 3 700 700 

Organics 5 600 1 000 

Fuel oils 1 000 200 
Gases 

Air 2 000-4 000 300-700 

Solvent vapour 7 000 1 300 


* Velocity 1 ms7}; temperature less than 320K 
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AT. These energy balances are based on general equations for 
flow systems derived in Chapters 5 and 6. 

Let us first consider the equations for double-pipe or 
shell-and-tube heat-exchangers. From Eq. (6.10), under 
steady-state conditions 4Z/4,= 0 and in the absence of shaft 
work (W, = 0), the energy-balance equation is: 


M, hy aa M, h, . Q=0 
(8.25) 


where M, is mass flow rate in, M, is mass flow rate out, 4, is 
specific enthalpy of the incoming stream, 4, is specific en- 
thalpy of the outgoing stream and Q is rate of heat removal 
from the system. Unfortunately, the conventional symbols for 
individual heat-transfer coefficient and specific enthalpy are 
the same: 4. In this section, 4 in Eqs (8.25)—(8.30) and (8.33) 
denotes specific enthalpy; otherwise in this chapter, / repre- 
sents the individual heat-transfer coefficient. 

Eq. (8.25) can be applied separately to each fluid in the heat 
exchanger. As the mass flow rate is the same at the inlet as at 
the outlet, for the hot fluid: 

M, (hyi— Ay.) — Q,=0 

(8.26) 


M, Anim Pho) = Q, 
(8.27) 


where subscript h denotes hot fluid and Q, is the rate of heat 
transfer from that fluid. Equations similar to Eqs (8.26) and 
(8.27) can be derived for the cold fluid: 

M, (hg- h, 


Jt+Q=0 
(8.28) 
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or 
M, ee h5) ma Q. 
(8.29) 


where subscript c refers to cold fluid. Q. is the rate of heat flow 
into the cold fluid; therefore Q. is added rather than sub- 
tracted in Eq. (8.28). 

When there are no heat losses from the exchanger, all heat 
removed from the hot stream is taken up by the cold stream. 
We can therefore equate Q terms in Egs (8.27) and (8.29): 
Q, =Q c= Q. Therefore: 


M,, Ay hy.) = M, Ao h) > Q : 


(8.30) 


When sensible heat is exchanged between fluids, the enthalpy 
differences in Eq. (8.30) can be expressed in terms of the heat 
capacity C, and the temperature change for each fluid. If we 
cum & constant over the temperature range in the 
exchanger, Eq. (8.30) becomes: 

T,) =Q 


Cyn Fai Tag) = Gye Teg 


c “pc 
(8.31) 


where C,,, is the heat capacity of the hot fluid, C,, is the heat 
capacity of the cold fluid, 7, is the inlet enperacire of the hot 
fluid, 7), is the outlet temperature of the hor fluid, 7; is the 
inlet temperature of the cold fluid, and 7, is the outlet tem- 
perature of the cold fluid. 

In heat-exchanger design, Eq. (8.31) is used to determine 
Q and the inlet and outlet conditions of the fluid streams. This 
is illustrated in Example 8.1. 


Example 8.1 Heat exchanger 


Hot, freshly-sterilised nutrient medium is cooled in a double-pipe heat exchanger before being used in a fermentation. Medium 
leaving the steriliser at 121°C enters the exchanger at a flow rate of 10 m?> h7!; the desired outlet temperature is 30°C. Heat from 
the medium is used to raise the temperature of 25 m? h7 ! water initially at 15°C. The system operates at steady state. Assume 


that nutrient medium has the properties of water. 


(a) What rate of heat transfer is required? 


(b) Calculate the final temperature of the cooling water as it leaves the heat exchanger. 


Solution: 
The density of water and medium is 1000 kg m7 3. Therefore: 
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lh 


The heat capacity of water can be taken as 75.4 J gmol~!°C~! for most of the temperature range of interest (Table B.3). 


M,=10m3h7!. rae ieee = 2.78kgs"! 

M,=25m3h7!, a | | = 6.94 kgs}. 
Therefore: 

Cy= C.=75.4 J gmol- eco! ; a | ee 


= 4.19x 103 Jkg7!eC! 
(a) From Eq. (8.31) for the hort fluid: 
Q= (2.78 kg s~!) (4.19 x 103J kg! °C 7!) (121 — 30)°C 
= 1.06 x 10°Js~! = 1060 kW. 


(b) For the cold fluid, from Eq. (8.31): 


1.06 x 10°J s~! 


T2159 
ie (6.94 kg s~!) (4.19 x 103 J kg~! °C) 


The exit water temperature is 52°C. 


Eq. (8.31) can also be applied to heat removal from a reactor 
for the purpose of temperature control. At steady state, the 
temperature of the hot fluid, e.g. fermentation broth, does not 
change; therefore the left-hand side of Eq. (8.31) is zero. If 
energy is absorbed by the cold fluid as sensible heat, the 
energy-balance equation becomes: 


M,C, LF ee i) = Q. 
i (8.32) 


To use Eq. (8.32) for bioreactor design we must know Q. Q is 
found by considering all significant heat sources and sinks in 
the system; an expression involving Q for fermentation 
systems was presented in Chapter 6 based on relationships 
derived in Chapter 5: 


(6.12) 


= 51.5°C. 


where AH rn iS the rate of heat absorption or evolution due to 
metabolic reaction, M, is the mass flow rate of evaporated liq- 
uid leaving the system, Aj, is the latent heat of evaporation, 
and W, is the rate of shaft work done on the system. For exo- 
thermic reactions AH ___ is negative, for endothermic reactions 
AH, 8 positive. In most fermentation systems the only 
source of shaft work is the stirrer; therefore W, is the power P 
dissipated by the impeller. Methods for estimating P are 
described in Section 7.10. Eq. (6.12) represents a considerable 
simplification of the energy balance. It is applicable to systems 
in which heat of reaction dominates the energy balance so that 
contributions from sensible heat and heats of solution can be 
ignored. In large insulated fermenters, heat produced by meta- 
bolic activity is by far the dominant source of heat; energy 
dissipated by stirring may also be worth considering. The 
other heat sources and sinks are relatively minor and can 
generally be neglected. 
At steady state 4E/4,= 0 and Eq. (6.12) becomes: 
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Q= -AH_, - M, Ah,+ W, : Examples 5.7 and 5.8. Once Q has been estimated, Eq. (8.32) 
(8.33) is used to evaluate unknown operating conditions as shown in 
Application of Eq. (8.33) to determine Q is illustrated in Example 8.2. 


Example 8.2 Cooling coil 


A 150 m? bioreactor is operated at 35°C to produce fungal biomass from glucose. The rate of oxygen uptake by the culture is 
1.5 kg m7 h7}; the agitator dissipates heat at a rate of 1 kW m~3. 60 m3 h7™! cooling water available from a nearby river at 
10°C is passed through an internal coil in the fermentation tank. If the system operates at steady state, what is the exit tempera- 
ture of the cooling water? 


Solution: 
Rate of heat generation by aerobic cultures is calculated directly from the oxygen demand. As outlined in Section 5.9.2, approx- 
imately 460 kJ heat is released for each gmol oxygen consumed. Therefore, the metabolic heat load is: 


2 —460 kJ 1 gmol | 1000 g | ‘=! sam z 
AH__= ———.. .| —— |. (1. $h71 
sc are 32¢ 1 Oke RO) agg oe 
= —898 kJ s7! 
= —898 kW. 


AH mn 18 Negative because fermentation is exothermic. The rate of heat dissipation by the agitator is: 
(1 kW m7?) 150 m3 = 150 kW. 

We can now calculate Q from Eq. (8.33): 
Q = (898 + 150) kW = 1048 kW. 

The density of the cooling water is 1000 kg m~?; therefore: 


lh 
3600 s 


| 1000 kg 
7 3 


M_=60 m3h~! | = 16.7 kgs}. 


The heat capacity of water is 75.4] gmol” !°C~! (Table B.3). Therefore: 


1 gmol 
18¢ 


C,.= 75.4] gmol™!°C™!. | 


| 1000 g 
1kg 
We can now apply Eq. (8.32) by rearranging and solving for T_.: 


= 4.19x 10? Jkg eC). 


co T+ = 
MC. 
1048 x 103 Js! 
T,,=10°C + NSB 10" 25.0°C. 
(16.7 kg s~!) (4.19 x 103 J kg ~! °C!) 


The water outlet temperature is 25°C. 
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8.5.2 Logarithmic- and Arithmetic-Mean 
Temperature Differences 


Application of the heat-exchanger design equation, Eq. (8.19), 
requires knowledge of the temperature-difference driving 
force for heat transfer, AT: AT is equal to the difference in 
temperature between hot and cold fluids. However, as we have 
seen in Figures 8.2, 8.4, 8.5 and 8.8, fluid temperatures vary 
with position in heat exchangers; for example, the temperature 
difference between hot and cold fluids at one end of the 
exchanger may be more or less than at the other end. The driv- 
ing force for heat transfer therefore varies from point to point 
in the system. For application of Eq. (8.19), this difficulty is 
overcome by use of an average AT. 

If the temperature varies in both fluids in either counter- 
current or cocurrent flow, the logarithmic-mean temperature 


difference AT, is used: 
AT, = AT, - AT, AT, ~ AT, 


~ In(AT,JAT,) 2.303 log (AT,/AT,) 
(8.34) 


Example 8.3 ‘Log-mean temperature difference 
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where AT, and AT, are the temperature differences between 
hot and cold fluids at the ends of the equipment. AT, and AT, 
are calculated using the values for 7, 7, 7, and T., 
obtained from the energy balance. For convenience and to 
eliminate negative numbers and their logarithms, subscripts 1 
and 2 can refer to either end of the exchanger. Eq. (8.34) has 
been derived using the following assumptions: 


(i) the overall heat-transfer coefficient Uis constant; 

(ii) the specific heats of the hot and cold fluids are constant; 

(iii) heat losses from the system are negligible; and 

(iv) the system is at steady-state in either countercurrent or 
cocurrent flow. 


The most questionable of these assumptions is that of constant 

U, since this coefficient varies with temperature of the fluids. 
However, because the change with temperature is gradual, 
when temperature differences in the system are moderate the 
assumption is not seriously in error. Other details of the deri- 
vation of Eq. (8.34) can be found elsewhere [1, 2]. 


A liquid stream is cooled from 70°C to 32°C in a double-pipe heat exchanger. Fluid flowing countercurrently with this stream is 
heated from 20°C to 44°C. Calculate the log-mean temperature difference. 


Solution: 


The heat-exchanger configuration is shown in Figure 8E3.1. At the left-hand end of the equipment, AT, = (32 — 20)°C = 12°C. 


At the other end, A7, = (70 — 44)°C = 26°C. From Eq. (8.34): 


_ (26 -12)°C _ 


: 18.1°C. 
In (26 / 12) 


Figure 8E3.1_ Flow configuration for heat exchanger. 


Heat exchanger 
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As noted above, the log-mean temperature difference is appli- 
cable to systems with cocurrent or countercurrent flow. In 
multiple-pass shell-and-tube heat exchangers, flow is neither 
countercurrent nor cocurrent. In these units the flow pattern is 
complex, with cocurrent, countercurrent and cross-flow all 
present. For shell-and-tube heat exchangers with more than a 
single tube or shell pass, the log-mean temperature difference 
must be used with a suitable correction factor to account for 
the geometry of the exchanger. Correction factors for cross- 
flow are available in other references [1-3]. 

When one fluid in the heat-exchange system remains at a 
constant temperature such as in a fermenter, the arithmetic- 
mean temperature difference AT, is the appropriate AT to use 
in heat-exchanger design: 


Te feel 
(8.35) 


where 7; is the temperature of fluid in the fermenter and 7, 
and T, are the inlet and exit temperatures of the other fluid. 


8.5.3 Calculation of Heat-Transfer 
Coefficients 


As described in Sections 8.4.3 and 8.4.4, Uin Eq. (8.19) can 
be determined as a combination of individual heat-transfer 
coefficients, properties of the separating wall, and, if appli- 
cable, fouling factors. Values of the individual heat-transfer 
coefficients 4, and h, depend on the thickness of the fluid 
boundary layers, which is in turn strongly dependent on flow 
velocity and fluid properties such as viscosity and thermal con- 
ductivity. Increasing the level of turbulence and decreasing the 
viscosity will reduce the thickness of the liquid film, and hence 


increase the heat-transfer coefficient. Individual heat-transfer’ 


coefficients for flow in pipes or stirred vessels are usually evalu- 
ated using empirical correlations expressed in terms of 
dimensionless numbers. 

The general form of correlations for heat-transfer coeffi- 
cients is: 


D pf, 
Nu= f (Reor Re., Pr, Gry —) 


w 


(8.36) 


where f means ‘some function of’, and: 


Nu = Nusselt number = = 
fb 
(8.37) 


D 
Re = Reynolds number for pipe fow = pass 
Pe 
(8.38) 
N.D?2 
Re, = impeller Reynolds number = Sue 
Po 
(8.39) 
C 
Pr = Prandtl number = aphb 
ke, 
(8.40) 
and 
D3ep2 
Gr = Grashof number for heat transfer = oe : 
Pb 
(8.41) 


Parameters in the above equations are as follows: 4 is the indi- 
vidual heat-transfer coefficient, Dis the pipe or tank diameter, 
kp, is the thermal conductivity of the bulk fluid, w is the linear 
velocity of fluid in the pipe, p is the average density of the 
fluid, 1, is the viscosity of the bulk fluid, N, is the rotational 
speed of the impeller, D, is the impeller diameter, C, is the 
average heat capacity of the fluid, g is gravitational accelera- 
tion, is the coefficient of thermal expansion of the fluid, AT 
is the variation of fluid temperature in the system, L is pipe 
length, and y,, is the viscosity of fluid at the wall. 

The Nusselt number contains the heat-transfer coefficient 
A, and represents the ratio of rates of convective and conduc- 
tive heat transfer. The Prandtl number represents the ratio of 
momentum and heat transfer; Pr contains physical constants 
which, for Newtonian fluids, are independent of flow con- 
ditions. The Grashof number represents the ratio of 
gravitational to viscous forces, and appears in correlations only 
when the fluid is not well mixed. Under these conditions the 
fluid density is no longer uniform and natural convection 
becomes an important heat-transfer mechanism. In most 
industrial applications, heat transfer occurs between turbulent 
fluids in pipes or in stirred vessels; forced convection in these 
systems is therefore more important than natural convection 
and the Grashof number is not of concern. The form of the 
correlation used to evaluate Nand therefore / depends on the 
configuration of the heat-transfer equipment, the flow condi- 
tions and other factors. 

A wide variety of heat-transfer situations is met in practice 
and there are many correlations available to biochemical engi- 
neers designing heat-exchange equipment. The most common 
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heat-transfer applications are as follows: 


(i) heat flow to or from fluids inside tubes, without phase 
change; 

heat flow to or from fluids outside tubes, without phase 
change; 

heat flow from condensing fluids; and 

heat flow to boiling liquids. 


(ii) 


(iii) 
(iv) 
Different equations are generally required to evaluate 4, and 
4, depending on the flow geometry of the hot and cold fluids. 
Examples of correlations for heat-transfer coefficients in bio- 


processing are given in the next section. Others can be found 
in the references listed at the end of this chapter. 


Example 8.4 Tube-side heat-transfer coefficient 
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8.5.3.1 Flow in tubes without phase change 


There are several widely-accepted correlations for forced con- 
vection in tubes. The heat-transfer coefficient for fluid flowing 
inside a tube can be calculated from the following equation [2]: 


Nu=0.023 Re®8 Pr, 
(8.42) 


Eq. (8.42) is valid for either heating or cooling of liquids with 
viscosity close to water, and applies under the following condi- 
tions: 104 < Re< 1.2 x 105 (turbulent flow), 0.7 < Pr< 120, 
and L/ p = 60. Application of Eq. (8.42) to evaluate the tube- 
side heat-transfer coefficient in a heat exchanger is illustrated 


in Example 8.4. 


A single-pass shell-and-tube heat exchanger is used to heat a dilute salt solution used in large-scale protein chromatography. 
25.5 m? h™! solution passes through 42 parallel tubes inside the heat exchanger; the internal diameter of the tubes is 1.5 cm and 
the tube length is 4 m. The viscosity of the bulk salt solution is 1073 kg m7! s~!, the density is 1010 kg m7 3, the average heat- 
capacity is 4 kJ kg~! °C ~! and the thermal conductivity is 0.64 W m7! °C ~!. Calculate the heat-transfer coefficient. 


Solution: 


First we must evaluate Reand Pr. All parameter values for calculation of these dimensionless groups are known except x, the lin- 
ear fluid velocity. «is obtained by dividing the volumetric flow rate of the fluid by the total flow cross-sectional area. 


Total flow cross-sectional area = (cross-sectional area of each tube) (number of tubes) 


=42 (mR?) 
1. 2 2 
=42n ( 5x10 =) 
2 
=7.42x 1073 m2. 
Therefore: 
25.5 m3h! th | 
= ——— = 0. v1, 
“= 742x102 m2 | 3600s aps 
From Egs (8.38) and (8.40): 
197-2 -1 bees 
Re = (15x10 m) (0.95ms_ °)(1010kgm Nae aes 
10-3kgm 7's"! 
and 
3 lee-l 3 lel 
Pp = X10 Jkg '°C™*) 10 “kgm™*s~*) = 625. 


0.64Js-}m7!°c7! 
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Also, £/ p = 267. As 104 < Re < 1.2 x 105, 0.7 < Pr < 120 and L/ p = 60, Eq. (8.42) is valid. 


Nu=0.023 (1.44 x 104)°8 (6.25)04= 101.6. 
Calculating 4 from this value of Nu : 


, _ 101.6 (0.64 Wm=!°C7!) 


= 4335 Wm 2°C7!, 
1.5x107-2m 


The heat-transfer coefficient is 4.3 kW m~2°C7!. 


For very viscous liquids, because of the temperature variation 
across the thermal boundary layer, there may be a marked dif- 
ference between the viscosity of fluid in bulk flow and the 
viscosity of fluid adjacent to the wall. A modified form of Eq. 
(8.42) includes a viscosity correction term [3, 4]: 


He 0.14 
Nu= 0.027 Re®8 Pr?33 (4 . 


Bw 
(8.43) 


When flow in pipes is laminar rather than turbulent, Eqs 
(8.42) and (8.43) do not apply. In liquids with Re < 2100, 
fluid buoyancy and natural convection play an important role 
in heat transfer. Heat-transfer correlations for laminar flow in 
tubes can be found in other texts, e.g. [2]. 


8.5.3.2 Flow outside tubes without phase change 


In the shell section of shell-and-tube heat exchangers, Aluid 
flows around the outside of the tubes. The degree of turbu- 
lence, and therefore the external heat-transfer coefficient for 
the shell fluid, depend in part on the geometric arrangement of 
the tubes and baffles. Tubes in the exchanger may be arranged 
‘in line’ as shown in Figure 8.14(a), or ‘staggered’ as shown in 
Figure 8.14(b). The degree of turbulence is considerably less 
for tubes in line than for staggered tubes. Because the area for 
flow through a bank of staggered tubes is continually chang- 
ing, this is a difficult system to analyse. 

The following correlation has been proposed for flow of 
fluid at right-angles to a bank of tubes more than 10 rows deep 
(5, 6]: 


Nu=C Res Pr 9-33, a 
(8.44) 


In Eq. (8.44) C= 0.33 for staggered tubes and C= 0.26 for in- 


line tubes. Re_,, is the Reynolds number evaluated using Eq. 


Figure 8.14 Configuration of tubes in shell-and-tube heat 
exchanger: (a) tubes ‘in line’; (b) ‘staggered’ tubes. 
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(8.38) with D equal to the outside tube diameter and equal 
to the maximum fluid velocity based on the minimum free 
area available for fluid flow. For flow outside tubes, Din Nu is 
usually taken as the outside tube diameter. Eq. (8.44) is valid 
for Re, > 6X 10° [6]. 


8.5.3.3 Stirred liquids 


The heat-transfer coefficient in stirred vessels depends on the 
degree of agitation and the fluid properties. When heat is 
transferred to or from a helical coil in the vessel, /can be deter- 
mined using the following equation [7]: 
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viscosity j4,. When heat is transferred to or from a jacket rather 


0.14 
Pr 
Nu= 0.87 Re,9-2 Pp9-33 (=) than a coil, the correlation is slightly modified [7]: 


Pw 
(8.45) 
where Re. is given by Eq. (8.39), and D in Nu refers to the inside 
diameter of the tank. For low-viscosity fluids such as water, the 
viscosity at the wall 4, can usually be assumed equal to the bulk 


ye 0.14 
Nu=0.36 Re,9-57 Py033 (2+) ; 
Py 
(8.46) 


Example 8.5 Heat-transfer coefficient for stirred vessel 


A stirred fermenter of diameter 5 m contains an internal helical coil for heat transfer. The fermenter is mixed using a turbine 
impeller 1.8 m in diameter operated at 60 rpm. The fermentation broth has the following properties: wy = 5X 10-3 Pas; 
p= 1000 kg m73; C.=4.2 kJ kg@!°C 7}; kp, =0.70 W m7! °C~!. Neglecting viscosity changes at the wall of the coil, calculate 


the heat-transfer coefficient. 
Solution: 
From Egs (8.39) and (8.40): 
ghia 
60 min=| a . (1.8 m)? (1000 kg m73) 
Re = : 
5x 10-3kg m7! s-! 


ies (4.2 x 103 Jkg7!°C7!) (5x 1073 kg m7! s~!) = 
0.70Js~!m7!}°C7! 
These values can be substituted into Eq. (8.45) to evaluate Nu: 
Nu=0.87 (6.48 x 10°)%-%2 (30)°33 = 1.07 x 104. 
Calculating 4 from this value of Nu: 


_ (1,07 x 104) (0.70 Wm! °C~!) 


5m 


h 


The heat-transfer coefficient is 1.5 kW m™2°C"!, 


= 6.48 x 10° 


30. 


= 1501 Wm-?°C7!. 


8.6 Application of the Design Equations 


The equations of Sections 8.4 and 8.5 provide the essential ele- 
ments for design of heat-transfer systems. Eq. (8.19) is used as 
the design equation, with Q and the inlet and outlet tempera- 
tures available from energy-balance calculations as described 
in Section 8.5.1. The overall heat-transfer coefficient is evalu- 
ated from correlations such as those given in Section 8.5.3; 
additional terms are included if the heat-transfer surfaces are 
fouled. With these parameters at hand, the area required and 
the size and capital cost of the equipment can be determined. 
Because metabolic rates, and therefore heat-production rates, 


vary during fermentation, the rate at which heat is removed 
from the bioreactor must also be varied to maintain constant 
temperature. Heat-transfer design is based on the maximum 
heat load for the system. When the rate of heat generation 
drops, operating conditions can be changed to reduce the rate 
of heat removal; the simplest way of achieving this is to 
decrease the cooling-water flow rate. 

The procedures outlined in this chapter represent the sim- 
plest and most direct approach to heat-transfer design. If 
several independent variables remain unfixed prior to design 
calculations, many different design outcomes are possible. 
When variables such as type of fluid, mass flow rates and 
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terminal temperatures are unspecified, they can be manipulat- 
ed to produce an optimum design, e.g. the design yielding the 
lowest total cost per year of operation. Computer packages 
which optimise heat-exchanger design are available commer- 
cially. 

Calculation of equipment requirements for heating or 
cooling of fermenters can sometimes be simplified by consid- 
ering the relative importance of each heat-transfer resistance. 
For large fermentation vessels containing cooling coils, the 
fluid velocity in the vessel is generally much slower than in the 
coils; accordingly, the tube-side thermal boundary layer is rela- 
tively thin and most of the heat-transfer resistance is located in 
the fermentation medium. Especially when there is no fouling 
present in the tubes, the heat-transfer coefficient for the cool- 
ing water can often be omitted when calculating U. Likewise, 
the wall resistance can sometimes be ignored as conduction of 
heat through metal is generally very rapid. An exception is 
stainless steel which is used widely in the fermentation indus- 
try; the low thermal conductivity of this material means that 
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wall resistance should be taken into account if the wall thick- 
ness is greater than about 5 mm. 

The influence of sparging on heat transfer in stirred bioreac- 
tors is not clear; however, as the effect is minor compared with 
other parameters, correlations developed for ungassed systems 
are applied to aerobic fermentations. For non-Newtonian 
broths, apparent viscosity can be substituted for 4, in the 
dimensionless groups Re, Re, and Pr; this substitution is not 
straightforward when rheological parameters such as #, Kand T, 
change during the culture period. Apparent viscosity also 
depends on the shear rate in the fermenter which varies greatly 
throughout the vessel. Correlations for heat-transfer coefficients 
such as those presented in this chapter were not developed for 
fermentation systems and must not be considered to give exact 
values. The actual flow behaviour in many bioprocesses is poor- 
ly characterised due to the effects of non-Newtonian rheology 
and the presence of cells and air bubbles. 

Application of heat-exchanger design equations to specify a 
fermenter cooling-system is illustrated in Example 8.6. 


Example 8.6 Cooling-coil length in fermenter design 


A fermenter used for antibiotic production must be kept at 27°C. After considering the oxygen demand of the organism and the 
heat dissipation from the stirrer, the maximum heat-transfer rate required is estimated as 550 kW. Cooling water is available at 
10°C; the exit temperature of the cooling water is calculated using an energy balance as 25°C. The heat-transfer coefficient for 
the fermentation broth is estimated from Eq. (8.45) as 2150 W m~2°C~!, The heat-transfer coefficient for the cooling water is 
calculated as 14 000 W m~?°C ~!. It is proposed to install a helical cooling coil inside the fermenter; the outer diameter of the 
coil pipe is 8 cm, the pipe thickness is 5 mm and the thermal conductivity of the steel is 60 W m7! °C7!. An average internal 
fouling-factor of 8500 W m~?°C~! is expected; the fermenter side surface of the coil is kept relatively clean. What length of 
cooling coil is required? 


Solution: 
Q = 550 x 103 W. AT is calculated as the arithmetic-average temperature difference from Eq. (8.35): 


2(27°C) — (10+ 25)°C 
2 


AT= = 95°C. 


Vis calculated using Eq. (8.24) after omitting 4g, as there is no fouling layer on the hot side of the system: 


1 } 5x1073 1 1 

ae eee ea a fees 2>cwe!} 

ij (a * 60 14000 * 8500 )m 

= (4.65 x 10744 8.33 x 1075+7.14 x 1075+ 1.18 x 1074) m2°C W! 
= 7.38x10-4m2°C W7! 


UP 1359 Wm 2°G *, 
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Note the relative magnitudes of the four contributions to U: the cooling-water coefficient and the wall resistance make a compar- 


atively minor contribution and can often be neglected in design calculations. 
We can now apply Eq. (8.19) to evaluate the required surface area A. 


3 
= ey = 42.7 m?. 
The heat-transfer area is equal to the surface area of the pipe: 
A=2n RL 
where Ris the pipe radius and L is the pipe length. Therefore: 


42.7 m2 


| 
2x |————_ } m 
2 


L= = 169.9 m. 


The length of coil required is 170 m. The cost of such a length of pipe is a significant factor in the overall cost of the fermenter. 


8.6.1 Relationship Between Heat Transfer, 
Cell Concentration and Stirring Conditions 


The design equation (8.19) and the energy-balance equation 
(8.33) allow us to derive some important relationships for fer- 
menter operation. Because cell metabolism is usually the 
largest source of heat in fermenters, the capacity of the system 
for heat removal can be linked directly to the maximum cell 
concentration in the reactor. Assuming that heat dissipated 
from the stirrer and the cooling effects of evaporation are 
negligible compared with the heat of reaction, Eq. (8.33) 


becomes: 


OS SAR. 
(8.47) 


In aerobic fermentation, heat of reaction is related to the rate 
of oxygen consumption by the cells. As outlined in Section 
5.9.2, approximately 460 kJ heat is released for each gmol oxy- 
gen consumed. If Qo is the rate of oxygen uptake per unit 
volume in the fermenter: 


AH,, = (—460 kJ gmol™!) Q4V 
(8.48) 


where Vis the reactor volume. Typical units for Q, are gmol 
ms! AH xn in Eq. (8.48) is negative because the reaction 
is exothermic. Substituting this equation in Eq. (8.47): 


Q = (460 kJ gmol') QoV. 
(8.49) 


If qo is the specific oxygen-uptake rate, or rate of oxygen 
consumption per unit cell, Q,, = 4 x where x is cell concen- 
tration. Typical units for g, are gmol g~! s~!. Therefore: 
Q =(460 kJ gmol!) gxV. 
(8.50) 


Substituting this into Eq. (8.19) gives: 


(460 kJ gmol™!) gyxV= UAAT. 
(8.51) 


The fastest rate of heat transfer occurs when the temperature 
difference between fermenter contents and cooling water is 
maximum. Hypothetically, this occurs when the cooling water 
remains at its inlet temperature, i.e. AT= (7, — T.,) where T;, 
is the fermentation temperature and T_, is the water inlet tem- 
perature. Therefore, we can determine from Eq. (8.51) the 
maximum cell concentration supported by the heat-transfer 
system: 


__UA(T, — T,) 
*max ~ (460 KJ gol!) qV 
(8.52) 
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It is undesirable for biomass concentration in fermenters to be 
limited by heat-transfer capacity. Therefore, if the maximum 
cell concentration estimated using Eq. (8.52) is lower than 
that desired in the process, the heat-transfer facilities must be 
improved. For example, area A could be increased by installing 
a longer cooling coil, or the overall heat-transfer coefficient 
could be improved by increasing the stirrer speed. Eq. (8.52) 
was derived for fermenters in which shaft work could be 
ignored; if stirrer power adds significantly to the total heat 
load, x,,,,, Will be somewhat smaller than that calculated. 

It should be evident from Chapters 7 and 8 that mixing 
and heat transfer are not independent functions in bioreac- 
tors. Agitation rate and stirrer size affect the value of the 
heat-transfer coefficient in the fermentation fluid; turbu- 
lence in the reactor decreases the thickness of the thermal 
boundary layer and facilitates rapid heat transfer. However, 
stirring also generates heat and contributes to the total heat 
load that must be removed from the reactor to maintain con- 
stant temperature. Heat removal can be a severe problem in 
bioreactors if the fluid is viscous; turbulence and high heat- 
transfer coefficients are difficult to achieve in highly viscous 
liquids without enormous power input which itself generates 
an extra heat load. These relationships are explored further in 
Problem 8.8. 


8.7 Summary of Chapter 8 
After studying Chapter 8, you should: 


(i) understand the mechanisms of conduction and convection 
in heat transfer; 


(ii) know Fourier’s law of conduction in terms of the thermal 
conductivity of materials; 

(iii) be able to describe equipment used for heat exchange in 
industrial bioprocesses; 

(iv) understand the importance of the thermal boundary layer 


in heat transfer; 
(v) know the heat-transfer design equation and the meaning 
of the overall heat-transfer coefficient U; 
understand how the overall heat-transfer coefficient can 
be expressed in terms of individual resistances to heat 
transfer; 
(vii) know how individual heat-transfer coefficients are estimated; 
(viii) know how to incorporate fouling factors into heat-trans- 
fer analysis; 
(ix) for heat exchange to or from fermentation vessels, know 
what are the major resistances to heat transfer; and 
(x) beable to carry out simple calculations for design of heat- 
transfer systems. 


(vi) 


187 


Problems 


8.1 Rate of conduction 
(a) A furnace wall is constructed of firebrick 15-cm thick. The 


temperature inside the wall is 700°C; the temperature 
outside is 80°C. If the thermal conductivity of the brick 
under these conditions is 0.3 W m7! K7~!, what is the 
rate of heat loss through 1.5 m? of wall surface? 

(b) The 1.5 m? area in part (a) is insulated with 4-cm thick 
asbestos with thermal conductivity 0.1 Wm7!K7}, 
What is the rate of heat loss now? 


8.2 Overall heat-transfer coefficient 


Heat is transferred from one fluid to a second fluid across a 
metal wall. The film coefficients are 1.2 and 1.7kW m2 
K~!. The metal is 6-mm thick and has a thermal conductivity 
of 19 W m7! K7!. On one side of the wall there is a scale 
deposit with a fouling factor estimated at 830 W m7? K7!. 
What is the overall heat-transfer coefficient? 


8.3 Effect of cooling-coil length on coolant 
requirements 


A fermenter is maintained at 35°C by water circulating at a 
rate of 0.5 kg s~! in a cooling coil inside the vessel. The inlet 
and outlet temperatures of the water are 8°C and 15°C, respec- 
tively. 

The length of the cooling coil is increased by 50%. In order 
to maintain the same fermentation temperature, the rate of 
heat removal must be kept the same. Determine the new cool- 
ing-water flow rate and outlet temperature by carrying out the 
following calculations. The heat capacity of the cooling water 
can be taken as 4.18 kJ kg~!°C7!. 


(a) From a steady-state energy balance on the cooling water, 

calculate the rate of cooling with the original coil. 

Determine the mean temperature difference with the 

original coil. 

(c) Evaluate UA for the original coil. 

(d) Ifthe length of the coil is increased by 50%, the area avail- 
able for heat transfer, A’, also increases by 50% so that 
A’ =1.5A. The value of the overall heat-transfer coeffi- 
cient is not expected to change very much. For the new 
coil, what is the value of UA’? 

(e) Evaluate the new cooling-water outlet temperature. 

(f) By how much are the cooling-water requirements reduced 
after the new coil is installed? 


(b) 
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8.4 Calculation of heat-transfer area in 
fermenter design 


A 100 m? fermenter of diameter 5 m is stirred using a turbine 
impeller 1.7 m in diameter at a speed of 80 rpm. The culture 
fluid inside the fermenter has the following properties: 


C, = 42k) ke 9C-3 
kp, = 0.6 Wm !°Cc7! 
p = 10?kgm™3 

a = 10-3Nsm72. 


Assume that the viscosity at the wall is equal to the bulk-fluid 
viscosity. 

Heat is generated by the fermentation ata rate of 2500 kW. 
This heat is removed to cooling water flowing in a helical 
stainless-steel coil inside the vessel. The coil wall thickness 
is 6mm and the thermal conductivity of the metal is 
20 W m7!°C7~!, There are no fouling layers present, and the 
heat-transfer coefficient for the cooling water can bé neglected. 
The fermentation temperature is 30°C; cooling water enters 
the coils at 10°C. 


(a) Calculate the fermenter-side heat-transfer coefficient. 

(b) Calculate the overall heat-cransfer coefficient U. What 
proportion of the total resistance to heat transfer is due to 
the pipe wall? 

The surface area needed for cooling depends on the cool- 
ing-water flow rate. Prepare a graph showing the outlet 
cooling-water temperature and the area required for heat 
transfer as functions of coolant flow-rate for 1.2 x 
10° kg h7!< M.<2x106kgh7!. 

For a cooling-water flow rate of 5 x 10° kg h7!, estimate 
the length of cooling-coil needed if the diameter is 10 cm. 


(c 


~~ 


(d 


~ 


8.5 Effect of fouling on heat-transfer 
resistance 


In current service, 20 kg s~! cooling water at 12°C must be 
circulated through a coil inside a fermenter to maintain the 
temperature at 37°C. The coil is 150 m long with pipe diam- 
eter 12 cm; the exit water temperature is 28°C. After the inner 
and outer surfaces of the coil are cleaned it is found that only 
13 kg s~! cooling water is required to control the fermenta- 
tion temperature. 


(a) Calculate the overall heat-transfer coefficient before clean- 
ing. 

(b) What is the outlet water temperature after cleaning? 

(c) Whar fraction of the total resistance to heat transfer before 
cleaning was due to fouling deposits? 
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8.6 Pre-heating of nutrient medium 


Nutrient medium is to be heated from 10°C to 28°C is a 
single-pass countercurrent shell-and-tube heat exchanger 
before being pumped into a fed-batch fermenter. Medium 
passes through the tubes of the exchanger; the shell-side fluid is 
water which enters with flow rate 3 x 104 kg h~! and tempera- 
ture 60°C. Pre-heated medium is required at a rate of 
50 m*h7!. The density, viscosity and heat capacity of the 
medium are the same as water; the thermal conductivity of the 
medium is 0.54 Wm7!°C7!. 

It is proposed to use 30 steel tubes with inner diameter 
5 cm; the tubes will be arranged in line. The pipe wall is 
5-mm thick; the thermal conductivity of the metal is 
50 W m7! °C7!. The maximum linear shell-side fluid vel- 
ocity is estimated as 0.15 ms}. Estimate the tube length 
required by carrying out the following calculations. 


(a) What is the rate of heat transfer? 

(b) Calculate individual heat-transfer coefficients for the 
tube- and shell-side fluids. 

(c) Calculate the overall heat-transfer coefficient. 

(d) Calculate the log-mean temperature difference. 

(e) Determine the heat-transfer area. 


(f) What tube length is required? 


8.7 Suitability of an existing cooling-coil 


An enzyme manufacturer in the same industrial park as your 
antibiotic factory has a re-conditioned 20 m? fermenter for 
sale. You are in the market for a cheap 20 m? fermenter; how- 
ever the vessel on offer is fitted with a 45-m steel helical 
cooling-coil with inner pipe-diameter 7.5 cm. You propose to 
use the fermenter for your newest production organism 
which is known to have a maximum oxygen demand of 
90 mol m~3h7! at its optimum culture temperature of 28°C. 
You consider that the 3-m diameter vessel should be stirred 
with a 1-m diameter turbine-impeller operated at an average 
speed of 50 rpm. The fermentation fluid can be assumed to 
have the properties of water. If 20 m? h™! cooling water at 
12°C is available, should you make an offer for the second- 
hand fermenter and cooling coil? 


8.8 Optimum stirring speed for removal of 
heat from viscous broth 


The viscosity of a fermentation broth containing exopolysaccha- 
ride is about 10 000 cP. The broth is stirred in an aerated 10 m3 
fermenter of diameter 2.3 m using a single 0.78-m diameter 
turbine impeller. Other properties of the broth are as follows: 
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C, = 2kJ kg~!oc 7} 
ky, = 2Wm7!ec7! 
p = 103kgm 3. 


The fermenter is equipped with an internal cooling-coil which 
provides a heat-transfer area of 14 m*. Cooling water is pro- 
vided; the average temperature difference for heat transfer is 
20°C. Neglect any variation of viscosity at the wall of the coil. 
Assume that the power dissipated in aerated broth is 40% 
lower than in ungassed liquid. 


(a) Using logarithmic coordinates, plot Q as a function of 
stirrer speed between 0.5 and 10 s7! 

(b) From equations presented in Section 7.10, calculate Ww, 
the power dissipated from the stirrer, as a function of stir- 
rer speed. Plot these values on the same graph as Q. 

(c) If evaporation, heat losses and other factors have only a 
negligible effect on heat load, the difference between Q 
and W, is equal to the rate of metabolic heat removal from 
the fermenter, AH... . Plot Ad. , 28 a function of stirrer 
speed. 

(d) At what stirrer speed is removal of metabolic heat most 
rapid? 

(ec) The specific rate of oxygen consumption is 6 mmol g~! 
h~!. Ifthe fermenter is operated at the stirrer speed identi- 
fied in (d), what is the maximum cell concentration? 

(f) How do you interpret the intersection of the curves for Q 
and W, at high stirrer speed in terms of the capacity of the 
system to handle exothermic reactions? 
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Mass Transfer 


Mass transfer occurs in mixtures containing local concentration variations. For example, when dye is dropped into a pail of 
water, mass-transfer processes are responsible for movement of dye molecules through the water until equilibrium is 
established and the concentration is uniform. Mass is transferred from one location to another under the influence of a 


concentration difference or concentration gradient in the system. 


There are many situations in bioprocessing where concentra- 
tions of compounds are not uniform; we rely on mechanisms of 
mass transfer to transport material from regions of high concen- 
tration to regions where the concentration is low. An example 
is the supply of oxygen in fermenters for aerobic culture. 
Concentration of oxygen at the surface of air bubbles is high 
compared with the rest of the fluid; this concentration gradient 
promotes oxygen transfer from the bubbles into the medium. 
Another example of mass transfer is extraction of penicillin from 
fermentation liquor using organic solvents such as buty] acetate. 
When solvent is added to the broth, the relatively low concen- 
tration of penicillin in the organic phase causes mass transfer of 
penicillin into the solvent. Solvent extraction is an efficient 
downstream-processing technique as it selectively removes the 
desired product from the rest of the fermentation fluid. 

Mass transfer plays a vital role in many reaction systems. As 
distance between the reactants and site of reaction becomes 
greater, rate of mass transfer is more likely to influence or con- 
trol the conversion rate. Taking again the example of oxygen 
in aerobic culture, if mass transfer of oxygen from the bubbles 
is slow, the rate of cell metabolism will become dependent on 
the rate of oxygen supply from the gas phase. Because oxygen is 
a critical component of aerobic fermentations and is so spar- 
ingly soluble in aqueous solutions, much of our interest in 
mass transfer lies with the transfer of oxygen across gas-liquid 
interfaces. However, liquid—solid mass transfer can also be 
important in systems containing clumps, pellets, flocs or films 
of cells or enzymes; in these cases, nutrients in the liquid phase 
must be transported into the solid before they can be utilised 
in reaction. Unless mass transfer is rapid, supply of nutrients 
will limit the rate of biological conversion. 

Ina solid or quiescent fluid, mass transfer occurs as a result 
of molecular diffusion. However, most mass-transfer systems 
contain moving fluid; in turbulent flow, mass transfer by 
molecular motion is supplemented by convective transfer. 


There is an enormous variety of circumstances in which con- 
vective mass transfer takes place. In this chapter, we will 
consider the theory of mass transfer with applications relevant 
to the bioprocessing industry. 


9.1 Molecular Diffusion 


Molecular diffusion is the movement of component molecules 
in a mixture under the influence of a concentration difference 
in the system. Diffusion of molecules occurs in the direction 
required to destroy the concentration gradient. If the gradient 
is maintained by constantly supplying material to the region of 
high concentration and removing it from the region of low 
concentration, diffusion will be continuous. This situation is 
often exploited in mass-transfer operations and reaction 
systems. 


9.1.1 Diffusion Theory 


In this text, we confine our discussion of diffusion to binary 
mixtures, i.e. mixtures or solutions containing only two com- 
ponents. Consider a system containing molecular components 
Aand B. Initially, the concentration of A in the system is not 
uniform; as indicated in Figure 9.1, concentration C, varies 
from C,, to Cy, is a function of distance y. In response to this 
concentration gradient, molecules of A will diffuse away from 
the region of high concentration until eventually the whole 
system acquires uniform composition. If there is no large-scale 
fluid motion in the system, e.g. due to stirring, mixing occurs 
solely by random molecular movement. 

Assume that mass transfer of A occurs across area a perpen- 
dicular to the direction of diffusion. In single-phase systems, 
the rate of mass transfer due to molecular diffusion is given by 
Fick’s law of diffusion, which states that mass flux is propor- 


tional to the concentration gradient: 
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Figure 9.1 Concentration gradient of component A induc- 
ing mass transfer across area a. 
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In Eq. (9.1), J, is the mass flux of component A, N, is the rate of 
mass transfer of component A, a is the area across which mass 
transfer occurs, Dy, is the binary diffusion coefficient or diffusiv- 
ity of component A in a mixture of A and B, C, is the 
concentration of component A, and yis distance. dq / dyis the 
concentration gradient, or change in concentration of A with 
distance. As indicated in Eq. (9.1), mass flux is defined as the 
rate of mass transfer per unit area perpendicular to the direction 
of movement; In has units of, e.g. gmol sim2, 
Corresponding units for N, are gmol s~!, for C, gmol m~, 
and for %,, m* s~'. Mass rather than mole units may be used 
for J,, Ny and C,; Eq. (9.1) holds in either case. Eq. (9.1) indi- 
cates that rate of diffusion can be enhanced by increasing the 
area available for mass transfer, the concentration gradient in the 
system, and the magnitude of the diffusion coefficient. The neg- 
ative sign in Eq. (9.1) indicates that the direction of mass 
transfer is always from high concentration to low concentration, 
opposite to that of the concentration gradient. In other words, if 
the slope of C, versus yis positive as in Figure 9.1, the direction 
of mass transfer is in the negative y-direction, and vice versa. 
The diffusion coefficient Y,, is a property of materials; 
values can be found in handbooks. 4p reflects the ease with 
which diffusion takes place. Its value depends on both compo- 
nents of the mixture; for example, the diffusivity of carbon 
dioxide in water will be different from the diffusivity of carbon 
dioxide in another solvent such as ethanol. The value of Dp is 
also dependent on temperature. Diffusivity of gases varies with 
pressure; for liquids there is an approximate linear dependence 
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on concentration. Diffusivity values in liquids are several orders 
of magnitude smaller than in gases. As examples, 9, , for oxy- 
gen in air at 0°C and 1 atmis 1.78 x 107° m*s7}; Dyp is 2.5 X 
10? m? s~! for oxygen in water at 25°C and 1 atm, and 6.9 x 
107 1° m? s~! for glucose in dilute solution in water at 25°C. 

When diffusivity values are not available for the exact tem- 
perature and pressure of interest, Y,, can be estimated using 
equations. Relationships for calculating diffusivities are avail- 
able from other references [1-3]. The theory of diffusion in 
liquids is not as well advanced as with gases; there are also 
fewer experimental data available for liquid systems. 


9.1.2 Analogy Between Mass, Heat and 
Momentum Transfer 


There is a close similarity between the processes of mass, heat 
and momentum transfer occurring as a result of molecular 
motion. This is suggested by the form of the equations for 
mass, heat and momentum fluxes: 


I= 2a GP 
(9.2) 
gah 
% (8.2) 
and 
(7.6) 


The three processes represented above are quite different on 
the molecular level, but the basic equations have the same 
form. In each case, flux in the y-direction is directly propor- 
tional to the driving force (either dCa/ dy dT/qy or dug), 
with the proportionality constant (Q,,, & or p) a physical 
property of the material. The negative signs in Eqs (9.2), (8.2) 
and (7.6) indicate that transfer of mass, heat or momentum is 
always in the direction opposite to that of increasing concen- 
tration, temperature or velocity. The similarity in the form of 
the three rate equations makes it possible in some situations to 
apply analysis of one process to either of the other two. 

The analogy of Eqs (9.2), (8.2) and (7.6) is valid for trans- 
port of mass, heat and momentum resulting from motion or 
vibration of molecules. Extension of the analogy to turbulent 
flow is generally valid for heat and mass transfer; however the 


9 Mass Transfer 


192 


analogy with momentum transfer presents a number of diffi- 
culties. Several analogy theories have been proposed in the 
chemical engineering literature to describe simultaneous 
transport phenomena in turbulent systems. Details are pre- 
sented elsewhere [2, 4, 5]. 


9.2 Role of Diffusion in Bioprocessing 


Fluid mixing is carried out in most industrial processes where 
mass transfer takes place. Bulk fluid motion causes more rapid 
large-scale mixing than molecular diffusion; why then is diffu- 
sive transport still important? Areas of bioprocessing in which 
diffusion plays a major role are described below. 


(i) Scale of mixing. As discussed in Section 7.9.3, turbulence 
in fluids produces bulk mixing on a scale equal to the 
smallest eddy size. Within the smallest eddies, flow is 
largely streamline so that further mixing must occur by 
diffusion of fluid components. Mixing on a molecular 
scale therefore relies on diffusion as the final step in the 
mixing process. 

Solid-phase reaction. In biological systems, reactions are 
sometimes mediated by catalysts in solid form, e.g. 
clumps, flocs and films of cells and immobilised-enzyme 
and -cell particles. When cells or enzyme molecules are 
clumped together into a solid particle, substrates must be 
transported into the solid before reaction can take place. 
Mass transfer within solid particles is usually unassisted 
by bulk fluid convection; the only mechanism for 
intraparticle mass transfer is molecular diffusion. As the 
reaction proceeds, diffusion is also responsible for remov- 
al of product molecules away from the site of reaction. As 
discussed more fully in Chapter 12, when reaction is 
coupled with diffusion, the overall reaction rate can be 
significantly reduced if diffusion is slow. 

Mass transfer across a phase boundary. Mass transfer between 
phases occurs often in bioprocessing. Oxygen transfer from 
gas bubbles to fermentation broth, penicillin recovery 
from aqueous to organic liquid, and glucose transfer from 
liquid medium into mould pellets are typical examples. 
When different phases come into contact, fluid velocity 
near the phase interface is significantly decreased and diffu- 
sion becomes crucial for mass transfer across the phase 
interface. This is discussed further in the next section. 


(ii) 


(iii) 


9.3 Film Theory 


The two-film theory isa useful model for mass transfer between 
phases. Mass transfer of solute from one phase to another 
involves transport from the bulk of one phase to the phase 


Figure 9.2 Film resistance to mass transfer between two 
immiscible liquids. 
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boundary or interface, and then from the interface to the bulk 
of the second phase. The film theory is based on the idea that a 
fluid film or mass-transfer boundary layer forms wherever there 
is contact between two phases. 

Let us consider mass transfer of component A across the 
phase interface represented in Figure 9.2. Assume that the 
phases are two immiscible liquids such as water and chloro- 
form, and that A is initially at higher concentration in the 
aqueous phase than in the organic phase. Each phase is well 
mixed and in turbulent flow. The concentration of A in the 
bulk aqueous phase is C’, ;; the concentration of A in the bulk 
organic phase is C,,. 

According to the film theory, turbulence in each fluid dies 
out at the phase boundary. A thin film of relatively stagnant 
fluid exists on either side of the interface; mass transfer 
through this film is effected solely by molecular diffusion. The 
concentration of A changes near the interface as indicated in 
Figure 9.2; C,,; is the interfacial concentration of A in the 
aqueous phase; C’,,; is the interfacial concentration of A in the 
organic phase. Most of the resistance to mass transfer resides in 
the liquid films rather than in the bulk liquid. For practical 
purposes it is generally assumed that there is negligible resist- 
ance to transport at the interface itself; this is equivalent to 
assuming that the phases are in equilibrium at the plane of 
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contact. The difference between C, , and C,,; at the interface 
accounts for the possibility that, at equilibrium, A may be 
more soluble in one phase than in the other. For example, if A 
were acetic acid in contact at the interface with both water and 
chloroform, the equilibrium concentration in water would be 
greater than that in chloroform by a factor of between 5 and 
10. C,,; would then be significantly higher than C,,;. 

Even though the bulk liquids in Figure 9.2 may be well 
mixed, diffusion of component A is crucial in effecting mass 
transfer because the local fluid velocities approach zero at the 
interface. The film theory as described above is applied exten- 
sively in analysis of mass transfer, although it is a greatly 
simplified representation. There are other models of mass trans- 
fer in fluids which lead to more realistic mathematical outcomes 
than the film theory [1, 4]. Nevertheless, irrespective of how 
mass transfer is visualised, diffusion is always an important 
mechanism of mass transfer close to the interface between fluids. 


9.4 Convective Mass Transfer 


The term convective mass transfer refers to mass transfer occur- 
ring in the presence of bulk fluid motion. Molecular diffusion 
will occur whenever there is a concentration gradient; however 
if the bulk fluid is also moving, the overall rate of mass transfer 
will be higher due to the contribution of convective currents. 
Analysis of mass transfer is most important in multi-phase 
systems where interfacial boundary layers provide significant 
mass-transfer resistance. Let us develop an expression for rate 
of mass transfer which is applicable to mass-transfer boundary 
layers. 

Rate of mass transfer is directly proportional to the driving 
force for transfer, and the area available for the transfer process 
to take place. This can be expressed as: 


Transfer rate « (transfer area) X (driving force). 


The proportionality coefficient in this equation is called the 
mass-transfer coefficient, so that: 


Transfer rate = (mass-transfer coefficient) X (transfer area) 
X (driving force). 


For each fluid on either side of a phase boundary, the driving 
force for mass transfer can be expressed in terms of a concen- 
tration difference. Therefore, rate of mass transfer to a phase 
boundary is given by the equation: 


Ny=kadC,=ka(Cy, — Ca) es 


where N, is the rate of mass transfer of component A, kis the 
mass-transfer coefficient, a is the area available for mass ‘trans- 
fer, C4, is the bulk concentration of component A away from 
the phase boundary, and C4; is the concentration of A at the 
interface. Eq. (9.3) is usually used to represent the volumetric 
rate of mass transfer, so units of N, are, for example, 
gmol m~4s~1. Consistent with this representation, a is the 
interfacial area per unit volume with dimensions L~! and 
2 m3 or m7!. The dimensions of 
the mass-transfer coefficient are LT~!; SI units are ms7!. 
Eq. (9.3) indicates that the rate of convective mass transfer can 
be enhanced by increasing the area available for mass transfer, 
the concentration difference between the bulk fluid and the 
interface, and the magnitude of the mass-transfer coefficient. 
By analogy with Eq. (8.11) for heat transfer, Eq. (9.3) can also 


be written in the form: 


units of, for example, m 


AC 
N, = —A 

A Re 

(9.4) 
where R,, is the resistance to mass transfer: 
1 

Ra = ca ry 

(9.5) 


Mass transfer coupled with fluid flow is a more complicated 
process than diffusive mass transfer. The value of the mass- 
transfer coefficient reflects the contribution to mass transfer 
from all the processes in the system that affect the boundary 
layer. Like the heat-transfer coefficient in Chapter 8, k 
depends on the combined effects of flow velocity, geometry of 
the mass-transfer system, and fluid properties such as viscosity 
and diffusivity. Because the hydrodynamics of most practical 
systems are not easily characterised, & cannot be calculated 
reliably from first principles. Instead, it is measured experi- 
mentally or estimated using correlations available from the 
literature. In general, reducing the thickness of the boundary 
layer or improving the diffusion coefficient in the film will 
result in enhancement of & and improvement in the rate of 
mass transfer. 

Three mass-transfer situations which occur in bioprocess- 
ing are liquid-solid mass transfer, liquid-liquid mass transfer 
between immiscible solvents and gas—liquid mass transfer. Use 
of Eq. (9.3) to determine the rate of mass transfer in these 
systems is discussed in the following sections. 
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9.4.1 Liquid—Solid Mass Transfer 


Mass transfer between a moving liquid and a solid is important 
in biological processing in a variety of applications. Transport 
of substrates to solid-phase cell or enzyme catalysts has already 
been mentioned. Adsorption of molecules onto surfaces, such 
as in chromatography, requires transport from liquid phase to 
solid; liquid—solid mass transfer is also important in crystallisa- 
tion as molecules move from the liquid to the face of the 
growing crystal. Conversely, the process of dissolving a solid in 
liquid requires liquid—solid mass transfer directed away from 
the solid surface. 

Let us assume that component A is required for reaction at 
the surface of a solid. The situation at the interface between 
flowing liquid containing A and the solid is illustrated in 
Figure 9.3. Near the interface, the fluid velocity is reduced and 
a boundary layer develops. As A is consumed by reaction, the 
local concentration of A at the surface decreases and a concen- 
tration gradient is established through the film. The 
concentration difference between the bulk liquid and the 
phase interface drives mass transfer of A from the liquid to the 
solid, allowing the reaction to continue. If the solid is non-por- 
ous, A does not penetrate further than the surface. The 
concentration of A at the phase boundary is C,,; the concen- 
tration of A in the bulk liquid outside the film is C,.. If ais the 
liquid-solid interfacial area per unit volume, the volumetric 
rate of mass transfer can be determined from Eq. (9.3) as: 


Ng = 4 (Cay - Ci) 0.6) 


where &, is the liquid-phase mass-transfer coefficient. 
Application of Eq. (9.6) requires knowledge of the mass- 
transfer coefficient, the interfacial area between the phases, the 
bulk concentration of A, and the concentration of A at the 
interface. Bulk compositions are generally easy to measure; in 
simple cases, area acan be determined from the shape and size 
of the solid. The value of the mass-transfer coefficient is either 
measured or calculated using published correlations. 
Estimation of the interfacial concentration C,; is more diffi- 
cult; measuring compositions at phase boundaries is not easy 
experimentally. To overcome this problem, we must consider 
the processes in the system which are linked to mass transfer of 
A. In the example of Figure 9.3, transport of A is linked to 
reaction at the surface of the solid, so that the value of C,; will 
depend on the rate of consumption of A at the interface. In 
practical terms, we can therefore calculate the rate of mass 
transfer of A only if we have information about the rate of reac- 
tion at the solid surface. Simultaneous reaction and mass 
transfer occurs in many bioprocesses; Chapter 12 treats solid- 
phase reaction coupled with mass transfer in more detail. 


Figure 9.3. Concentration gradient for liquid—solid mass 
transfer. 
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9.4.2 Liquid—Liquid Mass Transfer 


Liquid-liquid mass transfer between immiscible solvents is 
most often encountered in the product-recovery stages of bio- 
processing. Organic solvents are used to isolate antibiotics, 
steroids and alkaloids from fermentation broths; two-phase 
aqueous systems are used in protein purification. Liquid— 
liquid mass transfer is also important when hydrocarbons are 
used as substrates in fermentation, e.g. in production of 
microbial biomass for single-cell protein. 

The situation at the interface berween two immiscible 
liquids is shown in Figure 9.2. Component A is present at bulk 
concentration C’,, in one liquid phase; this concentration falls 
to C4); at the interface. In the other liquid, the concentration 
of A falls from C,,; at the interface to C4, in the bulk. The rate 
of mass transfer NV, in each liquid phase can be obtained from 


Eq. (9.3): 


Nay = ®y 4(Cay — Cay) 
(9.7) 
and 
No = yo 4(Cari — Car) 
(9.8) 


where &; is the liquid-phase mass-transfer coefficient, and sub- 
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scripts 1 and 2 refer to the two liquid phases. As mentioned 
already in Section 9.4.1, application of Eqs (9.7) and (9.8) is 
difficult because we cannot easily measure interfacial concen- 
trations. However, in this case these terms can be eliminated 
by considering the physical situation at the interface and 
manipulating the equations. 

First, let us recognise that at steady state, because there can 
be no accumulation of A at the interface or anywhere else in 
the system, any A transported through liquid 1 must also 
be transported through liquid 2. This means that N,, in 
Eq. (9.7) must be equal to V4, in Eq. (9.8); we will call Ny) = 
Niy=N,- We can then rearrange Eqs (9.7) and (9.8): 


Ma = Cay ~ Cai; 
kya es 
and 
Na 
ioe =Cyo: — Car: 
(9.10) 


Normally, it can be assumed that there is negligible resistance 
to mass transfer at the actual interface, i.e. within distances 
corresponding to molecular free paths on either side of the 
phase boundary. This is equivalent to assuming that the phases 
are in equilibrium at the interface; therefore, C,,, and C45, are 
equilibrium concentrations. The assumption of phase-bound- 
ary equilibrium has been subjected to many tests. Asa result it 
is known that there are special situations, such as when there is 
adsorption of material at the interface, where the assumption 
is invalid. However, in ordinary situations, the evidence is that 
equilibrium does exist at the interface between phases. Note 
that we are not proposing to relate bulk concentrations C’, 
and C,, using equilibrium relationships, only Cy); and C,;;. 
If the bulk liquids were in equilibrium, no nett mass transfer 
would take place. 

A typical equilibrium curve relating concentrations of 
solute A in two immiscible liquid phases is shown in Figure 
9.4. The points making up the curve are obtained readily from 
experiments; alternatively equilibrium data can be found in 
handbooks. Equilibrium distribution of one solute between 
two phases is conveniently described in terms of the distribu- 
tion law. At equilibrium, the ratio of solute concentrations in 
the two phases is given by the distribution coefficient or parti- 
tion coefficient, m. As shown in Figure 9.4, when the 
concentration of A is low, the equilibrium curve is approxi- 


Figure 9.4 Equilibrium curve for solute A in two immis- 
cible solvents 1 and 2. 
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mately a straight line, so that m is constant. The distribution 
law is accurate only if both solvents are immiscible and there is 
no chemical reaction. 

Therefore if C,,; and Cy); are equilibrium concentrarions, 
they can be related using the distribution coefficient m. 


ys Cai 
Cx 
(9.11) 
i.e. 
Cay, = Cn; 6.12) 
or, alternatively: 
Gees 
Ci. = Ali 
m 
(9.13) 


Eqs (9.12) and (9.13) can now be used to eliminate the interfa- 
cial concentrations from Eqs (9.9) and (9.10). First, we make a 
direct substitution: 


= Cy — muy; 


(9.14) 
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Na Cali 
= Ae 
kia m A2 
(9.15) 
If we now multiply Eq. (9.10) by m: 
mN , 
= = mCyy,— mCy, 
(9.16) 
and divide Eq. (9.9) by m: 
Na _ Sar _ Cai 
mk, a m m 
(9.17) 


and add Eq. (9.14) to Eq. (9.16), and Eq. (9.15) to Eq. (9.17), 
we eliminate the interfacial-concentration terms completely: 


(9.18) 


(9.19) 


Eqs (9.18) and (9.19) combine mass-transfer resistances in the 
two liquid films, and relate the rate of mass transfer N, to the 
bulk fluid concentrations C,, and C,,. The bracketed terms 
for the combined mass-transfer coefficients are used to 
define the overall liquid-phase mass-transfer coefficient, K, e 
Depending on the form used for the concentration difference, 
we can define two overall mass-transfer coefficients: 


1 1 m 
= +— 
Ki,4 ( kia kya 


(9.20) 


(9.21) 


where Kj , is the overall mass-transfer coefficient based on the 
bulk concentration in liquid 1, and K; is the overall mass- 
transfer coefficient based on the bulk concentration in liquid 2. 


We can now summarise the results to obtain two equations 
for the mass-transfer rate in liquid-liquid systems: 


N= Ky, 4 (Cay ~ mCq)) 
(9.22) 


and 


N,= ONE 2 C 
n= Ky 4 eek A2 


(9.23) 


where K, , and K; , are given by Eqs (9.20) and (9.21). Use of 
either of these two equations requires knowledge of the con- 
centrations of A in the bulk fluids, the partition coefficient m, 
the interfacial area a between the two liquid phases, and the 
value of either K,, or K, 5. C,, and C,, are generally easy to 
measure. mcan also be measured, or is found in handbooks of 
physical properties. The overall mass-transfer coefficients can 
be measured experimentally, or are estimated from published 
correlations for &,, and &,, in the literature. The only 
remaining parameter is the interfacial area, a. In many appli- 
cations of liquid-liquid mass transfer it is difficult to know 
how much interfacial area is available between phases. For 
example, liquid-liquid extraction is often carried out in 
stirred tanks where an impeller is used to disperse and mix 
droplets of one phase through the other. The interfacial area 
under these circumstances will depend on the size, shape and 
number of the droplets, which will in curn depend on the 
intensity of agitation and properties of the fluid. Because 
these factors also affect the value of &, , correlations for mass- 
transfer coefficients are often given in terms of ka as a 
combined parameter. 

Eqs (9.22) and (9.23) indicate that the rate of mass transfer 
between two phases is not dependent simply on the concentra- 
tion difference; the equilibrium relationship is also an 
important factor. According to Eq. (9.22), the driving force for 
transfer of A out of liquid 1 is the difference between the bulk 
concentration C,, and the concentration of A in liquid 1 which 
would be in equilibrium with concentration Cy, in liquid 2. 
Similarly, the driving force for mass transfer according to Eq. 
(9.23) is the difference between C,, and the concentration of A 
in liquid 2 which would be in equilibrium with C,, in liquid 1. 


9.4.3. Gas—Liquid Mass Transfer 


Gas-liquid mass transfer is of paramount importance in bio- 
processing because of the requirement for oxygen in aerobic 
fermentations. Transfer of a solute such as oxygen from gas to 


9 Mass Transfer 197 
Figure 9.5 Concentration gradients for gas—liquid mass Cagi= Cay; 
transfer. (9.26) 
or, alternatively: 
Cai 
Cait — 
(9.27) 
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liquid is analysed in a similar way to liquid-liquid and 
liquid—solid mass transfer. 

Figure 9.5 shows the situation at an interface between gas 
and liquid phases containing component A. Let us assume that 
A is transferred from the gas phase into the liquid. The con- 
centration of A in the liquid is C,, in the bulk and C,, ; at the 
interface. In the gas, the concentration is C4, in the bulk and 
Cac; at the interface. 

From Eq. (9.3), the rate of mass transfer of A through the 
gas boundary layer is: 


Naa= kg (Cag ~ Cagi) 
(9.24) 


and the rate of mass transfer of A through the liquid boundary 
layer is: 


Nar Fy (Cari — Car) 
(9.25) 


where &,, is the gas-phase mass-transfer coefficient and k, is 
the liquid-phase mass-transfer coefficient. To eliminate C,<; 
and C,;;, we must manipulate the equations as in Section 
9.4.2. 

If we assume that equilibrium exists at the interface, Cyc; 
and C,,; can be related. For dilute concentrations of most 
gases and for a wide range of concentration for some gases, 
equilibrium concentration in the gas phase is a linear function 
of liquid concentration. Therefore, we can write: 


where mis the distribution factor. These equilibrium relation- 
ships can be incorporated into Eqs (9.24) and (9.25) at steady 
state using procedures which parallel those already used for 
liquid-liquid mass transfer. The results are also similar: 


koe L4 
(9.28) 
1 1 Cc 
A = 8 - Cy 
mkoa kya m 
(9.29) 


The combined mass-transfer coefficients in Eqs (9.28) and 
(9.29) can be used to define overall mass-transfer coefficients. 
The overall gas-phase mass-transfer coefficient K; is defined by 
the equation: 


(9.30) 


and the overall liquid-phase mass-transfer coefficient K, is 
defined as 


1 ] 1 


= + 
Ka mk.a kya 


(9.31) 


The rate of mass transfer in gas-liquid systems can therefore be 
expressed using either of two equations: 


(9.32) 


or 


(9.33) 
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Eqs (9.32) and (9.33) are usually expressed using equilibrium 
concentrations. mC'4, is equal to C4 , the gas-phase concen- 
tration of A in equilibrium with C,,, and (ac/,,) is equal to 
Cy,» the liquid-phase concentration of A in equilibrium with 
Cag: Eqs (9.32) and (9.33) become: 


Na = Kga(Cyg — Cig) 
(9.34) 


and 


Na=K,a(Cay — Cay). 
(9.35) 


In real mass-transfer systems, obtaining the values of Cy., 
Cy; and min Eqs (9.32) and (9.33) is reasonably straighcfor- 
ward. However, as in liquid—liquid mass-transfer systems, it is 
generally difficult to evaluate the interfacial area 2. When gas is 
sparged through a liquid the interfacial area will depend on the 
size and number of bubbles present, which in turn depend on 
many other factors such as medium composition, stirrer speed 
and gas flow rate. Mass-transfer coefficients are measured 
experimentally or estimated using empirical correlations from 
the literature. 

Eqs (9.34) and (9.35) can be simplified for systems in 
which most of the resistance to mass transfer lies in either the 
gas-phase interfacial film or the liquid-phase film. When 
solute A is very soluble in the liquid, for example in transfer of 
ammonia to water, the liquid-side resistance is small compared 
with that posed by the gas interfacial film. Therefore, from Eq. 
(9.5), if the liquid-side resistance is small k, a must be rela- 
tively large; from Eq. (9.30), Kais then approximately equal 
to ka. Using this result in Eq. (9.34) gives: 


Ny = ga (Cag — Chg) 0.36) 


Conversely, if A is poorly soluble in the liquid, e.g. oxygen in 
aqueous solution, the liquid-phase mass-transfer resistance 
dominates and &,, ais much larger than k, 2. From Eq. (9.31), 
this means that K; a is approximately equal to &, a, and Eq. 
(9.35) can be simplified to: 


Naz kya(Chy — Cay). 
(9.37) 


9.5 Oxygen Uptake in Cell Cultures 


Cells in aerobic culture take up oxygen from the liquid. The 
rate of oxygen transfer from gas to liquid is therefore of prime 
importance, especially at high cell densities when cell growth is 


likely to be limited by availability of oxygen in the medium. An 
expression for rate of oxygen transfer from gas to liquid is given 
by Eq. (9.37); N, is the rate of oxygen transfer per unit volume 
of fluid (gmol m~? s~1), &y is the liquid-phase mass-transfer 
coefficient (m s~!), ais the gas~liquid interfacial area per unit 
volume of fluid (m2 m7), C ‘aL is the oxygen concentration in 
the broth (gmol m~3), and C%, is the oxygen concentration in 
the broth in equilibrium with the gas phase (gmol m~3). The 
equilibrium concentration Cj, is also known as the solubilityof 
oxygen in the broth. The difference (CZ, — C,,) between the 
maximum possible and actual oxygen concentrations in the 
liquid represents the concentration-difference driving force for 
mass transfer. 

The solubility of oxygen in aqueous solutions at ambient 
temperature and pressure is only about 10 ppm. This amount 
of oxygen is quickly consumed in aerobic cultures and must be 
constantly replaced by sparging. For an actively respiring yeast 
population with a cell density of 10° cells per ml, it can be cal- 
culated that the oxygen content of the broth must be replaced 
about 12 times per minute to keep up with cellular oxygen 
demand [6]. This is not an easy task because the low solubility 
of oxygen guarantees that the concentration difference 
(C4, — Cy) is always very small. Design of fermenters for 
aerobic operation must take these factors into account and 
provide optimum mass-transfer conditions. 


9.5.1 Factors Affecting Cellular Oxygen 
Demand 


The rate at which oxygen is consumed by cells in fermenters 
determines the rate at which it must be transferred from gas to 
liquid. Many factors influence oxygen demand; the most 
important of these are cell species, culture growth phase, and 
nature of the carbon source in the medium. In batch culture, 
rate of oxygen uptake varies with time. The reasons for this are 
twofold. First, the concentration of cells increases during the 
course of batch culture and the total rate of oxygen uptake is 
proportional to the number of cells present. In addition, the 
rate of oxygen consumption per cell, known as the specific oxy- 
gen uptake rate, also varies. Typically, specific oxygen demand 
passes through a maximum in early exponential phase as illus- 
trated in Figure 9.6, even though the cell concentration is 
relatively small at that time. If Qj is the oxygen uptake rate 
per volume of broth and qq is the specific oxygen uptake rate: 


Qo = 4o* 
(9.38) 


where x is cell concentration. Typical units for q, are 


gg ‘s ',and for Opel? sul, 
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Figure 9.6 Variation in specific rate of oxygen consump- 
tion and biomass concentration during batch culture. (From 
R.T. Darby and D.R. Goddard, 1950, Studies of the respira- 
tion of the mycelium of the fungus Myrothecium verrucaria. 
Am. J. Bot. 37, 379-387.) 
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The inherent demand of an organism for oxygen (4) 
depends primarily on the biochemical nature of the cell and its 
nutritional environment. However, when the level of dis- 
solved oxygen in the medium falls below a certain point, the 
specific rate of oxygen uptake is also dependent on the oxygen 
concentration in the liquid. The dependence of gq on Cg, is 
shown in Figure 9.7. If C,) is above the critical oxygen concen- 
tration Ci... Yo is a constant maximum and independent of 
Cay. If Cay is below C,,;,, Jo is approximately linearly depen- 
dent on oxygen concentration. 

To eliminate oxygen limitations and allow cell metabolism 
to function at its fastest, the dissolved-oxygen concentration at 
every point in the fermenter must be above C_,,,. The exact 
value of C_;, depends on the organism, but under average 
operating conditions usually falls between 5% and 10% of air 
saturation. For cells with relatively high C.,,, levels, the task of 
transferring sufficient oxygen to maintain C4, > C,,;, is always 
more challenging than for cultures with low C_,,, values. 

Choice of substrate for the fermentation can also signifi- 
cantly affect oxygen demand. Because glucose is generally con- 
sumed more rapidly than other sugars or carbon-containing 
substrates, rates of oxygen demand are higher when glucose is 
used. For example, maximum oxygen-consumption rates of 
5.5, 6.1 and 12 mmol!~!h7! have been observed for 
Penicillium mould growing on lactose, sucrose and glucose, 
respectively [7]. 


Figure 9.7 Relationship between specific rate of oxygen 
consumption by cells and dissolved-oxygen concentration. 
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9.5.2 Oxygen Transfer From Gas Bubble to 
Cell 


In aerobic fermentation, oxygen molecules must overcome a 
series of transport resistances before being utilised by the cells. 
Eight mass-transfer steps involved in transport of oxygen 
from the interior of gas bubbles to the site of intracellular 
reaction are represented diagrammatically in Figure 9.8. They 
are: 


(i): transfer from the interior of the bubble to the gas—liquid 
interface; 


(ii) | movement across the gas-liquid interface; 

(iii) diffusion through the relatively stagnant liquid film sur- 
rounding the bubble; 

(iv) transport through the bulk liquid; 

(v) diffusion through the relatively stagnant liquid film sur- 
rounding the cells; 

(vi) movement across the liquid—cell interface; 

(vii) if the cells are in a floc, clump or solid particle, diffusion 


through the solid to the individual cell; and 
(viii) transport through the cytoplasm to the site of reaction. 


Note that resistance due to the gas boundary layer on the inside 
of the bubble has been neglected; because of the low solu- 
bility of oxygen in aqueous solutions, we can assume that the 
liquid-film resistance dominates gas-liquid mass transfer (see 
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Figure 9.8 Steps for transfer of oxygen from gas bubble to cell. 
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Section 9.4.3). If the cells are individually suspended in liquid 
rather than in a clump, step (vii) disappears. 

The relative magnitudes of the various mass-transfer resis- 
tances depend on the composition and rheological properties 
of the liquid, mixing intensity, bubble size, cell-clump size, 
interfacial adsorption characteristics and other factors. For 
most bioreactors the following analysis is valid. 


(i) Transfer through the bulk gas phase in the bubble is 


relatively fast. 

(ii) The gas-liquid interface itself contributes negligible 
resistance. 

(iii) The liquid film around the bubbles is a major resistance 
to oxygen transfer. 

(iv) In a well-mixed fermenter, concentration gradients in 


the bulk liquid are minimised and mass-transfer resist- 
ance in this region is small. However, rapid mixing can 
be difficult to achieve in viscous fermentation broths; if 
this is the case, oxygen-transfer resistance in the bulk 
liquid may be important. 

(v) Because single cells are much smaller than gas bubbles, 
the liquid film surrounding each cell is much thinner 
than that around the bubbles and its effect on mass 
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transfer can generally be neglected. On the other hand, 
if the cells form large clumps, liquid-film resistance can 
be significant. 


(vi) Resistance at the cell-liquid interface is generally 
neglected. 
(vii) When the cells are in clumps, intraparticle resistance is 


likely to be significant as oxygen has to diffuse through 
the solid pellet to reach the interior cells. The magni- 
tude of this resistance depends on the size of the clumps. 

(vii) Intracellular oxygen-transfer resistance is negligible 
because of the small distances involved. 


When cells are dispersed in the liquid and the bulk fermen- 
tation broth is well mixed, the major resistance to oxygen transfer 
is the liquid film surrounding the gas bubbles. Transport through 
this film becomes the rate-limiting step in the complete pro- 
cess, and controls the overall mass-transfer rate. Consequently, 
the rate of oxygen transfer from the bubble all the way to the 
cell is dominated by the rate of step (iii). The mass-transfer rate 
for this step can be calculated using Eq. (9.37). 

At steady state there can be no accumulation of oxygen at 
any location in the fermenter; therefore, the rate of oxygen 
transfer from the bubbles must be equal to the rate of oxygen 
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consumption by the cells. If we make N, in Eq. (9.37) equal to 
Qo in Eq. (9.38) we obtain the following equation: 


kya (Cay — Cay) = 40%: 
(9.39) 


k, ais used to characterise the oxygen mass-transfer capability 
of fermenters. If £, 4 for a particular system is small, the ability 
of the reactor to deliver oxygen to the cells is limited. We can 
predict the response of the fermenter to changes in mass- 
transfer operating conditions using Eq. (9.39). For example 
if the rate of cell metabolism remains unchanged but ka 
is increased, e.g. by raising the stirrer speed to reduce the thick- 
ness of the boundary layer around the bubbles, the 
dissolved-oxygen concentration C,, must rise in order for the 
left-hand side of Eq. (9.39) to remain equal to the right-hand 
side. Similarly, if the rate of oxygen consumption by the cells 
accelerates while k, ais unaffected, C,, must decrease. 

We can use Eq. (9.39) to deduce some important relation- 
ships for fermenters. First, let us estimate the maximum cell 
concentration that can be supported by the fermenter’s oxy- 
gen-transfer system. For a given set of operating conditions, 
the maximum rate of oxygen transfer occurs when the concen- 
tration-difference driving force (C4; — C,,) is highest, i.e. 
when the concentration of dissolved oxygen Cy, is zero. 
Therefore from Eq. (9.39), the maximum cell concentration 


that can be supported by the mass-transfer functions of the 
reactor is: 


_ kaCry 


ve) 


max 


(9.40) 


If x... estimated using Eq. (9.40) is lower than the cell con- 
centration required in the fermentation process, &, a must be 
improved. It is generally undesirable for cell density to be 
limited by rate of mass transfer. Comparison of x,,,, values 
evaluated using Eqs (8.52) and (9.40) can be used to gauge the 
relative effectiveness of heat and mass transfer in aerobic fer- 
mentation. For example, if x,,,, from Eq. (9.40) were small 
while x,,,, calculated from heat-transfer considerations were 
large, we would know that mass-transfer operations are more 
likely to limit biomass growth. If both x,,,, values are greater 
than that desired for the process, heat and mass transfer are 
adequate. 

Another important parameter is the minimum &,a 
required to maintain Cy, > C,,;, in the fermenter. This can be 


determined from Eq. (9.39) as: 


Jo* 
(CoG 


tis? 


(hy 9) erie = 
(9.41) 


Example 9.1 Cell concentration in aerobic culture 


A strain of Azotobacter vinelandii is cultured in a 15 m? stirred fermenter for alginate production. Under current operating 
conditions &, ais 0.17 s~!. Oxygen solubility in the broth is approximately 8 x 10-4 kg m3. 


(a) The specific rate of oxygen uptake is 12.5 mmol g~! h~!. What is the maximum possible cell concentration? 
(b) The bacteria suffer growth inhibition after copper sulphate is accidently added to the fermentation broth. This causes a reduc- 
tion in oxygen uptake rate to 3 mmol g~! h~!. What maximum cell concentration can now be supported by the fermenter? 


Solution: 
(a) From Eq. (9.40): 

(0.17 s~!) (8x 1073 kg m~4) 
12.5 mmol ih 
—sh | 36005 
=1.2x10¢gm3=12gI71. 


*max ~ 


| 1 gmol 
“| 1000 mmol 


32g 
V1 gmol 


| sang | 


1000 g 


(b) Assume that addition of copper sulphate does not affect C%, or hy 2. If qo is reduced by a factor of 12-5/3 = 4.167, x,,,, is 


increased to: 


Xmax = 4-167 (12 g17!)=50g171. 


To achieve the calculated cell densities all other conditions must be favourable, e.g. sufficient substrate and time must be provided. 
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9.6 Oxygen Transfer in Fermenters 


The rate of oxygen transfer in fermentation broths is influ- 
enced by several physical and chemical factors that change 
either the value of &, or the value of a, or the driving force for 
mass transfer, (CX; — C,,). Asa general rule of thumb, ky in 
fermentation liquids is about 3-4 x 10-4 m s~! for bubbles 
greater than 2-3 mm diameter; this can be reduced to 
1x 10-4ms7! for smaller bubbles depending on bubble 
rigidity. Once the bubbles are above 2-3 mm in size, k, is rela- 
tively constant and insensitive to conditions. If substantial 
improvement in mass-transfer rates is required, it is usually 
more productive to focus on increasing the interfacial area a. 
Operating values in bioreactors for the combined coefficient 
k, a span a wide range over about three orders of magnitude; 
this is due mainly to the large variation in a. In production- 
scale fermenters, the value of , a is typically in the range 
0.02 s~! 00.25 s7!. 

In this section, several aspects of fermenter design and 
operation are discussed in terms of their effect on oxygen mass 
transfer. 


9.6.1 Bubbles 


The efficiency of gas-liquid mass transfer depends to a large 
extent on the characteristics of bubbles in the liquid medium. 
Bubble behaviour strongly affects the value of £, a; some prop- 
erties of bubbles affect mainly the magnitude of k,, whereas 
others change the interfacial area a. The important aspects of 
bubble behaviour in fermenters are described below. 

Stirred fermenters are used most commonly for aerobic cul- 
ture. In these vessels, oxygen is supplied to the medium by 
sparging swarms of air bubbles underneath the impeller. The 
action of the impeller then creates a dispersion of gas through- 
out the vessel. In small laboratory-scale fermenters all of the 
liquid is close to the impeller; bubbles in these systems are fre- 
quently subjected to severe distortions as they interact with 
turbulent liquid currents in the vessel. In contrast, bubbles in 
most industrial stirred tanks spend a large proportion of their 
time floating free and unimpeded through the liquid after 
initial dispersion at the impeller. Liquid in large fermenters 
away from the impeller does not possess sufficient energy for 
continuous break-up of bubbles. This is a consequence of 
scale; most laboratory fermenters operate with stirrer power 
between 10 and 20 kW m7 3, whereas large agitated vessels 
operate at 0.5-5 kW m73, The result is that virtually all large 
commercial-size stirred-tank reactors operate mostly in the 
free bubble-rise regime [8}. 

The most important property of air bubbles in fermenters is 


their size. For a given volume of gas, more interfacial area a is 
provided if the gas is dispersed into many small bubbles rather 
than a few large ones; therefore a major goal in bioreactor 
design is a high level of gas dispersion. However, there are 
other important benefits associated with small bubbles. Small 
bubbles have correspondingly slow bubble-rise velocities; con- 
sequently they stay in the liquid longer, allowing more time for 
the oxygen to dissolve. Small bubbles therefore create high gas 
hold-up, defined as the fraction of the fluid volume in the reac- 
tor occupied by gas: 


(9.42) 


where € is the gas hold-up, V;, is the volume of gas bubbles in 
the reactor, and V, is the volume of liquid. Because the total 
interfacial area for oxygen transfer depends on the total vol- 
ume of gas in the system as well as on the average bubble size, 
high mass-transfer rates are achieved at high gas hold-ups. Gas 
hold-up values are very difficult to predict and may be 
anything from very low (0.01) up to a maximum in commer- 
cial-scale stirred fermenters of about 0.2. Under normal 
operating conditions, a significant fraction of the oxygen in 
fermentation vessels in contained in the gas hold-up. For 
example if the culture is sparged with air and the broth satur- 
ated with dissolved oxygen, for an air hold-up of only 0.03, 
about half the total oxygen in the system is in the gas phase. 

While it is desirable to have small bubbles, there are practi- 
cal limits. Bubbles << 1 mm diameter can become a nuisance 
in bioreactors. Oxygen concentration in these bubbles equili- 
brates with that in the medium within seconds, so that the gas 
hold-up no longer reflects the capacity of the system for mass 
transfer [9]. Problems with very small bubbles are exacerbated 
in viscous non-Newtonian broths; tiny bubbles remain lodged 
in these fluids for long periods of time because their velocity of 
rise is reduced. As a rule of thumb, relatively large bubbles 
must be employed in viscous cultures. 

Bubble size also affects the value of &, . In most fermenta- 
tion broths, if the bubbles have diameters less than 2-3 mm, 
surface tension effects dominate the behaviour of the bubble 
surface. As a result, the bubbles behave as rigid spheres with 
immobile surfaces and no internal gas circulation. A rigid 
bubble surface gives lower &, values; &, decreases with 
decreasing bubble diameter below 2~3 mm. On the other 
hand, bubbles in fermentation media with sizes greater than 
about 3 mm develop internal circulation and relatively mobile 
surfaces, depending on liquid properties. Bubbles with mobile 
surfaces are able to wobble and move in spirals during free rise; 
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Figure 9.9 Flow pattern in stirred aerated bioreactors as a function of impeller speed N, and gas flow rate F,. (From A.W. 
Nienow, DJ. Wisdom and J.C. Middleton, 1978, The effect of scale and geometry on flooding, recireulagons and power in 
gassed stirred vessels. Proc. 2nd Eur. Conf. on Mixing, Cambridge, England, 1977, pp. Fl-1-F1-16, BHRA Fluid Engineering, 
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this behaviour has a marked beneficial effect on &, and rate of 
mass transfer. 

To summarise the influence of bubble size on oxygen mass 
transfer, small bubbles are generally beneficial because of the 
increased gas hold-up and larger interfacial surface-area. 
However, &, for bubbles less than about 3 mm diameter is 
reduced due to surface effects. Very small bubbles << 1 mm 
should be avoided, especially in viscous broth. 


9.6.2 Sparging, Stirring and Medium 


Properties 


Because bubble size is such a critical parameter affecting oxy- 
gen transfer, it is useful to consider the physical processes in 
fermenters which determine bubble size. These processes 
include bubble formation, gas dispersion and coalescence. 

Air bubbles are formed at the sparger. There exists a large 
variety of sparger designs, including simple open pipes, perfor- 
ated tubes, porous diffusers, and complex two-phase injector 
devices. Bubbles leaving the sparger usually fall within a rela- 
tively narrow size range depending on the sparger type. This 
size range is a significant parameter in design of air-driven fer- 
menters such as bubble and airlift columns because there is no 
other mechanism for bubble dispersion in these reactors. 
However in stirred vessels, design of the sparger and the mechan- 
ics of bubble formation are of secondary importance compared 
with the effects of the impeller. As a result of contin- 


ual bubble break-up and dispersion by the impeller and coales- 
cence from bubble collisions, bubble sizes in stirred reactors 
often bear little relationship to those formed at the sparger. 
Coalescence of small bubbles into bigger bubbles is generally 
undesirable because it reduces the total interfacial area and gas 
hold-up. Frequency of coalescence depends mainly on the liquid 
properties. In a coalescing liquid, a large fraction of bubble colli- 
sions results in the formation of bigger bubbles, while in 
non-coalescing liquids colliding bubbles do not coalesce readily. 
Salts act to suppress coalescence; therefore, fermentation media 
are usually non-coalescing to some extent depending on com- 
position. This is an advantage for oxygen mass transfer. 

Flow patterns set up in stirred vessels in the absence of aera- 
tion have been described in Chapter 7. As illustrated in Figure 
9.9, when air is sparged different gas flow patterns develop 
depending on the relative rates of gas input and stirring. As 
shown in Figure 9.9(a), if the agitator speed N; is low and the 
gas feed rate Fis high, gas envelopes the impeller without dis- 
persion and the flow pattern is dominated by air flow up the 
stirrer shaft. Jmpeller flooding is said to occur; this means that 
the gas-handling capacity of the stirrer is smaller than the 
amount introduced. Flooding should be avoided because an 
impeller surrounded by gas no longer contacts the liquid prop- 
erly, resulting in poor mixing and gas dispersion. As the 
impeller speed increases, gas is captured behind the agitator 
blades and is dispersed into the liquid. N;, is the minimum 
stirrer speed required to just completely disperse the gas, 
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Figure 9.10 Dependence of &, aon stirrer speed N, in 

an agitated tank with 0.381 cm s_! superficial gas velocity. 
Symbols represent various concentrations of sodium poly- 
acrylate and sodium carboxyl methyl cellulose in aqueous 
solution. (From H. Yagi and F. Yoshida, 1975, Gas absorp- 
tion by Newtonian and non-Newtonian fluids in sparged 
agitated vessels. Ind. Eng. Chem. Process Des. Dev. 14, 
488-493.) 


including below the impeller. The minimum agitator tip 
speed for dispersion of air bubbles even at very low gas flow 
rates has been estimated by Westerterp et a/ [10] as roughly 
1.5-2.5 ms}; tip speed=n N, D, where N, is impeller speed 
and D, is impeller diameter. With further increases in stirrer 
speed, small recirculation patterns start to emerge as indicated 
in Figure 9.9(e); N;p is the speed at which gross recirculation 
of gas back to the agitator starts to occur. 

Gas dispersion in stirred vessels takes place mainly in the 
immediate vicinity of the impeller. As shown in Figure 7.27 
(see p. 154), when gas is present in stirred liquids it is drawn 
into low-pressure cavities behind the stirrer blades. Gas from 
the sparger together with a large fraction of the recirculating 
gas in the system is entrained in these cavities. Gas contacting 
the impeller blades leads to a decrease in the friction or drag 
coefficient associated with impeller rotation and a concomi- 
tant reduction in power consumption. As the impeller blades 
rotate at high speed, small gas bubbles are thrown out from the 
back of the cavities into the bulk liquid under the influence of 


Figure 9.11 Effect on &, aof number of impellers used to 
mix a viscous mycelial suspension. The ratio of liquid depth 

to rank diameter is 2.41. P, is power consumption with gas 
sparging. (OC) Two impellers, apparent viscosity = 500 cP, 
impeller spacing/impeller diameter = 2.06; (3) three impellers, 
apparent viscosity = 500 cP, impeller spacing/impeller diam- 
eter = 1.37; (@) two impellers, apparent viscosity = 700 cP, 
impeller spacing/impeller diameter = 2.06; (™) three impellers, 
apparent viscosity = 700 cP, impeller spacing/impeller 
diameter = 1.37. (From H. Taguchi, 1971, The nature of 
fermentation fluids. Adv. Biochem. Eng. 1, 1-30.) 
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dispersion processes that are not yet completely understood. 
In a non-coalescing liquid, the bubbles remain close to the size 
produced at the back of the cavities. Because bubbles formed 
at the sparger are immediately drawn into the impeller zone, 
dispersion of gas in stirred vessels is largely independent of 
sparger design; when the sparger is located under the stirrer, it 
has been shown that sparger type does not significantly affect 
mass transfer. 

Under typical fermenter operating conditions, increasing 
the stirrer speed improves the value of &, a , as shown in Figure 
9.10. In contrast, except at very low sparging rates, increasing 
the gas flow is generally considered to exert only a minor influ- 
ence on &,a. As indicated in Figure 9.11, increasing the 
number of impellers on the stirrer shaft does not necessarily 
improve k,a even though the power consumption is 
increased. The quantity of gas passing through the upper 
impellers is small compared with the lower impeller, so that 
any additional gas dispersion is not significant. 


9.6.3 Antifoam Agents 


Most cell cultures produce a variety of foam-producing and 
foam-stabilising agents, such as proteins, polysaccharides and 
fatty acids. Foam build-up in fermenters is very common, 
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particularly in aerobic systems. Foaming causes a range of reac- 
tor operating problems; foam control is therefore an 
important consideration in fermentation design. Excessive 
foam overflowing from the top of the fermenter provides a 
route for entry of contaminating organisms and causes block- 
age of outlet gas lines. Liquid and cells trapped in the foam 
represent a loss of bioreactor volume; conditions in the foam 
may not be favourable for metabolic activity. In addition, 
fragile cells can be damaged by collapsing foam. 

Addition of special antifoam compounds to the medium is 
the most common method of reducing foam build-up in fer- 
menters. However, antifoam compounds affect the surface 
chemistry of bubbles and their tendency to coalesce, and have 
a significant effect on &, a. Most antifoam agents are strong 
surface tension-lowering substances. Decrease in surface ten- 
sion reduces the average bubble diameter, thus producing 
higher values of a. However, this is countered by a reduction 
in mobility of the gas—liquid interface which lowers the value 
of &, . With most silicon-based antifoams, the decrease in k, is 
generally larger than the increase in a so that, overall, £, a is 
reduced [11, 12]. The resulting decrease in rate of oxygen 
transfer can be dramatic, by up to a factor of 10. 

In order to maintain the non-coalescing character of the 
medium and high &, a values, mechanical rather than chemi- 
cal methods of disrupting foam are preferred because the 
liquid properties are not changed. Mechanical foam breakers, 
such as high-speed discs rotating at the top of the vessel and 
centrifugal foam destroyers, are suitable when foam develop- 
ment is moderate. However, some of these devices need large 
quantities of power to operate in commercial-scale vessels; 
their limited foam-destroying capacity is also a problem with 
highly-foaming cultures. In many cases, use of chemical anti- 
foam agents is unavoidable. 


9.6.4 Temperature 


The temperature of aerobic fermentations affects both the sol- 
ubility of oxygen C4, and the mass-transfer coefficient k,. 
Increasing temperature causes CZ, to drop, so that the driving 
force for mass transfer (C4, — Cy) is reduced. At the same 
time, diffusivity of oxygen in the liquid film surrounding the 
bubbles is increased, resulting in an increase in k,. The net 
effect of temperature on oxygen transfer depends on the range 
of temperature considered. For temperatures between 10°C 
and 40°C, increase in temperature is more likely to increase 
the rate of oxygen transfer. Above 40°C the solubility of oxy- 
gen drops significantly, adversely affecting the driving force 
and rate of mass transfer. 


9.6.5 Gas Pressure and Oxygen Partial 
Pressure 


Pressure and oxygen partial pressure of the gas used to aerate 
fermenters affect the value of C4, . The equilibrium relation- 
ship between these parameters for dilute liquid solutions is 
given by Henry’ law: 


Pac = Priac = ACh, 
(9.43) 


where p ac is the partial pressure of component A in the gas, p-- 
is total gas pressure, yc is the mole fraction of A in the gas, H 
is Henry’s constant which is a function of temperature, and 
Cy, is the solubility of component A in the liquid. From Eq. 
(9.43), if the total gas pressure p- or concentration of oxygen 
in the gas yc is increased at constant temperature, C4, and 
therefore the mass-transfer driving force (C ‘AL ~ Caz) also 
increase. 

In some fermentations, oxygen-enriched air or pure oxygen 
is used to improve mass transfer. Alternatively, oxygen solubil- 
ity is increased by sparging compressed air at high pressure. 
Both these strategies increase the operating cost of the fer- 
menter; it is also possible in some cases that the culture will 
suffer inhibitory effects from exposure to very high oxygen 
partial pressures. 


9.6.6 Presence of Cells 


Oxygen transfer is influenced by the presence of cells in fer- 
mentation broths; the nature of the effect depends on the 
species of organism, its morphology and concentration. Cells 
with complex morphology generally lead to lower transfer 
rates. Cells interfere with bubble break-up and coalescence; 
cells, proteins and other molecules which adsorb at gas—liquid 
interfaces also cause interfacial blanketing which reduces the 
contact area between gas and liquid. The quantitative effect of 
interfacial blanketing is highly system-specific. Because con- 
centrations of cells, substrates and products change 
throughout batch fermentation, the value of &, acan also vary. 
An example of change in &, a due to these factors is shown in 
Figure 9.12. 


9.7 Measuring Dissolved-Oxygen 
Concentrations 


The concentration of dissolved oxygen Cy, in fermenters is 
normally measured using a dissolved-oxygen electrode. There are 
two types in common use: galvanic electrodes and polarographic 
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Figure 9.12 Variation in &, a during a batch 300-I strep- 
tomycete fermentation. (From C.M. Tuffile and F. Pinho, 
1970, Determination of oxygen-transfer coefficients in vis- 
cous streptomycete fermentations. Biotechnol. Bioeng. 12, 


849-871.) 
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electrodes. Details of the construction and operating principles 
of these probes can be found in other references [13, 14]. In 
both designs, a membrane which is permeable to oxygen sep- 
arates the fermentation fluid from the electrode. As illustrated 
in Figure 9.13, oxygen diffuses through the membrane to the 
cathode, where it reacts to produce a current between anode 
and cathode proportional to the oxygen partial pressure in the 
fermentation broth. An electrolyte solution in the electrode 
supplies ions which take part in the reactions, and must be 
replenished at regular intervals. Depending on flow conditions 
in the bulk medium, liquid properties, and the rate of oxygen 
utilisation by the probe, a liquid boundary layer develops at 
the interface between the solid probe and the liquid. 

As indicated in Figure 9.13, supply of oxygen molecules 
from the bulk medium to the cathode is in itself a mass-trans- 
fer process. Because there is no bulk fluid motion in the 
membrane or electrolyte solution and little motion in the 
liquid film at the membrane interface, operation of the probe 
relies on diffusion of oxygen across these thicknesses. This 
takes time, so the response of an electrode to sudden changes 
in dissolved-oxygen level is subject to delay. The electrode 
response time can be measured by quickly transferring the 
probe from a beaker containing medium saturated with nitro- 
gen to one saturated with air. The response time is defined as 
the time taken for the probe to indicate 63% of the total 
change in dissolved-oxygen level. For commercially-available 
steam-sterilisable electrodes, response times are usually 
10-100 s. Electrode response can usually be improved if 
the bulk liquid is stirred rapidly; this decreases the thickness of 
the liquid film at the membrane surface. Micro-probes for 
dissolved-oxygen measurement are also available. The smaller 
cathode size and lower rate of oxygen consumption by these 


Figure 9.13 Diffusion of oxygen from bulk liquid to the 


cathode of an oxygen electrode. 
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instruments means that their response is quicker; so much so 
that micro-probes can be used to measure dissolved oxygen 
levels in unagitated systems. Steam-sterilisable probes are 
inserted directly into fermentation vessels for on-line moni- 
toring of dissolved oxygen. Repeated calibration of dissolved- 
oxygen probes is usually necessary; fouling by cells attaching to 
the membrane surface, electronic noise due to air bubbles 
passing close to the membrane, and signal drift are the main 
operating problems. 

Both galvanic and polarographic electrodes measure the 
partial pressure of dissolved oxygen or oxygen tension in the fer- 
mentation broth, not the dissolved-oxygen concentration. To 
convert this to dissolved-oxygen concentration, it is necessary 
to know the solubility of oxygen in the liquid at the tempera- 
ture and pressure of measurement. 


9.8 Estimating Oxygen Solubility 


The concentration difference (C4; — Cy,) is the driving 
force for oxygen mass transfer. Because this difference is usu- 
ally very small, it is important that the solubility C4, be 
known accurately; small errors in C4, will result to large 
errors in (CA; — Cy). Experimentally-determined values 
for solubility of oxygen in water can be found in many litera- 
ture sources, e.g. [15-17]; Table 9.1 shows the solubility of 
oxygen in water under 1 atm oxygen pressure at various tem- 
peratures. However, fermentations are not carried out using 
pure water and pure oxygen. Because oxygen partial pressure 
in the gas phase and presence of dissolved material in the 
liquid are major factors affecting oxygen solubility, the values 
given in Table 9.1 cannot be applied directly to bioprocessing 
systems, 
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Table 9.1 


Solubility and Henry’s constant for oxygen in pure water under 1 atm oxygen pressure 


(Calculated from data in International Critical Tables, 1928, vol. III, p. 257. McGraw-Hill, New York) 


Temperature Oxygen solubility Henry's constant 
(°C) (kg m7) (atm m> kg~ 1) 
0 7.03 x 1072 14.2 

10 5.49 x 1072 18.2 

15 4.95 x 1072 20.2 

20 4.50 x 1072 22.2 

25 4.14x 1072 24.2 

26 4.07 x 1072 24.6 

27 4.01x 1072 24.9 

28 3.95 x 1072 25.3 

29 3.89 x 1072 25.7 

30 3.84 x 1072 26.1 

35 3.58 x 1072 27.9 

40 3.37 x 1072 29.7 


Table 9.2 Solubility of oxygen in water under 1 atm air 
pressure 


(Calculated from data in Table 9.1 and Henry’s law) 


Temperature Oxygen solubility 
(°C) (kg m~3) 

0 1.48 x 1072 
10 1.15 x 1072 
15 1.04 x 107? 
20 9.45 x 1075 
25 8.69 x 1073 
26 8.55x 1073 
27 8.42 x 1073 
28 8.29 x 1073 
29 8.17x 1073 
30 8.05 x 1073 
35 7.52 x 1073 
40 7.07 x 1073 


9.8.1 Effect of Oxygen Partial Pressure 


According to the Jnternational Critical Tables [18], the mole 
fraction of oxygen in air is 0.2099, so the partial pressure of 
oxygen at | atm air pressure is 0.2099 atm. Ata given tempera- 
ture, the effect of gas-phase oxygen partial pressure on 
solubility is given by Henry’s law, Eq. (9.43). Therefore, the 
solubility of oxygen in water under 1 atm air pressure is 0.2099 


times that under 1 atm pure oxygen. Values for solubility of 
oxygen in water sparged with air are given in Table 9.2. 


9.8.2 Effect of Temperature 


The variation of oxygen solubility with temperature is shown 
in Tables 9.1 and 9.2 for water in the range 0-40°C. Solubility 
falls with increasing temperature. Oxygen solubility in pure 
water between 0° and 36°C has been correlated by the follow- 
ing equation [15]: 


Cx, = 14.161 — 0.3943 T+ 0.007714 T? — 0.0000646 73 
(9.44) 


where C%, is oxygen solubility in units of mg!~!, and Tis 
temperature in °C. 


9.8.3 Effect of Solutes 


Presence of solutes such as salts, acids and sugars has a signific- 
ant effect on oxygen solubility in water, as indicated in Tables 
9.3 and 9.4. These data indicate that oxygen solubility is 
decreased by the ions and sugars normally added to fermenta- 
tion media. The effect on oxygen solubility of ionic and 
non-ionic solutes such as molasses, corn-steep liquor, protein 
and antifoam agents is reported in several publications 
[19-24]. Quicker et a/. [23] have developed an empirical cor- 
relation to correct values of oxygen solubility in water for the 
effects of cations, anions and sugars: 
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Table 9.3 Solubility of oxygen in aqueous solutions at 25°C under 1 atm oxygen pressure 


(Calculated from data in \nternational Critical Tables, 1928, vol. III, p. 271. McGraw-Hill, New York) 


Concentration Oxygen solubility (kg m~3 

(M) HCl ', H,SO, NaCl 

0 4.14x 1072 4.14x 1072 4.14x 1072 
0.5 3.87 x 1072 3.77 x 1072 3.43 x 1072 
1.0 3.75 x 1072 3.60 x 1072 2.91 x 1072 
2.0 3.50 x 1072 3.28 x 1072 2.07 x 1072 


Table 9.4 Solubility of foxygen in aqueous solutions of sugars under 1 atm oxygen pressure 


(Caleulated from ata in International: Critical Tables, 7 1928, vol. IIT, “272. McGraw- Hill, New York) 


Sugar Conccnivation apseaiave:* Oxygen solubility 

(gmol per kg H,O) (°C) (kg m~4) 
Glucose 0 20 4.50 x 1072 

0.7 20 3.81 1072 

1.5 20 3.18 1072 

3.0 20 2.54 1072 
Sucrose 0 15 4.95 x 1072 

0.4 15 4.25x 1072 

0.9 15 3.47 x 1072 


1.2 15 3.08 x 1072 


between 5% and 25% lower than in water as a result of solute 


c* 
oo |. 05% Hz} Cy + 2K, Cr 
AL 


effects. 
(9.45) 
9.9 Mass-Transfer Correlations 
where 
‘é ae : In general, there are two approaches to evaluating &, and a: 
Chto = oxygen solubility at zero solute concentration F : see : ; 
(mol m~3) calculation using empirical correlations, and experimental 
to) ee ee 
" “p —3, measurement. In both cases, separate determination of k, and 
Ch, = oxygen solubility (mol m”) ; . : 3 ; 5 2 
7s : 3. 1-1, 4 is laborious and sometimes impossible. It is convenient 
AH; = constant for ionic component : (m? mol +) : : 
: ok : therefore to directly evaluate the product &, a; the combined 
z; = valency of ionic component i ; : 
! ‘ boos is ee term &, a is often referred to as the mass-transfer coefficient 
Cz = concentration of ionic component 7 in the liquid : : : : 
: (mol m—3) rather than just 4, . In this section we consider methods for cal- 
Wes F 3. 7-1, culating &, ausing published correlations. 
K; = constantfornon-ioniccomponentj (m° mol™') ; 
: ee fhe In aerobic fermenters, &, and aare dependent on the hydro- 
C., = concentration of non-ionic component 7 in the : Ss onc fie 
J iar, 3, dynamic conditions around the gas bubbles. Relationships 
liquid (mol m7”) 


between £, a and parameters such as bubble diameter, liquid 
Values of H,and K; for use in Eq. (9.45) are listed in Table 9.5. velocity, density, viscosity and oxygen diffusivity have been 
In a typical fertnentation medium, oxygen solubility is investigated extensively, and empirical correlations between 
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Table 9.5 Values of H, and K;in Eq. (9.45) at 25°C 


209 


(From A. Schumpe, I. Adler and W.-D. Deckwer, 1978, Solubility of oxygen in electrolyte solutions, Biotechnol. Bioeng. 20, 
145-150; and G. Quicker, A. Schumpe, B. Kénig and W.-D. Deckwer, 1981, Comparison of measured and calculated oxy- 
gen solubilities in fermentation media, Biotechnol. Bioeng. 23, 635-650) 


Cation H,xX 103 Anion Hx 103 Sugar Kx 10 
(m? mol!) (m? mol!) (m? mol!) 

Ht —0.774 OH 0.941 Glucose 0.119 
Kt —0.596 Cl- 0.844 Lactose 0.197 
Na* —0.550 CO;- 0.485 Sucrose 0.149" 
NH; —0.720 SO}- 0.453 
NEtj 0.912 NO; 0.802 
Mg** —0.314 HCO; 1.058 
Ca?* —0.303 H,PO; 1.037 
Mn?* —0.311 HPO? 0.485 

PO?” 0.320 


Approximately valid for sucrose concentrations up to about 200 g17?. 


mass-transfer coefficients and important operating variables 
have been developed. Theoretically, these correlations allow 
prediction of mass-transfer coefficients based on information 
gathered from a large number of previous experiments. In prac- 
tice, however, the accuracy of published correlations applied to 
biological systems is generally poor. The main reason is that 
mass transfer is strongly affected by the additives usually 
present in fermentation media. Because fermentation liquids 
contain varying levels of substrates, products, salts, surface- 
active agents and cells, the surface chemistry of bubbles and 


therefore the mass-transfer situation become very complex. 


Most available correlations for oxygen mass-transfer coeffi- 
cients were determined using pure air in water, and it is very 
difficult to correct these correlations for different liquid com- 
positions. The effective mass-transfer area a is also influenced 
by interfacial blanketing of the bubble—liquid surface by cells 
and other components of the broth. Prediction of &, a under 
these conditions is problematic. 

When mass-transfer coefficients are required for large-scale 
equipment, another factor related to hydrodynamic condi- 
tions limits the applicability of published correlations. Most 
studies of oxygen mass-transfer have been carried out in labor- 
atory-scale stirred reactors, which are characterised by high 
turbulence throughout most of the vessel. The gas phase in 
small-scale agitated tanks is well dispersed; break-up and 
coalescence of bubbles occur constantly due to the high level 
of turbulence and frequent bubble collisions. In contrast, 


bubbles in industrial-scale stirred tanks are mostly in free rise. 
The result is that, due to the different hydrodynamic regimes 
present in small- and large-scale vessels, mass-transfer correla- 
tions for stirred tanks developed in the laboratory tend to 
overestimate the oxygen-transfer capacity of commercial-scale 
systems. Better results can be achieved with a two-compart- 
ment model of large fermenters, applying different 
correlations for the mixed zone close to the impeller and the 
bubble zone away from the impeller. Application of this tech- 
nique for calculation of oxygen transfer-rate is described by 
Oosterhuis and Kossen [25]. 

In this section we will consider one empirical correlation 
for oxygen mass transfer; its application in fermentation 
systems is subject to the problems mentioned above. A widely- 
used correlation for stirred vessels relates k, 2 directly to gas 
velocity and power input to the stirrer; all the effects of flow 
and turbulence on bubble dispersion and the mass-transfer 
boundary layer are represented by the power term. An expres- 
sion for stirred fermenters containing non-coalescing 
non-viscous media is [26]: 


P 0.7 
kya =2.0x 10-3(2) ue2. 
(9.46) 


In Eq. (9.46), &, ais the combined mass-transfer coefficient in 
units of s-!, Pis the power dissipated by the stirrer in W, and 
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Vis the fluid volume in m?. Uc is the superficial gas velocity in 


ms); superficial gas velocity is defined as the volumetric gas 
flow rate divided by the cross-sectional area of the fermenter. 
Eq. (9.46) was obtained with water containing ions in vessel 
volumes 2 x 1073 < V< 4.4 m3, and 500 < 2/y < 10000 W 
m_>. 

Experimental results for &, a are reported to agree with Eq. 
(9.46) to within 20-40%; however application of this correla- 
tion to production-size vessels up to 25 m3 in volume has been 
found to overestimate rate of oxygen transfer by about 100% 
[25]. Note that this correlation does not depend on the sparger 
or stirrer design; the power dissipated by the impeller deter- 
mines &, a independent of stirrer type. Like most published 
correlations, Eq. (9.46) does not take into account the non- 
Newtonian behaviour of many culture fluids, the effect of 
added sugars and antifoam agents, and the presence of solids 
such as cells. 

Eq. (9.46) suggests that &, acan be increased by raising the 
superficial gas velocity in the reactor. However, the exponent 
on uc, in Eq. (9.46) is much less than unity, so the effect of gas 
flow rate is relatively minor. There is usually limited scope for 
increasing 4; depending on vessel configuration; at high 
the liquid contents can be blown out of the fermenter. The 
maximum operating value for ~,, also depends on the stirrer 
speed; as discussed in Section 9.6.2, unless the impeller is able 
to disperse all the air impinging on it, impeller flooding will 
occur. Because the exponent on Pin Eq. (9.46) is also less than 
one, increasing &, a by raising either the air flow rate or power 
input becomes progressively less efficient and more costly as 
the inputs increase. 


9.10 Measurement of kia 


Because of the difficulty in predicting k, ain bioreactors using 
correlations, mass-transfer coefficients for oxygen are usually 
determined experimentally. This is not without its own prob- 
lems however, as discussed below. Whatever method is used to 
measure &, a, the measurement conditions should match those 
in the fermenter during normal operation. Techniques for 
measuring &, a have been reviewed by van’t Riet [26]. 


9.10.1 Oxygen-Balance Method 


This technique is based on the equation for gas-liquid mass 
transfer, Eq. (9.37). In the experiment, the oxygen content of 
gas streams flowing to and from the fermenter are measured. 
From a mass balance at steady state, the difference in oxygen 


flow between inlet and outlet must be equal to the rate of oxy- 
q 
gen transfer from gas to liquid: 


1 
Na= vie Cag) ~ (F, Cag)ol 
(9.47) 


where V, is the volume of liquid in the fermenter, Fis the vol- 
umetric gas flow rate, C4, is the gas-phase concentration of 
oxygen, and subscripts i and o refer to inlet and outlet gas 
streams, respectively. The first term on the right-hand side of 
Eq. (9.47) represents the rate at which oxygen enters the fer- 
menter in the inlet-gas stream; the second term is the rate at 
which oxygen leaves. The difference berween them is the rate at 
which oxygen is transferred out of the gas into the liquid, V,. 
Because gas concentrations are generally measured as partial 
pressures, the ideal gas law Eq. (2.32) can be incorporated into 
Eq. (9.47) to obtain an alternative expression: 


v.-—! FPac \_ | FPac 
RORY Ey; aa 


(9.48) 


where Ris the universal gas constant (see Table 2.5 on p. 20), 
Pac 1s the oxygen partial pressure in the gas and Tis absolute 
temperature. Because oxygen partial pressures in the inlet and 
exit gas streams are usually not very different during operation 
of fermenters, they must be measured very accurately, e.g. 
using mass spectrometry. The temperature and flow rate of the 
gases must also be measured carefully to ensure an accurate 
value of NV, is determined. Once Ny is known and C,, and 
Cy, found using the methods described in Sections 9.7 and 
9.8, k, acan be calculated from Eq. (9.37). 

The steady-state oxygen-balance method is the most reli- 
able procedure for measuring &, 4, and allows determination 
from a single-point measurement. An important advantage is 
that the method can be applied to fermenters during normal 
operation. It depends, however, on accurate measurement of 
gas composition, flow rate, pressure and temperature; large 
errors as high as + 100% can be introduced if measurement 
techniques are inadequate. Considerations for design of labor- 
atory equipment to ensure accurate oxygen uptake 
measurements are described by Brooks et al. [27]. 


9.10.2 Dynamic Method 


This method for measuring &, a is based on an unsteady-state 
mass balance for oxygen. The main advantage of the dynamic 


9 Mass Transfer 


211 


Figure 9.14 Variation of oxygen tension for dynamic measurement of k, 2. 


Air off 


method over the steady-state technique is the low cost of the 
equipment needed. 

There are several different versions of the dynamic method; 
only one will be described here. Initially, the fermenter contains 
cells in batch culture. As shown in Figure 9.14, at some time fy 
the broth is de-oxygenated either by sparging nitrogen into the 
vessel or by stopping the air flow if the culture is oxygen-con- 
suming. Dissolved-oxygen concentration C,, drops during this 
period. Air is then pumped into the broth ata constant flow-rate 
and the increase in C4; monitored as a function of time. It is 
important that the oxygen concentration remains above C_,;, so 
that the rate of oxygen uptake by the cells is independent of oxy- 
gen level. Assuming re-oxygenation of the broth is fast relative to 
cell growth, the dissolved-oxygen level will soon reach a steady 
state value C,, which reflects a balance between oxygen supply 
and oxygen consumption in the system. C4, , and C4), are two 
oxygen concentrations measured during re-oxygenation at 
times f, and ¢,, respectively. We can develop an equation for 
k, ain terms of these experimental data. 


During the re-oxygenation step, the system is not at steady 
state. The rate of change in dissolved-oxygen concentration 
during this period is equal to the rate of oxygen transfer from 
gas to liquid, minus the rate of oxygen uptake by the cells: 

dc 
aes =k a(Cay ~ Car) — do* 


(9.49) 
where qo x is the rate of oxygen consumption. We can deter- 


mine an expression for 4g x by considering the final steady 
dissolved-oxygen concentration, C,,;. When Cy; = Cay, 


- dCyr/d¢= 0 because there is no change in C ‘ay. With time. 


Therefore, from Eq. (9.49): 


{gk hi wCy = Ca): 
(9.50) 


Substituting this result into Eq. (9.49) and cancelling the 
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k, aC, terms gives: Figure 9.15 Evaluating &, ausing the dynamic method. 


dC Z 
= =ka(Ca, — Cy): 
(9.51) 


Assuming &,4 is constant with time, we can integrate Eq. 
(9.51) between ¢, and ¢, using the integration rules described 
in Appendix D. The resulting equation for &, ais: 


n( ay =a} 
aes Car~ Carr 
7 ea 
(9.52) 


k,a can be estimated using two points from Figure 9.14 
L' 
or, more accurately, from several values of (Cy), ¢,) and 


(Cay #2). When 


Cg Cas k, a. Eq. (9.52) can be applied to actively respiring cultures, 
In €.-C or to systems without oxygen uptake. In the latter case, 
AL AL2 C,,=C* 
AL™ “AL: 


is plotted against (¢, — t,) as shown in Figure 9.15, the slope is 


Example 9.2 Estimating ,; a using the dynamic method 
A 20-I stirred fermenter containing a Bacillus thuringiensis culture at 30°C is used for production of microbial insecticide. &, ais 
determined using the dynamic method. Air flow is shut off for a few minutes and the dissolved-oxygen level drops; the air supply 


is then re-connected. When steady state is established, the dissolved-oxygen tension is 78% air saturation. The following results 
are obtained. 


Time(s) 


Oxygen tension 
(% air saturation) 


(a) Estimate &, 2. 
(b) An error is made determining the steady-state oxygen level which, instead of 78%, is taken as 70%. What is the percentage 
error in k, a resulting from this 10% error in Cg)? 
Solution: 
(a) Ciga 78% air saturation. Let us define t, =5 s, Ca, , = 50%, t,=15 sand Cy, ,= 66%. From Eq. (9.52): 
78 — 50 
In| ———— 
78 — 66 
ka = —___— = 0085s}. 
(15 — 5)s 


9 Mass Transfer 


(b) If C ‘aL is taken to be 70% air saturation: 


70 — 50 

In | ———— 

70— 66 
4 pie. 

(15 — 5)s 
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The error in &, ais almost 100%. This example illustrates how important it is to obtain accurate data for &, a determination. 


An oxygen probe with fast response time is required for 
measurement of C’,,, otherwise the dynamic method will not 
give accurate results. Frequently, however, the response time of 
the electrode is similar in magnitude to the time for mass trans- 
fer. When this is the case, values of C,, measured during the 
experiment do not reflect the instantaneous oxygen concentra- 
tion. Electrode response time should always be measured in 
conjunction with the dynamic method for &, a determination. 
In principle, the probe response time (Section 9.7) should be 
much smaller than the mass-transfer response time, 1/ ha 
Van’t Riet [26] has estimated that acceptable results are 
obtained using commercial electrodes with response times 
between 2 and 3s for 4, a values up to 0.1 s-!. When the 
response time is closer to 1/ kia the measurements should be 
corrected for electrode dynamics. Further discussion and analy- 
sis of this problem can be found in the literature [26, 28-34]. 

Another factor affecting accuracy of the dynamic method is 
the average residence time of gas in the system when de- 
oxygenation with nitrogen is followed by a switch to aeration 
at the beginning of the measurement. Because there is a nitro- 
gen gas hold-up in the vessel when air is re-introduced, 
measurement of C,, does not reflect the kinetics of simple 
oxygen transfer until a hold-up of air is established. This takes 
longer in large vessels; dynamic methods for &, ameasurement 
are therefore restricted to vessels with height less than 1 m 
[35]. Dynamic methods are inappropriate. for viscous broths 
for similar reasons; the large residence times of bubbles in vis- 
cous broths affect the accuracy of measurement [9]. 
Corrections to account for gas-phase dynamics in small vessels 
are described by Dunn and Einsele [29] and Dang et al. [32]. 
When the gas velocity is low and the hold-up high, such large 
corrections are required that the original measurements 
become meaningless. 


9.10.3 Sulphite Oxidation 


This method is based on oxidation of sodium sulphite to sul- 
phate in the presence of a catalyst such as Cu*. Although the 
sulphite method has been used extensively, the results appear 
to depend on operating conditions in an unknown way, and 


usually give higher k,@ values than other techniques. 
Accordingly, its application is discouraged [26]. 


9.11 Oxygen Transfer in Large Vessels 


Special difficulties are associated with measurement of oxygen 
transfer in large fermenters. Problems of residual gas hold-up 
with the dynamic method have already been mentioned. 
Implicit in application of the experimental techniques 
described in Section 9.10 is the assumption that &, a is con- 
stant throughout the entire reactor. This requires that the gas 
and liquid phases be perfectly mixed with uniform turbulence. 
In commercial-size reactors (> 10 m3), perfect mixing is diffi- 
cult to achieve; as a result the calculated value of &, 2 may 
depend on the position in the tank where the measurements of 
Cay are made. Even when mixing is good, variation in compo- 
sition of the gas phase is inevitable as changing static pressure 
and continuing dissolution of oxygen reduce the oxygen par- 
tial pressure in the bubbles as they rise. 

Significant variation between inlet and outlet oxygen par- 
tial pressures affects the value for C4, used in mass-transfer 
calculations. Allowance can be made for this by determining 
an average concentration driving force (CA; — Ca; ) across 
the system. A suitable average is the logarithmic-mean concen- 
tration difference, (Ch, — Cay)1? 


(Car ~— Cardo ~ (CAL ~ Cardi 
Ee =a 
In} ———_—— 
(Car ~ Cav) 


In Eq. (9.53), subscripts i and o represent the gas inlet and out- 
let ends of the vessel, respectively. 


(Car ~ Cay = 


(9.53) 


9.12 Summary of Chapter 9 
At the end of Chapter 9 you should: 


(i) be able to describe the two-film theory of mass transfer 
between phases; 
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(ii) know Fick’s awin terms of the diffusion coefficient, D,; 

(iii) be able to describe in simple terms the mathematical 
analogy between mass, heat and momentum transfer; 

(iv) know the empirical equation for rate of mass transfer in 


terms of the mass-transfer coefficient and concentration- 
difference driving force; 
(v) know che importance of the critical oxygen concentration; 
(vi) be able to identify which steps are most likely to present 
major resistances to oxygen mass transfer from bubbles 
to cells; 
understand how oxygen mass-transfer and &, acan limit 
the biomass density in fermenters; 
understand the mechanisms of gas dispersion and coales- 
cence in stirred fermenters and the importance of bubble 
size in determining gas hold-up and k, a; 
know how temperature, total pressure, oxygen partial 
pressure and presence of dissolved and suspended 
material in the medium affect oxygen solubility and 
rates of oxygen mass transfer in fermenters; and 
(x) know the techniques and limitations of steady-state and 
dynamic methods for experimental determination of &, a 
for oxygen transfer. 


(vii) 


(viii) 


(ix) 


Problems 
9.1 Rate-controlling processes in fermentation 


Serratia marcescens bacteria are used for production of threo- 
nine. The maximum specific oxygen uptake rate of S. 
marcescens in batch culture is 5 mmol O, g~! h~!. The bac- 
teria are grown in a stirred fermenter to a cell density of 
40 g1~!; &, a under these circumstances is 0.15 s~!. At the 
fermenter operating temperature and pressure, the solubility 
of oxygen in the culture liquid is 8 x 1073 kg m~>. Is the rate 
of cell metabolism limited by mass-transfer, or dependent 
solely on metabolic kinetics? 


9.2 k, arequired to maintain critical oxygen 
concentration 


A genetically-engineered strain of yeast is cultured in a bio- 
reactor at 30°C for production of heterologous protein. The 
oxygen requirement is 80 mmol |~! h7!; the critical oxygen 
concentration is 0.004 mM. The solubility of oxygen in the 
fermentation broth is estimated to be 10% lower than in water 
due to solute effects. 


(a) What is the minimum mass-transfer coefficient necessary 
to sustain this culture if the reactor is sparged with air at 
approximately 1 atm pressure? 
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(b) What mass-transfer coefficient is required if pure oxygen 
is used instead of air? 


9.3 Single-point &, a determination using the 
oxygen-balance method 


A 200-litre stirred fermenter contains a batch culture of 
Bacillus subtilis bacteria at 28°C. Air at 20°C is pumped into 
the vessel at a rate of 1 vvm; (vvm stands for volume of gas per 
volume of liquid per minute). The average pressure in the fer- 
menter is 1 atm. The volumetric flow rate of off-gas from the 
fermenter is measured as 189 | min~!. The exit gas stream is 
analysed for oxygen and is found to contain 20.1% O,. The 
dissolved-oxygen concentration in the broth is measured using 
an oxygen electrode as 52% air saturation. The solubility of 
oxygen in the fermentation broth at 28°C and | atm air press- 
ure is 7.8 X 1073 kg m7. 


(a) Calculate the oxygen transfer rate. 

(b) Determine the value of k, afor the system. 

(c) The oxygen analyser used to measure the exit gas composi- 
tion has been incorrectly calibrated. If the oxygen content 
has been overestimated by 10%, what error is associated 
with the result for &, a? 


9.4 kia measurement 


Escherichia coli bacteria are cultured at 35°C in the following 
medium: 


Component gi=} 
glucose 20 
sucrose 8.5 
CaCO, 1.3 
(NH,4),SO, 1.3 
Na,HPO, 0.09 
KH,PO, 0.12 


The stirred fermenter used for this culture has an operating 
volume of 20 m? and a liquid height of 3.5 m. Air at 25°C is 
sparged into the bottom of the vessel at a rate of 25 m3 min™!. 
Oxygen tension in the fermenter is measured using polaro- 
graphic electrodes located at the top and bottom of the vessel. 
At the top the reading is 50% air saturation; the reading at the 
bottom is 65%. The gas flow rate leaving the fermenter is 
measured with a rotary gas meter and is found to be 407 | s~!. 
The oxygen content of the off-gas is 20.15%. 
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(a) Calculate the pressure at the sparger. (Static pressure p, 
due to the height of liquid is given by the equation: p, = 
p gh, where p is liquid density, gis gravitational accelera- 
tion, and Ais liquid height.) 

(b) Estimate the solubility of oxygen in the fermentation 
broth at 35°C and 1 atm air pressure using the correlation 


of Eq. (9.45). 

(c) Estimate the solubility of oxygen at the bottom of the 
tank. 

(d) Calculate the logarithmic-mean concentration driving 
force, (CA, — Cyy)y 


(e) What is the oxygen transfer rate? 

(f) Determine the value of &, a. 

(g) What is the maximum cell concentration that can be sup- 
ported in this fermenter if the oxygen demand of the 
organism is 7.4 mmol g~+ h7!? 


9.5 Dynamic &, a measurement 


The dynamic method is used to measure &, a in a fermenter 
operated at 30°C. Data for dissolved-oxygen concentration as 
a function of time during the re-oxygenation step is as follows: 


Time (s) Ca, (% air saturation) 
10 43.5 
15 53.5 
20 60.0 
30 67.5 
40 70.5 
50 72.0 
70 73.0 
100 73.5 
130 73.5 


The equilibrium concentration of oxygen in the broth is 
7.9X 1073 kg m~3. Determine k, a. 


9.6 Measurement of k, aas a function of 
stirrer speed: the o gen- -balance method of 
Mukhopadhyay and Ghose 


Combining Eqs (9.37) and (9.48) gives: 
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ka (CX - 
(9P6.1) 


Let us make the following assumptions. 


(i) the volumetric flow rate of exit gas is equal to that of the 
inlet, i.e. (F, ); =(F, ), =F, ;and 
(ii) inlet and outlet gases have Le same density, i.e. 


eh ee a 
: RT}, RT 
where p-, is total gas pressure. 


Applying these assumptions, Eq. (9P6.1) can be written as: 


Pr, 
RTV, 


Cay) = (yng)ol 


(9P6.2) 


kya (Chay — { (dag) 7 


where yag is the mole fraction of oxygen in the gas. 
Rearranging gives an expression for Cy, 


(Yacdo] 
(9P6.3) 


[ (Ya); = 


In Eq. (9P6.3) the only variables are Cy, and (yac),3 CA 
Pr Fy ka, R, T, V, and (y,.); are assumed to be constant. 
Accordingly, a fhe plot of Cy; versus [ (yac); — (taco! 
should give a straight line with slope 


= Pr, 
k,aRTV, 


and intercept C4). 

Data collected during fermentation of Pseudomonas ovalis 
B1486 at varying stirrer speeds are given by Mukhopadhyay and 
Ghose [36]. The fermenter volume was 3 litres. Air flow into the 
vessel was maintained at 1 vvm (vvm means volume of gas per 
volume of liquid per minute). The air pressure was 3 atm and 
the temperature 29°C. The following data were measured. 
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Fermentation Agitator speed 
time (h) 
300 rpm 500 rpm 700 rpm 
Car (Yac)o Car (Yac)o Cat (Yaco 
(ppm) (ppm) (ppm) 
0 5.9 21.0 5.9 21.0 5.9 21.0 
4 ~ - 5.6 20.9 5.7 20.9 
5 5.3 20.9 - - = = 
6 - - 5.2 20.8 5.4 20.8 
7 47 20.8 4.9 20.7 5.1 20.7 
8 4.1 20.7 4.4 20.6 4.7 20.6 
9 3.4 20.6 4.0 20.5 4.1 20.4 
10 3.4 20.6 4.0 20.5 4.1 20.4 
11 3.5 20.7 4.2 


20.6 4.2 20.5 


(a) Determine kia for each stirrer speed. 

(b) What is the solubility of oxygen in the fermentation 
broth? 

(c) By considering Eq. (9.39) and Eq. (9P6.2) together, cal- 
culate the maximum cellular oxygen uptake rate at each 
stirrer speed. 
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Unit Operations 


Bioprocesses treat raw materials and generate useful products. Individual operations or steps within the process that change or 


separate components are called unit operations. Although the specific objectives of bioprocesses vary from factory to factory, 
each processing scheme can be viewed as a series of component operations which appear again and again in different systems. 
For example, most bioprocesses involve one or more of the following unit operations: centrifugation, chromatography, cooling, 
crystallisation, dialysis, distillation, drying, evaporation, filtration, heating, humidification, membrane separation, milling, 
mixing, precipitation, solids handling, solvent extraction. A particular sequence of unit operations used for manufacture of 
enzymes is shown in the flow sheet of Figure 10.1. Although the same operations are involved in other processes, the order in 
which they are carried out, the conditions used and the actual materials handled account for the differences in final results. 


Engineering principles for design of unit operations are independent of specific industries or applications. 


In a typical fermentation process, raw materials are altered 
most significantly by reactions occurring in the fermenter. 
However physical changes before and after fermentation are 
also important to prepare the substrates for reaction and to 
extract and purify the desired product from the culture broth. 
The term ‘unit operation’ usually refers to the physical steps in 
processes; chemical or biochemical transformations are the 
subject of reaction engineering which is considered in detail in 
Chapters 11-13. 

Fermentation broths are complex mixtures of components 
containing products in dilute solution. In bioprocessing, any 
treatment of the culture broth after fermentation is known as 
downstream processing. The purpose of downstream processing 
is to concentrate and purify the product for sale; in most cases 
this requires only physical modification. Although each recov- 
ery scheme will be different, downstream processing follows a 
general sequence of steps. 


(i) Cell removal. A common first step in product recovery is 
removal of cells from the fermentation liquor. This is 
necessary if the biomass itself is the desired product, e.g. 
bakers’ yeast, or if the product is contained within the 
cells. Removal of cells can also assist recovery of product 
from the liquid phase. Filtration and centrifugation are 
typical unit operations for cell removal. 

(ii) Primary isolation. A wide variety of techniques is available 
for primary isolation of fermentation products from cells 
or cell-free broth. The method used depends on the phys- 
ical and chemical properties of the product and 


surrounding material. The aim of primary isolation is to 
remove components with properties significantly differ- 
ent from those of the product. Typically, processes for 
primary isolation treat large volumes of material and are 
relatively non-selective; however significant increases in 
product quality and concentration can be accomplished. 
Unit operations such as adsorption, liquid extraction and 
precipitation are used for primary isolation. 

Purification. Processes for purification are highly selective 
and separate the product from impurities with similar 
properties. Typical unit operations are chromatography, 
ultrafiltration and fractional precipitation. 

Final isolation. The final purity required depends on the 
product application. Crystallisation, followed by centri- 


(iii) 


(iv) 


fugation or filtration and drying, are typical operations 
used for high-quality products such as pharmaceuticals. 


A typical profile of product quality through the various stages 
of downstream processing is given in Table 10.1. 
Downstream processing can account for a substantial part of 
the total production cost of a fermentation product. For 
example, the ratio of fermentation cost to cost of product 
recovery is approximately 60:40 for antibiotics such as penicil- 
lin. For newer antibiotics this ratio is reversed; product 
recovery is more costly than fermentation. Many modern 
products of biotechnology such as recombinant proteins and 
monoclonal antibodies require expensive downstream process- 
ing which accounts for 80-90% of process costs [1]. Starting 
product levels before recovery have a strong influence on cost; 
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Figure 10.1 Unit operations used in manufacture of enzymes. (From B. Atkinson and F. Mavituna, 1991, Biochemical 
Engineering and Biotechnology Handbook, 2nd edn, Macmillan, Basingstoke; and W.T. Faith, C.E. Neubeck and E.T. Reese, 
1971, Production and applications of enzymes, Adv. Biochem. Eng. 1,77-111.) 
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purification is more expensive when the concentration of 
product in the biomass or fermentation broth is low. As illus- 
trated in Figure 10.2, the higher the starting concentration the ° 
cheaper is the final product. Each downstream-processing step 
involves some product loss; these losses can be substantial for 
multi-step procedures. For example, if 80% of the product is 
retained at each purification step, after a five-step process the 
overall product recovery is only about one-third. If the starting 
concentration is very low, more recovery stages are required 
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with higher attendant losses and costs. This situation can be 
improved by either enhancing product synthesis during fer- 
mentation or developing better downstream-processing 
techniques which minimise product loss. 

There is an extensive literature on downstream processing, 
much of it dealing with recent advances. To thoroughly cover all 
unit operations used in bioprocessing is beyond the scope of this 
book; at least one entire separate volume would be required. 
Rather than attempt such a treatise, this chapter considers the 
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Table 10.1 Typical profile of product quality during downstream processing 

(From P.A. Belter, E.L. Cussler and W.-S. Hu, 1988, Bioseparations: Downstream Processing For Biotechnology, John 
Wiley, New York) 

Step Typical Product Product 

unit operation concentration quality 
(gI-) (%) 

Harvest broth - 0.1-5 0.1-1 
Cell removal Filtration 1-5 0.2-2 
Primary isolation Extraction 5-50 1-10 
Purification Chromatography 50-200 50-80 
Final isolation Crystallisation 50-200 90-100 


engineering principles of a small selection of unit operations 
commonly applied for recovery of fermentation products. 
Information about other equally-important unit operations can 
be found in references listed at the end of the chapter. 


10.1 Filtration 


In filtration, solid particles are separated from a fluid—solid 
mixture by forcing the fluid through a filter medium or filter 
cloth which retains the particles. Solids are deposited on the fil- 
ter and, as the deposit or filter cake increases in depth, pose a 
resistance to further filtration. Filtration can be performed 
using either vacuum or positive-pressure equipment. The 
pressure difference exerted across the filter to separate fluid 
from the solids is called the filtration pressure drop. 

Ease of filtration depends on the properties of the solid and 
fluid; filtration of crystalline, incompressible solids in low- 
viscosity liquids is relatively straightforward. In contrast, 
fermentation broths can be difficult to filter because of the 
small size and gelatinous nature of the cells and the viscous 
non-Newtonian behaviour of the broth. Most microbial filter 
cakes are compressible, i.e. the porosity of the cake declines as 
pressure drop across the filter increases. This can be a major 
problem causing reduced filtration rates and greater loss of 
product. Filtration of fermentation broths is usually carried 
out under non-aseptic conditions; the process must therefore 
be efficient and reliable to avoid undue contamination and 
degradation of labile products. 


10.1.1 Filter Aids 


Filter aids such as diatomaceous earth have found widespread 
use in the fermentation industry to improve the efficiency of 


filtration. Diatomaceous earth, also known as kieselguhr, is 
the fused skeletal remains of diatoms. Packed beds of granu- 
lated kieselguhr have very high porosity; only about 15% of 
the total volume of packed kieselguhr is solid, the rest is 
empty space. Such high porosity facilitates liquid flow 
around the particles and improves rate of filtration through 
the bed. 

Filter aids are applied in two ways. As shown in Figure 
10.3, filter aid can be used as a pre-coat on the filter medium to 
prevent blockage or ‘blinding’ of the filter by solids which 
would otherwise wedge themselves into the pores of the cloth. 
Filter aid can also be added to the fermentation broth to 
increase the porosity of the cake as it forms. This is only rec- 
ommended when the fermentation product is extracellular; 
for intracellular products requiring further processing of the 
cells, severe handling problems can arise if the cake is contami- 
nated with filter aid. Filter aid adds to the cost of filtration; the 
minimum quantity needed to achieve the desired result must 
be established experimentally. Kieselguhr absorbs liquid; 
therefore, if the fermentation product is in the liquid phase, 
some will be lost. Another disadvantage is that as filtration rate 
increases with the assistance of filter aid, filtrate clarity is 
reduced. Disposal of waste cell material is more difficult if it 
contains kieselguhr; for example, biomass cannot be used as 
animal feed unless the filter aid is removed. 

Fermentation broths can be pre-treated to improve filtra- 
tion characteristics. Heating to denature proteins enhances the 
filterability of mycelial broths such as in penicillin production. 
Alternatively, electrolytes may be added to promote coagula- 
tion of colloids into larger, denser particles which are easier to 
filter. Ease of filtration is also affected by the duration of the 
fermentation; this affects the composition and viscosity of the 
medium and properties of the cell cake. 
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Figure 10.2 Relationship between selling price and concentration before downstream processing for several fermentation 
products. (From J.L. Dwyer, 1984, Scaling up bio-product separation with high performance liquid chromatography, 
Bio/Technology 2, 957-964; and J. van Brunt, 1988, How big is big enough? Bio/Technology 6, 479-85.) 
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hiek cid 10.1.2 Filtration Equipment 


Plate filters are suitable for filtration of small fermentation 
batches; this type of filter gradually accumulates biomass and 
must be periodically opened and cleared of filter cake. Larger 
processes require continuous filters. Rotary-drum vacuum fil- 
ters, such as that shown in Figure 10.4, are the most 
widely-used filtration devices in the fermentation industry. A 
horizontal drum 0.5—3 m in diameter is covered with filter 
cloth and rotated slowly at 0.1-2 rpm. The cloth is partially 
immersed in an agitated reservoir containing material to be fil- 


Direction 


of flow of 
fermentation 
broth 


Filtrate 


tered. As a section of drum enters the liquid, a vacuum is 
applied from the interior of the drum. A cake forms on the face 
of the cloth while liquid is drawn through internal pipes to a 
collection tank. As the drum rotates out of the reservoir, the 
surface of the filter is sprayed with wash liquid which is drawn 
ote through the cloth and collected in a separate holding tank. 
Aas Filter After washing, the cake is dewatered by continued application 
fermentation cloth of the vacuum. The vacuum is turned off as the drum reaches 
broth the discharge zone where the cake is removed by means of a 
scraper, knife or strings. Air pressure may be applied at this 
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Figure 10.4 Continuous rotary-drum vacuum filter. (From 
G.G. Brown, A.S. Foust, D.L. Katz, R. Schneidewind, R.R. 
White, W.P. Wood, G.M. Brown, L.E. Brownell, J.J. 
Martin, G.B. Williams, J.T. Banchero and J.L. York, 1950, 
Unit Operations, John Wiley, New York.) 
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stage to help dislodge the filter cake from the cloth. After the 
cake is removed, the drum re-enters the reservoir for another 
filtration cycle. 


10.1.3 Filtration Theory 


Filtration theory is used to estimate rate of filtration. For a given 
pressure drop across the filter, rate of filtration is greatest just as 
filtering begins. This is because resistance to filtration is at a 
minimum when there are no deposited solids. Orientation of 
particles in the initial cake deposit is very important and can sig- 
nificantly influence the structure and permeability of the whole 
filter bed. Excessive pressure drop and high initial rates of filtra- 
tion can result in plugging of the filter cloth and very high 
subsequent resistance to flow. Flow resistance due to the filter 
cloth can be considered constant if particles do not penetrate the 
material; resistance due to the cake increases with thickness. 

Rate of filtration is usually measured as the rate at which 
liquid filtrate is collected. Filtration rate depends on the area of 
the filter cloth, the viscosity of the fluid, the pressure difference 
across the filter, and the resistance to filtration offered by the 
cloth and deposited filter cake. At any instant during filtration, 
rate of filtration is given by the equation: 


222 
1 dV; _ Ap 
A dt M, 
Fe a ae +r, 
(10.1) 


where Ais filter area, V, is volume of filtrate, tis filtration time, 
Apis pressure drop across the filter, pris filtrate viscosity, M_ is 
the total mass of solids in the cake, a is the average specific cake 
resistance and r,, is the filter medium resistance. r_, includes the 
effect of the filter cloth and any particles wedged in it during 
the initial stages of filtration. a has dimensions LM~!; r_, has 
dimensions L~!. 4¥//, is the filtrate flow rate or volumetric rate 
of filtration. Area A represents the capital cost of the filter; the 
bigger the area required to achieve a given filtration rate, the 
larger is the equipment and related investment. @ is a measure 
of the resistance of the filter cake to flow; its value depends on 
the shape and size of the particles, che size of the interstitial 
spaces between them, and the mechanical stability of the cake. 
Resistance due to the filter medium is often negligible com- 
pared with cake resistance. 

If the filter cake is incompressible, the specific cake resistance 
a does not vary with pressure drop across the filter. However, 
cakes from fermentation broths are seldom incompressible; as 
these cakes compress, filtration rates decline. For a compressible 
cake, can be related empirically to A pas follows: 


a =a! (Ap)! 
(10.2) 


where s is cake compressibility and a’ is a constant dependent 
largely on the size and morphology of particles in the cake. The 
value of s is zero for rigid incompressible solids; for highly 
compressible material s is close to unity. @ is also related to the 
average properties of particles in the cake as follows: 

Kya (1-8) 


- 
F (10.3) 


where K’, is a factor depending on the shape of the particles, ais 
the specific surface area of the particles, € is porosity of the cake 
and Pp is density of the particles. aand € are defined as follows: 


surface area of a single particle 


volume ofa single particle” 
(10.4) 


total volume of the cake — volume of solids in the cake 


total volume of the cake 


(10.5) 
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For compressible cakes, both € and K’, depend on filtration 
pressure drop. 

It is useful to consider methods for improving rate of filtra- 
tion for a given batch of material. Various strategies can be 
deduced from the relationship between variables in Eq. (10.1). 


(i) Increase the filter area A. When all other parameters 
remain constant, rate of filtration is improved if A is 
increased. However, this requires installation of larger fil- 
tration equipment and greater capital cost. 

Increase the filtration pressure drop Ap. The problem with 

this approach for compressible cakes is that a increases 

with Ap as indicated in Eq. (10.2); higher @ results in 
lower filtration rate. In practice, pressure drops are usual- 
ly kept below 0.5 atm to minimise cake resistance. 

Improving filtration rate by increasing the pressure drop 

can only be achieved by reducing s, the compressibility of 

the cake. Addition of filter aid in the broth can reduce sto 
some extent. 

Reduce the cake mass M_. This is achieved in continuous 

rotary filtration by reducing the thickness of cake depos- 

ited per revolution of the drum, and ensuring that the 
scraper leaves minimal cake residue on the filter cloth. 

Reduce the liquid viscosity jy. Material to be filtered is 

sometimes diluted if the starting viscosity is very high. 

(v) Reduce the specific cake resistance a. From Eq. (10.3), poss- 
ible methods of reducing @ for compressible cakes are as 
follows: 

(a) Increase the porosity €. Cake porosity usually 
decreases as cells are filtered. Application of filter aid 
reduces this effect. 


(ii) 


(iii) 


(b 


wa 


of mycelial broths, it may be possible to change the 
morphology of the cells by manipulating fermenta- 
tion conditions. 

Reduce the specific surface area of the particles a. 
Increasing the average size of the particles and mini- 
mising variation in particle size reduce the value of a. 
Changes in fermentation conditions and broth pre- 
treatment are used to achieve these effects. 


(c 


~~ 


Integration of Eq. (10.1) allows us to calculate the time 
required to filter a given volume of material. Before carrying 
out the integration, let us substitute an expression for mass of 
solids in the cake as a function of filtrate volume: 


M,=cV, 
(10.6) 


where c is the mass of solids deposited per volume of filtrate 
and is related to the concentration of solid in the material to be 


Reduce the shape factor of the particles K ,, \n the case- 
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filtered. Substituting Eq. (10.6) into Eq. (10.1), the expression 
for rate of filtration becomes: 


1 dV, Ap 
A dt WEAR 
Me |@ VA pom 


A filter can be operated in two different ways. If the pressure 
drop across the filter is kept constant, the filtration rate will 
become progressively smaller as resistance due to the cake 
increases. On the other hand, in constant-rate filtration the 
flow rate is maintained by gradually increasing the pressure 
drop. Filtrations are most commonly carried out at constant 
pressure. When this is the case, Eq. (10.7) can be integrated 
directly because V, and rare the only variables; for a given fil- 
tration device and material to be filtered, each of the remaining 
parameters is constant. 

It is convenient for integration to write Eq. (10.7) in its 
reciprocal form: 


dt _ Ve 
dv, | AND 


(10.7) 


Pel 
A aS. 
Ap 
(10.8) 


At the beginning of filtration t= 0 and V,= 0; this is the initial 
condition for integration. Separating variables and placing 
constants outside the integral signs gives: 


[04 
Afée= = [yay esti fev. 
AAp Ap 
(10.9) 
Carrying out the integration: 
64 
t= ici Vv? + Palm V;. 
2A Ap Ap 


Thus, for constant-pressure filtration, Eq. (10.10) can be used 
to calculate either filtrate volume V, or filtration time ¢ pro- 
vided all the constants are known. a and r,, for a particular 
filtration must be evaluated beforehand. For experimental 
determination of aand r,, Eq. (10.10) is rearranged by divid- 
ing both sides of the equation by AV;: 


Fel rn 
AAp } 


Eq. (10.11) can be written more simply as: 


(10.10) 


Hpac 


t 
= Viet 
m7 (eaten) Ye ( 


(10.11) 
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t K, and K, are constant during constant-pressure filtration. 

Eq. (10.12) is therefore an equation ofa straight line when 7 y, 

(10.12) _ is plotted against V;. The slope K, depends on the filtration 

pressure drop and properties of the cake; the intercept K, also 

depends on pressure drop but is independent of cake proper- 

ties. a@ is calculated from the slope; r,, is determined from the 

intercept. Eq. (10.12) is valid for compressible cakes; however 

i= 5 K, becomes a more complex function of Ap than is directly 

2A*Ap apparent from Eq. (10.13) because of the dependence of aon 
(10.13) pressure. 


where: 


Eq. (10.11) is the basic filtration equation for industrial- 


and scale equipment such as the rotary-drum vacuum filter shown 
in Figure 10.4; rates of filtration during cake formation and 

K,= Pel ‘ washing determine the size of the filter required for the pro- 
AAp cess. Simple modifications to Eq. (10.11) give equations 


(10.14) which are directly applicable to rotary-drum filters [2]. 


Example 10.1 Filtration of mycelial broth 


A 30-ml sample of broth from a penicillin fermentation is filtered in the laboratory on a 3 cm? filter at a pressure drop of 5 psi. 
The filtration time is 4.5 min. Previous studies have shown that filter cake of Penicillium chrysogenum is significantly compress- 
ible with s = 0.5. If 500 litres broth from a pilot-scale fermenter must be filtered in 1 hour, what size filter is required if the 
pressure drop is: 


(a) 10 psi? 
(b) 5 psi? 


Resistance due to the filter medium is negligible. 


Solution: 
Properties of the filtrate and mycelial cake can be determined from results of the laboratory experiment. If r,, can be eliminated 
from Eq. (10.11): 


t ( fp ae 
— = V;. 
V, 2A7Ap 


Substituting a for a compressible cake from Eq. (10.2): 
t a'(Ap)*—! 
22% ( meee. V, 


V, 2A? 
(1) 
and rearranging: 
ieee es 
: (Ap)*~! V2 
Substituting values: 
wpeaic = 2Guny Comiy) = 0.201 cm~? (psi)®> min. 


7 (5 psi)°-5 —! (30 cm)? 


This value for y, a’ cis used to evaluate the area required for pilot-scale filtration. From (1): 
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yea’ c(Ap)*! 
Aes aes 2 


2t 
therefore: 
actA s—1 \ 1/2 
wie (ee . P) Vis 
t 
(a) Substituting values when A p= 10 psi: 
0.201 cm ~? (psi) ®-5 min) . (10 psi)®5 ~ 1 \!2 1000 
ice ( psi — ps (500 1). | cm3 =| 
min 
2(1h). | 
1h 
= 1.15x 104cm?=1.15 m?. 
(b) When Ap=5 psi: 
0.201 cm ~2 (psi) ®-> min) . (5 psi)®5 ~ } \ 1/2 1000 cm? 
7 ( (p —s P (500 1). — | 
min 
2(th). 
lh 
= 1.37x104cm?= 1.37 m?. 


Halving the pressure drop increases the area required by only 20% because at 5 psi the cake is less compressed and more porous 


than at 10 psi. 


Example 10.1 underlines the importance of laboratory testing 
in design of filtration systems. Experiments are required to 
evaluate properties of the cake such as compressibility and 
specific resistance; these parameters cannot be calculated from 
theory. Experimental observations are also necessary to evalu- 
ate a wide range of other important filtration characteristics. 
These include filtrate clarity, ease of washing, dryness of the 
final cake, ease of cake removal, and effects of filter aids and 
broth pre-treatment. It is essential that any laboratory tests be 
conducted with the same materials as the large-scale process. 
Variables such as temperature, age of the broth, and presence 
of contaminants and cell debris have significant effects on fil- 
tration characteristics. 

In general, fungal mycelia are filtered relatively easily 
because mycelial filter cake has sufficiently large porosity. 
Yeast and bacteria are much more difficult to handle because 
of their small size. Alternative filtration methods which elimi- 
nate the filter cake are becoming more accepted for bacterial 
and yeast separations. Microfiltration is achieved by develop- 
ing large cross-flow fluid velocities across the filter surface 
while the velocity normal to the surface is relatively small. 
Build-up of filter cake and problems of high cake resistance are 
therefore prevented. Microfiltration is not covered in this text; 
further details are available elsewhere, e.g. [3, 4]. 


10.2 Centrifugation 


Centrifugation is used to separate materials of different den- 
sity when a force greater than gravity is desired. In 


Figure 10.5 Separation of solids in a tubular-bowl centri- 
fuge. 
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bioprocessing, centrifugation is used to remove cells from fer- 
mentation broth, to eliminate cell debris, to collect 
precipitates, and to prepare fermentation media such as in 
clarification of molasses or production of wort for brewing. 
Equipment for centrifugation is more expensive than for filtra- 
tion; however centrifugation is often effective when the 
particles are very small and difficult to filter. Centrifugation of 
fermentation broth produces a thick, concentrated cell sludge 
or cream containing more liquid than filter cake. 
Steam-sterilisable centrifuges are applied when either the 
cells or fermentation liquid is recycled to the fermenter or 
when product contamination must be prevented. Industrial 
centrifuges generate large amounts of heat due to friction; it is 
therefore necessary to have good ventilation and cooling. 
Aerosols created by fast-spinning centrifuges have been known 
to cause infections and allergic reactions in factory workers so 
that isolation cabinets are required for certain applications. 


Centrifugation is most effective when the particles to be 
separated are large, the liquid viscosity is low, and the density 
difference between particles and fluid is great. It is also assisted 
by large centrifuge radius and high rotational speed. In centri- 
fugation of biological solids such as cells, the particles are very 
small, the viscosity of the medium can be relatively high, and 
the particle density is very similar to the suspending fluid. 
These disadvantages are easily overcome in the laboratory with 
small centrifuges operated at high speed. However, problems 
arise in industrial centrifugation when large quantities of 
material must be treated. Centrifuge capacity cannot be 
increased by simply increasing the size of the equipment with- 
out limit; mechanical stress in centrifuges increases in 
proportion to (radius)? so that safe operating speeds are sub- 
stantially lower in large equipment. The need for continuous 
throughput of material in industrial applications also restricts 
practical operating speeds. To overcome these difficulties, a 


Figure 10.6 Disc-stack bowl centrifuge with continuous discharge of solids. 
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Figure 10.7 Mechanism of solids separation in a disc-stack 
bowl centrifuge. (From C.J. Geankoplis, 1983, Transport 
Processes and Unit Operations, 2nd edn, Allyn and Bacon, 
Boston.) 
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range of centrifuges has been developed for bioprocessing. 
Types of centrifuge commonly used in industrial operations 
are described below. 


10.2.1 Centrifuge Equipment 


Centrifuge equipment is classified according to internal 
structure. The tubular-bowl centrifuge has the simplest 
configuration and is widely employed in the food and pharma- 
ceutical industries. Feed enters under pressure through a 
nozzle at the bottom, is accelerated to rotor speed, and moves 
upwards through the cylindrical bowl. As the bowl rotates, 
particles travelling upward are spun out and collide with the 
walls of the bowl as illustrated schematically in Figure 10.5. 
Solids are removed from the liquid if they move with sufficient 
velocity to reach the wall of the bowl within the residence time 
of liquid in the machine. As the feed rate is increased the liquid 
layer moving up the wall of the centrifuge becomes thicker; 
this reduces performance of the centrifuge by increasing the 
distance a particle must travel to reach the wall. Liquid from 
the feed spills over a weir at the top of the bow]; solids which 
have collided with the walls are collected separately. When the 
thickness of sediment collecting in the bowl reaches the posi- 
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tion of the liquid-overflow weir, separation efficiency declines 
rapidly. This limits the capacity of the centrifuge. Tubular 
centrifuges are applied mainly for difficult separations requir- 
ing high centrifugal forces. Solids in tubular centrifuges are 
accelerated by forces between 13 000 and 16 000 times the 
force of gravity. 

A type of narrow tubular-bowl centrifuge is the u/tracentri- 
fuge. This device is used for recovery of fine precipitates from 
high-density solutions, for breaking down emulsions, and for 
separation of colloidal particles such as ribosomes and mito- 
chondria. It produces centrifugal forces 10°-10° times the 
force of gravity. The bowl is usually air-driven and operated at 
low pressure or in an atmosphere of nitrogen to reduce 
generation of frictional heat. The main commercial applica- 
tion of ultracentrifuges has been in production of vaccines to 
separate viral particles from cell debris. Ultracentrifugation 
has also been tested for removal of very fine cell debris in isola- 
tion of enzymes, and for ribosome removal in purification of 
RNA polymerase. A typical ultracentrifuge operates discon- 
tinuously so its processing capacity is restricted by the need to 
empty the bowl manually. Continuous ultracentrifuges are 
available commercially; however safe operating speeds with 
these machines are not as high as in batch equipment. 

An alternative to the tubular centrifuge is the disc-stack 
bowl centrifuge. Disc-stack centrifuges are common in bio- 
processing. There are many types of disc centrifuge; the 
principal difference between them is the method used to dis- 
charge the accumulated solid. In simple disc centrifuges, solids 
must be removed periodically by hand. Continuous or inter- 
mittent discharge of solids is possible in a variety of disc cen- 
trifuges without reducing the bowl speed. Some centrifuges 
are equipped with peripheral nozzles for continuous solids 
removal; others have valves for intermittent discharge. 
Another method is to concentrate the solids in the periphery of 
the bowl and then discharge them at the top of the centrifuge 
using a paring device; the equipment configuration for this 
mode of operation is shown in Figure 10.6. A disadvantage of 
centrifuges with automatic discharge of solids is that the solids 
must remain sufficiently wet to flow through the machine. 
Extra nozzles may be provided for cleaning the bowl should 
blockages of the system occur. 

Disc-stack centrifuges contain conical sheets of metal 
called discs which are stacked one on top of the other with 
clearances as small as 0.3 mm. The discs rotate with the bowl 
and their function is to split the liquid into thin layers. As 
shown in Figure 10.7, feed is released near the bottom of the 
centrifuge and travels upwards through matching holes in the 
discs. Between the discs, heavy components of the feed are 
thrown outward under the influence of centrifugal forces as 
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lighter liquid is displaced towards the centre of the bowl. As 
they are flung out, the solids strike the undersides of the discs 
and slide down to the bottom edge of the bowl. At the same 
time, the lighter liquid flows in and over the upper surfaces of 
the discs to be discharged from the top of the bowl. Heavier 
liquid containing solids can be discharged either at the top of 
the centrifuge or through nozzles around the periphery of the 
bowl. Disc-stack centrifuges used in bioprocessing typically 
develop forces of 5000-15 000 times gravity. As a guide, the 
minimum density difference between solid and liquid for suc- 
cessful separation in a disc-stack centrifuge is approximately 
0.01-0.03 kg m7; in practical operations at appropriate flow 
rates the minimum particle diameter separated is about 


0.5 xm [5]. 


10.2.2 Centrifugation Theory 


The particle velocity achieved in a particular centrifuge com- 
pared with the settling velocity which would occur under the 
influence of gravity characterises the effectiveness of centrifu- 
gation. The terminal velocity during gravity settling of a small 
spherical particle in dilute suspension is given by Stoke’s law: 


= Pp PF p2 
Me 18 pe P & 
(10.15) 


where 4, is the sedimentation velocity under gravity, Pp is 
density of the particle, p, is density of the liquid, x is viscosity 
of the liquid, D, is particle diameter and g is gravitational 
acceleration. In a centrifuge, the corresponding terminal 
velocity is: 


pe REE 
18% =P 


(10.16) 


where , is particle velocity in the centrifuge, w is angular 
velocity of the bowl in units of rad s~! and ris radius of the 
centrifuge drum. The ratio of velocity in the centrifuge to 
velocity under gravity is called the centrifuge effect or g-number, 
and is usually denoted Z. Therefore: 


wr 


Z=—. 
4 


(10.17) 


The force developed in a centrifuge is Z times the force of 


gravity, and is often expressed as so many g-forces. Industrial 
centrifuges have Z factors from 300 to 16000; for small 
laboratory centrifuges Z may be up to 500 000 [6]. 

Sedimentation occurs in a centrifuge as particles moving 
away from the centre of rotation collide with the walls of the 
centrifuge bowl. Increasing the velocity of motion will 
improve the rate of sedimentation. From Eq. (10.16), particle 
velocity in a given centrifuge can be increased by: 


(i) increasing the centrifuge speed o; 

(ii) increasing the particle diameter D_; 

(iii) increasing the density difference between particle and 
liquid, Py — Pps and 

(iv) decreasing the viscosity of the suspending fluid, y. 


However, whether the particles reach the walls of the bowl also 
depends on the time of exposure to the centrifugal force. In 
batch centrifuges such as those used in the laboratory, centri- 
fuge time is increased by running the equipment longer. In 
continuous-flow devices such as the disc-stack centrifuge, the 
residence time is increased by decreasing the feed flow rate. 

Performance of centrifuges of different size can be com- 
pared using a parameter called the sigma factor X. Physically, £ 
represents the cross-sectional area of a gravity settler with the 
same sedimentation characteristics as the centrifuge. For con- 
tinuous centrifuges, 2 is related to the feed rate of material as 
follows: 


Q 


2u, 


(10.18) 


where Q is the volumetric feed rate and x, is the terminal 
velocity of the particles in a gravitational field. If two centri- 
fuges perform with equal effectiveness: 


(10.19) 


where subscripts 1 and 2 denote the two centrifuges. Eq. 
(10.19) can be used to scale-up centrifuge equipment. 
Equations for evaluating £ depend on the centrifuge design. 
For a disc-stack bowl centrifuge [7]: 


2nw*(N- 1 
oe ees 
3g tan@ 
(10.20) 
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where is angular velocity in rad s~!, Nis number of discs in 
the stack, r, is outer radius of the disc, r, is inner radius of the 
disc, gis gravitational acceleration, and @is the half-cone angle 
of the disc. For a tubular-bowl centrifuge, the following equa- 
tion is accurate to within 4% [8, 9]: 


Tab 
r= 


(3r2 + r?) 


(10.21) 


where 6 is length of the bowl, 7, is radius of the liquid surface 
and r, is radius of the inner wall of the bowl. Because 7, and r, 
in a tubular-bowl centrifuge are about equal, Eq. (10.21) can 
be approximated as: 
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2n w2 br? 


(10.22) 


where ris an average radius roughly equal to either r, or 7,. 

The above equations for £ are based on ideal operating 
conditions. Because different types of centrifuge deviate to 
varying degrees from ideal operation, Eq. (10.19) cannot 
generally be used to compare different centrifuge configura- 
tions. Performance of any centrifuge can deviate from 
theoretical prediction due to factors such as particle shape and 
size distribution, aggregation of particles, non-uniform flow 
distribution in the centrifuge and interaction between par- 
ticles during sedimentation. Experimental tests must be per- 
formed to account for these factors. 


Example 10.2 Cell recovery in a disc-stack centrifuge 


A continuous disc-stack centrifuge is operated at 5000 rpm for separation of bakers’ yeast. At a feed rate of 60 | min™!, 50% of 
the cells are recovered. At constant centrifuge speed, solids recovery is inversely proportional to flow rate. 


(a) What flow rate is required to achieve 90% cell recovery if the centrifuge speed is maintained at 5000 rpm? 
(b) What operating speed is required to achieve 90% recovery at a feed rate of 60 | min™ !? 


Solution: 


(a) Ifsolids recovery is inversely proportional to feed rate, the flow rate required is: 


50% 
90% 


(601 min!) = 33.31 min ~!. 


(b) Eq. (10.19) relates operating characteristics of centrifuges achieving the same separation. From (a), 90% recovery is achieved 


at Q, = 33.31 min™! and @, = 5000 rpm. Q,=60 1 min™!. From Eg. (10.19): 


Q  & | 33.31 min 7! 


—_—_—_—— = 0.56. 
Q, 60 | min 7! 


x, @7 
—_—_ = — => 0.56. 
x, 3 
Therefore: 
2 2 
5000 

o2 = pas ee OeN0 sp), = 4.46X 107 rpm?. 

0.56 0.56 


Taking the square root, w, = 6680 rpm. 


10.3 Cell Disruption 


Downstream processing of fermentation broths usually begins 
with separation of cells by filtration or centrifugation. The 


next step depends on location of the desired product. For sub- 
stances such as ethanol, citric acid and antibiotics which are 
excreted from cells, product is recovered from the cell-free 
broth using unit operations such as those described later in this 
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Figure 10.8 Cell disruption in a high-pressure homogeniser. 
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chapter. Biomass separated from the liquid is discarded or sold 
as a by-product. 

For products such as enzymes and recombinant proteins 
which remain in the biomass, cell disruption must be carried 
out to release the desired material. A variety of methods is 
available to disrupt cells. Mechanical options include grinding 
with abrasives, high-speed agitation, high-pressure pumping 
and ultrasound. Non-mechanical methods such as osmotic 
shock, freezing and thawing, enzymic digestion of cell walls, 
and treatment with solvents and detergents can also be 
applied. 

A widely-used technique for cell disruption is high-pressure 
homogenisation. Shear forces generated in this treatment are 


Figure 10.9 An ideal stage. 


sufficient to completely disrupt many types of cell. Acommon 
apparatus for homogenisation of cells is the Manton—Gaulin 
homogeniser. As indicated in Figure 10.8, this high-pressure 
pump incorporates an adjustable valve with restricted orifice 
through which cells are forced at pressures up to 550 atm. The 
homogeniser is of general applicability for cell disruption, 
although the homogenising valve can become blocked when 
used with highly filamentous organisms. 

The following equation relates disruption of cells to operat- 
ing conditions in the Manton—Gaulin homogeniser [10]: 


l Rm = kNp* 
n R-R = Pp - 
(10.23) 


In Eq. (10.23), R., is the maximum amount of protein avail- 
able for release, R is the amount of protein released after N 
passes through the homogeniser, #is a temperature-dependent 
rate constant, and p is the operating pressure. The exponent a 
is a measure of the resistance of the cells to disruption. For 
Saccharomyces cerevisiae yeast, a has been determined as 2.9 
[10]; however the exponent for a particular organism depends 
to some extent on growth conditions [11]. The strong depen- 
dence of protein release on pressure suggests that 
high-pressure operation is beneficial; complete disruption in a 
single pass may be possible if the pressure is sufficiently high. 
Reduction in the number of passes through the homogeniser is 
generally preferable because multiple passes produce fine cell 
debris which can cause problems in subsequent clarification 
steps. 
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Release of protein is markedly dependent on temperature; 
protein recovery increases at elevated temperatures up to 
50°C. However, cooling to 0-4°C is recommended during 
operation of homogenisers to minimise protein denaturation. 
Procedures for scale-up of homogenisers are not well 
developed. Methods which work well in the laboratory may 
give variable results when used at a larger scale. 


10.4 The Ideal-Stage Concept 


So far, we have considered only the initial steps of downstream 
processing: cell isolation and disruption. An important group 
of unit operations used for primary isolation of fermentation 
products relies on mass transfer to achieve separation of com- 
ponents between phases. Equipment for these separations 
sometimes consists of a series of stages in which the phases 
make intimate contact so that material can be transferred 
between them. Even if the equipment itself is not constructed 
in discrete stages, mass transfer can be considered to occur in 
stages. The effectiveness of each stage in accomplishing mass 
transfer depends on many factors, including equipment 
design, physical properties of the phases, and equilibrium rela- 
tionships. 

Consider the simple mixer-settler device of Figure 10.9 for 
extraction of component A from one liquid phase to another. 
The mass-transfer principles of liquid—liquid extraction have 
already been described in Chapter 9; unit operations for 
extraction are also discussed in the next section. Here, we will 
use the mixer-settler to explain the general concept of ideal 
stages. T'wo immiscible liquids enter the mixing vessel with 
volumetric flow rates L;, and L,,; these streams contain A at 
concentrations Cy., and Cy;5, respectively. The two liquid 
phases are vigorously mixed together and A is transferred from 
one phase to the other. The mixture then passes to a settler 
where phase separation is allowed to occur under the influence 
of gravity. The flow rate of light liquid out of the settler is LZ, ; 
the flow rate of heavy liquid is Z,,. Concentrations of A in 
these streams are C’y,, and C,,,, respectively. 

Operation of the mixer-settler relies on the liquids entering 
not being in equilibrium as far as concentration of A is con- 
cerned, i.e. Cy., and C,;, are not equilibrium concentrations. 
This means that there exists a driving force in the mixer for 
change of concentration as A is transferred from one liquid to 
the other. Depending on the ability of the mixer to promote 
mass transfer between the liquids and the effectiveness of the 
settler in allowing phase separation, when the liquids leave the 
system they will have been brought closer to equilibrium. If 
the mixer-settler were an ideal stage the two streams leaving it 
would be in equilibrium. No further mass transfer of A would 


result from additional contact between the phases; C’,,, and 
Cro 
would be operating at maximum efficiency. In reality, stages 
are not ideal; the change in concentration achieved in a real 
stage is always less than in an ideal stage so that extra stages are 
necessary to achieve the desired separation. The relative per- 
formance of an actual stage compared with that of an ideal 
stage is expressed as the stage efficiency. 

The concept of ideal stages is used in design calculations for 
several unit operations. The important elements in analysis of 
these operations are material balances, energy balances if appli- 
cable, and the equilibrium relationships between phases. 
Application of these principles is illustrated in the following 
sections. 


4 would be equilibrium concentrations and the device 


10.5 Aqueous Two-Phase Liquid Extraction 


Liquid extraction is used to isolate many pharmaceutical prod- 
ucts from animal and plant sources. In liquid extraction of 
fermentation products, components dissolved in liquid are 
recovered by transfer into an appropriate solvent. Extraction 
of penicillin from aqueous broth using solvents such as butyl 
acetate, amyl acetate or methyl isobutyl ketone, and isolation 
of erythromycin using pentyl or amyl acetate are examples. 
Solvent extraction techniques are also applied for recovery of 
steroids, purification of vitamin B,, from microbial sources, 
and isolation of alkaloids such as morphine and codeine from 
raw plant material. The simplest equipment for liquid extrac- 
tion is the separating funnel used for laboratory-scale product 
recovery. Liquids forming two distinct phases are shaken 
together in the separating funnel; solute in dilute solution in 
one solvent transfers to the other solvent to form a more con- 
centrated solution. The two phases are then allowed to 
separate and the heavy phase is withdrawn from the bottom of 
the funnel. The phase containing the solute in concentrated 
form is processed further to purify the product. Whatever 
apparatus is used for extraction, it is important that contact 
between the liquid phases is maximised by vigorous mixing 
and turbulence to facilitate solute transfer. 

Extraction with organic solvents is a major separation tech- 
nique in bioprocessing, particularly for recovery of antibiotics. 
However, organic solvents are unsuitable for isolation of pro- 
teins and other sensitive biopolymers. Techniques are being 
developed for aqueous two-phase extraction of these mole- 
cules. Aqueous solvents which form two distinct phases 
provide favourable conditions for separation of proteins, cell 
fragments and organelles with protection of their biological 
activity. Two-phase aqueous systems are produced when parti- 
cular polymers or a polymer and salt are dissolved together in 
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Table 10.2 Examples of aqueous two-phase systems 


(From M.R. Kula, 1985, Liquid-liquid extraction of biopoly- 
mers. In: M. Moo-Young, Ed, Comprehensive Biotechnology, 
vol. 2, pp. 451-471, Pergamon Press, Oxford) 


Component | Component 2 


Dextran 

Polyvinyl alcohol 
Polyvinylpyrrolidone 
Ficoll 

Potassium phosphate 
Ammonium sulphate 
Magnesium sulphate 
Sodium sulphate 
Polyvinyl alcohol 
Polyvinylpyrrolidone 
Dextran 
Methoxypolyethylene glycol 
Potassium phosphate 
Dextran 

Dextran 
Hydroxypropyldextran 
Polyvinylpyrrolidone 


Polyethylene glycol 


Polypropylene glycol 


Ficoll 
Methylcellulose 


water above certain concentrations. The liquid partitions into 
two phases, each containing 85-99% water. Some compo- 
nents used to form aqueous two-phase systems are listed in 
Table 10.2. When added to these mixtures, biomolecules and 
cell fragments partition between the phases; by selecting 
appropriate conditions, cell fragments can be confined to one 
phase as the protein of interest partitions into the other phase. 
Aqueous two-phase separations are of special interest for 
extraction of enzymes and recombinant proteins from cell 
debris produced by cell disruption. After partitioning, product 
is removed from the extracting phase using other unit opera- 
tions such as precipitation or crystallisation. 

The extent of differential partitioning between phases 
depends on the equilibrium relationship for the system. The 
partition coefficient Kis defined as: 


K= Cau 
Ca 
(10.24) 


where C’,,, is the equilibrium concentration of component A in 
the upper phase and C’,, is the equilibrium concentration of A in 
the lower phase. If K> 1, component A favours the upper phase; 


if K< 1, Ais concentrated in the lower phase. In many aqueous 
systems K is constant over a wide range of concentrations pro- 
vided the molecular properties of the phases are not changed. 
Partitioning is influenced by the size, electric charge and hydro- 
phobicity of the particles or solute molecules; biospecific affinity 
for one of the polymers may also play a role in some systems. 
Surface free energy of the phase components and ionic composi- 
tion of the liquids are of paramount importance in determining 
separation; Kis related to both these parameters. Partitioning is 
also affected by other and sometimes interdependent factors so 
that it is impossible to predict partition coefficients from molec- 
ular properties. For single-stage extraction of enzymes, partition 
coefficients = 3 are normally required [5]. 

Even when the partition coefficient is low, good product 
recovery or yield can be achieved by using a large volume of the 
phase preferred by the solute. Yield of A in the upper phase, 
Y_, is defined as: 


Y Vis Can z V, Cau 
“Vo ag ViCaut ViCay 


(10.25) 


where V,, is volume of the upper phase, V, is volume of the 
lower phase, V) is the original volume of solution containing 
the product and C,p is the original product concentration in 
that liquid. In the lower phase, yield Y, is defined as: 


Vics Vi Cay Vi Cay 
1 — — ia eee eee 4 
VoCao ViCaut ViCar 


(10.26) 


The maximum possible yield for an ideal extraction stage can 
be evaluated using Eqs (10.25) and (10.26) and the equilib- 
rium partition coefficient, K: Dividing both numerator and 
denominator of Eq. (10.25) by C ‘Au and recognising that, at 
equilibrium, “Al/ Cay 18 equal to !/ Kk: 


(10.27) 


Similarly, dividing the numerator and denominator of Eq. 
(10.26) by C4; gives: 
Vi 
(eon 
V K+ V, 


(10.28) 
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Example 10.3 Enzyme recovery using aqueous extraction 


Aqueous two-phase extraction is used to recover a-amylase from solution. A polyethylene glycol-dextran mixture is added and 
the solution separates into two phases. The partition coefficient is 4.2. Calculate the maximum possible enzyme recovery when: 


(a) the volume ratio of upper to lower phases is 5.0; and 
(b) the volume ratio of upper to lower phases is 0.5. 


Solution: 


As the partition coefficient is greater than 1, enzyme prefers the upper phase. Yield at equilibrium is therefore calculated for the 
upper phase. Dividing both numerator and denominator of Eq. (10.27) by V, gives: 


v 
4 
Y, = 
Vo 
VK 
Vv, 
(a) = 5.0. Therefore: 
Vi 
Y, = x 100 = 95%. 


50 + — 
4.2 


V 
(b) ae = 0.5. Therefore: 


0.5 
x 100 = 68%. 


0.5 
5b 
4.2 


Increasing the relative volume of the extracting phase enhances recovery. 


Another parameter used to characterise two-phase partition- 
ing is the concentration factor or purification factor, 5, defined 
as the ratio of product concentration in the preferred phase to 
the initial product concentration: 


Cc 
eh (when product partitions to the lower phase) 
AO 


(10.29) 


—*Y_ (when product partitions to the upper phase). 
‘AO 


Aqueous extraction in polyethylene glycol—salt mixtures is an 
effective technique for separating proteins from cell debris. In 
this system, debris partitions to the lower phase while most of 
the target proteins are recovered from the upper phase. 
Extraction can be carried out in a single-stage operation such 
as that depicted in Figure 10.9 using a polymer mixture which 
provides a suitable partition coefficient. Equilibrium is 
approached in extraction operations but rarely reached; for 
industrial application it is important to consider the time 
taken for mass transfer and the ease of mechanical separation 
of the phases. The rate of approach to equilibrium depends on 
the surface area available for exchange between the phases; this 
is maximised by rapid mixing. Separation of the phases is 
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sometimes a problem because of the low interfacial tension 
between aqueous phases; very rapid large-scale extractions can 
be achieved by combining mixed vessels with centrifugal sep- 
arators. In many cases, recovery and concentration of product 
with yields exceeding 90% can be achieved using a single 
extraction step [5]. When single-stage extraction does not give 
sufficient recovery, repeated extractions can be carried out ina 
chain or cascade of contacting and separation units. 


10.6 Adsorption 


Adsorption is a surface phenomenon whereby components of a 
gas or liquid are concentrated on the surface of solid particles or 
at fluid interfaces. Adsorption is the result of electrostatic, van 
der Waals, reactive or other binding forces between individual 
atoms, ions or molecules. Four types of adsorption can be dis- 
tinguished: exchange, physical, chemical and non-specific. 

Adsorption serves the same function as extraction in isolat- 
ing products from dilute fermentation liquors. Several different 
adsorption operations are used in bioprocessing, particularly 
for medical and pharmaceutical products. lon-exchange 
adsorption is established practice for recovery of amino acids, 
proteins, antibiotics and vitamins. Adsorption onto activated 
charcoal is a method of long standing for purification of citric 
acid; adsorption of organic chemicals onto charcoal or porous 
polymeric adsorbents is common in wastewater treatment. 
Adsorption operations generally have higher selectivity but 
smaller capacity than extraction. Scale-up procedures for 
adsorption are less well defined than for extraction; therefore, 
more experimental data are required for design. Handling of 
solids in industrial processing is also somewhat more difficult 
compared with the liquids used in extraction. However, despite 
these disadvantages, adsorption is gaining increasing applica- 
tion primarily because of its suitability for protein isolation. 

In adsorption operations, the substance being concentrated 
on the surface is called the adsorbate; the material to which the 
adsorbate binds is the adsorbent. The ideal adsorbent material 
has a high surface area per unit volume; this can be achieved if 
the solid contains a network of fine internal pores which pro- 
vide an extremely large internal surface area. Carbons and 
synthetic resins based on styrene, divinylbenzene or acryla- 
mide polymers are commonly used for adsorption of 
biological molecules. Commercially available adsorbents are 
porous granular or gel resins with void volumes of 30-50% 
and pore diameters generally less than 0.01 mm. As an 
example, the total surface area in particles of activated carbon 
ranges from 450 to 1800 m? g_!. Not all of this area is neces- 
sarily available for adsorption; adsorbate molecules only have 
access to surfaces in pores of appropriate diameter. 


Figure 10.10 Adsorption isotherms. 
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10.6.1 Adsorption Operations 


A typical adsorption operation consists of the following stages: 
a contacting or adsorption step which loads solute onto the 
adsorptive resin, a washingstep to remove residual unadsorbed 
material, desorption or elution of adsorbate with a suitable sol- 
vent, washing to remove residual eluant, and regeneration of 
the adsorption resin to its original condition. Because adsor- 
bate is bound to the resin by physical or ionic forces, 
conditions used for desorption must overcome these forces. 
Desorption is normally accomplished by feeding a stream of 
different ionic strength or pH; elution with organic solvent or 
reaction of the sorbed material may be necessary in some appli- 
cations. Eluant containing stripped solute in concentrated 
form is processed to recover the adsorbate; operations for final 
purification include spray drying, precipitation and crystallisa- 
tion. After elution, the adsorbent undergoes a regenerative 
treatment to remove any impurities and regain its original 
adsorptive capacity. Despite regeneration, performance of the 
resin will decrease with use as complete removal of adsorbed 
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material is impossible. Accordingly, after a few regenerations 
the adsorbate is replaced. 


10.6.2 Equilibrium Relationships For 
Adsorption 


Like extraction, analysis of adsorption depends somewhat on 
equilibrium relationships which determine the extent to 
which material can be adsorbed onto a particular surface. 
When an adsorbate and adsorbent are at equilibrium there is a 
defined distribution of solute between solid and fluid phases 
and no further net adsorption occurs. Adsorption equilib- 
rium data are available as adsorption isotherms. For adsorbate A, 
an isotherm gives the concentration of A in the adsorbed phase 
versus the concentration in the unadsorbed phase at a given 
temperature. Adsorption isotherms are useful for selecting the 
most appropriate adsorbent; they also play a crucial role in pre- 
dicting the performance of adsorption systems. 

Several types of equilibrium isotherm have been developed 
to describe adsorption relationships. However, no single 
model is universally applicable; all involve assumptions which 
may or may not be valid in particular cases. One of the sim- 
plest adsorption isotherms that accurately describes certain 
practical systems is the Langmuir isotherm shown in Figure 
10.10(a). The Langmuir isotherm can be expressed as follows: 


— ©asm Ka CA 
= 13K Ce 
(10.30) 


In Eq. (10.30), C4, is the equilibrium concentration or loading 
of A on the adsorbent in units of, e.g. kg solute kg~! solid or kg 
solute m~? solid. Cyc, is the maximum loading of adsorbate 
corresponding to complete monolayer coverage of all available 
adsorption sites, C%, is the equilibrium concentration of solute 


in the fluid phase in units of, e.g. kg m~>, and K, is a constant. 
Because of the different units used for fluid- and solid-phase 
concentrations, K,, usually has units such as m? kg! solid. 

Theoretically, Langmuir adsorption is applicable to 
systems where: (i) adsorbed molecules form no more than a 
monolayer on the surface; (ii) each site for adsorption is equiv- 
alent in terms of adsorption energy; and (iii) there are no 
interactions between adjacent adsorbed molecules. In many 
experimental systems at least one of these conditions is not 
met. For example, many commercial adsorbents possess high- 
ly irregular surfaces so that adsorption is favoured at particular 
points or ‘strong sites’ on the surface. Accordingly, each site is 
not equivalent. In addition, interactions between adsorbed 
molecules exist for almost all real adsorption systems. 
Recognition of these and other factors has led to application of 
other adsorption isotherms. 

Of particular interest because of its widespread use in 
liquid—solid systems is the Freundlich isotherm, described by 
the relationship: 


Coa. 
(10.31) 


K,, and nare constants characteristic of the particular adsorp- 
tion system; the dimensions of K, depend on the dimensions 
of C%, and C% and the value of n. Ifadsorption is favourable 
is > 1; if adsorption is unfavourable 7 is < 1. The form of the 
Freundlich isotherm is shown in Figure 10.10(b). Eq. (10.31) 
applies to adsorption of a wide variety of antibiotics, hormones 
and steroids. 

There are many other forms of adsorption isotherm giving 
different C4, — C% curves [12]. Because the exact mech- 
anisms of adsorption are not well understood, adsorption 
equilibrium data must be determined experimentally. 


Example 10.4 Antibody recovery by adsorption 


Cell-free fermentation liquor contains 8 x 10~> mol I~! immunoglobulin G. It is proposed to recover at least 90% of this anti- 
body by adsorption on synthetic, non-polar resin. Experimental equilibrium data are correlated as follows: 


Cee S517 Ce 


where C%,, is mol solute adsorbed per cm? adsorbent and C%, is liquid-phase solute concentration in mol 1~!. What minimum 
quantity of resin is required to treat 2 m? fermentation liquor in a single-stage mixed tank? 


Solution: 


The quantity of resin required is minimum when equilibrium occurs. If 90% of the antibiotic is adsorbed, the residual concen- 


tration in the liquid is: 
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100 — 90)% 
(100 = 90)" (8x 10-5 moll!) = 8x 10-6 mol 1~?, 
100% 
Substituting this value for C%, in the isotherm expression gives the equilibrium loading of immunoglobulin: 
Chis = 5.5 x 107> (8x 107 9)935 = 9.05 x 1077 mol cm. 


The amount of adsorbed antibody is: 


90% 1000 1 
——. (8x 1075 moll ~!) (2 m3). | —| = 0.144 mol. 
100% 1 m3 


Therefore, the mass of adsorbent needed is: 


0.144 mol 1.59% 10% cm? 
=, m?. 
9.05 x 1077 mol cm~> ‘ 


The minimum quantity of resin required is 1.6 x 10° cm?, or 0.16 m>. 


Figure 10.11 | Movement of the adsorption zone and development of the breakthrough curve for a fixed-bed adsorber. 
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Figure 10.12 Relationship between the breakthrough 


curve, loss of solute in the effluent, and unused column 


capacity. 
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10.6.3 Performance Characteristics of 


Fixed-Bed Adsorbers 


Various types of equipment have been developed for adsorp- 
tion operations, including fixed beds, moving beds, fluidised 
beds and stirred-tank contactors. Of these, fixed-bed adsorbers 
are most commonly applied; the adsorption area available per 
unit volume is greater in fixed beds than in most other configu- 
rations. A fixed-bed adsorber is a vertical column or tube 
packed with adsorbent particles. Commercial adsorption oper- 
ations are mostly performed as unsteady-state processes; liquid 
containing solute is passed through the bed and the loading or 
amount of product retained in the column increases with time. 

Operation of a downflow fixed-bed adsorber is illustrated 
in Figure 10.11. Liquid solution containing adsorbate at con- 
centration Cy, is fed at the top of a column which is initially 


free of adsorbate. At first, adsorbent resin at the top of the col- 
umn takes up solute rapidly; solution passing through the 
column becomes depleted of solute and leaves the system with 
effluent concentration close to zero. As flow of solution con- 
tinues, the region of the bed where most adsorption occurs, 
the adsorption zone, moves down the column as the top resin 
becomes saturated with solute in equilibrium with liquid con- 
centration C,;. Movement of the adsorption zone usually 
occurs at a speed much lower than the velocity of fluid through 
the bed, and is called the adsorption wave. Eventually the lower 
edge of the adsorption zone reaches the bottom of the bed, the 
resin is almost completely saturated, and the concentration of 
solute in the effluent starts to rise appreciably; this is called the 
breakpoint. As the adsorption zone passes through the bottom 
of the bed, the resin can no longer adsorb solute and the efflu- 
ent concentration rises to the inlet value, C,;. At this time 
the bed is completely saturated with adsorbate and must be 
regenerated. The curve in Figure 10.11 showing effluent 
concentration as a function of time or volume of material pro- 
cessed is known as the breakthrough curve. 

The shape of the breakthrough curve greatly influences 
design and operation of fixed-bed adsorbers. Figure 10.12 
shows the portion of the breakthrough curve between times ¢, 
and t, when solute appears in the column effluent. The 
amount of solute lost in the effluent is given by the area under 
the breakthrough curve. As indicated in Figure 10.12(a), if 
adsorption continues until the entire bed is saturated and the 
effluent concentration equals C,., a considerable amount of 
solute is wasted. To avoid this, adsorption operations are usu- 
ally stopped before the bed is completely saturated. As shown 
in Figure 10.12(b), if adsorption is halted at time t’ when the 
effluent concentration is C’,, only a small amount of solute is 
wasted compared with the process of Figure 10.12(a). The dis- 
advantage is that some portion of the bed capacity is unused, as 
represented by the shaded area above the breakthrough curve. 
Because of the importance of the breakthrough curve in deter- 
mining schedules of operation, much effort has been given to 
its prediction and to analysis of factors affecting it. This is dis- 
cussed further in the next section. 


10.6.4 Engineering Analysis of Fixed-Bed 
Adsorbers 


In design of fixed-bed adsorbers, the quantity of resin and the 
time required for adsorption of a given quantity of solute must 
be estimated. Design procedures involve predicting the shape of 
the breakthrough curve and the time of appearance of the break- 
point. The form of the breakthrough curve is influenced by 
factors such as feed rate, concentration of solute in the feed, 
nature of the adsorption equilibrium and rate of adsorption. 
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Figure 10.13 Fixed-bed adsorber for mass-balance analysis. 
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Performance of commercial adsorbers is usually controlled by 
adsorption rate. This in turn depends on mass-transfer processes 
within and outside the adsorbent particles. One approach to 
adsorber design is to conduct extensive pilot studies to examine 
the effects of major system variables. However, the duration and 
cost of these experimental studies can be minimised by prior 
mathematical analysis of the process. Because fixed-bed adsorp- 
tion is an unsteady-state process and equations for adsorption 
isotherms are generally non-linear, the calculations involved in 
engineering analysis are relatively complex compared with 
many other unit operations. Non-homogeneous packing in 
adsorption beds and the difficulty of obtaining reproducible 
results in apparently identical beds add to these problems. It is 
beyond the scope of this book to consider design procedures in 
any depth as considerable effort and research is required to 
establish predictive models for adsorption systems. However, a 
simplified engineering analysis is presented below. 

Let us consider the processes which cause changes in the liq- 
uid-phase concentration of adsorbate in a fixed-bed adsorber. 
The aim of this analysis is to derive an equation for effluent con- 
centration as a function of time (the breakthrough curve). The 
technique used is the mass balance. Consider the column 
packed with adsorbent resin shown in Figure 10.13. Liquid con- 
taining solute A is fed at the top of the column and flows down 


the bed. The total length of the bed is Z. At distance z from the 
top is a section of column around which we can perform an 
unsteady-state mass balance. We will assume that this section is 
very thin so that z is approximately the same anywhere in the 
section. The system boundary is indicated in Figure 10.13 by 
dashed lines; four streams representing flow of material are 
shown to cross the boundary. The general mass-balance equa- 
tion given in Chapter 4 can be applied to solute A: 


mass in mass out mass mass mass 
through through generated consumed accumulated 
system system within {|} within (—J) within 
boundaries boundaries system system system 
(4.1) 


Let us consider each term of Eq. (4.1) to see how it applies to 
solute A in the designated section of the column. First, because 
we assume there are no chemical reactions taking place and A 
can be neither generated nor consumed, the third and fourth 
terms of Eq. (4.1) are zero. On the left-hand side, this leaves 
only the input and output terms. What are the mechanisms for 
input of component A to the section of column? A is brought 
into the section largely as a result of liquid flow down the col- 
umn; this is indicated in Figure 10.13 by the solid arrow 
entering the section. Other mechanisms are related to local 
mixing and diffusion processes within the interstices or gaps 
between the resin particles. For example, some A may enter the 
section from the region just below it by countercurrent diffu- 
sion against the direction of flow; this is indicated in Figure 
10.13 by the wiggly arrow entering the section from below. Let 
us now consider movement of A out of the system. The mecha- 
nisms for removal of A are the same as for entry: A is carried out 
of the section by liquid flow and by axial transfer along the 
length of the tube against the direction of flow. These processes 
are also indicated in Figure 10.13. The remaining term in Eq. 
(4.1) is accumulation of A. A will accumulate within the section 
due to adsorption onto the interior and exterior surfaces of the 
adsorbent particles. A may also accumulate in liquid trapped 
within the interstitial spaces or gaps between resin particles. 

When appropriate mathematical expressions for rates of 
flow, axial dispersion and accumulation are substituted into 
Eq. (4.1), the following equation is obtained: 


1-€\ OC4s 
E Ot 
= accumulation + accumulation 


in theinterstices by adsorption 


(10.32) 
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In Eq. (10.32), Cy is the concentration of A in the liquid, zis 
bed depth, ris time and C,, is the average concentration of A 
in the solid phase. D,, is the effective axial dispersion coefficient 
for A in the column. In most packed beds 9, , is substantially 
greater than the molecular diffusion coefficient; the value of 
G,,, incorporates the effects of axial mixing in the column as 
the solid particles interrupt smooth liquid flow. € is the void 


fraction in the bed, defined as: 
Vr— Vy 
Vy 


E—E= 
(10.33) 


where V., is the total volume of the column and V, is the vol- 
ume of the resin particles. u is the interstitial liquid velocity, 


defined as: 


(10.34) 


where F;, is the volumetric liquid flow rate and A - is the cross- 
sectional area of the column. In Eq. (10.32), /,, denotes the 
partial differential with respect to time, /,, denotes the partial 
differential with respect to distance, and 47/2 denotes the 
second partial differential with respect to distance. Although 
Eq. (10.32) looks complicated, it is useful to recognise the 
physical meaning of its components. As indicated below each 
term of the equation, rates of axial dispersion, flow, and accu- 
mulation in the liquid and solid phases are represented; 
accumulation is equal to the sum of the net rates of axial diffu- 
sion and flow into the system. 

There are four variables in Eq. (10.32): concentration of 
A in the liquid, Cy; concentration of A in the solid, C,<; dis- 
tance from the top of the column, zg; and time, ¢. The other 
parameters can be considered constant. Cy and Cy. vary 
with time of operation and depth in the column. 
Theoretically, with the aid of further information about the 
system, Eq. (10.32) can be solved to provide an equation for 
the effluent concentration as a function of time: the break- 
through curve. However, solution of Eq. (10.32) is generally 
very difficult. To assist the analysis, simplifying assumptions 
are often made. For example, it is normally assumed that 
dilute solutions are being processed; this results in nearly iso- 
thermal operation and eliminates the need for an 
accompanying energy balance for the system. In many cases 
the axial-diffusion term can be neglected; axial dispersion is 
generally significant only at low flow rates. If the interstitial 


fluid content of the bed is small compared with the total vol- 
ume of feed, accumulation of A between the particles can 
also be neglected. With these simplifications, the first and 
third terms of Eq. (10.32) are eliminated and the design 
equation is reduced to: 


ICas 


=0C,. 7 
7 or 


a 


To progress further with this analysis, information about 
9Cas/, is required. This term represents the rate of change of 
solid-phase adsorbate concentration and depends on the over- 
all rate at which adsorption takes place. Overall rate of 
adsorption depends on two factors: the rate at which solute is 
transferred from liquid to solid by mass-transfer mechanisms, 
and the rate of the actual adsorption or attachment process. 
The mass-transfer pathway for adsorbate is analogous to that 
described in Section 9.5.2 for oxygen transfer. There are up to 
five steps which can pose significant resistance to adsorption as 
indicated in Figure 10.14. They are: 


u 


(10.35) 


(i) transfer from the bulk liquid to the liquid boundary layer 

surrounding the particle; 

diffusion through the relatively stagnant liquid film sur- 

rounding the particle; 

transfer through the liquid in the pores of the particle to 

internal surfaces; 

(iv) the actual adsorption process; and 

(v) surface diffusion along the internal pore surfaces; i.e. 
migration of adsorbate molecules within the surface 
without prior desorption. 


(ii) 
(iii) 


Normally only a small amount of adsorption occurs on the 
outer perimeter of the particle compared to within the pores; 
accordingly, external adsorption is not shown in Figure 
10.14. Bulk transfer of solute is usually rapid because of mix- 
ing and convective flow of liquid passing over the solid; the 
effect of step (i) on overall adsorption rate can therefore be 
neglected. The adsorption step itself is sometimes very slow 
and can become the rate-limiting process; however in most 
cases adsorption occurs relatively quickly so that step (iv) is 
not rate-controlling. Step (ii) represents the major external 
resistance to mass transfer, while steps (iii) and (v) represent 
the major internal resistances. Any or all of these steps can 
control the overall rate of adsorption depending on the situa- 
tion. Rate-controlling steps are usually identified 
experimentally using a small column with packing identical 
to the industrial-scale system; mass-transfer coefficients can 
then be measured under appropriate flow conditions. 
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Figure 10.14 Steps involved in adsorption of solute from liquid to porous adsorbent particle. 
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Unfortunately however, it is possible that the rate-controlling 
step changes as the process is scaled up, making rational 
design difficult. 

Greatest simplification of Eq. (10.35) is obtained when the 
overall rate of mass transfer from liquid to internal surfaces is 
represented by a single equation. For example, by analogy with 


Eq. (9.34) or (9.35), we can write: 


oC K,a 


ot 1- 
(10.36) 


where XK; is the overall mass-transfer coefficient, a is the sur- 
face area of the solid per unit volume, Cy is the liquid-phase 
concentration of A, and C% is the liquid-phase concentration 
of A in equilibrium with C,.. The value of K, will depend on 
the properties of the liquid and the flow conditions; C% can be 
related to Cy, by the equilibrium isotherm. In the end, after 
the differential equations are simplified as much as possible 
and then integrated with appropriate boundary conditions 
(usually with a computer), the result is a relationship between 


Solid-liquid 
interface 


Liquid boundary-layer 


effluent concentration (Cy at z= L) and time. The height of 
the column required to achieve a certain recovery of solute can 
also be evaluated. 

As mentioned already in this section, there are many uncer- 
tainties associated with design and scale up of adsorption 
systems. The approach described here will give only an 
approximate indication of design and operating parameters. 
Other methods involving various simplifying assumptions can 
be employed [2]. The above analysis highlights the important 
role played by mass transfer in practical adsorption operations. 
Equilibrium is seldom achieved in commercial adsorption systems; 
performance is controlled by the overall rate of adsorption. Most 
parameters determining the economics of adsorption are those 
affecting mass transfer. Improvement in adsorber operation 
can be achieved by enhancing rates of diffusion and reducing 
mass-transfer resistance. 


10.7 Chromatography 


Chromatography is a separation procedure for resolving mix- 
tures and isolating components. Many of the principles 
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described in the previous section on adsorption apply also to 
chromatography. The basis of chromatography is differential 
migration, i.e. the selective retardation of solute molecules dur- 
ing passage through a bed of resin particles. A schematic 
description of chromatography is given in Figure 10.15; this 
diagram shows separation of three solutes from a mixture 
injected into a column. As solvent flows through the column, 
the solutes travel at different speeds depending on their rela- 
tive affinities for the resin particles. As a result, they will be 
separated and appear for collection at the end of the column at 
different times. The pattern of solute peaks emerging from a 
chromatography column is called a chromatogram. The fluid 
carrying solutes through the column or used for elution is 
known as the mobile phase; the material which stays inside the 
column and effects the separation is called the stationary phase. 

In gas chromatography (GC), the mobile phase is a gas. Gas 
chromatography is used widely as an analytical tool for separ- 
ating relatively volatile components such as alcohols, ketones, 
aldehydes and many other organic and inorganic compounds. 
However, of greater relevance to bioprocessing is liquid 
chromatography, which can take a variety of forms. Liquid 
chromatography finds application both as a laboratory 
method for sample analysis and as a preparative technique for 
large-scale purification of biomolecules. In recent years there 
have been rapid developments in the technology of liquid 
chromatography aimed at isolation of recombinant products 


from genetically engineered organisms. Chromatography is a 


high-resolution technique and therefore suitable for recovery of 
high-purity therapeutics and pharmaceuticals. Chroma- 
tographic methods available for purification of proteins, 
peptides, amino acids, nucleic acids, alkaloids, vitamins, ster- 
oids and many other biological materials include adsorption 
chromatography, partition chromatography, ion-exchange chrom- 
atography, gel chromatography and affinity chromatography. 
These methods differ in the principal mechanism by which 


molecules are retarded in the chromatography column. 


(i) Adsorption chromatography. Biological molecules have 
varying tendencies to adsorb onto polar adsorbents such 
as silica gel, alumina, diatomaceous earth and charcoal. 
Performance of the adsorbent relies strongly on the 
chemical composition of the surface, i.e. the types and 
concentrations of exposed atoms or groups. The order of 
elution of sample components depends primarily on 
molecule polarity. Because the mobile phase is in com- 
petition with solute for adsorption sites, solvent proper- 
ties are also important. Polarity scales for solvents are 
available to aid mobile-phase selection [13]. 

Partition chromatography. Partition chromatography relies 
on the unequal distribution of solute between two immis- 


(ii) 


Figure 10.15 Chromatographic separation of components 
in a mixture. Three different solutes are shown schematically 
as circles, squares and triangles. (From P.A. Belter, E.L. 
Cussler and W.-S. Hu, 1988, Bioseparations: Downstream 
Processing For Biotechnology, John Wiley, New York.) 
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cible solvents. This is achieved by fixing one solvent (the 
stationary phase) to a support and passing the other solvent 
containing solute over it. The solvents make intimate con- 
tact allowing multiple extractions of solute to occur. Several 
methods are available to chemically bond the stationary sol- 
vent to supports such as silica [14]. When the stationary 
phase is more polar than the mobile phase, the technique is 
called normal-phase chromatography. When non-polar 
compounds are being separated it is usual to use a stationary 
phase which is less polar than the mobile phase; this is called 
reverse-phase chromatography. A common stationary phase 
for reverse-phase chromatography is hydrocarbon with 8 or 
18 carbons bonded to silica gel; these materials are called 
Cg and C)¢ packings, respectively. Solvent systems most 
frequently used are water—acetonitrile and water— 
methanol; aqueous buffers are also employed to suppress 
ionisation of sample components. Elution is generally in 
order of increasing solute hydrophobicity. 
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(iti) lon-exchange chromatography. The basis of separation in 
this procedure is electrostatic attraction between the 
solute and dense clusters of charged groups on the col- 
umn packing. Ion-exchange chromatography can give 
high resolution of macromolecules and is used commer- 
cially for fractionation of antibiotics and proteins. 
Column packings for low-molecular-weight compounds 
include silica, glass and polystyrene; carboxymethyl and 
diethylaminoethyl groups attached to cellulose, agarose 
or dextran provide suitable resins for protein chromatog- 
raphy. Solutes are eluted by changing the pH or ionic 
strength of the liquid phase; salt gradients are the most 
common way of eluting proteins from ion exchangers. 
Practical aspects of protein ion-exchange chromatog- 
raphy are described in greater detail elsewhere [15]. 

(iv) Gel chromatography. This technique is also known as 
molecular-sieve chromatography, exclusion chromatog- 
raphy, gel filtration and gel-permeation chromatography. 
Molecules in solution are separated in a column packed 
with gel particles of defined porosity. Gels most often 
used are cross-linked dextrans, agaroses and polyacryl- 
amide gels. The speed with which components travel 
through the column depends on their effective molecular 
size. Large molecules are completely excluded from the 
gel matrix and move rapidly through the column to 
appear first in the chromatogram. Small molecules are 
able to penetrate the pores of the packing, traverse the 
column very slowly, and appear last in the chromato- 
gram. Molecules of intermediate size enter the pores but 
spend less time there than the small solutes. Gel filtration 
can be used for separation of proteins and lipophilic com- 
pounds. Large-scale gel-filtration columns are operated 
with upward-flow elution. 

(v) Affinity chromatography. This separation technique 
exploits the binding specificity of biomolecules. 
Enzymes, hormones, receptors, antibodies, antigens, 
binding proteins, lectins, nucleic acids, vitamins, whole 
cells and other components capable of specific and revers- 
ible binding are amenable to highly selective affinity 
purification. Column packing is prepared by linking a 
binding molecule called a Ligand to an insoluble support; 
when sample is passed through the column, only solutes 
with appreciable affinity for the ligand are retained. The 
ligand must be attached to the support in such a way that 
its binding properties are not seriously affected; mole- 
cules called spacer arms are often used to set the ligand 
away from the support and make it more accessible to the 
solute. Many ready-made support—ligand preparations 
are available commercially and are suitable for a wide 
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range of proteins. Conditions for elution depend on the 
specific binding complex formed: elution usually 
involves a change in pH, ionic strength or buffer compo- 
sition. Enzyme proteins can be desorbed using a 
compound with higher affinity for the enzyme than 
the ligand, e.g. a substrate or substrate analogue. Affin- 
ity chromatography using antibody ligands is called 
immuno-affinity chromatography. 


In this section we will consider principles of liquid chroma- 
tography for separation of biological molecules such as proteins 
and amino acids. Choice of stationary phase will depend to a 
large extent on the type of chromatography employed; however 
certain basic requirements must be met. For high capacity, the 
solid support must be porous with high internal surface area; it 
must also be insoluble and chemically stable during operation 
and cleaning. Ideally, the particles should exhibit high mechan- 
ical strength and show little or no non-specific binding. The 
low rigidity of many porous gels was initially a problem in 
industrial-scale chromatography; the weight of the packing 
material in large columns and the pressures developed during 
flow tended to compress the packing and impede operation. 
However, many macroporous gels and composite materials of 
high rigidity are now available for industrial use. 

Two methods for carrying out chromatographic separa- 
tions are high-performance liquid chromatography (HPLC) 
and fast protein liquid chromatography (FPLC). In principle, 
any of the types of chromatography described above can be 
executed using HPLC and FPLC techniques. Specialised 
equipment for HPLC and FPLC allows automated injection 
of sample, rapid flow of material through the column, col- 
lection of the separated fractions, and data analysis. 
Chromatographic separations traditionally performed under 
atmospheric pressure in vertical columns with manual sample 
feed and gravity elution are carried out faster and with better 
resolution using densely-packed columns and high flow rates 
in HPLC and FPLC systems. The differences between HPLC 
and FPLC lie in the flow rates and pressures used, the size of 
the packing material, and the resolution accomplished. In gen- 
eral, HPLC instruments are designed for small-scale, 
high-resolution analytical applications; FPLC is tailored for 
large-scale purification. In order to achieve the high resolu- 
tions characteristic of HPLC, stationary-phase particles 
2-5 ym in diameter are commonly used. Because the particles 
are so small, HPLC systems are operated under high pressure 
(5-10 MPa) to achieve flow rates of 1-5 ml min~!. FPLC 
instruments are not able to develop such high pressures 
(1-2 MPa), and are therefore operated with column packings 
of larger size. Resolution is poorer using FPLC compared with 
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Figure 10.16 Differential migration of two solutes A and B. 


= 
P| 
4) 
3 
| 
2 
i) 
oO 


Adsorbate 
concentration on 
the solid 


HPLC; accordingly, it is common practice to collect only the 
central peak of the solute pulse emerging from the end of the 
column and to recycle or discard the leading and trailing 
edges. FPLC equipment is particularly suited to protein separ- 
ations; many gels used for gel chromatography and affinity 
chromatography are compressible and cannot withstand the 
high pressures exerted in HPLC. 

Chromatography is essentially a batch operation; however 
industrial chromatography systems can be monitored and con- 
trolled for easy automation. Cleaning the column in place is 
generally difficult. Depending on the nature of the impurities 
contained in the samples, rather harsh treatments with concen- 
trated salt or dilute alkali solutions are required; these may affect 
swelling of the gel beads and, therefore, liquid flow in the col- 
umn. Regeneration in place is necessary as re-packing of large 
columns can be laborious and time-consuming. Repeated use of 
chromatographic columns is essential because of their high cost. 


10.7.1 Differential Migration 


Differential migration provides the basis for chromatographic 
separation and is explained diagrammatically in Figure 10.15. 
A solution contains two solutes A and B which have different 


equilibrium affinities for a particular stationary phase. For the 
sake of brevity, let us say that the solutes are adsorbed onto the 
stationary phase although they may be adsorbed, bound or 
entrapped depending on the type of chromatography 
employed. Assume that A is adsorbed more strongly than B. If 
a small quantity of solution is passed through the column so 
that only a limited depth of packing is saturated, both solutes 
will be retained in the bed as shown in Figure 10.16(a). 

A suitable eluant is now passed through the bed. As shown 
in Figures 10.16(b-e), both solutes will be alternately 
adsorbed and desorbed at lower positions in the column as 
flow of eluant continues. Because solute B is more easily 
desorbed than A, it moves forward more rapidly. Differences 
in migration velocities of solutes are related to differences in 
equilibrium distributions between stationary and mobile 
phases. In Figure 10.16(e), solute B has been separated from A 
and washed out of the system. 

Several parameters are used to characterise differential 
migration. An important variable is the volume V, of eluting 
solvent required to carry the solute through the column until it 
emerges at its maximum concentration. Each component sep- 
arated by chromatography has a different elution volume. 
Another parameter commonly used to characterise elution is 


the capacity factor, k: 
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where V, is the void volume, i.e. the volume of liquid in the 
column outside of the particles. For two solutes, the ratio of 
their capacity factors k, and , is called the selectivity or relative 
retention, 8: 


(10.38) 


Eqs (10.37) and (10.38) are normally applied to adsorption, 
partition, ion-exchange and affinity chromatography. In gel 
chromatography where separation is a function of effective 
molecular size, the elution volume is easily related to certain 
physical properties of the gel column. The total volume of a gel 
column is: 


Vr=V,+V,+V, — 


where V; is total volume, V, is void volume outside the par- 
ticles, V; is internal volume of liquid in the pores of the parti- 
cles, and V, is volume of the gel itself. The outer volume V, 
can be determined by measuring the elution volume of a sub- 
stance that is completely excluded from the stationary phase; a 
solute which does not penetrate the gel can be washed from the 
column using a volume of liquid equal to V,. V, is usually 
about one-third V-. Solutes which are only partly excluded 
from the stationary phase elute with a volume described by the 
following equation: 


V,=V,+K,V, 
(10.40) 


where K_ is the gel partition coefficient, defined as the fraction 
; P ; 

of internal volume available to the solute. For large molecules 

which do not penetrate the solid, K, = 0. From Eq. (10.40): 
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(10.41) 


Kis a convenient parameter for comparing separation results 
obtained with different gel-chromatography columns; it is 
independent of column size and packing density. However 
experimental determination of K, depends on knowledge of 
V., which is difficult to measure accurately. V, is usually calcu- 
lated using the equation: 


V,= aw, 
(10.42) 


where a is mass of dry gel and W, is the water regain value, 
defined as the volume of water taken up per mass of dry gel. 
The value for W, is generally specified by the gel manu- 
facturer. If, as is often the case, the gel is supplied already wet 
and swollen, the value of a is unknown and V, is determined 


using the following equation: 


Wp 
a ee 


i” +W.p,) (Vr — Vo} 


(10.43) 


where Peis the density of wet gel and p,, is the density of water. 


Example 10.5 Hormone separation using gel chromatography 


A pilot-scale gel-chromatography column packed with Sephacryl resin is used to separate two hormones A and B. The column is 
5cm in diameter and 0.3m high; the void volume is 1.9 x 1074 m3. The water regain value of the gel is 
3x 1073 m3 kg! dry Sephacryl; the density of wet gel is 1.25 x 10 kg m7 3. The partition coefficient for hormone A is 0.38; 
the partition coefficient for hormone B is 0.15. If the eluant flow rate is 0.7 | h~}, what is the retention time for each hormone? 


Solution: 
The total column volume is: 


V_ = mr2h = 1 (2.5X 107? m)? (0.3 m) = 5.89 x 1074 m?. 
Vi=1.9x 1074 m3; Py = 1000 kg m3. From Eq. (10.43): 
(3x 1073 m3 kg™!) (1.25 x 10 kg m7?) 


Y= 
} 1+ (3x 1073 m3 kg~!) (1000 kg m~3) 


(5.89 x 1074 m3 — 1.9 1074 m3) 
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= 3.74x1074 m3. 


Koa = 0.38; Kop =0.15. Therefore, from Eq. (10.40): 


Vig = 1.9 1074 m3 + 0.38 (3.74 x 1074 m3) = 3.32 x 1074 m3 


Vig = 1.9 1074 m3 +0.15 (3.74 x 1074 m?) = 2.46 x 1074 m3. 


The times associated with these elution volumes are: 


3.32 x 1074 m3 ; 
th = a = 28 min. 
O.71h-!. sue — 
1000 | 60 min 
2.46 x 1074 m3 : 
th = SSS ee =21 min. 
0.71h7!. = — 
10001 60 min 
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10.7.2 Zone Spreading 


The effectiveness of chromatography depends not only on 
differential migration but on whether the elution bands for 
individual solutes remain compact and without overlap. 
Ideally, each solute should pass out of the column at a different 
instant in time. In practice, elution bands spread out some- 
what so that each solute takes a finite period of time to pass 
across the end of the column. Zone spreading is not so import- 
ant when migration rates vary widely because there is little 
chance that solute peaks will overlap. However if the mole- 
cules to be separated have similar structure, migration rates 
will also be similar and zone spreading must be carefully con- 
trolled. 

As illustrated in Figure 10.15, typical chromatogram elu- 
tion bands have a peak of high concentration at or about the 
centre of the pulse but are of finite width as the concentration 
trails off to zero before and after the peak. Spreading of the 
solute peak is caused by several factors represented schemati- 
cally in Figure 10.17. 


(i) Axial diffusion. As solute is carried through the column, 
molecular diffusion of solute will occur from regions of 
high concentration to regions of low concentration. 
Diffusion in the axial direction, i.e. along the length of 
the tube, is indicated in Figure 10.17(a) by broken 
arrows. Axial diffusion broadens the solute peak by trans- 
porting material upstream and downstream away from 
the region of greatest concentration. 

Eddy diffusion. In columns packed with solid particles, 
actual flow paths of liquid through the bed can be highly 


(ii) 


(iii) 


variable. As indicated in Figure 10.17(a), some liquid will 
flow almost directly through the bed while other liquid 
will take longer and more tortuous paths through the 
gaps or interstices between the particles. Accordingly, 
some solute molecules carried in the fluid will move slow- 
er than the average rate of progress through the column 
while others will take shorter paths and move ahead of the 
average; the result is spreading of the solute band. 
Differential motion of material due to erratic local varia- 
tions in flow velocity is known as eddy diffusion. 

Local non-equilibrium effects. In most columns, lack of 
equilibrium is the most important factor affecting zone 
spreading, although perhaps the most difficult to under- 
stand. Consider the situation at position X indicated in 
Figure 10.17(a). A solute pulse is passing through the col- 
umn; as shown in Figure 10.17(b) concentration within 
this pulse increases from the front edge to a maximum 
near the centre and then decreases to zero. As the solute 
pulse moves down the column, an initial gradual increase 
in solute concentration will be experienced at X. In 
response to this increase in mobile-phase solute concen- 
tration, solute will bind to the stationary phase and the 
stationary-phase concentration will start to increase 
towards an appropriate equilibrium value. Equilibrium is 
not established immediately however; it takes time for the 
solute to undergo the mass-transfer steps from liquid to 
solid as outlined in Section 10.6.4. Indeed, before 
equilibrium can be established, the mobile-phase concen- 
tration increases again as the centre of the solute pulse 
moves closer to X. Because concentration in the mobile 
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Figure 10.17 Zone spreading in a chromatography column. 
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phase is continuously increasing, equilibrium at X 
remains always out of reach and the stationary-phase 
concentration lags behind equilibrium values. As a 
consequence, a higher concentration of solute remains in 
the liquid than if equilibrium were established, and the 
front edge of the solute pulse effectively moves ahead fast- 
er than the remainder of the pulse. As the peak of the 
solute pulse passes X, the mobile-phase concentration 
starts to decrease with time. In response, the solid phase 
must divest itself of solute to reach equilibrium with the 
lower liquid-phase concentrations. Again, because of 
delays due to mass transfer, equilibrium cannot be 
established with the continuously changing liquid 
concentration. As the solute pulse passes and the liquid 
concentration at X falls to zero, the solid phase still con- 
tains solute molecules that continue to be released into 
the liquid. Consequently, the rear of the solute pulse is 
effectively stretched out until the stationary phase reaches 
equilibrium with the liquid. 


In general, conditions which improve mass transfer will 
increase the rate at which equilibrium is achieved between the 
phases and minimise zone spreading. For example, increasing 


Direction of flow 


1 | 


Ete 
Solute concentration 


(b) 


the particle surface area per unit volume facilitates mass trans- 
fer and reduces non-equilibrium effects; surface area is usually 
increased by using smaller particles. On the other hand, 
increasing the liquid flow rate will exacerbate non-equilibrium 
effects as the rate of adsorption fails to keep up with con- 
centration changes in the mobile phase. Viscous solutions give 
rise to considerable zone broadening as a result of slower mass- 
transfer rates; zone broadening is also more pronounced if the 
solute molecules are large. Changes in temperature can affect 
zone broadening in several ways. Because viscosity is reduced 
at elevated temperatures, heating the column often decreases 
zone spreading. However, rates of axial diffusion increase at 
higher temperatures so that the overall effect depends on the 
system and temperature range tested. 


10.7.3 Theoretical Plates in Chromatography 


The concept of theoretical plates is often used to analyse zone 
broadening in chromatography. The idea is essentially the same 
as that described in Section 10.4 for an ideal equilibrium stage. 
The chromatography column is considered to be made up of a 
number of segments or plates of height H; the magnitude of H 
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Figure 10.18 Parameters for calculation of: (a) number of 
theoretical plates, and (b) resolution. 
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is of the same order as the diameter of the resin particles. 
Within each segment equilibrium is supposed to exist. 

As in adsorption operations, equilibrium is not often 
achieved in chromatography so that the theoretical-plate con- 
cept does not accurately reflect conditions in the column. 
Nevertheless the idea of theoretical plates is applied extensive- 
ly, mainly because it provides a parameter, the plate height H, 
which can be used to characterise zone spreading. Use of the 
plate height, which is also known as the height equivalent to a 
theoretical plate HETP ), is acceptable practice in chromatog- 
raphy design even though it is based on a poor model of 
column operation. HETP is a measure of zone broadening; in 
general, the lower the HETP value the narrower is the solute 
peak. 

HETP depends on various processes which occur during 
elution of a chromatography sample. A popular and simple 
expression for HETP takes the form: 
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where His plate height, wis linear liquid velocity, and.A, Band 
Care experimentally-determined kinetic constants. A, Band C 
include the effects of liquid—solid mass transfer, forward and 
backward axial dispersion, and non-ideal distribution of liquid 
around the packing. As outlined in Section 10.6.4, overall 
rates of solute adsorption and desorption in chromatography 
depend mainly on mass-transfer steps. Values of A, B and C 
are reduced by improving mass transfer between liquid and 
solid phases, resulting in a decrease in HETP and better col- 
umn performance. Eq. (10.44) and other HETP models are 
discussed further in other references [16, 17]. 

HETP for a particular component is related to the elution 
volume and width of the solute peak as it appears on the 
chromatogram. If, as shown in Figure 10.18(a), the pulse has 
the standard symmetrical form of a normal distribution 
around a mean value x, the xumber of theoretical plates can be 
calculated as follows: 


v \2 
N= 16 | — 
Ww 


where Nis number of theoretical plates, V, is the distance on 
the chromatogram corresponding to the elution volume of the 
solute, and w is the base line width of the peak between lines 
drawn tangent to the inflection points of the curve. Eq. 
(10.45) applies if the sample is introduced into the column as a 
narrow pulse. Number of theoretical plates is related to HETP 
as follows: 


(10.45) 


N 


(10.46) 


where L is the length of the column. For a given column, the 
greater the number of theoretical plates the greater is the num- 
ber of ideal equilibrium stages in the system and the more 
efficient is the separation. Values of Hand Nvary for a parti- 
cular column depending on the component being separated. 


10.7.4 Resolution 


Resolution is a measure of zone overlap in chromatography 
and an indicator of column efficiency. For separation of two 
components, resolution is given by the following equation: 
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where Ry is resolution, V,, and V,, are distances on the 
chromatogram corresponding to elution volumes for compo- 
nents 1 and 2, and w, and w, the baseline widths of the 
chromatogram peaks as shown in Figure 10.18(b). Column 
resolution is a dimensionless quantity; the greater the value of 
Rj, the more separated are the two solute peaks. An Ry value 
of 1.5 corresponds to a baseline resolution of 99.8% or virtual 
complete separation; when R y= 1.0 the two peaks overlap by 
about 2% of the total peak area. 

Column resolution can be expressed in terms of HETP. 
Assuming w, and w, are approximately equal, Eq. (10.47) 
becomes: 


(V, 27 V. ) 
R = ¢. el 
N wy 
(10.48) 
Substituting for w, from Eq. (10.45): 
Rez 2s bn (ee |, 
ae V5 
(10.49) 
The term 
Vo ~ Vea) 
Vio 


can be expressed in terms of &, and 6 from Eqs (10.37) and 
(10.38), so that Eq. (10.49) becomes: 


1 5-1 ky 
7 (2) (4). 


Using the expression for N from Eq. (10.46), the equation for 


column resolution is: 
1 [2 (s-1\f & 
4\H 5 ky +1 , 


As is apparent from Eq. (10.51), peak resolution increases as a 
function of VL, where L is the column length. Resolution also 


Ry = 
(10.50) 


Ry = 


(10.51) 


increases with decreasing HETP; therefore, any enhancement 
of mass-transfer conditions reducing H will improve resolu- 
tion. Derivation of Eq. (10.51) involves Eq. (10.45), which 
applies to chromatography systems where a relatively small 
quantity of sample is injected rapidly. Resolution is sensitive to 
increases in sample size; as the amount of sample increases, res- 
olution declines. In laboratory analytical work it is common to 
use extremely small sample volumes, of the order of micro- 
litres. However, depending on the type of chromatography 
used for production-scale purification, sample volumes 
5-20% of the column volume and higher are used. Because 
resolution under these conditions is relatively poor, if the 
solute peak is collected for isolation of product the central 
portion of the peak is retained while the leading and trailing 
edges are recycled back to the feed. 


10.7.5 Scaling-Up Chromatography 


The aim in scale-up of chromatography is to retain the resolu- 
tion and solute recovery achieved using a small-scale column 
while increasing the throughput of material. Strategies for 
scale up must take into account the dominance of mass- 
transfer effects in chromatography separations. 

The easiest approach to scale-up is to simply increase the 
flow rate through the column. This gives unsatisfactory 
results; raising the liquid velocity increases zone spreading and 
produces high pressures in the column which compress the 
stationary phase and cause pumping difficulties. The pressure- 
drop problem can be alleviated by increasing the particle size; 
however this hinders the overall mass-transfer process and so 
decreases resolution. Increasing the column length can help 
regain any resolution lost by increasing the flow rate or particle 
diameter; however increasing L also has a strong effect in rais- 
ing the pressure drop through the column. 

The solution to scale-up is to keep the same column length, 
linear flow velocity and particle size as in the small column, but 
increase the column diameter. The larger capacity of the col- 
umn is therefore due solely to its greater cross-sectional area. 
Sample volume and volumetric flow rate are increased in pro- 
portion to column volume. In this way, all the important 
parameters affecting the packing matrix, liquid flow, mass 
transfer and equilibrium conditions are kept constant; similar 
column performance can therefore be expected. Because 
liquid distribution in large-diameter packed columns tends to 
be poor, care must be taken to ensure liquid is fed evenly over 
the entire column cross-section. 

In practice, variations in column properties and efficiency do 
occur with scale-up. As an example, compressible solids such as 
those used in gel chromatography get better support from the 
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column wall in small columns than in large columns; as a result, 
lower linear flow rates must be used in large-scale systems. An 
advantage of using gels of high mechanical strength in laborato- 
ry systems is that they allow more direct scale-up to commercial 
operation. The elasticity and compressibility of gels used for 
fractionation of high-molecular-weight proteins preclude use of 
long columns in large-scale processes; bed heights in these 
systems are normally restricted to 0.6-1.0 m. 


10.8 Summary of Chapter 10 


At the end of Chapter 10 you should: 


(i) knowwhatis a unit operation; 

(ii) be able to describe generally the steps of downstream pro- 

cessing; 

understand the theory and practice of filtration, 

understand the principles of centrifugation, including 

scale-up considerations; 

(v) _ be familiar with methods used for cell disruption; 

(vi) understand the concept of an ideal stage; 

(vii) be able to analyse aqueous two-phase extractions in terms 

of the equilibrium partition coefficient, product yieldand 

concentration factor; 

understand the principles of adsorption operations and 

design of fixed-bed adsorbers; 

know the different types of chromatography used for sep- 

aration of biomolecules; and 

(x) understand the concepts of differential migration, zone 
spreading and resolution in chromatography, know what 
operating conditions enhance chromatography perfor- 
mance, and be able to describe scale-up procedures for 
chromatography columns. 


(iii) 
(iv) 


wa 


(viii 


(ix) 


Problems 


10.1 Bacterial filtration 


A suspension of Bacillus subtilis cells is filtered under constant 
pressure for recovery of protease. A pilot-scale filter is used to 
measure filtration properties. The filter area is 0.25 m*, the 
pressure drop is 360 mmHg, and the filtrate viscosity is 4.0 cP. 
The cell suspension deposits 22 g cake per litre of filtrate. The 
following data are measured. 


Time (min) 2 3 6 10 15 20 
Filtrate volume(l) 10.8 12.1 18.0 21.8 28.4 32.0 


(a) Determine the specific cake resistance and filter medium 
resistance. 

(b) What size filter is required to process 4000 | cell suspen- 
sion in 30 min at a pressure drop of 360 mmHg? 


10.2 Filtration of mycelial suspensions 


Pelleted and filamentous forms of Streptomyces griseus are fil- 
tered separately using a small laboratory filter of area 1.8 cm. 
The mass of wet solids per ml of filtrate is 0.25 g ml~! for the 
pelleted cells and 0.1 g ml7! for the filamentous culture. 
Viscosity of the filtrate is 1.4 cP. Five filtration experiments at 
different pressures are carried out with each suspension. The 
results are as follows: 


Pressure drop (mmHg) 

100 250 350 550 750 
Filtrate volume 
(ml) for pelleted 
suspension Times) 
10 22 12 9 7 5 
15 52 26 20 14 12 
20 90 49 36 28 22 
25 144 75 60 43 34 
30 200 110 88 63 51 
35 285 149 119 84 70 
40 368 193 154 110 90 
45 452 240 195 140 113 
50 - 301 238 175 141 

Pressure drop (mmHg) 

100 250 350 550 750 
Filtrate volume 
(ml) for filamentous 
suspension Times) 
10 36 22 17 13 11 
15 82 47 40 31 25 
20 144 85 71 53 46 
25 226 132 111 85 70 
30 327 194 157 121 100 
35 447 262 215 166 139 
40 - 341 282 222 180 
45 - 434 353 277 229 
50 - = 442 338 283 
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(a) Evaluate the specific cake resistance as a function of pres- 
sure for each culture. 

(b) Determine the compressibility for each culture. 

(c) A filter press with area 15 m7 is used to process 20 m? fila- 
mentous S. griseus culture. If the filtration must be 
completed in one hour, what pressure drop is required? 


10.3 Rotary-drum vacuum filtration 


Continuous rotary vacuum filtration can be analysed by con- 
sidering each revolution of the drum as a stationary batch 
filtration. Per revolution, each cm? of filter cloth is used to 
form cake only for the period of time it spends submerged in 
the liquid reservoir. A rotary-drum vacuum filter with drum 
diameter 1.5 m and filter width 1.2 m is used to filter starch 
from an aqueous slurry. The pressure drop is kept constant at 
4.5 psi; the filter operates with 30% of the filter cloth sub- 
merged. Resistance due to the filter medium is negligible. 
Laboratory tests with a 5 cm? filter have shown that 500 ml 
slurry can be filtered in 23.5 min at a pressure drop of 12 psi; 
the starch cake was also found to be compressible with s = 0.57. 
Use the following steps to determine the drum speed required 
to produce 20 m? filtered liquid per hour. 


(a) Evaluate yy a’ c from the laboratory test data. 

(b) If Nis the drum speed in revolutions per hour, what is the 
cycle time? 

(c) From (b), for what period of time per revolution is each 
cm? of filter cloth used for cake formation? 

(d) What volume of filtrate must be filtered per revolution to 
achieve the desired rate of 20 m? per hour? 

(e) Apply Eq. (10.11) to a single revolution of the drum to 
evaluate N. 

(f) The liquid level is raised so that the fraction of submerged 
filter area increases from 30% to 50%. What drum speed 
is required under these conditions? 


10.4 Centrifugation of yeast 


Yeast cells are to be separated from a fermentation broth. 
Assume that the cells are spherical with diameter 5 pm and 
density 1.06 g cm7 3, The viscosity of the culture broth is 1.36 
x 107-3 Nsm 2. At the temperature of separation, the den- 
sity of the suspending fluid is 0.997 g cm7 4. 500 litres broth 


must be treated every hour. 


(a) Specify X for a suitably-sized disc-stack centrifuge. 
(b) The small size and low density of microbial cells are dis-ad- 
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vantages in centrifugation. Ifinstead of yeast, quartz particles 
of diameter 0.1 mm and specific gravity 2.0 are separated 
from the culture liquid, by how much is reduced? 


10.5 Centrifugation of food particles 


Small food particles with diameter 107? mm and density 
1.03 g cm 3 are suspended in liquid of density 1.00 g cm~?. 
The viscosity of the liquid is 1.25 mPa s. A tubular-bowl cen- 
trifuge of length 70 cm and radius 11.5 cm is used to separate 
the particles. If the centrifuge is operated at 10 000 rpm, esti- 
mate the feed flow rate at which the food particles are just 
removed from the suspension. 


10.6 Scale-up of disc-stack centrifuge 


A pilot-scale disc-stack centrifuge is tested for recovery of bac- 
teria. The centrifuge contains 25 discs with inner and outer 
diameters 2 cm and 10 cm, respectively. The half-cone angle is 
35°. When operated at a speed of 3000 rpm with a feed rate of 
3.5 litre min” !, 70% of the cells are recovered. If a bigger cen- 
trifuge is to be used for industrial treatment of 80 litres min~!, 
what operating speed is required to achieve the same sedi- 
mentation performance if the larger centrifuge contains 55 
discs with outer diameter 15 cm, inner diameter 4.7 cm, and 


half-cone angle 45°? 


10.7 Centrifugation of yeast and cell debris 


A tubular-bowl centrifuge is used to concentrate a suspension 
of genetically-engineered yeast containing a new recombinant 
protein. At a speed of 12 000 rpm, the centrifuge treats 3 | 
broth min”! with satisfactory results. It is proposed to use the 
same centrifuge to separate cell debris from homogenate pro- * 
duced by mechanical disruption of the yeast. If the average size 
of the debris is one-third that of the yeast and the viscosity of 
the homogenate is five times greater than the cell suspension, 
what flow rate can be handled if the centrifuge is operated at 
the same speed? 


10.8 Cell disruption 


Micrococcus bacteria are disrupted at 5°C in a Manton-Gaulin 
homogeniser operated at pressures between 200 and 
550 kg cm™?. Data for protein release as a function of num- 
ber of passes through the homogeniser are as follows: 
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Pressure drop (kg, cm”) 


200 300 400 500 550 
Number of passes % protein release 
1 5.0 13.5 23.3 36.0 42.0 
2 95 23.5 40.0 58.5 66.0 
3 14.0 33.5 52.5 75.0 83.7 
4 18.0 43.0 66.6 82.5 88.5 
5 22.0 47.5 73.0 88.5 94.5 
6 26.0 55.0 79.5 91.3 - 


(a) How many passes are required to achieve 80% protein 
release at an operating pressure of 460 kg - cm~?? 

(b) Estimate the pressure required to deliver 70% protein 
recovery in only two passes? 


10.9 Enzyme purification using two-phase 
aqueous partitioning 


Leucine dehydrogenase is recovered from a homogenate of 
disrupted Bacillus cereus cells using an aqueous two-phase 
polyethylene glycol—salt system. 150 litres of homogenate 
initially containing 3.2 units enzyme ml~! are processed; a 
polyethylene glycol—salt mixture is added and two phases 
form. The enzyme partition coefficient is 3.5. 


(a) What volume ratio of upper and lower phases must be 
chosen to achieve 80% recovery of enzyme in a single 
extraction step? 

(b) If the volume of the lower phase is 100 litres, what is the 
concentration factor for 80% recovery? 


10.10 Recovery of viral particles 
Cells of the fall armyworm Spodoptera frugiperda are cultured 


in a fermenter to produce viral particles for insecticide. Viral 
particles are released into the culture broth after lysis of the 
host cells. The initial culture volume is 5 litres. An aqueous 
two-phase polymer solution of volume 2 litres is added to this 
liquid; the volume of the bottom phase is 1 litre. The virus par- 
tition coefficient is 1077. 


(a) Whacis the yield of virus at equilibrium? 

(b) Write a mass balance for viral particles in terms of con- 
centrations and volumes of the phases, equating the 
amounts of virus present before and after addition of 
polymer solution. 

(c) Derive an equation for the concentration factor in terms 
of liquid volumes and the partition coefficient only. 

(d) Calculate the concentration factor for the viral extraction. 
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10.11 Gel chromatography scale-up 


Gel chromatography is to be used for commercial-scale 
purification of a proteinaceous diphtheria toxoid from 
Corynebacterium diphtheriae supernatant. In the laboratory, a 
small column of 1.5 cm inner diameter and height 0.4 m is 
packed with 10 g dry Sephadex gel; the void volume is meas- 
ured as 23 ml. A sample containing the toxoid and impurities 
is injected into the column. At a liquid flow rate of 
14 ml min™}, the elution volume for the toxoid is 29 ml; the 
elution volume for the principal impurity is 45 ml. A column 
of height 0.6 m and diameter 0.5 m is available for large-scale 
gel chromatography. The same type of packing is used; the 
void fraction and ratio of pore volume to total bed volume 
remain the same as in the bench-scale column. The liquid flow 
rate in the large column is scaled up in proportion to the col- 
umn cross-sectional area; the flow patterns in both columns 
can be assumed identical. The water regain value for the pack- 
ing is given by the manufacturer as 0.0035 m? kg™! dry gel. 


(a) Which is the larger molecule, the diphtheria toxoid or the 

principal impurity? 

Determine the partition coefficients for the toxoid and 

impurity. 

(c) Estimate the elution volumes in the commercial-scale 
column. 

(d) What is the volumetric flow rate in the large column? 

(e) Estimate the retention time of toxoid in the large column? 


(b) 


10.12 Protein separation using 
chromatography 


Human insulin A and B from recombinant Escherichia coli are 
separated using pilot-scale affinity chromatography. 
Laboratory studies have shown that capacity factors for the 
proteins are 0.85 for the A-chain and 1.05 for the B-chain. 
The dependence of HETP on liquid velocity satisfies the fol- 
lowing type of equation: 


A 
Hz —+ Bu+C 


u“ 


where w is linear liquid velocity and .A, Band Care constants. 
Values of A, Band C for the insulin system were found to be 2 
x 107? m? s7!, 1.5 sand 5.7 x 1075 m, respectively. Two col- 
umns with inner diameter 25 cm are available for the process; 
one is 1.0 m high, the other is 0.7 m high. 


(a) Plot the relationship between H and x from u = 0.1 x 
1074 to w= 21074. 
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(b) What is the minimum HETP? At what liquid velocity is 
the minimum HETP obtained? 

If the larger column is used with a liquid flow rate of 0.31 
litres min}, will the rwo insulin chains be completely 
separated? 

If the smaller column is used, what is the maximum 
liquid flow rate that will give complete separation? 


(c) 
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Homogeneous Reactions 


The heart of a typical bioprocess is the reactor or fermenter. Flanked by unit operations which carry out physical changes for 
medium preparation and recovery of products, the reactor is where the major chemical and biochemical transformations 
occur. In many bioprocesses, characteristics of the reaction determine to a large extent the economic feasibility of the project. 


Of most interest in biological systems are catalytic reactions. 
By definition, a catalyst is a substance which affects the rate of 
reaction without altering the reaction equilibrium or under- 
going permanent change itself. Enzymes, enzyme complexes, 
cell organelles and whole cells perform catalytic roles; the latter 
may be viable or non-viable, growing or non-growing. 
Biocatalysts can be of microbial, plant or animal origin. Cell 
growth is an autocatalytic reaction: this means that the catalyst 
is a product of the reaction. The performance of catalytic reac- 
tions is characterised by variables such as the reaction rate and 
yield of product from substrate. These parameters must be 
taken into account when designing and operating reactors. 

In engineering analysis of catalytic reactions, a distinction 
is made between homogeneous and heterogeneous reactions. A 
reaction is homogeneous if the temperature and all concentra- 
tions in the system are uniform. Most fermentations and 
enzyme reactions carried out in mixed vessels fall into this cat- 
egory. In contrast, heterogeneous reactions take place in the 
presence of concentration or temperature gradients. Analysis 
of heterogeneous reactions requires application of mass- 
transfer principles in conjunction with reaction theory. 
Heterogeneous reactions are treated in Chapter 12. 

This chapter covers the basic aspects of reaction theory 
which allow us to quantify the extent and speed of homo- 
geneous reactions and to identify important factors affecting 
reaction rate. 


11.1 Basic Reaction Theory 


Reaction theory has two fundamental parts: reaction thermody- 
namics and reaction kinetics. Reaction thermodynamics is 
concerned with how far the reaction can proceed; no matter 
how fast a reaction is, it cannot continue beyond the point of 
chemical equilibrium. On the other hand, reaction kinetics is 
concerned with the rate at which reactions proceed. 


11.1.1 Reaction Thermodynamics 


Consider a reversible reaction represented by the following 
equation: 


A+ 6B = yY+2Z. 
(11.1) 


A, B, Yand Z are chemical species; 6, yand zare stoichiometric 
coefficients. If the components are left in a closed system for an 
infinite period of time, the reaction proceeds until thermody- 
namic equilibrium is reached. At equilibrium there is no net 
driving force for further change; the reaction has reached the 
limit of its capacity for chemical transformation in a closed 
system. Composition of the equilibrium mixture is deter- 
mined exclusively by the thermodynamic properties of the 
reactants and products; it is independent of the way the reac- 
tion is executed. Equilibrium concentrations are related by the 
equilibrium constant, K. For the reaction of Eq. (11.1): 


2 CyIG,? 


Cre Cpeb ql 1 2) 


where C,., Cy., Cy, and C;, are equilibrium concentrations 
of A, B, Y and Z, respectively. The value of Kdepends on tem- 


perature as follows: 


AG? a 
RT 


In K = 
(11.3). 


where AG, is the change in standard free energy per mole of A 
reacted, Ris the ideal gas constant and Tis absolute tempera- 
ture. Values of R are listed in Table 2.5 (p. 20). The 
superscript °in AG® | indicates standard conditions. Usually, 
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the standard condition for a substance is its most stable form at AG=AH— TAS. 

1 atm pressure and 25°C; however, for biochemical reactions (11.5) 
occurring in solution, other standard conditions may be used 

[1]. AG®,,, is equal to the difference in standard free energy of Therefore, from Eq. (11.3): 

Jormation, G°, between products and reactants: 


AH in, AS in 


AG? = yGi+2G3- Gi-bG3. eae : 
(11.4) (11.6) 
Standard free energies of formation are available in handbooks Thus, for exothermic reactions with negative AH* , K 
such as those listed in Section 2.6. decreases with increasing temperature. For endothermic reac- 


Free energy G is related to enthalpy H, entropy S and __ tions and positive AH® 


<n X increases with temperature. 
absolute temperature Jas follows: 


Example 11.1 Effect of temperature on glucose isomerisation 


Glucose isomerase is used extensively in the USA for production of high-fructose syrup. The reaction is: 
glucose = fructose. 


AH? , for this reaction is 5.73 kJ gmol~!; AS° | is 0.0176 kJ gmol7! K~!. 


(a) Calculate the equilibrium constants at 50°C and 75°C. 
(b) A company aims to develop a sweeter mixture of sugars, i.e. one with a higher concentration of fructose. Considering 
equilibrium only, would it be more desirable to operate the reaction at 50°C or 75°C? 


Solution: 
(a) Convert temperatures to degrees Kelvin (K) using the formula of Eq. (2.24): 


T=50°C= 323.15 K 
T=75°C = 348.15 K. 


From Table 2.5, R= 8.3144 J gmol"! K-! =8.3144 x 103 kJ gmol! K~!. Using Eq. (11.6) 


= -1 : Iie} 
In K (50°C) = 5.73 kJ gmol ” 0.0176 kJ gmol™'K 
(8.3144 X 1073 kJ gmol! K~!) (323.15K) 8.3144 X 10-3 kJ gmol"!K~! 
K (50°C) = 0.98. 
Similarly for T= 75°C: 


—5.73 kJ gmol™! 0.0176 kJ gmol~! K7! 


In K (75°C) = > 
(8.3144 X 1073 kJ gmol~! K~!) (348.15K) 8.3144 X 1073 kJ gmol~! K7! 


K (75°C) =1.15. 


(b) As Kincreases, the fraction of fructose in the equilibrium mixture increases. Therefore, from an equilibrium point of view, 
it is more desirable to operate the reactor at 75°C. However, other factors such as enzyme deactivation at high temperatures 


should also be considered. 
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A limited number of commercially-important enzyme conver- 
sions, such as glucose isomerisation and starch hydrolysis, are 
treated as reversible reactions. In these systems, the reaction 
mixture at equilibrium contains significant amounts of reac- 
tants as well as products. However, for many reactions AG? , is 
negative and large in magnitude. As a result, K is also very 
large, the reaction favours the products rather than the reac- 
tants, and the reaction is regarded as irreversible. Most enzyme 
and cell reactions fall into this category. For example, the equi- 
librium constant for sucrose hydrolysis by invertase is about 
104; for fermentation of glucose to ethanol and carbon diox- 
ide, K is about 10°°, The equilibrium ratio of products to 
reactants is so overwhelmingly large for these reactions that 
they are considered to proceed to completion, i.e. the reaction 
stops only when the concentration of one of the reactants falls 
to zero. Equilibrium thermodynamics has therefore only lim- 
ited application to enzyme and cell reactions. Moreover, the 
thermodynamic principles outlined in this section apply only 
to closed systems; true thermodynamic equilibrium does not 
exist in living cells which exchange matter with their sur- 
roundings. Metabolic processes in cells are in a dynamic state; 
products formed are constantly removed or broken down so 
that reactions are driven forward. Most reactions in biological 
systems proceed to completion in a finite period of time at a 
finite rate. 

If we know that complete conversion will eventually take 
place, the most useful reaction parameter to know is the rate at 
which the transformation proceeds. Another important char- 
acteristic, especially for systems in which many different 
reactions take place at the same time, is the proportion of reac- 
tant that is converted to the desired products. These properties 
of reactions are discussed in the remainder of this chapter. 


11.1.2 Reaction Yield 


The extent to which reactants are converted to products is 
expressed as the reaction yield. Generally speaking, yield is the 
amount of product formed or accumulated per amount of 
reactant provided or consumed. Unfortunately, there is no 
strict definition of yield; several different yield parameters are 
applicable in different situations. The terms used to express 
yield in this text do not necessarily have universal acceptance 
and are defined here for our convenience. Be prepared for 
other books to use different definitions. 
Consider the simple enzyme reaction: 


L-histidine > urocanic acid + NH, 


(11.7) 


catalysed by histidase. According to the reaction stoichiometry, 
1 gmol urocanic acid is produced for each gmol L-histidine 
consumed; the yield of urocanic acid from histidine is there- 
fore 1 gmol gmol~!. However, let us assume that the histidase 
used in this reaction is contaminated with another enzyme, 
histidine decarboxylase. Histidine decarboxylase catalyses the 
following reaction: 


L-histidine — histamine + CO). 
(11.8) 


If both enzymes are active, some L-histidine will react with 
histidase according to Eq. (11.7), while some will be 
decarboxylated according to Eq. (11.8). After addition of the 
enzymes to the substrate, analysis of the reaction mixture 
shows that 1 gmol urocanic acid and 1 gmol histamine are 
produced for every 2 gmol histidine consumed. The observed 
or apparent yield of urocanic acid from L-histidine is 
= 0.5 gmolgmol!. The observed yield of 


theoretical yield of 1 gmol gmol™ calculated from reaction 
stoichiometry because the reactant was channelled in two 
separate reaction pathways. An analogous situation arises if 
product rather that reactant is consumed in other reactions; 
the observed yield of product would be lower than the theoret- 
ical yield. When reactants or products are involved in additional 
reactions, the observed yield may be different from the theoretical 
yield. 

The above analysis leads to two useful definitions of yield for 
reaction systems: 


total mass or moles of 
Caer stoichiometric :) : product formed 
theoretical yield mass or moles of reactant used 
to form that particular product 
(11.9) 
and 
( observed or _ (mass or moles of product present ) 
apparent yield total mass or moles of reactant 
consumed (11.10) 


There is a third type of yield applicable in certain situations. 
For reactions with incomplete conversion of reactant, it may 
be of interest to specify the amount of product formed per 
amount of reactant provided to the reaction rather than actually 
consumed. For example, consider the isomerisation reaction 
catalysed by glucose isomerase: 
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glucose = fructose. 


(11.11) 


The reaction is carried out in a closed reactor with pure 
enzyme. At equilibrium the sugar mixture contains 55 mol% 
glucose and 45 mol% fructose. The theoretical yield of 
fructose from glucose is 1 gmol gmol! because, from 


Example 11.2 Incomplete enzyme reaction 


An enzyme catalyses the reaction: 
A = B. 


Ac equilibrium, the reaction mixture contains 63 wt% A. 


(a) What is the equilibrium constant? 


stoichiometry, formation of 1 gmol fructose requires 1 gmol 
glucose. The observed yield would also be 1 gmol gmo!" if the 
reaction occurs in isolation. However if the reaction is started 
with glucose present only, the equilibrium yield of fructose 
per gmol glucose added to the reactor is 0.45 gmol gmol!. 
This type of yield for incomplete reactions may be denoted 
gross yield. 


(b) If the reaction starts with A only, what is the equilibrium yield of B from A? 


Solution: 


(a) From stoichiometry the molecular weights of A and B must be equal: therefore wt% = mol%. From Eq. (11.2): 


K= Ge, 
Cp 


c 


Using a basis of 1 gmol |7!, C,, is 0.63 gmol 17! and Cy, is 0.37 gmol 1~!. The value of K therefore is °37/) .,= 0.59. 


(b) From stoichiometry, the true yield of B from A is 1 gmol gmol~ !. However the gross yield is 


0. ie = 0.37 gmol gmol7!. 


11.1.3 Reaction Rate 


Consider the general irreversible reaction: 


a@A+b6B > yY+2Z. 
(11.12) 


The rate of this reaction can be represented by the rate of conver- 
sion of compound A; let us use the symbol R, to denote the rate 
of reaction with respect to A. R, has units of, for example kg s 

How do we measure reaction rates? For a general reaction 
system, rate of reaction is related to rate of change of mass in 
the system by the unsteady-state mass-balance equation 
derived in Chapter 6: 


dM .~ . 
se = M,-M,+Ro- Re: 
(6.5) 


In Eq (6.5), Mis mass, tis time, M, is mass flow rate into the 


system, M , is mass flow rate out of the system, RK, is mass rate 
of generation by reaction and Rc. is mass rate of consumption 
by reaction. Let us apply Eq. (6.5) to compound A, assuming 
that the reaction of Eq. (11.12) is the only reaction taking 
place that involves A. Rate of consumption R_ is equal to Ry, 
and R, = 0. The mass-balance equation becomes: 


(11.13) 


Therefore, rate of reaction R, can be determined if we measure 
the rate of change in mass oh A, dMa/ dp and the rates of flow of 
A in and out of the system, My; and M,, . In a closed system 
where M,; =M,, =0, Eq. (11.13) beens 


-dM, 


AS dt 


(11.14) 
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and reaction rate is measured simply by monitoring the change 
in mass of A in the system. Most measurements of reaction rate 
are carried out in closed systems so that the data can be analysed 
according to Eq. (11.14). @MA/,, is negative when A is con- 
sumed by reaction; therefore the minus sign in Eq. (11.14) is 
necessary to make R, a positive quantity. Rate of reaction is 
sometimes called reaction velocity. Reaction velocity can also be 
measured in terms of components B, Y or Z. Ina closed system: 


_ dM, 
Zz dt 
(11.15) 


where M,, My and M, are masses of B, Y and Z, respectively. 
When reporting reaction rate, the reactant being monitored 
should be specified. Because Ry and R; are based on product 
accumulation, these reaction rates are called production rates or 
productivity. 

Eqs (11.14) and (11.15) define the rate of reaction in a 
closed system. However, reaction rate can be expressed using 
different measurement bases. In bioprocess engineering there 
are three distinct ways of expressing reaction rate which can be 
applied in different situations. 


(i) Total rate. Total reaction rate is defined in Eqs (11.14) 
and (11.15) and is expressed as either mass or moles per 
unit time. Total rate is useful for specifying the output of a 
particular reactor or manufacturing plant. Production 
rates for factories are often expressed as total rates; for 
example: “The production rate is 100 000 tonnes per year’. 
If additional reactors are built so that the reaction volume 
in the plant is increased, then clearly the total reaction rate 
would increase. Similarly, if the amount of cells or enzyme 
used in each reactor were also increased, then the total pro- 
duction rate would be improved even further. 

Volumetric rate. Because the total mass of reactant con- 
verted in a reaction mixture depends on the size of the 
system, it is often convenient to specify reaction rate as 
the rate per unit volume. Units of volumetric rate are, e.g. 
kg m7? s"1, Rate of reaction expressed on a volumetric 
basis is used to account for differences in volume between 
reaction systems. Therefore, if the reaction mixture in a 
closed system has volume V: 


(ii) 


(11.16) 


where r, is the volumetric rate of reaction with respect to 
A. When Vis constant, Eq. (11.16) can be written: 


(iii) 


(11.17) 


where C, is the concentration of A in units of, e.g. 
kg m7 3. Volumetric rates are particularly useful for com- 
paring the performance of reactors of different size. A 
common objective in optimising reaction processes is to 
maximise volumetric productivity so that the desired 
total production rate can be achieved with reactors of 
minimum size and therefore minimum cost. 

Specific rate. Biological reactions involve enzyme and cell 
catalysts. Because the total rate of conversion depends on 
the amount of catalyst present, it is sometimes useful to 
specify reaction rate as the rate per quantity of enzyme or 
cells involved in the reaction. In a closed system, specific 
reaction rate can be measured as follows: 


1 1 
"~ = +e or 5) 


where r, is the specific rate of reaction with respect to A, X 
is the quantity of cells, E is the quantity of enzyme and 
dMa/, is the rate of change of mass of A in the system. As 
quantity of cells is usually expressed as mass, units of spe- 
cific rate for a cell-catalysed reaction would be, e.g. kg 
(kg cells)~! s~! or simply s~!. On the other hand, the 
mass of a particular enzyme added to a reaction is rarely 
known; most commercial enzyme preparations contain 
several components in unknown and variable proportions 
depending on the batch obtained from the manufacturer. 
To overcome these difficulties, enzyme quantity is often 
expressed as units of activity measured under specified 
conditions. One unit of enzyme is usually taken as the 
amount which catalyses conversion of 1 pmol substrate 
per minute at the optimal temperature, pH and substrate 
concentration. Therefore, if Zin Eq. (11.18) is expressed 
as units of enzyme activity, the specific rate of reaction 
under process conditions could be reported as, e.g. kg 
(unit enzyme)! s~!. In a closed system where the 
volume of reaction mixture remains constant, an alterna- 


dM, 
dt 
(11.18) 


tive expression for specific reaction rate is: 


(11.19) 


where «x is cell concentration and ¢ is enzyme concentration. 
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Volumetric and total rates are not a direct reflection of cata- 
lyst performance; this is represented by the specific rate. 
Specific rates are employed when comparing different cells or 
enzymes. Specific rate is the rate achieved per unit catalyst and, 
under usual circumstances, is not dependent on the size of the 
system or the amount of catalyst present. Some care is necessary 
when interpreting results for reaction rate. For example, if two 
fermentations are carried out with different cell lines and the 
volumetric rate of reaction is greater in the first fermentation 
than in the second, you should not jump to the conclusion that 
the cell line in the first experiment is ‘better’, or capable of 
greater metabolic activity. It could be that the faster volumetric 
rate is due to the first fermenter being operated at a higher cell 
density than the second, leading to measurement of a more 
rapid rate per unit volume. Different strains of organism 
should be compared in terms of specific reaction rates. 

Total, volumetric and specific productivities are inter- 
related concepts in process design. For example, high total 
productivity could be achieved with a catalyst of low specific 
activity if the reactor is loaded with a high catalyst concentra- 
tion. If this is not possible, the volumetric productivity will be 
relatively low and a larger reactor is required to achieve the 
desired total productivity. In this book, the symbol R, will be 
used to denote total reaction rate with respect to component 
A; r, represents either volumetric or specific rate. 


11.1.4 Reaction Kinetics 


As reactions proceed, the concentrations of reactants decrease. 
In general, rate of reaction depends on reactant concentration 
so that the specific rate of conversion decreases simultaneous: 
ly. Reaction rate also varies with temperature; most reactions 
speed up considerably as the temperature rises. Reaction 
kinetics refers to the relationship between rate of reaction and 
conditions which affect reaction velocity, such as reactant 
concentration and temperature. These relationships are con- 
veniently described using kinetic expressions or kinetic 
equations. 

Consider again the general irreversible reaction of Eq. 
(11.12). Often but not always, the volumetric rate of this reac- 
tion can be expressed as a function of reactant concentrations 
using the following mathematical form: 


rh CEC! 
(11.20) 


where fis the rate constant or rate coefficient for the reaction. By 
definition, the rate constant is independent of the concentra- 
tion of reacting species but is dependent on other variables that 


influence reaction rate, such as temperature. When the kinetic 
equation has the form of Eq. (11.20), the reaction is said to be 
of order awith respect to component A and order & with respect 
to B. The order of the overall reaction is (a+ 4). It is not usually 
possible to predict the order of reactions from stoichiometry. 
The mechanism of single reactions and the functional form of 
the kinetic expression must be determined by experiment. The 
dimensions and units of &depend on the order of the reaction. 


11.1.5 Effect of Temperature on Reaction 
Rate 


Temperature has a significant kinetic effect on reactions. 
Variation of the rate constant & with temperature is described 
by the Arrhenius equation: 


pease far 
(11.21) 


where & is the rate constant, A is the Arrhenius constant or fre- 
quency factor, Eis the activation energy for the reaction, Ris the 
ideal gas constant, and Tis absolute temperature. Values of R 
are listed in Table 2.5 (p. 20). According to the Arrhenius 
equation, as T increases, & increases exponentially. Taking the 
natural logarithm of both sides of Eq. (11.21): 


Ink=InA — a 
RT 


(11.22) 


Thus, a plot of In & versus '/,gives a straight line with slope 

~£/.. For many reactions the value of F is positive and large, 
R y P Bi 

indicating a rapid increase in reaction rate with temperature. 


11.2 Calculation of Reaction Rates From 
Experimental Data 


As outlined in Section 11.1.3, the volumetric rate of reaction 
in a closed system can be found by measuring the rate of 
change in the mass of reactant present, provided the reactant is 
involved in only one reaction. Most kinetic studies of biolog- 
ical reactions are carried out in closed systems with a constant 
volume of reaction mixture; therefore, Eq. (11.17) can be used 
to evaluate the volumetric reaction rate. The concentration of 
a particular reactant or product is measured as a function of 
time. For a reactant such as A in Eq. (11.12), the results will be 
similar to those shown in Figure 11.1(a); the concentration 
will decrease with time. The volumetric rate of reaction is 
equal to 44/,, which can be evaluated as the slope of a 
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Figure 11.1 (a) Change in reactant concentration with time during reaction. (b) Graphical differentiation of concentration 
data by drawing a tangent. 


Slope of tangent = 
reaction rate at ft, 


smooth curve drawn through the data points. The slope ofthe Table 11.1 Graphical differentiation using the average 
curve in Figure 11.1(a) changes with time; the reaction rate is rate-equal area construction 
greater at the beginning of the experiment than at the end. 


One obvious way to determine reaction rate is to draw tan- Time pee ; ace At AN ON, 
: z ; (t min) concentration 

gents to the curve of Figure 11.1(a) at various times and evaluate (C opm) 

the slopes of the tangents; this is shown in Figure 11.1(b). Ifyou » PP 

have ever attempted this you will know that it can beextremely 0.0 8.00 045 1.0 0.45 —0.59 
difficult, even though correct in principle. Drawing tangentsto 1.0 = 7.55 ~033 1.0 —0.33 —0.38 
curves is a highly subjective procedure prone to great inaccur- 2.0 7.22 026 10 - 0. 6 —0.29 
acy, even with special drawing devices designed for the purpose. 3.0 6.96 = 0.20 L 0 - 0. 10 0.23 
The results depend strongly on the way the data are smoothed 4.0 6.76 = 0. 15 10 = 0. 15 —0.18 
and the appearance of the curve at the points chosen. More reli- 5.0 6.61 a 0. 12 LO _ 0. 2 0.14 
able techniques are available for graphical differentiation of rate 6-0 6.49 016 20 —008 21! 
data. Graphical differentiation is valid only if the data canbe 8-0 6.33 _ 0.08 20 = 0.0. eo 0.06 
presumed to differentiate smoothly. 10.0 6.25 ; ; —0.02 


(ii) Calculate average oxygen uptake rates, 4@A/ ne for each 

11.2.1 Average Rate—Equal Area Method time interval. 

(iii) Plot ACs], on linear graph paper. Over each time inter- 
val a horizontal line is drawn to represent ACA] y,for that 
interval; this is shown in Figure 11.2. 

(iv) Draw a smooth curve to cut the horizontal lines in such a 
manner that the shaded areas above and below the curve 
are equal for each time interval. The curve thus developed 

(i) Tabulate values of AC, and At for each time interval as gives values of dq /,, for all points in time. Results for 
shown in Table 11.1. AC, values are negative because Cy dCa/ /,,at the times of sampling can be read from the curve 
decreases over each interval. and are tabulated in Table 11.1. 


This technique for determining rates is based on the average 
rate—equal area construction, and will be illustrated using data 
for oxygen uptake by immobilised cells. Results from measure- 
ment of oxygen concentration in a closed system as a function 
of time are listed in the first two columns of Table 11.1. 
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Figure 11.3. Average rate—equal area method for data with 
experimental error. 


Figure 11.2 Graphical differentiation using the average 
rate—equal area construction. 


0123 45 67 8 9 10 


Time (min) 


A disadvantage of the average rate—equal area method is that it 
is not easily applied if the data show scatter. If the concentra- 
tion measurements are not very accurate, the horizontal lines 
representing 44/, may be located as shown in Figure 11.3. 
If we were to draw a curve equalising areas at each 4“/,_ line, 
the rate curve would show complex behaviour oscillating up 
and down as indicated by the dashed line in Figure 11.3. 
Experience suggests that this is not a realistic representation of 
reaction rate. Because of the inaccuracies in measured data, we 
need several concentration measurements to define a change 
in rate. The data of Figure 11.3 are better represented using a 
smooth curve to equalise as far as possible the areas above and 
below adjacent groups of horizontal lines. For data showing 
even greater scatter, it may be necessary to average consecutive 
pairs of 44/, values to simplify graphical analysis. 
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A second graphical differentiation technique for evaluating 
dCa/ ‘4, is described below. 


11.2.2 Mid-Point Slope Method 


In this method, the raw data are smoothed and values tabulat- 
ed at intervals. The mid-point slope method is illustrated 
using the data of Table 11.1. 


(i) Plot the raw data and smooth by hand. This is shown in 
Figure 11.4. 

(ii) Mark off the smoothed curve at time intervals of €. € 
should be chosen so that the number of intervals is less 
than the number of data points measured; the less 
accurate the data the fewer should be the intervals. In this 
example, € is taken as 1.0 min until =6 min; thereafter € 
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Figure 11.4 Graphical differentiation using the mid-point 
slope method. 


Time (min) 


Table 11.2 Graphical differentiation using the mid-point 
slope method 


Time Oxygen E (Cy) re” A) pel dCa/ dt 
(t4,min) concentration 
(Cy, ppm) 
0.0 8.00 1.0 = - 
1.0 7.55 1.0 —0.78 —0.39 
2.0 7.22 1.0 —0.59 —0.30 
3.0 6.96 1.0 —0.46 —0.23 
4.0 6.76 1.0 -0.35 —0.18 
5.0 6.61 1.0 —0.27 —0.14 
6.0 6.49 1.0 —0.22 —0.11 
8.0 6.33 2.0 —0.24 —0.06 
10.0 6.25 2.0 - _ 


= 2.0 min. The intervals are marked in Figure 11.4 as 
dashed lines. Values of € are entered in Table 11.2. 

In the mid-point slope method, rates are calculated mid- 
way between two adjacent intervals of size €. Therefore, 
the first rate determination is made for ¢ = 1 min. 
Calculate the differences [(C,),,. — (C,),,] from 
Figure 11.4, where (C,),,, denotes the concentration of 
A at time t+ €, and (C,),__, denotes the concentration at 
time ¢— €. A difference calculation is illustrated in Figure 
11.4 for t= 3 min. Note that the concentrations are not 
taken from the list of original data but are read from the 


(iii) 


smoothed curve. When t=6 min, €= 1.0; concentrations 
for the difference calculation are read from the curve at 
t— €=5 min and t+ €=7 min. For the last rate deter- 
mination at t= 8 min, €= 2.0 and the concentrations are 
read from the curve at ¢— €=6 minand t+ €= 10 min. 
(iv) The slope or rate is determined using the central-differ- 
ence formula: 


dG, = (Cy) he (Cy) =e! 
dt 2€ ; 
(11.23) 


These results are listed in Table 11.2. 
Values of 4/,, calculated using the two differentiation 
methods compare favourably. Application of both methods 
allows checking of the results. 


11.3 General Reaction Kinetics For 
Biological Systems 


The kinetics of many biological reactions are either zero-order, 
first-order or a combination of these called Michaelis-Menten 
kinetics. Kinetic expressions for biological systems are exam- 
ined in this section. 


11.3.1 Zero-Order Kinetics 


Ifa reaction obeys zero-order kinetics, the reaction rate is inde- 
pendent of reactant concentration. The kinetic expression is: 


ra = ky 
(11.24) 


where r, is the volumetric rate of reaction with respect to A and 
ky is the zero-order rate constant. k, as defined in Eq. (11.24) isa 
volumetric rate constant with units of, e.g. kgmol m~3 s~!. 
Because the volumetric rate of a catalytic reaction depends on 
the amount of catalyst present, when Eq. (11.24) is used to rep- 
resent the rate of a cell or enzyme reaction, the value of k, 
includes the effect of catalyst concentration as well as the 
specific rate of reaction. We could write: 


ky=kye or ky=kyx 
(11.25) 


where hp is the specific zero-order rate constant for enzyme 
reaction and e is the concentration of enzyme. Corres- 
pondingly, for cell reaction, &} is the specific zero-order rate 
constant and xis cell concentration. 
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Let us assume we have collected concentration data for a 
particular reaction, and wish to determine the appropriate 
kinetic constant. If the reaction takes place in a closed, con- 
stant-volume system, rate of reaction can be evaluated directly 
as the rate of change in reactant concentration using the meth- 
ods for graphical differentiation described in Section 11.2. 
From Eq. (11.24), if the reaction is zero-order the rate will be 
constant and equal to &, at all times during the reaction. 
Because the kinetic expression for zero-order reactions is rela- 
tively simple, rather than differentiate the concentration data 
it is easier to integrate Eq. (11.24) with r, = —dq /,,to obtain 
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an equation for C, as a function of time. The experimental 
data can then be checked directly against the integrated equa- 
tion. Integrating Eq. (11.24) with initial condition Cy = Cy, 
at t= 0 gives: 


Q= [- ry dt = Cyy — ot. 
(11.26) 


Therefore, when the reaction is zero order, a plot of C, versus 
time gives a straight line with slope — &). Application of Eq. 
(11.26) is illustrated in Example 11.3. 


Serratia marcescens is cultured in minimal medium in a small stirred fermenter. Oxygen consumption is measured at a cell con- 


centration of 22.7 g I~! dry weight. 


Time Oxygen concentration 
(min) (mmol 17!) 
0 0.25 
2 0.23 
5 0.21 
8 0.20 
10 0.18 
12 0.16 
15 0.15 


(a) Determine the rate constant for oxygen uptake. 


(b) Ifthe cell concentration is reduced to 12 g17~!, what is the value of the rate constant? 


Solution: 


(a) As indicated in Section 9.5.1, microbial oxygen consumption is a zero-order reaction over a wide range of oxygen concen- 


trations above C,,,.. 


concentration as a function of time as shown in Figure 11E3.1. 


Figure 11E3.1 Kinetic analysis of oxygen uptake. 
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To test if the measured data can be fitted using the zero-order model of Eq. (11.26), plot oxygen 
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The zero-order model fits the data well. The slope is -6.7 X 1073 mmol 17! min™}; therefore, ky = 6.7 X 10-3 mmol I7! 


min7!, 


(b) For cells of the same age cultured under the same conditions, from Eq. (11.25), &y can be expected to be directly propor- 
tional to the number of cells present. Therefore, at a cell concentration of 12 g17!: 


12g17} 
0 7g 


(6.7 X 1073 mmol 17! min7!) = 3.5 X 1073 mmol 17! min7!. 


11.3.2 First-Order Kinetics 


If a reaction obeys first-order kinetics, the relationship 
between reaction rate and reactant concentration is as follows: 


m= hCy 
(11.27) 


where r, is the volumetric rate of reaction and &, is the first- 
order rate constant with dimensions T-!. Like the zero-order 
constant of the previous section, the value of &, depends on the 
catalyst concentration. 

Let us assume we follow the progress of a particular reaction 
in a closed, constant-volume system by measuring the concen- 
tration of reactant A as a function of time. Under these 
conditions, r, = ~44/,,. To determine whether the reaction 


follows first-order kinetics, we first integrate Eq. (11.27) with 
r= —dCq/ de> and then check the measured concentration data 
against the resulting equation. Separating variables and inte- 
grating Eq. (11.27) with initial condition C, = Cy, at t= 0 
gives: 


CG aCe OF 
(11.28) 
Taking natural logarithms of both sides: 
In Cy, = In Cyy— &, ¢. 
(11.29) 


Therefore, for first-order reaction, a plot of In C, versus time 
gives a straight line with slope — k,. 


Example 11.4 Kinetics of gluconic acid production 


Aspergillus niger is used to produce gluconic acid. Product synthesis is monitored in a fermenter; gluconic acid concentration is 


measured as a function of time for the first 39 h of culture. 


Time Acid concentration 
(h) (gb) 
0 3.6 
16 22 
24 51 
28 66 
32 97 
39 167 


(a) Determine the rate constant. 
(b) Estimate the product concentration after 20 h. 


Solution: 


(a) Test whether gluconic acid production can be modelled as a first-order reaction. If product concentration is measured. 


rather than reactant concentration, in a closed reactor: 
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where A denotes gluconic acid. Integrating this equation and taking natural logarithms gives: 


In Cy=In Cyn + kt. 


Therefore, a semi-log plot of gluconic acid concentration versus time will give a straight line with slope £,. As shown in Figure 


11E4.1, the first-order model fits the data well. 


Figure 11E4.1 Kinetic analysis of gluconic acid production. 
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The slope and intercept are evaluated as described in Section 3.4.2; k, =0.10h7!, C.)=4.1 g17}. 


(b) The kinetic equation is: 


Cy ile 108 


where C, has units g 17’ and thas units h. Therefore, at t = 20 h, C,= 30 g17!. 


11.3.3. Michaelis-Menten Kinetics 
The kinetics of most enzyme reactions are reasonably well rep- 
resented by the Michaelis—~Menten equation: 

Unax CA 


r, = —max 
A K+G 
(11.30) 


where r, is the volumetric rate of reaction, C, is the concentra- 
tion of reactant A, v,,, is the maximum rate of reaction at 
infinite reactant concentration, and K_, is the Michaelis constant 
for reactant A. v,,,, has the same dimensions as r,4; K,, has the 
same dimensions as C,. Typical units for u,., are 
kgmol m7? s~!; typical units for K are kgmol m73. As 
defined in Eq. (11.30), Y wax 8 a volumetric rate proportional to 
the amount of active enzyme present. The Michaelis constant 
K,, is equal to the reactant concentration at which r, = %m=/,, 


K,, values for some enzyme-substrate systems are listed in 
Table 11.3. K,, and other enzyme properties depend on the 
source of the enzyme. 

If we adopt conventional symbols for biological reactions 
and call reactant A the substrate, Eq. (11.30) can be rewritten 
in the familiar form: 


(11.31) 


where vis the volumetric rate of reaction and sis the substrate 
concentration. The biochemical basis of the Michaelis-Menten 
equation will not be covered here; discussion of enzyme 
reaction models and assumptions involved in derivation of 
Eg. (11.31) can be found in biochemistry texts [2, 3]. Suffice it 
to say here that the simplest reaction sequence which accounts 
for the kinetic properties of many enzymes is: 
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Table 11.3 Michaelis constants for some enzyme-substrate systems (From B. Atkinson and F. Mavituna, 1991, Biochemical 
Engineering and Biotechnology Handbook, 2nd edn, Macmillan, Basingstoke) 


Enzyme Source 


Substrate K 


m 
(mM) 
Alcohol dehydrogenase Saccharomyces cerevisiae Ethanol 13.0 
a-Amylase Bacillus stearothermophilus Starch 1.0 
Porcine pancreas Starch 0.4 
B-Amylase Sweet potato Amylose 0.07 
Aspartase Bacillus cadaveris L-Aspartate 30.0 
B-Galactosidase Escherichia coli Lactose 3.85 
Glucose oxidase Aspergillus niger D-Glucose 33.0 
Penicillium notatum D-Glucose 9.6 
Histidase Pseudomonas fluorescens L-Histidine 8.9 
Invertase Saccharomyces cerevisiae Sucrose 9.1 
Neurospora crassa Sucrose 6.1 
Lactate dehydrogenase Bacillus subtilis Lactate 30.0 
Penicillinase Bacillus licheniformis Benzylpenicillin 0.049 
Urease Jack bean Urea 10.5 
ky ky or 
E+S = ES -5 E+P 
ky U~ Vay 
(11.32) (11.35) 


where E is enzyme, S is substrate and P is product. ES is the 
enzyme-—substrate complex. Binding of substrate to the enzyme 
in the first step is considered reversible with forward reaction 
constant &, and reverse reaction constant & _,. Decomposition 
of the enzyme-substrate complex to give the product is an irre- 
versible reaction with rate constant &,; &, is known as the 
turnover number. Analysis of this reaction sequence yields the 
relationship: 


Umax ky % 


(11.33) 


where e, is the concentration of active enzyme. As expected in 
catalytic reactions, enzyme E is recovered at the end of the 
reaction. 

An essential feature of Michaelis-Menten kinetics is that 
the catalyst becomes saturated at high substrate concentra- 
tions. Figure 11.5 shows the form of Eq. (11.31); reaction rate 
v does not increase indefinitely with substrate concentration 
but approaches a limit, v,,.. At high substrate concentrations 
s>> K, K,, in the denominator of Eq. (11.31) is negligibly 


small compared with sso we can write: 


v 5 


(11.34) 


Therefore, at high substrate concentrations, the reaction rate 
approaches a constant value independent of substrate concen- 
tration; in this concentration range, the reaction is essentially 
zero order with respect to substrate. On the other hand, at low 
substrate concentrations s<< K_,, the value of sin the denomi- 
nator of Eq. (11.31) is negligible compared with K,, and Eq. 
(11.31) can be simplified to: 


Figure 11.5 Michaelis~Menten plot. 
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vr 


(11.36) 


The ratio of constants *=«/, is, in effect, a first-order rate 
coefficient for the reaction. Therefore, at low substrate 
concentrations there is an approximate linear dependence 
of reaction rate on s; in this concentration range Michaelis— 
Menten reactions are essentially first order with respect to sub- 
strate. 

The Michaelis~Menten equation is a satisfactory descrip- 
tion of the kinetics of many industrial enzymes, although there 
are exceptions such as glucose isomerase and amyloglucosi- 
dase. More complex kinetic expressions must be applied if 
there are multiple substrates or inhibition effects [2-4]. 
Procedures for checking whether a particular reaction follows 
Michaelis-Menten kinetics and for evaluating v,,. and K_, 
from experimental data are described in Section 11.4. 


11.3.4 Effect of Conditions on Enzyme 
Reaction Rate 


Rate of enzyme reaction is influenced by other conditions 
besides substrate concentration, such as temperature and pH. 
For enzymes with single rate-controlling steps, the effect of 
temperature is reasonably well described using the Arrhenius 
expression of Eq. (11.21) with »,,, substituted for & An 
example showing the relationship between temperature and 
rate of sucrose inversion by yeast invertase is given in Figure 
11.6. Activation energies for enzyme reactions are of the order 
40-80 kJ mol"! [5]; asa rough guide, this means that a 10°C 
rise in temperature between 20°C and 30°C will increase the 
rate of reaction by a factor of 2-3. 

Although an Arrhenius-type relationship between temper- 
ature and rate of reaction is observed for enzymes, the 
temperature range over which Eq. (11.21) is applicable is quite 
limited. Many proteins start to denature at 45—50°C; if the 
temperature is raised higher than this, thermal deactivation 
occurs and the reaction velocity quickly drops. Figure 11.7 
illustrates how the Arrhenius relationship breaks down at high 
temperatures. In this experiment, the Arrhenius rate-law was 
obeyed between temperatures of about 0°C (T= 273.15 K; V7 
= 3.66 X 10°? K-!) and about 53°C (T= 326.15 K; '/-=3.07 
X 1073 K-!). With further increases in temperature the reac- 
tion rate declined rapidly due to thermal deactivation. Enzyme 
stability and rate of deactivation are important factors affect- 
ing overall catalytic performance in reactors. This topic is 
discussed further in the Section 11.5. 


Figure 11.6 Arrhenius plot for inversion of sucrose by yeast 
invertase. (From I. W. Sizer, 1943, Effects of temperature on 
enzyme kinetics. Adv. Enzymol. 3, 35-62.) 
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Figure 11.7 Arrhenius plot for catalase. The enzyme breaks 
down at high temperatures. (From I.W. Sizer, 1944, Tempera- 
ture activation and inactivation of the crystalline catalase— 
hydrogen peroxide system. J. Biol. Chem. 154, 461-473.) 
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Figure 11.8 Effect of pH on enzyme activity. (From J.S. 
Fruton and S. Simmonds, 1958, General Biochemistry, 2nd 
edn, John Wiley, New York.) 
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pH has a pronounced effect on enzyme kinetics, as illustrat- 
ed in Figure 11.8. The reaction rate is maximum at some 
optimal pH and declines sharply if the pH is moved either side 
of the optimum value. Kinetic equations have been developed 
to describe the effect of pH on enzyme activity; however, the 
influence of pH is usually determined experimentally. Ionic 
strength and water activity also have considerable influence on 
rate of enzyme reaction but few correlations are available for 
prediction of these effects. 


11.4 Determining Enzyme Kinetic 
Constants From Batch Data 


To fully specify the kinetics of Michaelis-Menten reactions, 
two fate constants, v,. and K_, must be evaluated. 
Estimating kinetic parameters for Michaelis-Menten reac- 
tions is not as straightforward as for zero- and first-order 
reactions. Several graphical methods are available; unfortu- 
nately some do not give accurate results. 

The first step in kinetic analysis of enzyme reactions is to 
obtain data for rate of reaction vasa function of substrate con- 
centration s. Rates of reaction can be determined from batch 
concentration data as described in Section 11.2. Typically, 
only initial rate data are used. This means that several batch 
experiments are carried out with different initial substrate con- 
centrations; from each set of data the reaction rate is evaluated 


at time zero. Initial rates and corresponding initial substrate 
concentrations are used as (v, s) pairs which can then be plot- 
ted in various ways for determination of v,,, and K,. 
Initial rate data are preferred for enzyme reactions because 
experimental conditions such as enzyme and substrate concen- 
trations are known most accurately at the start of the reaction. 


11.4.1 Michaelis-Menten Plot 


This simple procedure involves plotting (v, 5) values directly as 
shown in Figure 11.5. v,,,, and K_, can be estimated roughly 
from this graph; v_,,, is the rate as s— oo and K_, is the value of 
sat y= "ma/,, The accuracy of this method is usually poor 
because of the difficulty of extrapolating to v_,,.. 


11.4.2 Lineweaver—Burk Plot 


This method uses a linearisation procedure to give a straight- 
line plot from which v,,, and K,, can be determined. 
Inverting Eq. (11.31) gives: 


- = Kon + a= 
v Ynax 5 Unax 


(11.37) 


so that a plot of '/, versus '/, should give a straight line with 
slope Km] Uma and intercept '/,. This double-reciprocal 
plot is known as the Lineweaver—Burk plot, and is frequently 
found in the literature on enzyme kinetics. However, the lin- 
earisation process used in this method distorts the 
experimental error in v (see Section 3.3.4) so that these errors 
are amplified at low substrate concentrations. As a conse- 
quence, the Lineweaver—Burk plot often gives inaccurate 
results and is therefore not recommended [3]. 


11.4.3 Eadie—Hofstee Plot 
If Eq. (11.37) is multiplied by 


and then rearranged, another linearised form of the 
Michaelis-Menten equation is obtained: 


v 
$ 


(11.38) 
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According to Eq. (11.38), a plot of /, versus v gives a straight 
line with slope ~1/ Ky and intercept *max/ Kn; this is called the 
Eadie—Hofstee plot. As with the Lineweaver—Burk plot, the 
Eadie—Hofstee linearisation distorts errors in the data so that 
the method has reduced accuracy. 


11.4.4 Langmuir Plot 


Multiplying Eq. (11.37) by s produces the linearised form of 
the Michaelis-Menten equation according to Langmuir: 


s K, Ss 
at SS ee 


(11.39) 


Therefore, a Langmuir plot of 1, versus s should give a straight 
+ . l . K; . . . 

line with slope '/,,,, and intercept “"/,_ ,,. Linearisation of 
data for the Langmuir plot minimises distortions in experi- 
mental error. Accordingly, its use for evaluation of v_,. and 
K_, is recommended [6]. 


11.4.5 Direct Linear Plot 


A different method for plotting enzyme kinetic data has been 
proposed by Eisenthal and Cornish-Bowden [7]. For each 


observation, reaction rate v is plotted on the vertical axis 
against s on the negative horizontal axis. This is shown in 
Figure 11.9 for four pairs of (v, s) data. A straight line is then 
drawn to join corresponding (—s, ») points. In the absence of 
experimental error, lines for each (—s, v) pair intersect at a 
unique point, (K_, v,,,,)- When real data containing errors are 
plotted, a family of intersection points is obtained. Each inter- 
section gives one estimate of v,,, and K_; the median or 
middle v_,, and K,, values are taken as the kinetic parameters 
for the reaction. This method is relatively insensitive to indi- 
vidual erroneous readings which may be far from the correct 
values. However a disadvantage of the procedure is that devia- 
tions from Michaelis-Menten behaviour are not easily 
detected. It is recommended therefore for enzymes which are 
known to obey Michaelis-Menten kinetics. 


11.5 Kinetics of Enzyme Deactivation 


Enzymes are protein molecules of complex configuration that 
can be destabilised by relatively weak forces. In the course of 
enzyme-catalysed reactions, enzyme deactivation occurs at a 
rate which is dependent on the structure of the enzyme and the 
reaction conditions. Environmental factors affecting enzyme 
stability include temperature, pH, ionic strength, mechanical 
forces and presence of denaturants such as solvents, detergents 


Figure 11.9 Direct linear plot for determination of enzyme kinetic parameters. (From R. Eisenthal and A. Cornish-Bowden, 
1974, The direct linear plot: a new graphical procedure for estimating enzyme kinetic parameters. Biochem. J. 139, 715-720.) 


11 Homogeneous Reactions 


273 


and heavy metals. Because the amount of active enzyme can 
decline considerably during reaction, in many applications the 
kinetics of enzyme deactivation are just as important as the 
kinetics of the reaction itself. 

In the simplest model of enzyme deactivation, active 
enzyme E, undergoes irreversible transformation to an inac- 
tive form E;: 


Eo E.. 


a 1 


(11.40) 


Rate of deactivation is generally considered to be first order in 
active enzyme concentration: 


"m= ky eC, 
(11.41) 


where 7, is the volumetric rate of deactivation, e, is the active 
enzyme concentration and &, is the deactivation rate constant. 
In a closed system where enzyme deactivation is the only 
process affecting the concentration of active enzyme: 


_ "4 = ky & 
(11.42) 


Integration of Eq. (11.42) gives an expression for active 
enzyme concentration as a function of time: 


= kt 
= & oF 


(11.43) 


where ¢,, is the concentration of active enzyme at time zero. 
According to Eq. (11.43), concentration of active enzyme 
decreases exponentially with time; the greatest rate of enzyme 
deactivation occurs when e, is high. 

As indicated in Eq. (11.33), the value of v_,, for enzyme 
reaction depends on the amount of active enzyme present. 
Therefore, as ¢, declines due to deactivation, v,,, is also 
diminished. We can estimate the variation of »_,,. with time 


by substituting into Eq. (11.33) the expression for e, from Eq. 
(11.43): 


(11.44) 


where v,,,.9 is the initial value of v_,, before deactivation 
occurs. 

Stability of enzymes is frequently reported in terms of half- 
life. Half-life is the time required for half the enzyme activity to 
be lost as a result of deactivation; after one half-life, the active 
enzyme concentration equals “0/,. Substituting e, = 0/, into 
Eq. (11.43), taking logarithms and rearranging yields the fol- 


lowing expression: 


(11.45) 


where 4, is the enzyme half-life. 

Rate of enzyme deactivation is strongly dependent on tem- 
perature. This dependency is generally well described using 
the Arrhenius equation: 


hy = Ae “er 
(11.46) 


where A is the Arrhenius constant or frequency factor, EF, is the 
activation energy for enzyme deactivation, R is the ideal gas 
constant, and 7 is absolute temperature. According to Eq. 
(11.46), as T increases, rate of enzyme deactivation increases 
exponentially. Values of EF, are high, of the order 
170-400 kJ gmol"! for many enzymes [5]. Accordingly, a 
temperature rise of 10°C between 30°C and 40°C will increase 
the rate of enzyme deactivation by a factor between 10 and 
150. The stimulatory effect of increasing temperature on rate 
of enzyme reaction has already been described in Section 
11.3.4. However, as shown here, raising the temperature also 
reduces the amount of active enzyme present. It is clear that 
temperature has a critical effect on enzyme kinetics. 
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Example 11.5 Enzyme half-life 


Amyloglucosidase from Endomycopsis bispora is immobilised in polyacrylamide gel. Activities of immobilised and soluble 
enzyme are compared at 80°C. Initial rate data measured at a fixed substrate concentration are listed below. 


Time Enzyme activity 
(min) (umo! mi"! min“!) 


Soluble enzyme Immobilised enzyme _ 


0 0.86 0.45 
3 0.79 0.44 
6 0.70 0.43 
9 0.65 0.43 
15 0.58 0.41 
20 0.46 0.40 
25 0.41 0.39 
30 - 0.38 
40 - 0.37 


What is the half-life for each form of enzyme? 


Solution: 
From Eq. (11.31), at any fixed substrate concentration, the rate of enzyme reaction vis directly proportional to »_,,,. Therefore, 
k, can be determined from Eq. (11.44) using enzyme activity v instead of v,,,. Taking natural logarithms gives: 


In v=In yy - kyt 
where 1 is the initial enzyme activity before deactivation. So, if deactivation follows a first-order model, a semi-log plot of reac- 


tion rate versus time should give a straight line with slope — &y. The data are plotted in Figure 11E5.1. 


Figure 11E5.1 Kinetic analysis of enzyme deactivation. 
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From the slopes, &, for soluble enzyme is 0.03 min™!; £, for immobilised enzyme is 0.005 min™!. Applying Eq. (11.45) for 


half-life: 
In2 
luble) = ——————. = 23 mi 
4, (soluble) ere min 
In2 
i bilised) = ——————. = 139 min. 
4, (immobilised) Trae min 


Immobilisation significantly enhances stability of the enzyme. 


11.6 Yields in Cell Culture 


The basic concept of reaction yield was introduced in Section 
11.1.2 for simple one-step reactions. When we consider 
processes such as cell growth, we are in effect lumping together 
many individual enzyme and chemical conversions. Despite 
this complexity, yield principles can be applied to cell metab- 
olism to relate flow of substrate in metabolic pathways to 
formation of biomass and other products. Yields which are fre- 
quently reported and of particular importance are expressed 
using yield coefficients or yield factors. Several yield coefficients, 
such as yield of biomass from substrate, yield of biomass from 
oxygen, and yield of product from substrate, are in common 
use. Yield coefficients allow us to quantify the nutrient 
requirements and production characteristics of an organism. 

Some metabolic yield coefficients: the biomass yield Ky, 
the product yield Y,., and the respiratory quotient RQ, were 
introduced in Chapter 4. Definition of yield coefficients can 
be generalised as follows: 


—AF 
AG 


Yic = 
(11.47) 


where Yzq is the yield factor, F and G are substances involved 
in metabolism, AF is the mass or moles of F produced, and AG 
is the mass or moles of G consumed. The negative sign is 
required in Eq. (11.47) because AG for a consumed substance 
is negative in value; yield is calculated as a positive quantity. A 
list of frequently-used yield coefficients is given in Table 11.4. 
Note that in some cases, such as Ypy, both substances repre- 
sented by the yield coefficient are products of metabolism. 
Although the term ‘yield’ usually refers to the amount of prod- 
uct formed per amount of reactant, yields can also be used 
to relate other quantities. Some yield coefficients are based 
on quantities such as ATP formed or heat evolved during 
metabolism. 


Table 11.4 Some metabolic yield coefficients 
Symbol Definition 
Yy5 Mass or moles of biomass produced per unit mass 
or mole of substrate consumed. (Moles of bio- 
mass can be calculated from the ‘molecular 
formula’ for biomass; see Section 4.6.1) 
Yos Mass or moles of product formed per unit mass 
or mole of substrate consumed 
hoy Mass or moles of product formed per unit mass 
or mole of biomass formed 
Yo Mass or moles of biomass formed per unit mass 
or mole of oxygen consumed 
Ys Mass or moles of carbon dioxide formed per unit 
mass or mole of substrate consumed 
RQ Moles of carbon dioxide formed per mole of 
oxygen consumed. This yield is called the 
respiratory quotient. 
Yorp Mass or moles of biomass formed per mole of 
ATP formed 
Necal Mass or moles of biomass formed per kilocalorie 


of heat evolved during fermentation 


11.6.1 Overall and Instantaneous Yields 


A problem with application of Eq. (11.47) is that values of AF 
and AG depend on the time period over which they are mea- 
sured. In batch culture, AF and AG can be calculated as the 
difference between initial and final values; this gives an overall 
yield representing some sort of average value for the entire cul- 
ture period. Alternatively, AF and AG can be determined 
between two other points in time; this calculation might pro- 
duce a different value of Y.c. Yields can vary during culture, 
and it is sometimes necessary to evaluate the instantaneous yield 
at a particular point in time. For a closed, constant-volume 
reactor in which the reaction between F and G is the only 
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reaction involving these components, if 7 and rq are volu- 
metric rates of production and consumption of F and G, 
respectively, instantaneous yield can be calculated as follows: 


(11.48) 
For example, Y,, at a particular instant in time is defined as: 


growth rate 


% substrate consumption rate 


(11.49) 


When yields for fermentation are reported, the time or time 
y P 
period to which they refer should be stated. 


11.6.2 Theoretical and Observed Yields 


As described in Section 11.1.2, it is necessary to distinguish 
between theoretical and observed yields. This is particularly 
important for cell metabolism because there are always many 
reactions occurring at the same time; theoretical and observed 
yields are therefore very likely to differ. Consider the example 
of biomass yield from substrate, Yy<. If the total mass of sub- 
strate consumed is 5S, some proportion of S; equal to 5, will 
be used for growth while the remainder, Sp, is channelled into 
other products and metabolic activities not related to growth. 
Therefore, the observed biomass yield based on total substrate 
consumption is: 


aa. ete, $ 
XS" AS, AS. +AS, 
T G R 


(11.50) 


where AX is the amount of biomass produced and Yj, is the 
observed biomass yield from substrate. Values of observed bio- 
mass yields for several organisms and substrates are listed in 
Table 11.5. In comparison, the true or theoretical biomass yield 
from substrate is: 
hte 
G 
(11.51) 


as AS; is the mass of substrate actually directed into biomass 
production. Because of the complexity of metabolism, ASg is 
usually unknown and the observed yield is the only yield avail- 
able. Theoretical yields are sometimes referred to as maximum 
possible yields because they represent the yield in the absence of 
competing reactions. 


Table 11.5 Observed biomass yields for several microorgan- 
isms and substrates 

(From S.J. Pirt, 1975, Principles of Microbe and Cell 
Cultivation, Blackwell Scientific, Oxford) 


Observed 


Microorganism Substrate 
biomass yield Y \.« 
(gg!) 

Aerobacter cloacae Glucose 0.44 
Penicillium chrysogenum Glucose 0.43 
Candida utilis Glucose 0.51 

Acetic acid 0.36 

Ethanol 0.68 
Candida intermedia n-Alkanes (C;,-C,,) 0.81 
Pseudomonas sp. Methanol 0.41 
Methylococcus sp. Methane 1.01 


Example 11.6 Yields in acetic acid production 


The equation for aerobic production of acetic acid from ethanol is: 


C,H;OH + O, > CH,CO,H+H,0O. 
(ethanol) (acetic acid) 


Acetobacter aceti bacteria are added to vigorously-aerated medium containing 10 g 17! ethanol. After some time, the ethanol 
concentration is 2 g1~! and 7.5 g 17! acetic acid is produced. How does the overall yield of acetic acid from ethanol compare 


with the theoretical yield? 


Solution: 


Using a basis of 1 litre, the observed yield over the entire culture period is obtained from application of Eq. (11.10): 
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7.58 
ps = = (02.94 
PS ~ (10-2) g && 
Theoretical yield is based on the mass of ethanol actually used for synthesis of acetic acid. From the stoichiometric equation: 
_ lgmolaceticacid 60g 


i = = 1.30881. 
a gmol ethanol 46g ae 


The observed yield is 72% theoretical. 


11.7 Cell Growth Kinetics Figure 11.10 Typical batch growth curve. 


The kinetics of cell growth are expressed using equations simi- 
lar to those presented in Section 11.3. From a mathematical 
point of view there is little difference between the kinetic equa- 
tions for enzymes and cells; after all, cell metabolism depends 
on the integrated action of a multitude of enzymes. 


11.7.1 Batch Growth 


Several phases of cell growth are observed in batch culture; a 
typical growth curve is shown in Figure 11.10. The different 
phases of growth are more readily distinguished when the nat- 
ural logarithm of viable cell concentration is plotted against 
time; alternatively, a semi-log plot can be used. Rate of growth 
varies depending on the growth phase. During the lag phase Acceleration phase 
immediately after inoculation, rate of growth is essentially Lag phase 

zero. Cells use the lag phase to adapt to their new environ- 
ment; new enzymes or structural components may be 
synthesised. Following the lag period, growth starts in the 
acceleration phase and continues through the growth and 
decline phases. If growth is exponential, the growth phase 


appears as a straight line on a semi-log plot. As nutrientsinthe Tabje 11.6 Summary of batch cell growth 
culture medium become depleted or inhibitory products accu- 
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mulate, growth slows down and the cells enter the decline Phase Description Specific 
phase. After this transition period, the stationary phase is growth rate 
reached during which no further growth occurs. Some cul- 
tures exhibit a death phase as the cells lose viability or are Lag Cells adapt to the new : pen 
destroyed by lysis. Table 11.6 provides a summary of growth environment; no or very little 
and metabolic activity during the phases of batch culture. . growth 
During the growth and decline phases, rate of cell growth is Acceleration Growth rn wg : P< Prax 
described by the equation: Growth Growth achieves its maximum 4 ~ 4, 
rate 
Rae Decline Growth slows due to nutrient y<y,,,, 
- (11.52) exhaustion or build-up of 
inhibitory products 
where ry is the volumetric rate of biomass production with Stationary Growth nor n=0 
Death Cells lose viability and lyse p<O 


units of, for example, kg m-> s"!, xis viable cell concentration 
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with units of, for example, kg m~3, and pis the specific growth 
rate. Specific growth rate has dimensions T~!. Eq. (11.52) has 
the same form as (11.27); cell growth is therefore considered a 
first-order autocatalytic reaction. In a closed system where 
growth is the only process affecting cell concentration, 7 = 
dey 4,and integration of Eq. (11.52) gives an expression for x as 
a function of time. If y is constant we can integrate directly 
with initial condition x= Xp at t= 0 to give: 


= t 
X= Xp ce 


(11.53) 


where x, is the viable cell concentration at time zero. Eq. 
(11.53) represents exponential growth. Taking natural log- 
arithms: 


Inx = In xp + put. 
(11.54) 


According to Eq. (11.54), a plot of In x versus time gives a 
straight line with slope y. Because the relationship of Eq. 
(11.54) is strictly valid only if # is unchanging, a plot of In x 
versus tis often used to assess whether the specific growth rate 
is constant. As shown in Figure 11.10, y is usually constant 
during the growth phase. It is always advisable to prepare a 
semi-log plot of cell concentration before identifying phases of 
growth. As shown in Figure 3.6, if cell concentrations are plot- 
ted on linear coordinates, growth often appears slow at the 
beginning of the culture. We might be tempted to conclude 
there was a lag phase of 1-2 hours for the culture represented 
in Figure 3.6(a). However, when the same data are plotted 
using logarithms as shown in Figure 3.6(b), it is clear that the 
culture did not experience a lag phase. Growth always appears 
much slower at the beginning of culture because the number 
of cells present is small. 

Cell growth rates are often expressed in terms of the 
doubling time t,. An expression for doubling time can be 
derived from Eq. (11.53). Starting with a cell concentration of 
Xq» the concentration at ¢= 4, is 2x9. Substituting these values 


into Eq. (11.53): 


2Xq = Xq eh 
(11.55) 
and cancelling x, gives: 
2= eft, 
(11.56) 


Taking the natural logarithm of both sides: 


(11.57) 


or 


(11.58) 


11.7.2 Balanced Growth 


In an environment favourable for growth, cells regulate their 
metabolism and adjust the rates of various internal reactions so 
that a condition of balanced growth occurs. During balanced 
growth, composition of the biomass remains constant. 
Balanced growth means that the cell is able to modulate the 
effect of external conditions and keep the cell composition 
steady despite changes in environmental conditions. 

For biomass composition to remain constant during 
growth, the specific rate of production of each component in 
the culture must be equal to the cell specific growth-rate y: 


7 = hE 
(11.59) 


where Z is a cellular constituent such as protein, RNA, poly- 
saccharide, etc., 7, is the volumetric rate of production of Z, 
and z is the concentration of Z in the reactor volume. 
Therefore, during balanced growth the doubling time for each 
cell component must be equal to ¢, for growth. Balanced 
growth cannot be achieved if environmental changes affect 
rate of growth. In most cultures, balanced growth occurs at the 
same time as exponential growth. 


11.7.3 Effect of Substrate Concentration 


During the growth and decline phases of batch culture, the 
specific growth rate of cells is dependent on the concentration 
of nutrients in the medium. Often, a single substrate exerts a 
dominant influence on rate of growth; this component is 
known as the growth-rate-limiting substrate or, more simply, 
the growth-limiting substrate. The growth-limiting substrate is 
often the carbon or nitrogen source, although in some cases it 
is oxygen or another oxidant such as nitrate. During balanced 
growth, the specific growth rate is related to the concentration 
of growth-limiting substrate by the Monod equation, a homo- 
logue of the Michaelis-Menten expression: 


Pmax$ 


Kts . 


# = 
(11.60) 
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Figure 11.11 Relationship between specific growth rate and 


concentration of growth-limiting substrate in cell culture. 


In Eq. (11.60), s is the concentration of growth-limiting sub- 
strate, 4,,,, is the maximum specific growth rate, and Kg is the 
substrate constant. p,,,, has dimensions T~!; K, has the same 
dimensions as substrate concentration. The form of Eq. 
(11.60) is shown in Figure 11.11. #,,,, and Kg are intrinsic 
parameters of the cell-substrate system; values of K; for several 
organisms are listed in Table 11.7. 

Typical values of Kg are very small, of the order of mg per 
litre for carbohydrate substrates and pg per litre for other com- 
pounds such as amino acids. The level of growth-limiting 
substrate in culture media is normally much greater than Kg. 
As a result, growth can be approximated using zero-order 
kinetics with growth rate independent of substrate concentra- 
tion until s reaches very low values. By analogy with 
Michaelis-Menten kinetics described in Section 11.3.3, 
f= t,,4, provided sis greater than about 10 Kg. Because Kg is 
usually very small compared with the starting substrate 
concentration, s remains > 10 K, during most of the culture 
period. This explains why » remains constant and equal to 
Pax int batch culture until the medium is virtually exhausted 
of substrate. When s finally falls below 10 Kg, transition from 
growth to stationary phase can be very abrupt as the low level 
of residual substrate is rapidly consumed by the large number 
of cells present. 

The Monod equation is by far the most frequently-used 
expression relating growth rate to substrate concentration. 
However, it is valid only for balanced growth and should not 
be applied when growth conditions are changing rapidly. 


Table 11.7 K, values for several organisms 


(From S.J. Pirt, 1975, Principles of Microbe and Cell 
Cultivation, Blackwell Scientific, Oxford; and D.I.C. Wang, 
C.L. Cooney, A.L. Demain, P. Dunnill, A.E. Humphrey and 
M_D. Lilly, 1979, Fermentation and Enzyme Technology, 


John Wiley, New York) 
Microorganism Limiting K, 
(genus) substrate (mg 11) 
Saccharomyces Glucose 25 
Escherichia Glucose 4.0 
Lactose 20 
Phosphate 1.6 
Aspergillus Glucose 5.0 
Candida Glycerol 4.5 
Oxygen 0.042-0.45 
Pseudomonas Methanol 0.7 
Methane 0.4 
Klebsiella Carbon dioxide 0.4 
Magnesium 0.56 
Potassium 0.39 
Sulphate 2.7 
Hansenula Methanol 120.0 
Ribose 3.0 
Cryptococcus Thiamine 1.4 X 10-7 


There are also other restrictions; for example, the Monod 
equation has been found to have limited applicability at 
extremely low substrate levels. When growth is inhibited by 
high substrate or product concentrations, extra terms can be 
added.to the Monod equation to account for these effects. 
Several other kinetic expressions have been developed for cell 
growth; these provide better correlations with experimental 
data in certain situations [8-11]. 


11.8 Growth Kinetics With Plasmid 
Instability 


A potential problem in culture of recombinant organisms is 
plasmid loss or inactivation. Plasmid instability occurs in indi- 
vidual cells which, by reproducing, can generate a large 
plasmid-free population in the reactor and reduce the overall 
rate of synthesis of plasmid-encoded products. Plasmid instab- 
ility occurs as a result of DNA mutation or defective plasmid 
segregation. For segregational stability, the total number of 
plasmids present in the culture must double once per genera- 
tion, and the plasmid copies must be equally distributed 
between mother and daughter cells. 
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A simple model has been developed for batch culture to 
describe changes in the fraction of plasmid-bearing cells as a 
function of time [12]. The important parameters in this model 
are the probability of plasmid loss per generation of cells, and 
the difference in the growth rates of plasmid-bearing and plas- 
mid-free cells. Exponential growth of the host cells is assumed. 
If x* is the concentration of plasmid-carrying cells and x~ is 
the concentration of plasmid-free cells, the rates at which the 
two cell populations grow are: 


ty+=(1 — p) pt xt en 
11.61 


and 


Ty = py xt ex 
(11.62) 


where ry+ is the rate of growth of the plasmid-bearing popula- 
tion, ry is the rate of growth of the plasmid-free population, p 
is the probability of plasmid loss per cell division (p < 1), y* is 
the specific growth rate of plasmid-carrying cells, and #7 is the 
specific growth rate of plasmid-free cells. The model assumes 
that all plasmid-containing cells are identical in growth rate 
and probability of plasmid loss; this is the same as assuming 
that all plasmid-containing cells have the same copy number. 
By comparing Eq. (11.61) with Eq. (11.52) we can see that the 
rate of growth of the plasmid-bearing population is reduced by 
p # x*. This is because some of the progeny of plasmid-bear- 
ing cells do not contain plasmid and do not join the 
plasmid-bearing population. On the other hand, growth of 
the plasmid-free population has two contributions as indicat- 
ed in Eq. (11.62). Existing plasmid-free cells grow with 
specific growth rate # as usual; in addition, this population is 
supplemented by generation of plasmid-free cells due to defec- 
tive plasmid segregation by plasmid-carrying cells. 

Atany time, the fraction of cells in the culture with plasmid 


(11.63) 


In batch culture where rates of growth can be determined by 
monitoring cell concentration, r+ = 4/,, and - = cad 
Therefore, Eqs (11.61) and (11.62) can be integrated simul- 


taneously with initial condition x* = x} and x= xp at t= 0. 
After 2 generations of plasmid-containing cells: 


is l-—a-p 
a 1- a— 2"a+7~)) » 
(11.64) 
where 
a= e 
Kw 
(11.65) 
and 
n= il 
In2 
(11.66) 


The value of F depends on @, the ratio of the specific growth 
rates of plasmid-free and plasmid-carrying cells. In the 
absence of selection pressure, presence of plasmid usually 
reduces the growth rate of organisms due to the additional 
metabolic requirements imposed by the plasmid DNA. 
Therefore @ is usually > 1. In general, the difference between 
yf and yw becomes more pronounced as the size of the 


Table 11.8 Relative growth rates of plasmid-free and 
plasmid-carrying cells 


(From T. Imanaka and S. Aiba, 1981, A perspective on the 
application of genetic engineering: stability of recombinant 
plasmid. Ann. N.Y. Acad. Sci. 369, 1-14) 


Organism Plasmid a= * 
Escherichia coli C600 F’ lac 0.99-1.10 
E. coli K12EC1055—- Ri drd-19 1,03-1.12 
E. coli K12 IR713 TP120 (various) 1.50-2.31 
E. coli J}C7623 Col E} 1.29 
Col El derivativeTnA —1.15-1.54 
insertion (various) 
Col Ei deletion mutant 1.06-1.65 
(various) 
Pseudomonas TOL 2.00 
aeruginosa PAO1 
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Figure 11.12 Fraction of plasmid-carrying cells in batch 
culture after 25 generations. (From T. Imanaka and S. Aiba, 
1981, A perspective on the application of genetic engineering: 
stability of recombinant plasmid. Ann. N.Y. Acad. Sci. 369, 
1-14.) 
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plasmid or copy number increases. Some values of a from the 
literature are listed in Table 11.8; typically 1.0 < a < 2.0. 
Under selection pressure a may equal zero; if the plasmid 
encodes biosynthetic enzymes for essential nutrients, loss of 
plasmid may result in ~~ = 0. When this is the case, Fremains 
close to 1 as the plasmid-free population cannot reproduce. 
F also depends on p, the probability of plasmid loss 
per generation, which can be as high as 0.1 if segregation 
occurs. When mutation or random insertions or deletions are 
the only cause of plasmid instability, p is usually much lower 
at about 10~°. Plasmid fragmentation within a host cell can 
occur with higher frequency if the cloning vector is inherently 
unstable. 

Batch culture of microorganisms usually requires 25 cell 
generations or more. Results for F after 25 generations have 
been calculated from Eq. (11.64) and are shown in Figure 
11.12 as function of p and a. F deteriorates substantially as a 
increases from 1.0 to 2.0. Cultures with p < 0.01 and a< 1 are 
relatively stable, with Fafter 25 generations remaining close to 
1. Further application of Eq. (11.64) is illustrated in Example 
11.7. 


Example 11.7 Plasmid instability in batch culture 


A plasmid-containing strain of E. colt is used to produce recombinant protein in a 250-litre fermenter. The probability of plas- 
mid loss per generation is 0.005. The specific growth rate of plasmid-free cells is 1.4h~!; the specific growth-rate of 
plasmid-bearing cells is 1.2 h~!. Estimate the fraction of plasmid-bearing cells after 18 h growth if the inoculum contains only 


cells with plasmid. 


Solution: 


The number of generations of plasmid-carrying cells in 18 h is calculated from Eg. (11.66): 


(1.2h718h 
n= ——_—__— = 31 
In2 


Substituting this into Eq. (11.64) with p = 0.005 and a =!45- 


1 — 1.17 — 0.005 


2a L.17 — 231.17 + 0.005 = D9 005 = 0.45. 


Therefore, after 18 h only 45% of the cells contain plasmid. 


‘he hoi = 1.17: 


Alternative models for growth with plasmid instability have 
been developed [13]; some include equations for substrate 
utilisation and product formation [14]. A weakness in the sim- 
ple model presented here is the assumption that all 
plasmid-containing cells are the same. In reality there are dif- 


ferences in copy number and therefore specific growth rate 
between plasmid-carrying cells; probability of plasmid. loss 
also varies from cell to cell. More complex models that recog- 
nise the segregated nature of plasmid populations are available 


[15, 16]. 
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11.9 Production Kinetics in Cell Culture 


In this section we consider the kinetics of production of low- 
molecular-weight compounds, such as ethanol, amino acids, 
antibiotics and vitamins, which are excreted from cells in 
culture. As shown in Table 11.9, fermentation products can be 
classified according to the relationship between product 
synthesis and energy generation in the cell [10, 17]. 
Compounds in the first category are formed directly as end- or 
by-products of energy metabolism; these materials are synthe- 
sised in pathways which produce ATP. The second class of 
product is partly linked to energy generation but requires 
additional energy for synthesis. Formation of other products 
such as antibiotics involves reactions far removed from energy 
metabolism. 


Table 11.9 Classification of low-molecular-weight 
fermentation products 


Class of metabolite Examples 


Ethanol, acetic acid, gluconic 
acid, acetone, butanol, lactic 
acid, other products of 
anaerobic fermentation 


Products directly associated 
with generation of energy in 
the cell 


Products indirectly associated Amino acids and their 
with energy generation products, citric acid, 
nucleotides 


Products for which there is 
no clear direct or indirect 
coupling to energy generation 


Penicillin, streptomycin, 
vitamins 


Irrespective of the class of product, rate of product forma- 
tion in cell culture can be expressed as a function of biomass 
concentration: 


™= 4px 
(11.67) 


where rp is the volumetric rate of product formation with 
units of, for example, kg m~? s“!, xis biomass concentration, 
and @p is the specific rate of product formation with dimensions 
T-!. gp can be evaluated at any time during fermentation as 
the ratio of production rate and biomass concentration; gp is 
not necessarily constant during batch culture. Depending on 
whether the product is linked to energy metabolism or not, we 
can develop equations for gp as a function of growth rate and 
other metabolic parameters. 


11.9.1 Product Formation Directly Coupled 
With Energy Metabolism 


For products formed in pathways which generate ATP, rate of 
production is related to cellular energy demand. Growth is 
usually the major energy-requiring function of cells; therefore, 
if production is coupled to energy metabolism, product will be 
formed whenever there is growth. However, ATP is also 
required for other activities called maintenance. Examples of 
maintenance functions include cell motility, turnover of cellu- 
lar components and adjustment of membrane potential and 
internal pH. Maintenance activities are carried out by living 
cells even in the absence of growth. Products synthesised in 
energy pathways will be produced whenever maintenance 
functions are carried out because ATP is required. Kinetic 
expressions for product formation must account for growth- 
associated and maintenance-associated production, as in the 
following equation: 
= Ipy & t+ Mx. 
(11.68) 


In Eq. (11.68), ry is the volumetric rate of biomass formation, 
Ypx is the theoretical or true yield of product from biomass, mp 
is the specific rate of product formation due to maintenance, and x 
is biomass concentration. mp has dimensions T~! and typical 
units kg product (kg biomass)~! s~!. Eq. (11.68) states that 
rate of product formation depends partly on rate of growth but 
also partly on cell concentration. From Eq. (11.52), ry is equal 
to 4.x; therefore: 


tp = (Wpy wt mp) x. aes 
ll. 


Comparison of Eqs (11.67) and (11.69) shows that, for prod- 
ucts coupled to energy metabolism, Gp is equal to a combination 
of growth-associated and non-growth-associated terms: 
Gp = px #t Mp - 
(11.70) 


11.9.2 Product Formation Indirectly Coupled 
With Energy Metabolism 


When product is synthesised partly in metabolic pathways 
used for energy generation and partly in other pathways 
requiring energy, the relationship between product formation 
and growth can be complicated. We will not attempt to 
develop equations for gp for this type of product. A generalised 
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treatment of indirectly-coupled product formation is given by 


Roels and Kossen [10]. 


11.9.3. Product Formation Not Coupled With 
Energy Metabolism 


Production not involving energy metabolism is difficult to 
relate to growth because growth and product synthesis are 
somewhat dissociated. However in some cases, rate of forma- 
tion of non-growth-associated product is directly proportional 
to biomass concentration, so that production rate as defined in 
Eq. (11.67) can be applied with constant gp. Sometimes gp is a 
complex function of growth rate and must be expressed using 
empirical equations derived from experiment. An example is 
penicillin synthesis; equations for rate of penicillin production 
as a function of biomass concentration and specific growth 
rate have been derived by Heijnen et ad. [18]. 


11.10 Kinetics of Substrate Uptake in Cell 
Culture 


Cells consume substrate from the external environment and 
channel it into different metabolic pathways. Some substrate 
may be directed into growth and product synthesis; another 
fraction is used to generate energy for maintenance activities. 
Substrate requirements for maintenance vary considerably 
depending on the organism and culture conditions; a 
complete account of substrate uptake should include a 
maintenance component. The specific rate of substrate uptake 
for maintenance activities is known as the maintenance 
coefficient, m,. The dimensions of m, are T~ 1, typical units are 
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nance coefficients for various microorganisms are listed in 
Table 11.10. Ionic strength greatly influences the value of Ms; 
significant amounts of energy are needed to maintain concen- 
tration gradients across cell membranes. The physiological 
significance of mz, has been the subject of much debate; there 
are indications that mg for a particular organism may not be 
constant at all possible growth rates. 

Rate of substrate uptake can be expressed as a function of 
biomass concentration by an equation analogous to Eq. (11.67): 


™%=4s* 
(11.71) 


where 7, is the volumetric rate of substrate consumption with 
units of, for example, kg m7? s~1, gg is the specific rate of sub- 
strate uptake, and x is biomass concentration. Like gp, qs has 
dimensions T~!. In this section, we will develop equations for 
4s as a function of growth rate and other relevant metabolic 
parameters. 


11.10.1 Substrate Uptake in the Absence of 
Product Formation 


In some cultures there is no extracellular product formation; 
for example, biomass itself is the product in manufacture of 
bakers’ yeast and single-cell protein. In the absence of product 
formation, we assume that all substrate entering the cell is used 
for growth and maintenance functions. Rates of these cell 
activities are related as follows: 


nr 
ae 

‘5 = x. Ms x. 
XS 


kg substrate (kg biomass)! s~!. Some examples of mainte- (11.72) 
Table 11.10 Maintenance coefficients for several microorganisms with glucose as energy source 
(From S.J. Pirt, 1975, Principles of Microbe and Cell Cultivation, Blackwell Scientific, Oxford) 
Microorganism Growth conditions mM 
(kg substrate 
(kg cells)~! h7+) 
Saccharomyces cerevisiae Anaerobic 0.036 
Anaerobic, 1.0 M NaCl 0.360 
Azotobacter vinelandii Nitrogen fixing, 0.2 atm dissolved-oxygen tension 1.5 
Nitrogen fixing, 0.02 atm dissolved-oxygen tension 0.15 
Klebsiella aerogenes Anaerobic, tryptophan-limited, 2 g >! NH,Cl 2.88 
Anaerobic, tryptophan-limited, 4 g F! NH,Cl 3.69 
Lactobacillus casei 0.135 
Aerobacter cloacae Aerobic, glucose-limited 0.094 
Penicillium chrysogenum Aerobic 0.022 
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In Eq. (11.72), ry is the volumetric rate of biomass produc- 
tion, Yy¢ is the true yield of biomass from substrate, mg is the 
maintenance coefficient, and x is biomass concentration. Eq. 
(11.72) states that rate of substrate uptake depends partly on 
the rate of growth but also varies with cell concentration. 
When ry, is expressed using Eq. (11.52), Eq. (11.72) becomes: 


m= “ft + ms) x: 
XS 
(11.73) 


If we now express # as a function of substrate concentration 
using Eq. (11.60), Eq. (11.73) becomes: 


(11.74) 


When s is zero, Eq. (11.74) predicts that substrate consump- 
tion will proceed at a rate equal to mg x. Substrate uptake in the 
absence of substrate is impossible; this feature of Eq. (11.74) is 
therefore unrealistic. The problem arises because of implicit 
assumptions we have made about the nature of maintenance 
activities. It can be shown however that Eq. (11.74) isa realis- 
tic description of substrate uptake as long as there is external 
substrate available; when the substrate is exhausted mainte- 
nance energy is generally supplied by endogenous metabolism. 


11.10.2 Substrate Uptake With Product 


Formation 


Patterns of substrate flow in cells synthesising products 
depend on whether product formation is coupled to energy 
metabolism. When products are formed in energy-generating 
pathways, e.g. in anaerobic culture, product synthesis is an 
unavoidable consequence of cell growth and maintenance. 
Accordingly, as illustrated in Figure 11.13(a), there is no sepa- 
rate flow of substrate into the cell for product synthesis; 
product is formed from the substrate taken up to support 
growth and maintenance. Substrate consumed for mainte- 
nance does not contribute to growth; it therefore constitutes a 
separate substrate flow into the cell. In contrast, when produc- 
tion is not linked or only partly linked to energy metabolism, 
all or some of the substrate required for product synthesis is 
additional to, and separate from, that needed for growth and 
maintenance. Flow of substrate in this case is illustrated in 
Figure 11.13(b). 

When products are directly linked to energy generation, 
equations for rate of substrate consumption do not include a 


Figure 11.13 Substrate uptake with product formation: (a) 
production directly coupled to energy metabolism; (b) 
production not directly coupled to energy metabolism. 
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separate term for production; substrate requirements for prod- 
uct formation are already accounted for in terms for growth- 
and maintenance-associated substrate uptake. Accordingly, 
equations presented in the previous section for substrate con- 
sumption in the absence of product formation apply; rate of 
substrate uptake is related to growth and maintenance require- 
ments by Eqs (11.73) and (11.74). 

In cultures where product synthesis is only indirectly 
coupled to energy metabolism, rate of substrate consumption 
is a function of three factors: growth rate, rate of product for- 
mation and rate of substrate uptake for maintenance. These 
different cell functions can be related using yield and mainte- 
nance coefficients: 

k= ae = = + Mx 

XS PS 
(11.75) 
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where 7, is the volumetric rate of substrate consumption, ry 
is the volumetric rate of biomass production, rp is the 
volumetric rate of product formation, Yy, is the true yield of 
biomass from substrate, Yp¢ is the true yield of product from 
substrate, mz is the maintenance coefficient, and x is biomass 
concentration. If we express ry and 7 using Eqs (11.52) and 
(11.67): 


_{# 9p 
r > tp +m) ~ 
alta 


(11.76) 


11.11 Effect of Culture Conditions on Cell 
Kinetics 


Temperature has a marked effect on metabolic rate. 
Temperature has a direct influence on reaction rate according 
to the Arrhenius law; it can also change the configuration of 
cell constituents, especially proteins and membrane com- 
ponents. In general, the effect of temperature on growth is 
similar to that already described in Section 11.3.4 for 
enzymes. There is an approximate two fold increase in specif- 
ic growth rate for every 10°C rise in temperature, until 
structural breakdown of cell proteins and lipids starts to 
occur. Like other rate constants, the maintenance coefficient 
mg has an Arrhenius-type temperature dependence [19]; this 
can have a significant kinetic effect on cultures where 
turnover of macromolecules is an important contribution to 
maintenance requirements. In contrast, temperature has only 
a minor effect on the biomass yield coefficient, Yy, [19]. 
Other cellular responses to temperature are described else- 
where [1, 20, 21]. 

Growth rate depends on medium pH in much the same 
way as enzyme activity (Section 11.3.4); maximum growth 
rate is usually maintained over 1-2 pH units but declines with 
further variation. pH also affects the profile of product synthe- 
sis in anaerobic culture and can change maintenance-energy 
requirements [1, 20, 21]. 


11.12 Determining Cell Kinetic Parameters 


From Batch Data 


In order to apply the equations presented in Sections 
11.6-11.10 to real fermentations, we must know the kinetic 


and yield parameters for the system and have information 
about rates of growth, substrate uptake and product forma- 
tion. Batch culture is the most frequently-applied method for 
investigating kinetic behaviour, but it is not always the best. 
Methods for determining reaction parameters from batch data 
are described below. 


11.12.1 Rates of Growth, Product Formation 
and Substrate Uptake 


Determining growth rates in cell culture requires measure- 
ment of cell concentration. Many different experimental 
procedures are applied for biomass estimation [20, 22]. Direct 
measurement can be made of cell number, dry or wet cell mass, 
packed cell volume or culture turbidity; alternatively, indirect 
estimates are obtained from measurements of product forma- 
tion, heat evolution or cell composition. Cell viability is 
usually evaluated using plating or staining techniques. Each 
method for biomass estimation will give somewhat different 
results. For example, rate of growth determined using cell dry 
weight may differ from that obtained from cell number 
because dry weight in the culture can increase without a corre- 
sponding increase cell number. 

Irrespective of how cell concentration is measured, the 
techniques described in Section 11.2 for graphical differentia- 
tion of concentration data are suitable for determining 
volumetric growth rates in batch culture. The results will 
depend to some extent on how the data are smoothed. For rea- 
sons described in Section 11.7.3, there is usually a relatively 
abrupt change in growth rate between growth and stationary 
phases; this feature requires extra care for accurate differentia- 
tion of batch growth curves. As discussed in Section 3.3.1, an 
advantage of hand-smoothing is that it allows us to judge the 
significance of individual points. Once the volumetric growth 
rate 7, is known, the specific growth rate y is obtained by 
dividing 7, by the cell concentration. 

For the growth phase of batch culture, an alternative 
method can be applied to calculate 4. Assuming growth can be 
represented by the first-order model of Eq. (11.52), the inte- 
grated relationship of Eq. (11.53) or (11.54) allows us to 
obtain y directly. During the growth phase when zis essential- 
ly constant, a plot of In x versus time gives a straight line with 
slope y. This is illustrated in Example 11.8. 
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Example 11.8 Hybridoma doubling time 


A mouse-mouse hybridoma cell line is used to produce monoclonal antibody. Growth in batch culture is monitored with the fol- 
lowing results. 


Time Cell concentration 
(d) (cells ml7! x 107) 
0.0 0.45 

0.2 0.52 

0.5 0.65 

1.0 0.81 

1.5 1.22 

2.0 1.77 

2.5 2.13 

3.0 3.55 

3.5 4.02 

4.0 3.77 

4.5 2.20 


(a) Determine the specific growth rate during the growth phase. 
(b) What is the culture doubling time? 


Solution: 
(a) The data are plotted as a semi-log graph in Figure 11E8.1. 


Figure 11E8.1 Calculation of specific growth rate for hybridoma cells. 
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No lag phase is evident. As Eq. (11.54) applies only when is constant, i.e. during the exponential growth phase, we must determine 
which data points belong to the exponential growth phase. In Figure 11E8.1, the final three points appear to belong to the decline 
and death phases of the culture. Fitting a straight line to the remaining data gives a slope of 0.67. Therefore, 4 =0.67 d~!. 
(b) From Eq. (11.58): 
In 2 
t ‘d = pe gal 
0.67 d 


This doubling time applies only during the growth phase of the culture. 


= 10d 
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Volumetric rates of substrate uptake and product formation, 
r, and rp, can be evaluated by graphical differentiation of sub- 
strate- and product-concentration data, respectively. Specific 
product-formation rate gp and specific substrate-uptake rate 
qs are obtained by dividing the respective volumetric rates by 
cell concentration. 


11.12.2 pw, ,, and Kg 


The Monod equation for specific growth rate, Eq. (11.60), is 
analogous mathematically to the Michaelis-Menten expression 
for enzyme kinetics. In principle therefore, the techniques 
described in Section 11.4 for determining v_,, and K_, for 
enzyme reaction can be applied for evaluation of y,,,, and Kg. 
However, because values of KG in cell culture are usually very 
low, accurate determination of this parameter from batch data is 
difficult. Better estimation of K, can be made using continuous 
culture of cells as discussed in Chapter 13. On the other hand, 
measurement of yz, from batch data is relatively straightfor- 
ward. As described in Section 11.7.3, ifall nutrients are present 
in excess, the specific growth rate during exponential growth is 
equal to the maximum specific growth rate. Therefore, the spe- 
cific growth rate calculated in Example 11.8 is equal to y,,,,,- 


11.13 Effect of Maintenance on Yields 


True yields such as ¥y<, Ypy and Yog are often difficult to eval- 
uate. Although true yields are essentially stoichiometric 
coefficients, the stoichiometry of biomass production and 
product formation is only known for relatively simple fermen- 


tations. If the metabolic pathways are complex, stoichiometric 
calculations become too complicated. However, theoretical 
yields can be related to observed yields such as Y{., Ypy and 
Ybs> which are more easily determined. 


11.13.1 Observed Yields 


Expressions for observed yield coefficients can be obtained by 
applying Eq. (11.48): 


y ny —dX 2 ™% 
ae (11.77) 

yt dP t> 

P =— = — 

dX ry 
(11.78) 

and 

y! _ ae i) 

cr : (11.79) 


where X, S and P are masses of cells, substrate and product, 
respectively, and 7, 7, and rp are observed rates evaluated from 
experimental data. Therefore, yield coefficients can be deter- 
mined by plotting X, Sor P against each other and evaluating 
the slope as illustrated in Figure 11.14. Alternatively, observed 
yield coefficients at a particular instant in time can be calculated 


Figure 11.14 Evaluation of observed yields in batch culture from cell, substrate and product concentrations. 


11 Homogeneous Reactions 


as the ratio of rates evaluated at that instant. Observed yields are 
not necessarily constant throughout batch culture; in some cases 
they exhibit significant dependence on environmental parame- 
ters such as substrate concentration and growth rate. 
Nevertheless, for many cultures, the observed biomass yield 
YY is approximately constant. Because of the errors in experi- 
mental data, considerable uncertainty is usually associated with 
measured yield coefficients. 


11.13.2 Biomass Yield From Substrate 


Equations for true biomass yield can be determined for sys- 
tems without extracellular product formation or when 
product synthesis is directly coupled to energy metabolism. 
Substituting expressions for ry and r, from Eqs (11.52) and 
(11.73) into Eq. (11.77) gives: 


Vee 
# 
— + 
( he 
(11.80) 
Inverting Eq. (11.80) produces the expression: 
1 1 

at =— + us . 

Yxs Ys # 
(11.81) 


Therefore, if ¥, and mg are relatively constant, a plot of 
'/y:. versus '/, gives a straight line with slope m, and inter- 
cept y ¥s- Eq. (11.81) is not generally applied to batch 
growth data; under typical batch conditions, # does not vary 
from y,,,, for much of the culture period so it is difficult to 
plot Y}, as a function of specific growth rate. We will revisit 
Eq. (11.81) when we consider continuous cell culture in 
Chapter 13. As a rule of thumb, true biomass yield from glu- 
cose under aerobic conditions is around 0.5 gg”. 

In processes such as production of bakers’ yeast and single- 
cell protein where the required product is biomass, it is desirable 
to maximise the actual or observed yield of cells from substrate. 
The true yield Yy, is limited by stoichiometric considerations. 
However, from Eq. (11.80), Y, can be improved by decreas- 
ing the maintenance coefficient or increasing the growth rate. 
mg, may be reduced by lowering the temperature of fermenta- 
tion, using a medium of lower ionic strength, or by applying a 
different organism or strain with lower maintenance-energy 
requirements. Assuming these changes do not reduce the 
growth rate, they can be employed to improve the biomass yield. 
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When the culture produces compounds not directly 
coupled with energy metabolism, Eqs (11.80) and (11.81) do 
not apply because a different expression for 7, must be used in 
Eq. (11.77). Determination of true yields and maintenance 
coefficients is more difficult in this case because of the number 
of terms involved. 


11.13.3 Product Yield From Biomass 


Observed yield of product from biomass Ypy is defined in Eq. 
(11.78). When product synthesis is directly coupled to energy 
metabolism, 7p is given by Eq. (11.69). Substituting this and 
Eq. (11.52) into Eq. (11.78) gives: 


, mp 
Yx = by + —- 
# 


(11.82) 


The extent of deviation of Ypy from Ypy depends on the rela- 
tive magnitudes of mp and ys. To increase the observed yield of 
product for a particular process, mp should be increased and y 
decreased. Eq. (11.82) does not apply to products not directly 
coupled with energy metabolism; we do not have a general 
expression for rp in terms of true yield coefficients for this class 


of product. 


11.13.4 Product Yield From Substrate 


Observed product yield from substrate Yp, is defined in Eq. 
(11.79). For products coupled to energy generation, expres- 
sions for rp and r, are available from Eqs (11.69) and (11.73). 
Therefore: 


Kix #+ mp 
Xs 


In many anaerobic fermentations such as ethanol production, 
yield of product from substrate is a critical factor affecting 
process economics. At high Ypc, more ethanol is produced per 
mass of carbohydrate consumed so that the cost of production is 
reduced. Growth rate has a strong effect on Yp. for ethanol. 
Because Yp, is low when p= y,,,,, it is desirable to reduce the 
specific growth rate of the cells. Low growth rate can be 
obtained by depriving the cells of some essential nutrient, e.g. a 
nitrogen source, or by immobilising the cells to prevent growth. 
Increasing the rate of maintenance activity relative to growth 


Pea 
Ys = 


(11.83) 
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will also enhance product yield. This can be done by using a 
medium of high ionic strength, raising the temperature, or 
selecting a mutant or different organism with high maintenance 
requirements. Continuous culture provides more opportunity 
for manipulating rates of growth than batch culture. 

The effect of growth rate and maintenance on Ypg is diffi- 
cult to determine for products not directly coupled with 
energy metabolism unless information is available about the 
effect of these parameters on 4p. 


11.14 Kinetics of Cell Death 


The kinetics of cell death is an important consideration in 
design of sterilisation processes and in analysis of fermenta- 
tions where substantial viability loss is expected. In a lethal 
environment, cells in a population do not die all at once; de- 
activation of the culture occurs over a finite period of time 
depending on the initial number of viable cells and the severity 
of the conditions imposed. Loss: of cell viability can be 
described mathematically in much the same way as enzyme 
deactivation; cell death is assumed to be a first-order process: 


(11.84) 


where 7, is rate of cell death, Nis number of viable cells, and &, 
is the specific death constant. Alternatively, rate of cell death can 
be expressed using cell concentration rather than cell number: 


™= kyx 
(11.85) 


where &, is the specific death constant based on cell concentra- 
tion and xis the concentration of viable cells. 

Ina closed system with cell death the only process affecting 
viable cell concentration, rate of cell death is equal to the rate 
of decrease in cell number. Therefore, from Eq. (11.84): 


-dN 
", = AE = kN. 


(11.86) 


If &, is constant, we can integrate Eq. (11.86) to derive an 
expression for as a function of time: 


N= Ne *# 
(11.87) 


where N, is the number of viable cells at time zero. Taking nat- 
ural logarithms of both sides of Eq. (11-87) gives: 


11.88 


According to Eq. (11.88), if first-order death kinetics apply, a 
plot of In N versus ¢ gives a straight line with slope — &. 
Experimental measurements for many vegetative cells have 
confirmed the relationship of Eq. (11.88); as an example, data 
for thermal death of Escherichia coliat various temperatures are 
shown in Figure 11.15. However, first-order death kinetics do 
not always hold, particularly for bacterial spores immediately 
after exposure to heat. 

Like other kinetic constants, the value of the specific death 
constant k, depends on temperature. This effect can be 
described using the Arrhenius relationship of Eq. (11.46). 
Typical E, values for thermal destruction of microorganisms 
are high, of the order 250-290 kJ gmol"! [23]. Therefore, 
small increases in temperature have a significant effect on k, 
and rate of death. 


Figure 11.15 Relationship between temperature and rate of 
thermal death for vegetative Escherichia coli cells. (From S. 
Aiba, A.E. Humphrey and N.F. Millis, 1965, Biochemical 
Engineering, Academic Press, New York.) 
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Example 11.9 Thermal death kinetics 


The number of viable spores of a new strain of Bacillus subtilis is measured as a function of time at various temperatures. 


Time Number of spores at: 

(min) T = 85°C T= 90°C T= 110°C T= 120°C 
0.0 2.40 X 109 2.40 X 10° 2.40 X 10° 2.40 X 109 
0.5 2.39 X 10° 2.38 X 10° 1.08 X 10? 2.05 X 107 
1.0 2.37 X 10° 2.30 X 10° 4.80 < 108 1.75 X 10° 
1.5 = 2.29 X 10° 2.20 x 108 1.30 X 103 
2.0 2.33 X 10? 2.21 X 10° 9.85 X 107 - 

3.0 2.32 X 10° 2.17 X 10° 2.01 X 107 7 

4.0 2.28 X 10° 2.12 X 10° 4,41 X 10% = 

6.0 2.20 X 10° 1.95 X 10° 1.62 X 10° 7 

8.0 2.19 X 10° 1.87 X 10? 6.88 X 103 - 

9.0 2.16 X 10° 1.79 X 109 - - 


(a) Determine the activation energy for thermal death of B. subtilis spores. 
(b) What is the specific death constant at 100°C? 
(c) Estimate the time required to kill 99% of spores in a sample at 100°C? 


Solution: 
(a) Asemi-log plot of number of viable spores versus time is shown in Figure 11E9.1. 


Figure 11E9.1 Thermal death of Bacillus subtilis spores. 
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From Eq. (11.88), the slopes of the lines in Figure 11E9.1 are equal to — &, at the various temperatures. Fitting straight lines to 
the data gives the following results: 


k, (85°C) =0.012 min! 
k, (90°C) = 0.032 min 
ky (110°C) = 1.60 min"! 
ky (120°C) = 9.61 min. 
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The relationship between £, and absohute temperature is given by Eq. (11.46). Therefore, a semi-log plot of &, versus !/;-should 
yield a straight line with slope= Fay Where Tis absolute temperature. Tis converted to degrees Kelvin using the formula of Eq. 
(2.24); / values in units of K7! are plotted in Figure 11E9.2. 


Figure 11E9.2 Calculation of kinetic parameters for thermal death of spores. 


The slope is —27 030 K. From Table 2.5, R= 8.3144 J K7+ gmol™!. Therefore: 


E,=27 030 K (8.3144 J K~! gmol!) =2.25 X 10°J gmol! 
= 225 kJ gmol™!. 
(b) The equation to the line in Figure 11E9.2 is: 
hy = 6.52 X 1030 ¢ 77 F%r, 
Therefore, at T= 100°C = 373.15 K, ky =0.23 min™!. 


(c) From Eq. (11.88): 


—(In N—In N,) 
t= 

ky 

or 
N 
N 
t 0 
ky 


For N equal to 1% of Np, Ning =0.01. At 100°C, &,=0.23 min™! and the time required is: 


_ —In (0.01) _ 


t= ———-— =20min. 
0.23 min! 
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As contaminating organisms are being killed by heat sterilisa- 
tion, nutrients in the medium may also be destroyed. The 
sensitivity of nutrient molecules to temperature is described by 
the Arrhenius equation of Eq. (11.46). Values of the activation 
energy E, for thermal destruction of vitamins and amino acids 
are 84-92 kJ gmol!; for proteins Ey is about 165 kJ gmol! 
[23]. Because these values are somewhat lower than typical E, 
values for microorganisms, raising the temperature has a 
greater effect on cell death than nutrient destruction. This 
means that sterilisation at higher temperatures for shorter 
periods of time has the advantage of killing cells with limited 
destruction of medium components. 


11.15 Summary of Chapter 11 
At the end of Chapter 11 you should: 


(i) understand the difference between reversible and 
irreversible reactions, and the limitations of equilibrium 
thermodynamics in representing cell and enzyme 
reactions; 


(ii) be able to calculate reaction rates from batch concentra- 
tion data using graphical differentiation; 

(iii) be familiar with kinetic relationships for zero-order, first- 
orderand Michaelis-Menten reactions; 

(iv) be able to determine enzyme kinetic parameters v_,, 
and K_, from batch concentration data; 

(v) be able to quantify the effect of temperature on rates of 
enzyme reaction and deactivation; 

(vi) be able to calculate yield coefficients for cell culture; 

(vii) know the basic relationships for cell growth kinetics and 


be able to evaluate growth, substrate uptake and produc- 
tion rates in batch culture; 

(viii) be able to analyse growth in cultures with plasmid 
instability; 


(ix) know how maintenance activities affect substrate utilisa- 
tion in cells; and 

(x) be able to describe the kinetics of cell death. 

Problems 


11.1 Reaction equilibrium 


Calculate equilibrium constants for the following reactions 
under standard conditions: 


(a) glutamine + H,O — glutamate + NHj 
AG? =~14.1 kj mol"! 
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(b) malate — fumarate + H,O 
AG®_=3.2kJ mol!. 


Could either of these reactions be considered irreversible? 


11.2 Equilibrium yield 


The following reaction catalysed by phosphoglucomutase 
occurs during breakdown of glycogen: 


glucose 1-phosphate = glucose 6-phosphate. 


A reaction is started by adding phosphoglucomutase to 
0.04 gmol glucose 1-phosphate in 1 litre solution at 25°C. 
The reaction proceeds to equilibrium at which the concentra- 
tion of glucose 1-phosphate is 0.002 M and the concentration 
of glucose 6-phosphate is 0.038 M. 


(a) Calculate the equilibrium constant. 
(b) What is the theoretical yield? 


(c) What is the yield based on amount of reactant supplied? 


11.3 Reaction rate 


(a) The volume of a fermenter is doubled while keeping the 
cell concentration and other fermentation conditions the 
same. 

(i) Howis the volumetric productivity affected? 
(ii) How is the specific productivity affected? 
(iii) How is the total productivity affected? 

(b) Ifinstead of (a) the cell concentration were doubled, what 
affect would this have on volumetric, specific and total 
productivities? 

(c) A fermenter produces 100 kg lysine per day. 

(i) Ifthe volumetric productivity is 0.8 g I"! h-!, what is 
the volume of the fermenter? 

(ii) The cell concentration is 20g!-! dry weight. 
Calculate the specific productivity. 


11.4 Enzyme kinetics 


Lactase, also known as B-galactosidase, catalyses the hydrolysis 
of lactose to produce glucose and galactose from milk and 
whey. Experiments are carried out to determine the kinetic 
parameters for the enzyme. Initial rate data are listed below. 
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Lactose concentration 
(mol 17! X 102) 


Initial reaction velocity 
(mol 17! min7! x 103) 


2.50 1.94 
2.27 1.91 
1.84 1.85 
1.35 1.80 
1.25 1.78 
0.730 1.46 
0.460 1.17 
0.204 0.779 


Evaluate v,,, and K_. 


11.5 Effect of temperature on hydrolysis of 
starch 


a-Amylase from malt is used to hydrolyse starch. The depen- 
dence of initial reaction rate on temperature is determined 
experimentally. Results measured at fixed starch and enzyme 
concentrations are listed below. 


Temperature Rate of glucose production 
(°C) (mmol m7 57!) 

20 0.31 

30 0.66 

40 1.20 

60 6.33 


(a) Determine the activation energy for this reaction. 

(b) a-Amylase is used to break down starch in baby food. It is 
proposed to carry out the reaction at a relatively high 
temperature so that the viscosity is reduced. What is the 
reaction rate at 55°C compared with 25°C? 

(c) Thermal deactivation of this enzyme is described by the 
equation: 


hy=2.25 X 1027 ¢ §1 BRT 


where &, is the deactivation rate constant in h™ 1 Ris the 
ideal gas constant in cal gmol~! K~!, and Tis tempera- 
ture in K. What is the half-life of the enzyme at 55°C 
compared with 25°C? Which of these two operating tem- 
peratures is more practical for processing baby food? 


11.6 Enzyme reaction and deactivation 


Lipase is being investigated as an additive to laundry detergent 
for removal of stains from fabric. The general reaction is: 


fats — fatty acids + glycerol. 


The Michaelis constant for pancreatic lipase is 5 mM. At 
60°C, lipase is subject to deactivation with a half-life of 8 min. 
Fat hydrolysis is carried out in a well-mixed batch reactor 
which simulates a top-loading washing machine. The initial 
fat concentration is 45 gmol m7. At the beginning of the 
reaction the rate of hydrolysis is 0.07 mmol I"! s“!. How long 
does it take for the enzyme to hydrolyse 80% of the fat present? 


11.7 Growth parameters for recombinant 
E. coli 


Escherichia coli is being used for production of recombinant 
porcine growth hormone. The bacteria are grown aerobically 
in batch culture with glucose as growth-limiting substrate. 
Cell and substrate concentrations are measured as a function 
of culture time; the results are listed below. 


Time Cell concentration, x Substrate concentration, s 
(h) (kg m~>) (kg m~3) 
0.0 0.20 25.0 
0.33 0.21 24.8 

0.5 0.22 24.8 
0.75 0.32 24.6 

1.0 0.47 24.3 

1.5 1.00 23.3 

2.0 2.10 20.7 

2.5 4.42 15.7 

2.8 6.9 10.2 

3.0 9.4 5.2 

3.1 10.9 “1.65 
3.2 11.6 0.2 

3.5 11.7 0.0 

3.7 11.6 0.0 


(a) Plot vasa function of time. 

(b) What is the value of 7, ,? 

(c) What is the observed biomass yield from substrate? Is Y}., 
constant? 
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11.8 Growth parameters for hairy roots 


Hairy roots are produced by genetic transformation of plants 
using Agrobacterium rhizogenes. The following biomass and 
sugar concentrations were obtained during batch culture of 
Atropa belladonna hairy roots in a bubble-column fermenter. 


Biomass concentration 


Time Sugar concentration 
(d) (g 17! dry weight) (g17!) 
0 0.64 30.0 
5 1,95 27.4 
10 4.21 23.6 
15 5.54 21.0 
20 6.98 18.4 
25 9.50 14.8 
30 10.3 13.3 
35 12.0 9.7 
40 12.7 8.0 
45 13.1 6.8 
50 13.5 5.7 


55 13.7 5.1 

(a) Plot was a function of culture time. When is the growth 
rate maximum? 

(b) Plot the specific rate of sugar uptake as a function of time. 

(c) What is the observed biomass yield from substrate? Is Yy.< 
constant? 


11.9 Ethanol fermentation by yeast and 
bacteria 


Ethanol is produced by anaerobic fermentation of glucose by 
Saccharomyces cerevisiae. For the particular strain of S. cerevisi- 
aeemployed, the maintenance coefficient is 0.18 kg kg~! h7!, 
Yy5 is 0.11 kg kg~ 1, Ypy is 3.9 kg kg™! and p,,,, is 0.4h7!. It 
is decided to investigate the possibility of using Zymomonas 
mobilis bacteria instead of yeast for making ethanol. Z. mobilis 
is known to produce ethanol under anaerobic conditions using 
a different metabolic pathway to that employed by yeast. 
Typical values of Yj, are lower than for yeast at about 
0.06 kg kg~}; on the other hand, the maintenance coefficient 
is higher at 2.2 kg kg~1 h7!. Y,, for Z. mobilisis 7.7 kg kg~'; 
max 18 0.3 ho}. 


(a) From stoichiometry, what is the maximum theoretical 
yield of ethanol from glucose? 

(b) Y5, is maximum and equal to the theoretical yield when 
there is zero growth and all substrate entering the cell is 


used for maintenance activities. If ethanol is the sole extra- 
cellular product of energy-yielding metabolism, calculate 
mp for each organism. 

(c) S. cerevisiae and Z. mobilis are cultured in batch fer- 
menters. Predict the observed product yield from 
substrate for the two cultures. 

(d) What is the efficiency of ethanol production by the two 
organisms? Efficiency is defined as the observed product 
yield from substrate divided by the maximum or theoreti- 
cal product yield. 

(e) How does the specific rate of ethanol production by Z. 
mobilis compare with that by S. cerevisiae? 

(f) Using Eq. (11.70), compare the proportions of growth- 
associated and non-growth-associated ethanol production 
by Z. mobilisand S. cerevisiae. For which organism is non- 
growth-associated production more substantial? 

(g) In order to achieve the same volumetric ethanol produc- 
tivity from the rwo cultures, what yeast concentration is 
required compared with the concentration of bacteria? 

(h) At zero growth, the efficiency of ethanol production is the 
same in both cultures. Under these conditions, if the same 
concentration of yeast and bacteria are employed, what 
size fermenter is required for the yeast compared with the 
bacteria in order to achieve the same total productivity? 

(i) Predict the observed biomass yield from substrate for the 
two organisms. For which organism is biomass disposal 
less of a problem? 

(j) Make a recommendation about which organism is better 
suited for industrial ethanol production, and give your 
reasons. 


11.10 Plasmid loss during culture 
maintenance 


A stock culture of plasmid-containing Streptococcus cremoris 
cells is maintained with regular sub-culturing for a period of 
28 d. After this time, the fraction of plasmid-carrying cells is 
measured and found to be 0.66. The specific growth rate of 
plasmid-free cells at the storage temperature is 0.033 h7!; the 
specific growth rate of plasmid-containing cells is 0.025 h7!. 
If all the cells initially contained plasmid, estimate the prob- 
ability per generation of plasmid loss. 


11.11 Medium sterilisation 


A steam steriliser is used to sterilise liquid medium for fer- 
mentation. The initial concentration of contaminating 
organisms is 108 per litre. For design purposes, the final 
acceptable level of contamination is usually taken to be 1073 
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cells; this corresponds to a risk that orte batch in a thousand 
will remain contaminated even after the sterilisation process is 
complete. For how long should 1 m3 medium be treated if the 
temperature is: 


(a) 


80°C? 


(b) 121°C? 


(c) 


140°C? 


To be safe, assume that the contaminants present are spores of 
Bacillus stearothermophilus, one of the most heat-resistant 
microorganisms known. For these spores the activation energy 
for thermal death is 283 kJ gmol! and the Arrhenius constant 
is 103? 5-1 [24]. 
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Heterogeneous Reactions 


In the previous chapter, reaction rate was considered as a function of substrate concentration and temperature. Reaction 
systems were assumed to be homogeneous; local variations in concentration and rate of conversion were not examined. Yet, in 
many bioprocesses, concentrations of substrates and products differ from point to point in the reaction mixture. Concentration 
gradients arise in single-phase systems when mixing is poor; if different phases are present, local variations in composition can 
be considerable. As described in Chapter 9, concentration gradients occur within phase boundary layers around gas bubbles 
and solids. More severe gradients are found inside solid biocatalysts such as cell flocs, pellets, biofilms, and immobilised-cell 


and -enzyme beads. 


Reactions occurring in the presence of significant concentra- 
tion or temperature gradients are called heterogeneous reactions. 
Because biological reactions are not generally associated with 
large temperature gradients, we confine our attention in this 
chapter to concentration effects. When heterogeneous reac- 
tions occur in solid catalysts, not all reactive molecules are 
available for immediate conversion. Reaction takes place only 
after reactants are transported to the site of reaction. Thus, 
mass-transfer processes can have a considerable influence on 
the overall conversion rate. 

Because rate of reaction is generally dependent on substrate 
concentration, when concentrations in the system vary, kin- 
etic analysis becomes more complex. The principles of homo- 
geneous reaction and the equations outlined in Chapter 11 
remain valid for heterogeneous systems; however, the concen- 
trations used in these equations must be those actually 
prevailing at the site of reaction. For solid biocatalysts, we 
must know the concentration of substrate at each point inside 
the solid in order to determine the local rate of conversion. In 
most cases these concentrations cannot be measured; fortu- 
nately, they can be estimated using diffusion-reaction theory. 

In this chapter, methods are presented for analysing reac- 
tions affected by mass transfer. The mathematics required is 
more sophisticated than is applied elsewhere in this book; 
however, attention can be directed to the results of the analysis 
rather than to the mathematical derivations. The practical out- 
come of this chapter is simple criteria for assessing 
mass-transfer limitations which can be used directly in experi- 
mental design. 


12.1 Heterogeneous Reactions in 
Bioprocessing 


Reactions involving solid-phase catalysts are important in 
bioprocessing. Macroscopic flocs, clumps and pellets are 
produced naturally by certain bacteria and fungi; mycelial pel- 
lets are common in antibiotic fermentations. Some cells grow as 
biofilms on reactor walls; others form slimes such as in 
waste treatment processes. Plant cell suspensions invariably con- 
tain aggregates; microorganisms in soil crumbs play a crucial 
role in environmental bioremediation of land. Animal tissues 
are now being cultured on three-dimensional scaffolds for surgi- 
cal transplantation and organ repair. More traditionally, many 
food fermentations involve microorganisms attached to solid 
particles. In all of these systems, rate of reaction depends on the 
rate of mass transfer outside or within the solid catalyst. 

If cells or enzymes do not spontaneously form clumps or 
attach to solid surfaces, they can be induced to do so using 
immobilisation techniques. Many procedures are available for 
artificial immobilisation of cells and enzymes; the results of 
two commonly-used methods are illustrated in Figure 12.1. As 
shown in Figure 12.1(a), cells and enzymes can be immobil- 
ised by entrapment within gels such as alginate, agarose and 
carrageenan. Cells or enzymes are mixed with liquified gel 
before it is hardened or cross-linked and broken into small par- 
ticles. The gel polymer must be porous and relatively soft to 
allow diffusion of reactants and products to and from the 
interior of the particle. As shown in Figure 12.1(b), an alterna- 
tive to gel immobilisation is entrapment within porous solids 
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Figure 12.1 Immobilised biocatalysts: (a) cells entrapped in 
soft gel; (b) enzymes attached to the internal surfaces of a 
porous solid. 
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such as ceramics, porous glass and resin beads. Enzymes or 
cells migrate into the pores of these particles and attach to the 
internal surfaces; substrate must diffuse through the pores for 
reaction to occur. In both immobilisation methods, sites of 
reaction are distributed throughout the particle. Thus, a cata- 
lyst particle of higher activity can be formed by increasing the 
loading of cells or enzyme per volume of matrix. 

Immobilised biocatalysts have many advantages in large- 
scale processing. One of the most important is continuous 
operation using the same catalytic material. For enzymes, an 
additional advantage is that immobilisation often enhances 
stability and increases the enzyme half-life. Further discussion 
of immobilisation methods and the rationale behind cell and 
enzyme immobilisation can be found in many articles and 
books; a selection of references is given at the end of this 
chapter. 

In Chapter 11, enzymes and cells were considered as bio- 
logical catalysts. In heterogeneous reactions involving a solid 
phase, the term ‘catalyst’ is also used to refer to the entire cata- 
lytically-active body, such as a particle or biofilm. Engineering 
analysis of heterogeneous reactions applies equally well to 
naturally occurring solid catalysts and artificially immobilised 
cells and enzymes. 


Figure 12.2 Typical substrate concentration profile for a 
spherical biocatalyst. 
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12.2 Concentration Gradients and Reaction 
Rates in Solid Catalysts 


Consider a spherical catalyst of radius R immersed in well- 
mixed liquid containing substrate A. In the bulk liquid away 
from the particle the substrate concentration is uniform and 
equal to C4, If the particle were inactive, after some time the 
concentration of substrate inside the solid would reach a con- 
stant value in equilibrium with C,,. However, when substrate 
is consumed by reaction, its concentration Cy decreases 
within the particle as shown in Figure 12.2. If immobilised 
cells or enzymes are distributed uniformly within the catalyst, 
the concentration profile is symmetrical with a minimum at 
the centre. Mass transfer of substrate to reaction sites in the 
particle is driven by the concentration difference between the 
bulk solution and particle interior. 

In the bulk liquid, substrate is carried rapidly by convective 
currents. However, as substrate molecules approach the solid 
they must be transported from the bulk liquid across the rela- 
tively stagnant boundary layer to the solid surface; this process 
is called external mass transfer. A concentration gradient devel- 
ops across the boundary layer from C4, in the bulk liquid to 
C4, at the solid—liquid interface. If the particle were not por- 
ous and all enzyme or cells confined to its outer surface, 
external mass transfer would be the only transport process 
required. More often, reaction takes place inside the particle so 
that internal mass transfer through the solid is also required. 

Although the form of the concentration gradient shown in 
Figure 12.2 is typical, other variations are possible, If mass trans- 
fer is much slower than reaction, it is possible thar all substrate 
entering the particle will be consumed before reaching the 
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Figure 12.3 Variations in substrate concentration profile in 
spherical biocatalysts. 
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centre. In this case, the concentration falls to zero within the 
solid as illustrated in Figure 12.3(a). Cells or enzyme near the 
centre are starved of substrate and the core of the particle 
becomes inactive. In the examples of Figures 12.3(b) and 
12.3(c), the partition coefficient for the substrate is not equal to 
unity. This means that, at equilibrium and in the absence of 
reaction, the concentration of substrate in the solid is naturally 


higher or lower than in the liquid. In Figure 12.3(b), the dis- 


continuity of concentration at the solid—liquid interface shows 
that substrate distributes preferentially to the solid phase. 
Conversely, Figure 12.3(c) shows the concentrations when 
substrate is attracted more to the liquid than to the solid. 
The effect of mass transfer on intraparticle concentration can 
be magnified or diminished by substrate partitioning. 
Partitioning is important when the substrate and solid are 
charged or if strong hydrophobic interactions cause repulsion 
or attraction. Because most materials used for cell and enzyme 
immobilisation are very porous and contain a high percentage of 
water, partition effects can often be neglected. In our treatment 
of heterogeneous reaction, we will assume that partitioning is 
not significant. 


12.2.1 True and Observed Reaction Rates 


Because concentrations vary in solid catalysts, local rates of 
reaction also vary depending on position within the particle. 
Even for zero-order reactions, reaction rate changes with posi- 
tion if substrate is exhausted. Each cell or enzyme molecule 
responds to the substrate concentration at its location with a 
rate of reaction determined by the kinetic parameters of the 
catalyst. This local rate of reaction is known as the true rate or 
intrinsic rate. Like any reaction rate, intrinsic rates can be 
expressed using total, volumetric or specific bases as described 
in Section 11.1.3. The relationship between true reaction rate 
and local substrate concentration follows the principles out- 
lined in Chapter 11 for homogeneous reactions. 

True local reaction rates are difficult to measure in solid 
catalysts without altering the reaction conditions. It is poss- 
ible, however, to measure the overall reaction rate for the 
entire catalyst. In a closed system, the rate of disappearance of 
substrate from the bulk liquid must equal the overall rate of 
conversion by reaction; in heterogeneous systems this is also 
called the observed rate. It is important to remember thar the 
observed rate is not usually equal to the true activity of any cell 
or enzyme in the particle. Because intraparticle substrate levels 
are reduced inside solid catalysts, we expect the observed rate 
to be less than if the entire particle were exposed to the bulk 
liquid. The relationship between observed rate and bulk sub- 
strate concentration is not as simple as in homogeneous 
reactions. Kinetic equations for heterogeneous reactions also 
involve mass-transfer parameters. 

True reaction rates depend on the kinetic parameters of the 
cells or enzyme. For example, rate of reaction by an immobilised 
enzyme obeying Michaelis-Menten kinetics depends on the 
values of v,,,, and K_, for the enzyme in its immobilised state. 
These parameters are sometimes called true kinetic para- 
meters or intrinsic kinetic parameters. Because kinetic parameters 
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can be altered during immobilisation as a result of cell or enzyme 
damage, configurational change and steric hindrance, values 
measured before immobilisation may not apply. Unfortunately, 
true kinetic parameters for immobilised biocatalysts can be diffi- 
cult to determine because measured reaction rates incorporate 
mass transfer effects. The problem of evaluating true kinetic 
parameters is discussed further in Section 12.9. 


12.2.2 Interaction Between Mass Transfer and 
Reaction 


Rates of reaction and substrate mass transfer are not indepen- 
dent in heterogeneous systems. Rate of mass transfer depends 
on the concentration gradient established in the system; this in 
turn depends on the rate of substrate depletion by reaction. 
On the other hand, rate of reaction depends on the availability 
of substrate; this of course depends on the rate of mass transfer. 
One of the objectives in analysing heterogeneous reactions is 
to determine the relative influences of mass transfer and reac- 
tion on observed reaction rates. One can conceive, for 
example, that ifa reaction proceeds slowly even in the presence 
of adequate substrate, it is likely that mass transfer will be rapid 
enough to meet the reaction demand. In this case, the 
observed rate would be determined more directly by the reac- 
tion process than mass transfer. Conversely, if the reaction 
tends to be very rapid, it is likely that mass transfer will be 
too slow to supply substrate at the rate required. The observed 
rate would then reflect strongly the rate of mass transfer. As 
will be shown in the remainder of this chapter, there are math- 
ematical criteria for assessing the extent to which mass transfer 
influences the observed reaction rate. Reactions which are 
significantly affected are called mass-transfer limited or 
diffusion-limited reactions. It is also possible to distinguish the 
relative influence of internal and external mass transfer. 
Improvement of mass transfer and the elimination of mass- 
transfer limitations are desired objectives in heterogeneous 
catalysis. Once the effect and location of major mass-transfer 
resistances are identified, it is then possible to devise strategies 
for their elimination. 


12.3 Internal Mass Transfer and Reaction 


Let us now concentrate on the processes occurring within a 
solid biocatalyst; external mass transfer will be examined later 
in the chapter. The exact equations and procedures used in 
this analysis depend on the geometry of the system and the 
reaction kinetics. First, let us consider the case of cells or 
enzymes immobilised in a spherical particle. 


Figure 12.4 Shell mass balance on a spherical particle. 
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12.3.1 Steady-State Shell Mass Balance 


Mathematical analysis of heterogeneous reactions involves a 
technique called the shell mass balance. In this section, we will 
perform a shell mass balance on a spherical catalyst particle of 
radius R. Imagine a thin spherical shell of thickness Ar located 
at radius r from the centre, as shown in Figure 12.4. It may be 
helpful to think of this shell as the thin wall of a ping-pong ball 
encased inside and concentric with a larger cricket ball of 
radius R. Substrate diffusing into the sphere must cross the 
shell to reach the centre. 

A mass balance of substrate is performed around the shell 
by considering the processes of mass transfer and reaction 
occurring at radius 7. The system considered for the mass bal- 
ance is the shell only; the remainder of the sphere is ignored for 
the moment. Substrate diffuses into the shell at radius (r+ Ar) 
and leaves at radius r; within the shell, immobilised cells or 
enzyme consume substrate by reaction. Flow of mass through 
the shell can be analysed using the general mass-balance equa- 
tion derived in Chapter 4: 


mass in mass out mass mass mass 
through through generated consumed accumulated 
system system within { ) within {7} within 
boundaries boundaries system system system 
(4.1) 
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Before application of Eq. (4.1), certain assumptions must be 
made so that each term in the equation can be expressed math- 
ematically [1]. 


(i) The particle is isothermal. Kinetic parameters for enzyme 
and cell reactions are strong functions of temperature. If 
temperature in the particle varies, different values of the 
kinetic parameters must be applied. However, as temper- 
ature gradients generated by immobilised cells and 
enzymes are generally negligible, assuming constant tem- 
perature throughout the particle is reasonable and greatly 
simplifies the mathematical analysis. 

Mass transfer occurs by diffusion only. We will assume that 
the particle is impermeable to,flow, so that convection 
within the pores is negligible. This assumption is valid for 
many solid-phase biocatalysts. However, some anomalies 
have been reported [2, 3]; depending on pore size, pres- 
sure gradients can induce convection of liquid through 
the particle and significantly enhance nutrient supply. 
When convective transport occurs, the analysis of mass 
transfer and reaction presented in this chapter must be 
modified [4—6]. 

Diffusion can be described using Fick's law with constant 
effective diffusivity. We will assume that diffusive trans- 
port through the particle is governed by Fick’s law 
(Section 9.1.1). Interaction of substrate with other con- 
centration gradients and phenomena affecting transport 
of charged species are ignored. Fick’s law will be applied 
using the effective diffusivity of substrate in the solid, %,.. 
The value of ,. is a complex function of the molecular- 
diffusion characteristics of the substrate, the tortuousness 
of the diffusion path within the solid, and the fraction of 
the particle volume available for diffusion. We will 
assume that Y, , is constant and independent of substrate 
concentration in the particle; this means that D,_ does 
not change with position. 

The particle is homogeneous. Immobilised enzymes or cells 
are assumed to be distributed uniformly within the par- 
ticle. Properties of the immobilisation matrix should also 
be uniform. 

(v) The substrate partition coefficient is unity. This assumption 
is valid for most substrates and particles, and ensures 
there is no discontinuity of concentration at the 
solid—liquid interface. 

The particle is at steady state. This assumption is usually 
valid if there is no change in activity of the catalyst, for 
example, due to enzyme deactivation, cell growth or dif- 
ferentiation. It is not valid when the system exhibits rapid 
transients such as when cells quickly consume and store 
substrates for subsequent metabolism. 


(ii) 


(iii) 


(iv) 


(vi) 


(vii) Substrate concentration varies with a single spatial variable. 
For the sphere of Figure 12.4, we will assume that con- 
centration varies only in the radial direction, and that 
substrate diffuses radially through the particle from the 


external surface towards the centre. 


Eq. (4.1) is applied according to these assumptions. 
Substrate is transported into and out of the shell by diffusion; 
therefore, the first and second terms are expressed using Fick’s 
law with constant effective diffusivity. The third term is zero as 
no substrate is generated. Substrate is consumed by reaction 
inside the shell at a rate equal to the volumetric rate of reaction 
r, multiplied by the volume of the shell. According to assump- 
tion (vi) listed above, the system is at steady state. Thus, its 
composition and mass must be unchanging, substrate cannot 
accumulate in the shell, and the right-hand side of Eq. (4.1) is 
zero. After substituting the appropriate expressions and apply- 
ing calculus to reduce the dimensions of the shell to an 
infinitesimal thickness, the result of the shell mass balance is a 
second-order differential equation for substrate concentration 
as a function of radius in the particle. 

For a shell mass-balance on substrate A, the terms of Eq. 
(4.1) are expressed as follows: 


dc 
Rate of input by diffusion: («, , A 4x? ) 
dr r+Ar 

ae dC, 

Rate of output by diffusion: De. ora 4 r? 
r 
2 

Rate of generation: 0 


r, 40 rAr 


Rate of consumption by reaction: 
Rate of accumulation at steady state: 0. 


9, is the effective diffusivity of substrate A, C, is the concen- 
tration of A in the particle, ris distance measured radially from 
the centre, Aris thickness of the shell, and ry is the rate of reac- 
tion per unit volume particle. Each of the above terms has 
dimensions MT~! or NT~! with units of, for example, 
kg h~! or gmols~!. The first two terms are derived from 
Fick’s law of Eq. (9.1); the area of the spherical shell available 
for diffusion is 477. The term 


dC, 
(0,26 4m 2 ) 


r 


r+Ar 
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dc, : 
means | 9. ae 4tr? | evaluated at radius (r+ Ar); 
r 
dC, 
(6, —A 4x? 
dr 


dc, 
means |.9,. ger 4nr* | evaluated at r. 
r 


r 


The shell volume is 4 r? Ar. 
From Eq. (4.1) we obtain the following steady-state mass- 


balance equation: 
dC, dC 
(0, meets wn) = o, —— snr | 
dr r+Ar dr 


r 
- r,4tr? Ar = 0. 
(12.1) 
Dividing each term by 4 % Argives: 
dC dC, 
2,,— °) - (2, a a) 
dr is dr r 
2 
—ryr =0 
Ar 
(12.2) 
Eq. (12.2) can be written in the form: 
dc 
A\&%,. AY? 
dr Pep 
SS ort = 
Ar fe 
(12.3) 
where 
dC, dC, 
A\%,. A. 2 means the change in |Q%,. A y2 
dr dr 
across Ar. 


Eq. (12.3) is valid for a spherical shell of thickness Ar. To 
develop an equation which applies to any point in the sphere, 
we must shrink Arto zero. As Arappears only in the first term 
of Eq. (12.3), taking the limit of Eq. (12.3) as Ar—> 0 gives: 


(12.4) 


Invoking the definition of the derivative from Section D.2 of 
the Appendix, Eq. (12.4) is identical to the second-order 
differential equation: 


d dC, 
rr (2,26 r}- ae 


(12.5) 


According to assumption (iii), D4. is independent of rand can 
be moved outside the differential: 


d dG 
aco ae 7). eee =0. 


In Eq. (12.6) we have a differential equation representing dif- 
fusion and reaction in a spherical biocatalyst. That Eq. (12.6) 
is a second-order differential equation becomes clear if the first 
term is written in its expanded form: 


ro OM dC, 
mae Se serra Pep ee ScD, 


(12.6) 


(12.7) 


Eq. (12.7) can be solved by integration to yield an expression 
for the concentration profile in the particle: C, as a function of 
r. However, we cannot integrate Eq. (12.7) as it stands because 
the reaction rate r, is in most cases a function of C,. Let us 
consider solutions of Eq. (12.7) with r, representing first- 
order, zero-order and Michaelis-Menten kinetics. 


12.3.2 Concentration Profile: First-Order 
Kinetics and Spherical Geometry 


For first-order kinetics, Eq. (12.7) becomes: 


aC, dC, 
Ds. oe ay aa eC ee =0 
dr dr 


(12.8) 


where &, is the intrinsic first-order rate constant with dimen- 
sions T~!. For biocatalytic reactions, k, depends on the 
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density of cells or enzyme in the particle. According to assump- 
tions (i), (iii) and (iv) in Section 12.3.1, &, and Y,. for a given 
particle can be considered constant. Accordingly, as the only 
variables in Eq. (12.8) are Cy and 7, the equation is ready for 
integration. Because Eq. (12.8) is a second-order differential 
equation we need two boundary conditions. These are: 


Cy=Cy, atr=R 
(12.9) 
dC 
A= 0 atr=0 
dr 
(12.10) 


where C,, is the concentration of substrate at the outer surface 
of the particle. For the present we will assume C,, is known or 
can be measured. Eq. (12.10) is called the symmetry condition. 
As indicated in Figures 12.2 and 12.3, the substrate concentra- 
tion profile is symmetrical about the centre of the sphere. 


Therefore, the substrate concentration is minimum with slope 
4Ca/, = 0 at r= 0. Integration of Eq. (12.8) with boundary 
conditions Eqs (12.9) and (12.10) gives the following expres- 
sion for substrate concentration as a function of radius [7]: 


R_ sinh (r/ kB.) 


Cx, = Cy. — ———.. 
. As} sinh (RV k,/9,.) 
(12.11) 


In Eg. (12.11), sinh is the abbreviation for Ayperbolic sine; 
sinh x is defined as: 


en seh 
: ex—e 
sinhx = 


(12.12) 


Eq. (12.11) may appear complex, but contains simple expo- 
nential terms relating C, and 7, Y,, representing rate of mass 
transfer, and &, representing rate of reaction. 


Example 12.1 Concentration profile for immobilised enzyme 


Enzyme is immobilised in 8 mm diameter agarose beads at a concentration of 0.018 kg protein m~3 gel. Ten beads are 
immersed in a well-mixed solution containing 3.2 x 1073 kg m7 substrate. The effective diffusivity of substrate in agarose gel is 
2.1 x 107? m? s~!. Kinetics of the enzyme can be approximated as first order with specific rate constant 3.11 x 10° s~! per kg 
protein. Mass transfer effects outside the particles are negligible. Plot the steady-state substrate concentration profile as a func- 


tion of particle radius. 


Solution: 


R=4x1073 m; Gy, =2.1X 107? m?s~!, In the absence of external mass-transfer effects, Cy, = 3.2 X 1073 kg m7 3, 


4 4 
Volume per bead = a nk = = m (4X 1073 m)? = 2.68 1077 m>. 


Therefore, 10 beads have volume 2.68 x 10~° m3, The amount of enzyme present is: 


2.68 x 1076 m3 (0.018 kg m~4) = 4.83 x 1078 kg. 
Therefore: 
k, =3.11X10°s"! kg™! (4.83 x 10-8 kg) =0.015s! 


and: 


ky 
R = 10.693. 
g, 


Ae 


The denominator of Eq. (12.11) is: 
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sinh (RV £,/9,,) = 


= 2.202x 104. 
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C, is calculated as a function of r from Eq. (12.11) and plotted in Figure 12E1.1. Substrate concentration drops rapidly inside 


the particle to reach virtually zero 2 mm from the centre. 


Figure 12E1.1 Substrate concentration profile in an immobilised-enzyme bead. 
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12.3.3 Concentration Profile: Zero-Order 
Kinetics and Spherical Geometry 


From Eq. (12.7), the differential equation for zero-order 
kinetics is: 


dC dC, 
(12.13) 


where &, is the intrinsic zero-order rate constant with units of, 
for example, gmol s~! m~3 particle. Like &, for first-order 
reactions, k, varies with cell or enzyme density in the catalyst. 

Zero-order reactions are unique in that, provided substrate 
is present, reaction rate is independent of substrate concentra- 
tion. In solving Eq. (12.13) we must account for the possibility 
that substrate becomes depleted within the particle. As illus- 
trated in Figure 12.5, if we assume this occurs at some radius 
Ro the rate of reaction for 0 < r= Ry is zero. Everywhere else 
inside the particle, i.e., r > Rp, the volumetric reaction rate is 
constant and equal to &, irrespective of substrate concentra- 
tion. For this situation the boundary conditions are: 


Cr=Ca, atr=R 
(12.9) 
dc 
A =0 atr = Ro. 
dr 
(12.14) 


Solution of Eq. (12.13) with these boundary conditions gives 
the following expression for C, as a function of r [7]: 


kyR ts 4 RRL =) 
69, \R 


rR? RB 
Eq. (12.15) is difficult to apply in practice because Ry is gener- 
ally not known. However, the equation can be simplified if Cy 
remains >0 everywhere so that Ry) no longer exists. 
Substituting Rp = 0 into Eq. (12.15) gives: 


Cyr= Cyt 


(12.15) 


k. 
o (2 — R). 
6D,. 


Cy= Cyt 


(12.16) 
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In bioprocess applications, it is important that the core of cata- Figure 12.5 Concentration and reaction zones ina 
lyst particles does not become starved of substrate. The spherical particle with zero-order reaction. Substrate is 
likelihood of this happening increases with size of the particle. depleted at radius Ris 

For zero-order reactions we can calculate the maximum parti- 
cle radius for which C, remains > 0. In such a particle, 
substrate is depleted just at the centre point. Therefore, calcu- 
lating Rfrom Eq. (12.16) with C, = r=0: 


Ca = 0 
R = | OD eCas No reaction 
max kh 
0 


(12.17) 


where R,,_,, is the maximum particle radius for C, > 0. 


Ca >0 
Volumetric rate of reaction = kp 


Example 12.2 Maximum particle size for zero-order reaction 
Non-viable yeast cells are immobilised in alginate beads. The beads are stirred in glucose medium under anaerobic conditions. 
The effective diffusivity of glucose in the beads depends on cell density according to the relationship: 

By, = 6.33 - 7.17 ¥¢ 


where ,, is effective diffusivity x 10!° m? s~! and 4, is the weight fraction of yeast in the gel. Rate of glucose uptake can be 
assumed to be zero order; the rate constant at a yeast density in alginate of 15 wt% is 0.5 g!~! min7!. For maximum reaction 
rate, the concentration of glucose inside the particles should remain above zero. 


(a) Plot the maximum allowable particle size as a function of bulk glucose concentration between 5 gl‘ and 60 g]>*. 
(b) For 30 g1~! glucose, plot R,,, as a function of cell loading between 10 and 45 wt%. 
Solution: 
(a) At yc=0.15, Dy, =5.25 x 10719 m?s~!. Converting 4, to units of kg, m and s: 
L kg 10001} |1min 
fy = 05el-t mint, | ERE |.) 20001 |.in 
GeO G Ee Pl Gages | antl Oe 


= 8.33x 10 3kgm 3571. 


Assume Cg, is equal to the bulk glucose concentration; C,, in gl~! is the same as kg m7. R__,. is calculated from Eq. (12.17). 


Ch, (kg m7?) Bias (m) 

5 1.38 x 1073 
15 2.38 x 1073 
25 3.07 x 1073 
45 4.13x 1073 


60 4.76 x 1073 
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These results are plotted in Figure 12E2.1. At low external glucose concentrations, particles are restricted to small radii. The 
driving force for diffusion increases with C’,, so that larger particles may be used. 


Figure 12E2.1 Maximum particle radius as a function of Figure 12E2.2. Maximum particle radius as a function of 
external substrate concentration. cell density. 
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(b) C,,=30kg m7. As y, varies, values of D,. and ky are affected. Changes in %,_ can be calculated from the equation pro- 
vided. We assume &, is directly proportional to cell density as described in Eq. (11.25), i.e. there is no steric hindrance or 
interaction between cells as y¢. increases. Results as a function of y¢ are listed below. 


Io Ds, ky Rovax 

(m2 s~!) (kg m~3s~!) (m) 
0.1 5.61 x 10719 5.55 x 1073 4.27 x 1073 
0.2 4.90 x 10710 1.111072 2.82 x 1073 
0.3 4.18 x 10710 1.67 x 1072 2.12 x 1073 
0.4 3.46 x 107 !0 2.22 x 1072 1.67 x 1073 
0.45 3.10x 10710 2.50 x 1072 1.50 x 1073 


The results are plotted in Figure 12E2.2. As y_ increases, D,, declines and ky increases. Lower 9, reduces the rate of diffusion 
into the particles; higher £, increases the demand for substrate. Therefore, increasing the cell density exacerbates mass-transfer 
restrictions. To ensure adequate supply of substrate under these conditions, the particle size must be reduced. 


12.3.4 Concentration Profile: where v_,,, and K,, are intrinsic kinetic parameters for the 

Michaelis—Menten Kinetics and Spherical reaction. v__,, has units of, for example, kg s-! m“3 particle; 

Geometry its value depends on the concentration of cells or enzyme in 
the particle. 


If reaction in the particle follows Michaelis-Menten kinetics, 


: h rer : 2 
7, talies the fotmof Eq, (11.30). Eq. (12.7) becomes Owing to the non-linearity of the Michaelis-Menten 


expression, simple analytical integration of Eq. (12.18) is not 


LC ie C possible. However, results for Cy as a function of r can be 
a Andy Gy Ak Yrnax “A 2h obtained using numerical methods, usually by computer. 
Ac\ d?? dr Kit Ca Because Michaelis~Menten kinetics lie somewhere between 


(12.18) zero- and first-order kinetics (see Section 11.3.3), explicit 
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Figure 12.6 Measured and calculated oxygen concentrations 
in a spherical agarose bead containing immobilised enzyme. 
Particle diameter = 4 mm; C4, = 0.2 mol m7 3. Enzyme 
loadings are: 0.0025 kg m7? gel (m); 0.005 kg m7 gel (31); 
0.0125 kg m~3 gel (A); and 0.025 kg m7 gel (@). Measured 
concentrations are shown using symbols; calculated profiles are 
shown as lines. (From C.M. Hooijmans, S.G.M. Geraats and 
K.Ch.A.M. Luyben, 1990, Use of an oxygen microsensor for 
the determination of intrinsic kinetic parameters of an 
immobilised oxygen reducing enzyme. Biotechnol. Bioeng. 35, 
1078-1087.) 
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solutions found in Sections 12.3.2 and 12.3.3 can be used to 
estimate the extreme limits for Michaelis-Menten reactions. 
Concentration profiles calculated from the equations pre- 
sented in this section have been verified experimentally in 
several studies. Using special microelectrodes with tip diame- 
ters of the order 1 jm, it is possible to measure concentrations 
of oxygen and ions inside soft solids and cell slimes. As an 
example, oxygen concentrations measured in immobilised- 
enzyme beads are shown in Figure 12.6. The experimental 
data are very close to the calculated concentration profiles. 
Similar results have been found in other systems [8-10]. 


12.3.5 Concentration Profiles in Other 
Geometries 


Our attention so far has been focussed on spherical catalysts. 
However, equations similar to Eq. (12.7) can be obtained 
from shell mass balances on other geometries. Of all other 
shapes, the one of most interest in bioprocessing is the flat 
plate. A typical substrate concentration profile for this geome- 
try without external boundary-layer effects is illustrated in 
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Figure 12.7 Substrate concentration profile in an infinite flat 
plate without boundary-layer effects. 


Non-porous 
solid 


Figure 12.7. Equations for flat-plate geometry are used to ana- 
lyse reactions in cell films attached to inert solids; the biofilm 
constitutes the flat plate. Even if the surface supporting the 
biofilm is curved rather than flat, if the film thickness bis very 
small compared with the radius of curvature, equations for 
flat-plate geometry are applicable. To simplify mathematical 
treatment and keep the problem one-dimensional (as required 
by assumption (vii) of Section 12.3.1), the flat plate is assumed 
to have infinite length. In practice, this assumption is reason- 
able if its length is much greater than its thickness. If not, it 
must be assumed that the ends of the plate are sealed to elimi- 
nate axial concentration gradients. 

Another catalyst shape of some relevance to bioprocessing 
is the hollow cylinder; this is useful in analysis of hollow-fibre 
membrane reactors. However, because of its relatively limited 
application, we will not consider this geometry further. 

Concentration profiles for spherical and flat-plate geome- 
tries and first- and zero-order kinetics are summarised in Table 
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12.1. Boundary conditions for the flat plate similar to Eqs 
(12.9) and (12.10) are as follows: 


Cy=C,, atz=b 
(12.19) 
dC 
A = 0 atz=0 
dz 
(12.20) 


where C,, is the concentration of A at the solid—liquid inter- 
face, z is distance measured from the inner surface of the plate 
and dis the plate thickness. 


12.3.6 Prediction of Observed Reaction Rate 


Equations for intracatalyst substrate concentration such as 
those in Table 12.1 allow us to predict overall rates of reaction. 
Let us consider the situation for spherical particles and first- 
order, zero-order and Michaelis-Menten kinetics. Analogous 
equations can be derived for other geometries. 


(i) First-order kinetics. Rate of reaction at any point in the 
sphere depends on the first-order kinetic constant &, and 
the concentration of substrate at that point. The overall 
rate for the entire particle is equal to the sum of all such 
rates at every location in the solid. This sum is mathemat- 
ically equivalent to integrating the expression &, C, over 
the entire particle volume, taking into account the varia- 
tion of Cy with radius expressed in Eq. (12.11). The 
result is an equation for the observed reaction rate ry a4. 
ina single particle: 


Yrobs =4URDY,Ca, [RY k,/G,, coth (RJ k,/ DH.) — 1] 
(12.21) 


where coth is the abbreviation for Ayperbolic cotangent 


defined by: 


coth x = 


(12.22) 
(ii) Zero-order kinetics. As long as substrate is present, zero- 
order reactions occur at a fixed rate independent of 
substrate concentration. Therefore, if C, > 0 everywhere 
in the particle, the overall rate of reaction is equal to the 
zero-order rate constant £, multiplied by the particle vol- 
ume: 


Table 12.1 Steady-state concentration profiles 


First-order reaction: r A= kh, Cy 


sinh (r/ kiIDs. ) 
sinh (RY k,/D,. ) 
cosh (z J kIDs. ) 
apa es 
cosh (6) kIDs. ) 


Zero-order reaction: ra= ky 


Sphere # Cy = Cy, & 


Flat plate 6 Cy = 


ko 
p— Re 
= ) 


Ae 


Sphere® Cy=Cy. + 


fo eae a 


Flat plate © Cy = Cy, + 
2 Ae 


“ Sinh is the abbreviation of hyperbolic sine. Sinh xis defined as: 


er e* 
sinh x = 


2 
5 Cosh is the abbreviation of hyperbolic cosine. Cosh xis defined as: 


etre 


cosh x = 
2 


© For Cy > 0 everywhere within the catalyst. 


r = = Rk 
A,obs 3 0° 
(12.23) 


However, if C, falls to zero at some radius Ry, the inner 
volume 4; Tt Re is inactive. In this case, the rate of reac- 
tion per particle is equal to &y multiplied by the active 
particle volume: 


4 4 
‘ani ky = 3 MR =Reyike: 
(12.24) 


Michaelis-Menten 
Michaelis-Menten 


Observed rates for 
teactions cannot be expressed 


kinetics. 


(iii) 
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explicitly because we do not have an equation for Cy asa 
function of radius. r, 4, can be evaluated, however, 
using numerical methods. 


12.4 The Thiele Modulus and Effectiveness 
Factor 


Charts based on the equations of the previous section allow us 
to determine 74 ,, relative to 74, , the reaction rate that would 
occur if all cells or enzyme were exposed to the external sub- 
strate concentration. Differences between r ‘Ajobs 20d 14, show 
immediately the extent to which reaction is affected by 
internal mass transfer. Comparison of these rates requires 
application of theory as described in the following sections. 


12.4.1 First-Order Kinetics 


Ifa catalyst particle is unaffected by mass transfer, the concen- 
tration of substrate inside the particle is constant and equal to 
the surface concentration, C,,. Thus, the rate of first-order 
reaction without internal mass-transfer effects is equal to 
k, C4, multiplied by the particle volume: 


* 4 3 
TAs— rau 1Cas: 
(12.25) 


The extent to which ry 9, is different from r%, is expressed by 
means of the internal effectiveness factor n;: 


at Tx obs (observed rate) 
, ee rate that would occur if C, = Cy, 
everywhere in the particle 


(12.26) 


In the absence of mass-transfer limitations, r "Aobs = "As and 7, 
= 1; when mass-transfer effects reduce r ‘Aobs 1; < 1. For calcu- 
lation of 7 » 7A, obs ie ane should have the same units, 
for example, kg s~ 3, gmol s~ et particle, etc. We can 
substitute expressions "robs and 7’, from Eqs (12.21) and 
(12.25) into Eq. (12.26) to derive an expression for n;,, the 
internal effectiveness factor for first-order reaction: 


[RY k,/D,, coth (RV &,/G,,) — 1]. 


N= R i 


(12.27) 
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Thus, the internal effectiveness factor for first-order reaction 
depends on only three parameters: R, &, and 9,.. These 
parameters are usually grouped together to form a dimension- 
less variable called the Thiele modulus. There are several 
definitions of the Thiele modulus in the literature; as it was 
formulated originally [11], application of the modulus was 
cumbersome because a separate definition was required for 
different reaction kinetics and catalyst geometries. 
Generalised moduli which apply to any catalyst shape and 
reaction kinetics have since been proposed [12-14]. The gen- 


eralised Thiele modulus @ is defined as: 
( Cas 

Ca, eq 
where Vis catalyst volume, S, is external surface area, C,. is 
eubatrate: concentration at the surface of the catalyst, r, is 
reaction rate, r4lc,_ is the reaction rate when C, = Cy, Dp, is 
effective diffusivity of substrate and C,, ., is the equilibrium 
substrate concentration. As explained in Section 11.1.1, fer- 
mentations and many enzyme reactions are irreversible so 
that Cy ., is zero for most biological applications. From 
geometry, '?/s, = %, for spheres and 6 for flat plates. 
Expressions determined from Eq. (12.28) for first-order, 
zero-order and Michaelis—Menten kinetics are listed in Table 
12.2 as @,, @y and o_, respectively. @ represents a dimension- 
less combination of the important parameters affecting mass 
transfer and reaction in heterogeneous systems: catalyst size 
(R or 4), effective diffusivity (9,.), surface concentration 
(C,,) and intrinsic rate parameters (ko, ky or max and K’,). 
Only the Thiele modulus for first-order reactions does not 
depend on substrate concentration. 


When parameters R, k, and &,_ in Eq. (12.27) are grouped 
together as @,, the result is: 


-1 
Ve Talcy, A 


cme 


Dy rnd, 
(12.28) 


1 
ig= 3g3 08 coth 3, — 1) 
(12.29) 


where coth is defined by Eq. (12.22). Eq. (12.29) applies to 
spherical geometry and first-order reaction; an analogous 
equation for flat plates is listed in Table 12.3. Plots of n;, ver- 
sus @, for sphere, cylinder and flat-plate catalysts are shown in 
Figure 12.8. The curves coincide exactly for ¢, — 0 and 
¢, > ©, and fall within 10-15% for the remainder of the 
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Table 12.2 Generalised Thiele moduli 
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First-order reaction: ry =k, Cy 


o an fi 
x Dye 
Sc ; R 12 
phere i= 7.4 
3 Dp. 


Flat plate 9, = 6 


rE = 2 
2 S, Dr. Cas 
R ky 
Sphere $y = 372 we 
Ac As 


- : : Umax CA 
Michaelis—Menten reaction: r= 
Kit Cn 
TE, SP en. 1 
gosta ee te _Ymax Bin 
i f2 Sy Dre Cas 1+ B B 
K 
= *n/ 
Cn, 
phere n= ——_ | —— + Bln 
Dy. Cy, 1+B 


R 
3/2 
b 


v 
Flat plat = a 
eee Bei ea a= & 


B 
1 B ae 
1+ Bln 
s)he (55) 


range. Figure 12.8 can be used to evaluate 7;, for any catalyst 
shape provided @, is calculated using Eq. (12.28). Because of 
the errors involved in estimating the parameters defining @,, it 
has been suggested that effectiveness factor curves be viewed as 
diffuse bands rather than precise functions [15]. 

Thus, if the first-order Thiele modulus is known, we can 


use Figure 12.8 to find the internal effectiveness factor and Eqs 
(12.25) and (12.26) to predict the overall reaction rate for the 
catalyst. At low values of $, < 0.3, 7,, = 1 and the rate of reac- 
tion is not adversely affected by internal mass transfer. 
However as , increases above 0.3, 7,, falls as mass-transfer 
limitations come into play. Therefore, the value of the Thiele 
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em 


Table 12.3. Effectiveness factors (@ for each geometry and kinetic order is defined in Table 12.2) 


First-order reaction: r, =k, Cy 


1 
Sphere oy, = = (3, coth 3, — 1) 
30; 
tanh 
Flat plate? 7 = Raspes 
?; 


Zero-order reaction: r, = ko 


Sphere =n, =1 


Sphere ¢ 


for0< $9 < 0.577 


for b, > 0.577 


Flat plate 7,) = 1 


= 


for0< ¢) <1 


for @y> 1 


@ Coth is the abbreviation of hyperbolic cotangent. Coth xis defined as: 


+e°* 


coth x = 


e nb e* 
6 Tanh is the abbreviation of hyperbolic tangent. Tanh xis defined as: 


en e* 
tanh x = 


e+e 


© Cosis the abbreviation of cosine. The notation cos~! x (or arccos x) denotes any angle whose cosine is x. Angles used to determine cos and cos? are in 


radians. 


modulus indicates immediately whether the rate of reaction is 
diminished due to diffusional effects, or whether the catalyst is 
performing at its maximum rate at the prevailing surface con- 
centration. For strong diffusion limitations at @, > 10, 7,, for 
all geometries can be estimated as: 


(12.30) 


12.4.2 Zero-Order Kinetics 


When substrate is present throughout the catalyst, evaluation 
of the zero-order internal effectiveness factor 1,9 is straightfor- 
ward. Under these conditions, the reaction proceeds at the 
same rate that would occur if C, = C,, throughout in the 


particle. Therefore, from Eq. (12.26), 7,9 = 1 and: 


4 
Ts obs = rasa Biko: 
(12.31) 
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First-order kinetics 


Sphere 


Zero-order kinetics 


Tio 


Cylinder 
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Figure 12.8 Internal 
effectiveness factor n,,, 
as a function of the 
generalised Thiele 
modulus @ , for first- 
order kinetics and 
spherical, cylindrical 
and flat-plate 
geometries. The dots 
represent calculations 
on finite or hollow 
cylinders and 
parallelepipeds. (From 
R. Aris, 1975, The 
Mathematical Theory of 
Diffusion and Reaction 
in Permeable Catalysts, 
vol. 1, Oxford 
University Press, 
London.) 


Figure 12.9 Internal 
effectiveness factor 7; 
as a function of the 
generalised Thiele 
modulus $y for zero- 
order kinetics and 
spherical and flat-plate 
geometries. 
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If C, falls to zero within the pellet, the effectiveness factor 
must be evaluated differently. In this case, 4 9, is given by Eq. 
(12.24) and the internal effectiveness factor is: 


4 
—n(R? — R3)k 
(p= ee ee "R. : 


4 
anh 


(12.32) 


According to the above analysis, to evaluate n., for zero-order 
kinetics, first we must know whether or not substrate is 
depleted in the catalyst, then, if it is, the value of Rp. Usually 
this information is unavailable because we cannot easily meas- 
ure intraparticle concentrations. Fortunately, further 
mathematical analysis [7] overcomes this problem by repre- 
senting the system in terms of measurable properties such as R, 
Gy, Cy, and k, rather than Rj. These parameters define the 
Thiele modulus for zero-order reaction, $9. The results are 
summarised in Table 12.3 and Figure 12.9. C, remains > 0 and 
Nig = 1 for 0 < by < 0.577 5 for $y > 0.577, nig declines as more 


B=0 (zero-order) 


= 


B= (first-order) \ 


Flat-plate geometry 


and more of the particle becomes inactive. Effectiveness factors 
for flat-plate systems are also shown in Table 12.3 and Figure 
12.9; in flat films, ¢, = 1 represents the threshold condition for 
substrate depletion. n,. curves for spherical and flat-plate 
geometries coincide exactly at small and large values of p. 


12.4.3 Michaelis-Menten Kinetics 


For a spherical catalyst, the rate of Michaelis-Menten reaction 
in the absence of internal mass-transfer effects is: 


(12.33) 


Our analysis cannot proceed further, however, because we do 
not have an equation for 7, 1,,. Accordingly, we cannot devel- 
op an analytical expression for n,,, as a function of @.. 
Diffusion-reaction equations for Michaelis-Menten kinetics 
are generally solved by numerical computation. As an exam- 
ple, the results for flat-plate geometry are shown in Figure 
12.10 as a function of B, which is equal to “m/c,.. 


Figure 12.10 Internal 
effectiveness factor 7, 
as a function of the 
generalised Thiele 
modulus ¢,, and 
parameter f for 
Michaelis-Menten 
kinetics and flat-plate 

\ geometry. B = Km/c,.. 
(From R. Aris, 1975, 
The Mathematical 
Theory of Diffusion and 
Reaction in Permeable 
Catalysts, vol. 1, 
Oxford University 
Press, London.) 
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We can obtain approximate values for n,,, by considering 
the zero- and first-order asymptotes of the Michaelis-Menten 
equation. As indicated in Figure 12.10, curves for n,_, fall 
between the lines for zero- and first-order reactions. The exact 
position depends on the value of BB. As B > ©, 
Michaelis—Menten kinetics can be approximated as first order 
and the internal effectiveness factor evaluated from Figure 
12.8 with &, = *ma/x,,. When B — 9, zero-order reaction and 
Figure 12.9 apply with ky = v,,,,. Effectiveness factors for B 
between zero and infinity must be evaluated using numerical 
methods. Use of the generalised Thiele modulus as defined in 
Table 12.2 eliminates almost all variation in the internal 
effectiveness factor with changing B, except in the vicinity of 
,, = 1. As in Figures 12.8 and 12.9, the generalised modulus 
also brings together effectiveness-factor curves for all shapes 
of catalyst at the two asymptotes ¢,, > 0 and ¢, > ~. 
Therefore, Figure 12.10 is valid for spherical catalysts if ¢ _ is 
much less or much greater than 1. It should be noted however 
that variation between geometries in the intermediate region 
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around @_ = 1 can be significant [16]. 

If values of ¢,, and B are such that Michaelis-Menten 
kinetics cannot be approximated by either zero- or first-order 
equations, 7,_, can be estimated using an equation proposed by 
Moo-Young and Kobayashi [17]: 


_ Not Bny, 
ae 


(12.34) 


where B = ‘m/C,.. iq is the zero-order internal effectiveness 
factor obtained using values of $y evaluated with ky = v.35 11 
is the first-order effectiveness factor obtained using ¢, calcu- 
lated with &, = *max/K_. For flat-plate geometry, the largest 
deviation of Eq. (12.34) from exact values of n,_, is 0.089; this 
occurs at @ = 1 and B = 0.2. For spherical geometry, the 
greatest deviations occur around @,, = 1.7 and B = 0.3; the 
maximum error in this region is 0.09. Further details can be 
found in the original paper [17]. 


Invertase is immobilised in ion-exchange resin of average diameter 1 mm. The amount of enzyme in the beads is measured by 
protein assay as 0.05 kg m7. 20 cm? beads are packed into a small column reactor; 75 ml sucrose solution at a concentration of 
16 mM is pumped rapidly through the bed. In another reactor an identical quantity of free enzyme is mixed into the same vol- 
ume of sucrose solution. Assume the kinetic parameters for free and immobilised enzyme are equal: K,, is 8.8 mM and the 
turnover number is 2.4 x 1073 gmol glucose (g enzyme) ~! s~!. The effective diffusivity of sucrose in the ion-exchange resin is 2 
x 107% cm? s!, 

(a) What is the rate of reaction by free enzyme? 

(b) What is the rate of reaction by immobilised enzyme? 


Solution: 
The invertase reaction is: 


C,,H,,0,,+H,O > CH, ,0,+ CoH, ,0¢. 


sucrose glucose fructose 


Convert the data provided to units of gmol, m and s. 


8.8x10-4gmol | 1000 litres 5 
22 oo | = 8.8 gmol m 
litre lm 
Im 7 
Dy.=2X 107% cm? 57! | = 2x10710m?s7! 
100 cm 
Imm lm 
Ra |=5% 104m, 
2 10° mm 


If flow through the reactor is rapid, we can assume Cis equal to the bulk sucrose concentration C): 
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Cy, = Cy, = 16 mM = 


16x 1075 gmol 1000 litres 
———__——_ | ———_ |= 16 gmol m7>. 


litre lm 


Also: 


=107kg. 


pa |= 


Mass of enzyme = 20 cm? 
100 cm 


(a) In the free-enzyme reactor: 


10-Ske =} 100cm 


3 
= 1.33x 10-2 -3 
75cm? en 


Enzyme concentration = 


Production of 1 gmol glucose requires consumption of 1 gmol sucrose; therefore k, = 2.4 x 1073 gmol sucrose (g 
enzyme)~! s~!, From Eq. (11.33), v,,,, is obtained by multiplying the turnover number by the concentration of active enzyme. 
Assuming all enzyme present is active: 


2.4x 1073 gmol 
= 
= 3.19X 10-2 gmol m7 57}. 


1000 ~ 


max 


Joss 2 yom), 


Free-enzyme reaction takes place at uniform sucrose concentration, C,,. The volumetric rate of reaction is given by the 
Michaelis-Menten equation: 


Ue Cay _ (3.19 x 1072 gmol m7?s—!) (16 gmol m~3) 
RAC 8.8 gmol m~3+ 16 gmol m~3 


= 2.06107? gmol m73 s~! 


The total rate of reaction is v multiplied by the liquid volume: 


3 
Rate of reaction = (2.06 x 107~* gmol m~3 s~!) (75 cm). | 
00cm 
= 1,55x 107° gmols~!. 
(b) For heterogeneous reactions, v,,,, is expressed on a catalyst-volume basis. Therefore: 


1000 g 


max 


2.4 1073 gmol 
Vax = | —————_ ] (0.05 kg m3). ae 
gs 
= 0.12 gmols~! m7 particle. 
To determine the effect of mass transfer we must calculate n;_. The method used depends on the values of Band ¢,,: 


p= Kin _ 8.8 gmol m3 sigds 
7 Cys . 16 gmol m~ tay 


From Table 12.2: 


$i R 0 & 1 Jpn B yr 
me ae DC LEB 1+B 
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5x 1074m 0.12 gmol m~3 s~ 1 0.55 \}~% 
a2 (2x 10719 m?s~!) (16 gmol m~3) \1+0.55 1+0.55 


=0.71. 


Because both Band @,, have intermediate values, Figure 12.10 cannot be applied for spherical geometry. Instead, we must use 
Eg. (12.34). From Table 12.2: 


R ko 
%o = 2 —+$ Ss 
3/2 Dp, Cr, 
e R Vrnax 
3/2 Dr Crs 
5x1074m 0.12 gmol m~3 57! 
“39 (2x 107! m?s~!) (16 gmol m=) 
= 0.72. 


From Figure 12.9 or Table 12.3, No = 0.93. Similarly: 


2 R ky 
17 Ey D 
_R Vnax 
3 VKH 
x se 0.12 gmol m~3 s~! 
3 (8.8 gmol m~4) (2x 10719 m? s~!) 
= 14. 


From Figure 12.8 or Table 12.3, n,, =0.54. Substituting these results into Eq. (12.34): 
0.93 + 0.55 (0.54) 
hee 
1+0.55 


The rate of immobilised-enzyme reaction without diffusional limitations is the same as that for free enzyme: 1.55 X 
107° gmol s~!. Rate of reaction for the immobilised enzyme is 79% that of free enzyme even though the amount of enzyme 
present and external substrate concentration are the same: 


Observed rate = 0.79 (1.55 X 107 gmols~!) =1.22x 1076 gmols"}, 


12.4.4 The Observable Thiele Modulus difficult to evaluate for biological systems. A way to circum- 
vent this problem is to apply the observable Thiele modulus ®, 


D iffusion-reaction theory as presented in the previoussections sometimes called Weisz’s modulus [18], which is defined as: 
allows us to quantify the effect of mass transfer on rate of reac- 


tion. However, a drawback to the methods outlined so far is vv 
that they are useful only if we know the true kinetic parameters o-{_? “A,obs 
for the reaction: kg, &, or v,,,, and K_. In many cases these Sy] Dre ns 


values are not known and, as discussed in Section 12.9, can be (12.35) 
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where Vis catalyst volume, S, is external surface area, ry 41, 
is the observed reaction rate per unit volume of catalyst, D,, is 
effective diffusivity of substrate, and C,_, is the substrate con- 
centration at the external surface. Expressions for ® for 
spheres and flat plates are listed in Table 12.4. Evaluation of 
the observable Thiele modulus does not rely on prior knowl- 
edge of kinetic parameters; ® is defined in terms of the 
measured reaction rate, 74 41. 

For the observable Thiele modulus to be useful, we need to 
relate ® to the internal effectiveness factor n;. Some mathe- 
matical consideration of the equations already presented in 
this chapter yields the following relationships for first-order, 
zero-order and Michaelis—Menten kinetics: 


First order b= dn ‘I 


(12.36) 


Zero order D= 2¢2n 9 


(12.37) 


7 


(12.38) 


Michaelis-Menten © =292n,_ (1+) f +B ne 


B=02 


B= © (first-order) 


nh 


Spherical geometry 


Table 12.4 Observable Thiele moduli 


RY + 
Sphere @®= & cotpbe 
3 Dre Cas 
TA,obs 
Flat plate @®= 62 ———_ 
Dre Chas 


Egs (12.36)—(12.38) apply to all catalyst geometries and allow 
us to develop plots of ® versus n, from relationships between 
and 7, developed in the previous sections and represented in 
Figures 12.8-12.10. Curves for spherical catalysts and first- 
order, zero-order and Michaelis-Menten kinetics are given in 
Figure 12.11; results for flat-plate geometry are shown in 
Figure 12.12. All curves for B between zero and infinity are 
bracketed by the first- and zero-order lines. At each value of B, 
curves for all geometries coincide in the asymptotic regions 
®— 0 and © ; at intermediate values of @ the variation 
between effectiveness factors for different geometries can be 
significant. For ® > 10: 


1 
First-order kinetics Ny = - 
(12.39) 
Figure 12.11 Internal 


effectiveness factor n; asa 
function of the observable 
Thiele modulus @ for 
spherical geometry and 
first-order, zero-order and 
Michaelis-Menten 
kinetics. B = *m/ Cas: 
(From W.H. Pitcher, 
1975, Design and 
operation of immobilized 
enzyme reactors. In: R.A. 
Messing, Ed, [Immobilized 
Enzymes For Industrial 
Reactors, pp. 151-199, 
Academic Press, New 
York.) 


B=0 (zero-order) 
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B=0 (zero-order) 


0.05 


B= (first-order) 


ni 


Flat-plate geometry 


2 


No* @- 


Zero-order kinetics 


(12.40) 


Although @ is an observable modulus independent of kinetic 
parameters such as v,,, and K_, use of Figures 12.11 and 
12.12 for Michaelis~Menten reactions requires knowledge of 
K,,, for evaluation of 8. This makes application of the observ- 
able Thiele modulus difficult for Michaelis-Menten kinetics. 
However, we know thar effectiveness factors for 
Michaelis—Menten reactions lie between the first- and zero- 
order curves of Figures 12.11 and 12.12; therefore, we can 
always estimate the upper and lower bounds of n,_.. 
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Figure 12.12 
Internal effectiveness 
factor 7; as a function 
of the observable 
Thiele modulus ® for 
flat-plate geometry 
and first-order, zero- 
order and 
Michaelis—Menten 
kinetics. 

B= Km! c,,. (From 
W.H. Pitcher, 1975, 
Design and operation 
of immobilized 
enzyme reactors. In: 
R.A. Messing, Ed, 
Immobilized Enzymes 
For Industrial Reactors, 
pp. 151-199, 
Academic Press, New 


York.) 


12.4.5 Weisz’s Criteria 


The following general observations can be made from Figures 
12.11 and 12.12. 


If ®< 0.3, n; = 1 and internal mass-transfer limitations are 
insignificant. 


If ® > 3, n; is substantially < | and internal mass-transfer 
limitations are significant. 


The above statements are known as Weisz’s criteria, and are 
valid for all geometries and reaction kinetics. For ® in the 
intermediate range 0.3 < ®< 3, closer analysis is required to 
determine the influence of mass transfer on reaction rate. 


Example 12.4 Internal oxygen transfer to immobilised cells 


Baby hamster kidney cells are immobilised in alginate beads. The average particle diameter is 5 mm. Rate of oxygen consump- 
tion at a bulk concentration of 8 x 1073 kg O, m7? is 8.4 x 107° kg s~! m7? catalyst. The effective diffusivity of oxygen in the 
beads is 1.88 x 107? m* s~!. Assume that the oxygen concentration at the surface of the catalyst is equal to the bulk concentra- 


tion, and that oxygen uptake follows zero-order kinetics. 


(a) Are internal mass-transfer effects significant? 


(b) What reaction rate would be observed if diffusional resistance were eliminated? 


Solution: 


(a) To assess internal mass transfer, calculate the observable Thiele modulus. From Table 12.4 for spherical geometry: 
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O= a ’ Aobs 
Le ie Roe 
With 
5x1073m 
= = 2.5x1073m 
2 
ther 
gn | 29K 8.4x 1075 kgs7! m=3 
3 (1.88 x 107? m?s~!) (8x 1073 kg m73) 


= 3.88. 


From Weisz’s criteria, internal mass-transfer effects are significant. 


(b) For spherical catalysts and zero-order reaction, from Figure 12.11, at ® = 3.9, n.. = 0.4. From Eq. (12.26), without diffu- 


sional restrictions the reaction rate would be: 


12.4.6 Minimum Intracatalyst Substrate 
Concentration 


It is sometimes of interest to know the minimum concentra- 
tion Cy min inside solid catalysts. We can use this information 
to check, for example, that the concentration does not fall 
below some critical value for cell metabolism. C4 __., is easily 
estimated for zero-order reactions. If ® is such that n; < 1, 
C ‘Amin 18 Z€LO because n; = 1 if C, > 0 throughout the particle. 
For n; = 1, simple manipulation of the equations already pre- 
sented in this chapter allow us to estimate C’, _;,,- The results 


are summarised in Table 12.5. 


= 2.1 1074kgs7! m3 catalyst. 


12.5 External Mass Transfer 


Many equations in Sections 12.3 and 12.4 contain the term 
Cay the concentration of substrate A at the external surface of 
the catalyst. This term made its way into the analysis in the 
boundary conditions used for solution of the shell mass balance. 
It was assumed that C4, isa known quantity. However, because 
surface concentrations are very difficult to measure accurately, 
we must find ways to estimate C’,,. using theoretical principles. 
Reduction in substrate concentration from Cy, in the bulk 
liquid to Cy, at the catalyst surface occurs across the boundary 
layer surrounding the solid. In the absence of the boundary 


Table 12.5 | Minimum intracatalyst substrate concentration with zero-order kinetics (® for each geometry is defined in 


Table 12.4) 
Sphere 
Ca min = 0 for B = 0.667 
Amin — cal = oi °) for B < 0.667 
Flat plate 
Cr min = for ® = 2 
for B <2 
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layer, Cy = Ca), which is easily measured. When the bound- 
ary layer is present, C,, takes some value less than C,,. Rate of 
mass transfer across a liquid boundary layer is represented by 
the following equation (Section 9.4): 


Ny = bs a(Cyp — Cy.) 
(12.41) 


where N, is the rate of mass transfer, k is the liquid-phase 
mass-transfer coefficient with dimensions LT~!, and a is the 
external surface area of the catalyst. If N, is expressed per vol- 
ume of catalyst with units of, for example, kgmol s~! m73, to 
be consistent, a must also be expressed on a catalyst-volume 
basis with units of, for example, m? m~3 or m7}. Using the 
previous notation of this chapter, a in Eq. (12.41) is equal to 
5x/v, for the catalyst. At steady state, the rate of substrate trans- 
fer across the boundary layer must be equal to the rate of 
consumption by the catalyst, r4 .4,- Therefore: 


S, 
"robs = Fs Vv (Cay — Cas) 
e (12.42) 


where ry 4, is the rate per volume of catalyst. Rearranging gives: 


(12.43) 


Eq. (12.43) can be used to evaluate C,, before applying equa- 
tions in the previous sections to calculate internal substrate 
concentrations and effectiveness factors. The magnitude of 
external mass-transfer effects can be gauged from Eq. (12.43). 
Cade, = 1 indicates no external mass-transfer limitations; 
the substrate concentration at the surface is approximately 
equal to that in the bulk. On the other hand, “As/C,, << 1 
indicates a very steep concentration gradient in the boundary 
layer and severe external mass-transfer effects. We can define 
from Eg. (12.43) an observable modulus for external mass 
transfer, Q: 


(12.44) 


Expressions for QQ for different catalyst geometries are listed in 
Table 12.6. Criteria for assessing external mass transfer are as 
follows: 


If Q<<1,C "as = Cap and external mass-transfer effects are 
insignificant. 


Table 12.6 Observable moduli for external mass transfer 


Rr 
Sphere Q= — eas 
Shey 
r 
Flat plat O- $= 
ks Cay 


Table 12.7 External effectiveness factors 


First-order reaction: r, = k, C Z 


n Cas 
el ~ 
Cap 
Zero-order reaction: r, = ky 
10 =1 
vv. C 
Michaelis-Menten reaction: r, = ee 
K,+C A 


Cas (Kin + Cap) 
Ghar 


Tem = 


Otherwise, C ‘as < Cap and external mass-transfer effects 
are significant. 


For reaction affected by both internal and external mass-trans- 
fer restrictions, we can define a total effectiveness factor ny: 


(observed rate) 


iy = 


" A,obs = 
rep i that would occur if Cy = Cay 
everywhere in the particle 


(12.45) 


ny can be related to the internal effectiveness factor n,. Eq. 
(12.45) may be written as: 


* 
ne = "A.obs T As =n. 
. ae ACs 


where 1, is the external effectiveness factor and n; is defined in 
Eq. (12.26). Therefore, n, has the following meaning: 


(12.46) 


( rate that would occur if C A =e ») 


rs, everywhere in the particle 
n = = SS . 
: rab ( rate that would occur if C, = C oD) 
everywhere in the particle 
(12.47) 


12 Heterogeneous Reactions 


321 


Expressions for 7, for first-order, zero-order and 
Michaelis-Menten kinetics are listed in Table 12.7. For zero- 
order reactions, as long as Cy, and Cy, > 0, 1.9 = 1. However, 
No = 1 does not imply that an external boundary layer does 
not exist; even if there is a reduction in concentration across 
the boundary layer, because 74, and r4, are independent of 


Cys Ng = 1. Furthermore, 7. = 1 does not imply that elimi- 
nating the external boundary layer could not improve the 
reaction rate. Removing the boundary layer would increase the 
value of C,., thus establishing a greater driving force for 
internal mass-transfer and reducing the likelihood of C, fall- 
ing to zero inside the particle. 


Example 12.5 Effect of mass transfer on bacterial denitrification 


Denitrifying bacteria are opel in gel beads and used’in a ues reactor for removal of nitrate from groundwater. At a 


nitrate concentrayon of 3 g m7 
1.5 X 107? m2 s~ 
immobilised bacteria is approximately 25 g m— 

(a) Does external mass transfer influence the reaction rate? 
(b) Are internal mass-transfer effects significant? 


3, the conversion rate is 0.011 gs 
1 the beads are 6 mm in ane and the liquid_solid mass-transfer coefficient is 10~> m s~}. K_, for the 


~! m3 catalyst. The effective diffusivity of nitrate in the gel is 


(c) By how much would the reaction rate be improved if both internal and external mass-transfer resistances were eliminated? 


Solution: 


(a) 
6x1073m 


2 


= 3x10-3m 


The effect of external mass transfer is found by calculating Q. From Table 12.6: 


0.37. 


R rasp 3X1073m 0.011 gs7!'m™3 
3 kCy  3——=—« (10> ms~) 3 gm-3) 
As this value of {2is relatively large, external mass transfer influences the reaction rate. From Eq. (12.43) 
Cc 
—* =1-2=0.63 
Cap 


Cy, = 0.63 Cy, = 0.63 (3 gm~9) =1.9gm73 


(b) Calculate the observable Thiele modulus with C ‘As = 1-9 g m7? 


ee ei "A,obs 
Dep DG. 
= es) 0.011 gs-!m~3 - 
3 (1.5x 1079 m?s~!) (1.9 gm73) 


using the equation for spheres from Table 12.4: 


3.9. 


From Weisz’s criteria, internal mass-transfer effects are significant. 


(c) Because the nitrate concentration is much smaller than 


Cy, 
1.) = —— = 0.63. 
Cay 


K,,» we can assume the reaction is first order. From Table 12.7: 


Reaction rate in the absence of mass-transfer effects is r*, "ab » Which is related to r "Acobs by Eq. (12.45). Therefore, we can calculate 
7, if we know n--,. From Figure 12.11, at ®=3.9 1, =0.21. As n,, =0.63, from Eq. (12.46): 


N= Ny Ne, = 0-21 (0.63) = 0.13. 
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Therefore, from Eq. (12.45): 


The reaction rate would be increased by a factor of about 7.7. 


12.6 Liquid—Solid Mass-Transfer 
Correlations 


The mass-transfer coefficient &, must be known before we can 
account for external mass-transfer effects. &, depends on reac- 
tor hydrodynamics and liquid properties such as viscosity, 
density and diffusivity. It is difficult to determine k, accur- 
ately, especially for particles which are neutrally buoyant. 
However, values can be estimated using correlations from the 
literature; these are usually accurate under the conditions speci- 
fied to within 10-20%. Selected correlations are presented 
below. Further details can be found in chemical engineering 
texts [19, 20]. 

Correlations for &, are expressed using the following 
dimensionless groups: 


Diu, p, 
Re, = (particle) Reynolds number = a ad 
PL 
(12.48) 
Se = Schmidt number = A 
Pr May 
(12.49) 
kD. 
Sh = Sherwood number = P 
By 
(12.50) 
and 
D> p(p, — 1) 
Gr = Grashof number = iat a 
AL 
(12.51) 


where D,, is particle diameter, w,, is linear velocity of the parti- 
cle relative to the bulk liquid, p, is liquid density, , is liquid 
viscosity, D,, is the molecular diffusivity of component A in the 
liquid, &, is the liquid—solid mass-transfer coefficient, gis gravi- 
tational acceleration, and p, is particle density. The Sherwood 
number contains the mass-transfer coefficient and represents 
the ratio of overall and diffusive mass-transfer rates through the 
boundary layer. The Schmidt number represents the ratio of 
momentum diffusivity and mass diffusivity, and is made up of 


physical properties of the system. At constant temperature, pres- 
sure and composition, Sc is constant for Newtonian fluids. The 
Grashof number represents the ratio of gravitational forces to 
viscous forces, and is important when the particles are neutrally 
buoyant. The form of the correlation used to evaluate Sh and 
therefore £, depends on the configuration of the mass-transfer 
system, the flow conditions and other factors. 


12.6.1 Free-Moving Spherical Particles 


The equations presented here apply to solid particles suspend- 
ed in stirred vessels. Rate of mass transfer depends on the 
velocity of the solid relative to the liquid; this is known as the 
slip velocity. Slip velocity in suspensions is difficult to measure 
and must therefore be estimated before calculating &,. The fol- 
lowing equations allow evaluation of the particle Reynolds 
number which incorporates the slip velocity, Mor {7]: 


For Gr< 36 Re,=he 

(12.52) 
For 36 < Gr< 8 x 104 Re, = 0.153 Gr 71 

(12.53) 
For 8x 104 < Gr< 3x10 Rey= 1.74 Gr®, 

(12.54) 


Once Re, is known, Sh can be determined using equations 
such as [7, 19-22]: 


For Re,Se< 104 Sh= 14 + 1.21 (Re, Sc) 0.67 


(12.55) 


For Re, < 10° Sh =2+0.6 Re? Sc933, 


(12.56) 


12.6.2 Spherical Particles in a Packed Bed 


k, in a packed bed depends on the liquid velocity around the 
particles. For the range 10 < Re, < 104, Sherwood number in 
packed beds has been correlated by the equation [23]: 


Sh = 0.95 Red? Sc, 
(12.57) 
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12.7 Experimental Aspects 


Applying diffusion-reaction theory to real biocatalysts requires 
prior measurement of several parameters. This section consid- 
ers some experimental aspects of heterogeneous reactions. 


12.7.1 Observed Reaction Rate 


Calculation of Weisz’s modulus ® and the external modulus 
Q requires knowledge of r, 4... the observed rate of reaction 
per volume of catalyst. This information can be obtained from 
batch concentration data using the methods described in 
Section 11.2. 

When substrate levels change relatively slowly during reac- 
tion, batch rate data can be obtained by removing samples of 
the reaction mixture at various times and analysing for sub- 
strate concentration. However if substrate is consumed rapidly 
or if oxygen uptake rates are required, continuous 7 situ mon- 
itoring is necessary. The equipment shown in Figure 12.13 is 
configured for measurement of oxygen consumption by 
immobilised cells or enzymes. Catalyst particles are packed 
into a column and liquid medium recirculated through the 
packed bed. Oxygen is sparged into a stirred vessel connected 
to the column; dissolved-oxygen tension is measured using an 
electrode. The catalyst is allowed to reach steady state at a 
particular oxygen tension; the gas supply is then switched off 
and the initial rate of oxygen uptake recorded. Observed rates 
must be measured at steady state so that the results do not 
reflect rapidly-changing transient conditions. Unless sufficient 
time is allowed for the system to establish steady state, the 
experimental results will be unreliable. 

The system of Figure 12.13 is assumed to be well mixed so 
that the oxygen tension measured by the electrode is the same 
everywhere in the bulk liquid. Actually, oxygen concentrations 
entering and leaving the packed bed will be different because 
oxygen is consumed by the catalyst. However, if only 1-2% of 
the oxygen entering the column is consumed during each pass 
through the bed, from a practical point of view the system can 
be regarded as perfectly mixed. For this to occur, the recircula- 
tion flow rate must be sufficiently high [24]. In oxygen uptake 
experiments, temperature control is also very important as the 
solubility and mass-transfer properties of oxygen are tempera- 
ture dependent (see Sections 9.6.4 and 9.8.2). 

Observed reaction rates for catalytic reactions depend on 
the cell or enzyme loading per volume of catalyst. Therefore, 
experimental measurements apply only to the cell or enzyme 
density tested. Increasing the amount of cells or enzyme in the 
catalyst will increase 7, ,,, and the likelihood of mass-transfer 
restrictions. 


Figure 12.13 Batch recirculation reactor for measuring 
oxygen uptake by immobilised cells or enzymes. 
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12.7.2 Effective Diffusivity 


The value of the effective diffusivity D, | reflects the ease with 
which compound A diffuses within the catalyst matrix, and 
depends strongly on the pore structure of the solid. Effective 
diffusivities are normally lower than corresponding molecular 
diffusivities in water because porous solids offer more resist- 
ance to diffusion. Some experimental ,, values are given in 
Table 12.8. 

As cells can pose a significant barrier to diffusion, %,, for 
immobilised-cell preparations must be determined with the 
biomass present. During the measurement, external mass- 
transfer limitations must be overcome with high liquid flow 
rates around the catalyst. If experimental values of 9. are 
higher than the molecular diffusion coefficient, this may indi- 
cate the presence of convective mass transfer in the catalyst 
[3-6]. Techniques for measuring effective diffusivity are 
described in several papers [28-33]; however, accurate meas- 
urement of 9, | is difficult in most systems. 


12.8 Minimising Mass-Transfer Effects 


To improve overall rates of reaction in bioprocesses, mass- 
transfer restrictions must be minimised or eliminated. In this 
section we consider practical ways of achieving this objective 
based on the equations presented in Tables 12.4 and 12.6. 


12.8.1 Internal Mass Transfer 


Internal mass-transfer effects are eliminated when the internal 
effectiveness factor is equal to 1; n; approaches unity as the 
observable Thiele modulus ® is reduced. From Table 12.4, ® 


is decreased by: 
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Table 12.8 Effective diffusivity values 


GF * 
Substance Catalyst Temperature Dy. oe Ref. 
Aw 
(°C) (m?s7!) 
Oxygen Agar (2% w/v) 30°C 1.94x 107? 0.70 [25] 
containing Candida 
kipolytica cells 
Microbial aggregates 20°C 1.37 x 1079 0.62 [26] 
from domestic waste- 
treatment plant 
Trickling-filter slime 25°C 0.82 x 107-9 - [27] 
Glucose Microbial aggregates 20°C 0.25 x 1079 0.37 [26] 
from domestic waste- 
treatment plant 
Glass-fibre discs 30°C 0.30x 1079 0.43 [3] 
containing Saccharomyces 
uvarum cells 
Calcium alginate 30°C 0.62 x 107? 0.87 [28] 
(3 wt%) 
Calcium alginate (2.4— 30°C 0.26x 107? 0.37 [28] 
2.8 wt%) containing 
50 wt% bakers’ yeast 
Sucrose Calcium alginate (2% w/v) 25°C 0.48 x 1079 0.86 [29] 
Calcium alginate (2% w/v) 25°C 0.14x 1079 0.25 [29] 
containing 12.5% (v/v) 
Catharanthus roseus cells 
L-tryptophan — Calcium alginate (2%) 30°C 0.67 x 107? 1.0 [30] 
k-Carrageenan (4%) 30°C 0.58x 107? 0.88 [31] 
Lactate Agar (1%) containing 37°C 1.4107? 0.97 [32] 
1% Ehrlich ascites 
tumour cells 
Agar (1%) containing 37°C 0.7x107? 0.48 [32] 
6% Ehrlich ascites 
tumour cells 
Ethanol k-Carrageenan (4%) 30°C 1.01x10~° 0.92 [31] 
Calcium alginate (1.4— 30°C 1.25x 107? 0.92 [28] 
3.8 wt%) 
Calcium alginate (2.4— 30°C 0.45x 107? 0.33 [28] 
2.8 wt%) containing 
50 wt% bakers’ yeast 
Nitrate Compressed film of - 1.4x107° 0.90 [26] 
nitrifying organisms 
Ammonia Compressed film of - 1.3x 107? 0.80 [26] 
nitrifying organisms 


* 9,,, is the molecular diffusivity in water at the temperature of measurement. 
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(i) reducing the observed reaction rate r ‘Keke 

(ii) reducing the size of the catalyst; 

(iii) increasing the effective diffusivity D, ; and 

(iv) increasing the surface concentration of substrate C, .. 


All these changes impact directly on the effectiveness of mass 
transfer in supplying substrate to the particle. 

Paradoxically, reducing the reaction rate ry .., improves 
the effectiveness of mass transfer aimed at increasing the reac- 
tion rate. When the catalyst is very active with a high demand 
for substrate, mass transfer is likely to be slow relative to reac- 
tion so that steep concentration gradients are produced. 
However, limiting the reaction rate by operating at sub-opti- 
mum conditions or using an organism or enzyme with low 
intrinsic activity does not achieve the overall goal of higher 
conversion rates. Because ra 4, is the reaction rate per volume 
of catalyst, another way of reducing ry 4,,, is to reduce the cell 
or enzyme loading in the solid. This reduces the demand for 
substrate per particle so that mass transfer has a better chance 
of supplying it at a sufficient rate. Therefore, if the same mass 
of cells or enzyme is distributed between more particles, the 
rate of conversion will increase. However, using more particles 
may mean that a larger reactor is required. 

Because ® is proportional to the square of catalyst size (R* 
for spheres or 6 for flat plates), reducing the catalyst size has a 
more dramatic effect on ® than changes in any other variable. 
It is therefore a good way to improve the reaction rate. In prin- 
ciple, mass-transfer limitations can be completely overcome if 
the particle size is decreased sufficiently. However, it is often 
extremely difficult in practice to reduce particle dimensions to 
this extent [34]. Even if mass-transfer effects were eliminated, 
operation of large-scale reactors with tiny, highly compressible 
gel particles raises new problems. Some degree of internal 
mass-transfer restriction must usually be tolerated. 


12.8.2 External Mass Transfer 


External mass-transfer effects decrease as the observable mod- 
ulus 2 is reduced. From the equations in Table 12.6, this can 
be achieved by: 

(i) reducing the observed reaction rate r A, 
(ii) reducing the size of the catalyst; 

(iii) increasing the mass-transfer coefficient &,; and 

(iv) increasing the bulk concentration of substrate C4). 


Decreasing the catalyst size and increasing the mass-transfer 
coefficient reduce the thickness of the boundary layer and facili- 
tate external mass transfer. &, is increased most readily by raising 
the liquid velocity outside the catalyst. £, is a function of other 
system properties such as liquid viscosity, density, and substrate 


obs? 


Figure 12.14 Spinning-basket reactor for minimising exter- 
nal mass-transfer effects: (a) reactor configuration; (b) detail 
of spinning basket. (From D.G. Tajbl, J.B. Simons and J.J. 
Carberry, 1966, Heterogeneous catalysis in a continuous 
stirred tank reactor. Ind. Eng. Chem. Fund. 5, 171-175.) 
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diffusivity; changes in these variables can also reduce boundary- 
layer effects to some extent. External mass transfer is more rapid 
at high bulk substrate concentrations; the higher the concentra- 
tion, the greater is the driving force for mass transfer across the 
boundary layer. By reducing the demand for substrate transfer 
across the boundary layer, decreasing ry ., a8 described in the 
previous section also reduces external limitations. 

In large-scale reactors, external mass-transfer problems may 
be unavoidable if sufficiently high liquid velocities cannot be 
achieved. However, when evaluating biocatalyst kinetics in 
the laboratory, it is advisable to eliminate fluid boundary layers 
to simplify analysis of the data. Several laboratory reactor con- 
figurations allow almost complete elimination of interparticle 
and interphase concentration gradients [35]. Recycle reactors 
such as that shown in Figure 12.13 have been employed exten- 
sively for study of immobilised cell and enzyme reactions; 
operation with high liquid velocity through the bed reduces 
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Figure 12.15 Stirred laboratory reactor for minimising Figure 12.16 Relationship between observed reaction rate 


external mass-transfer effects. (From K. Sato and K. Toda, 
1983, Oxygen uptake rate of immobilized growing Candida 
lipolytica. J. Ferment. Technol. 61, 239-245.) 
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boundary-layer effects. Another suitable configuration is the 
spinning-basket reactor (36, 37] illustrated in Figure 12.14. By 
rotating the baskets at high speed, high relative velocity is 
achieved between the particles and the surrounding fluid. Slip 
velocities obtained using this apparatus are significantly 
greater than with freely-suspended particles. Another labora- 
tory design aimed at increasing the slip velocity is the stirred 
vessel shown in Figure 12.15. In this vessel, catalyst particles 
are held relatively stationary in a wire-mesh cage while liquid is 
agitated at high speed. 

Elimination of external mass-transfer effects can be verified 
by calculating the observable parameter Q as described in 
Section 12.5. However, if the mass-transfer coefficient is not 
known accurately, an experimental test may be used instead 
[24]. Consider again the apparatus of Figure 12.13. Ifboundary 
layers around the particles affect the reaction, increased liquid 
velocity through the bed will improve conversion rates by reduc- 
ing the film thickness and bringing Cy, closer to C,,. As 
illustrated in Figure 12.16, at sufficiently high liquid velocity, 
external mass-transfer effects can be removed using this proce- 
dure; further increases in pump speed do not change the overall 
reaction rate. Therefore, if we can identify a liquid velocity u¥ at 
which reaction rate becomes independent of liquid velocity, 
operation at #, > wf will ensure that 7, = 1. For stirred reactors, 
a similar relationship holds between r, ,., and agitation speed. 


12.9 Evaluating True Kinetic Parameters 


The intrinsic kinetics of zero-order, first-order and 
Michaelis-Menten reactions are represented by the parame- 


and external liquid velocity. 


Liquid velocity, u,, 


ters ky, ky, v,,,, and K_.. In general, it cannot be assumed that 
the values of these parameters will be the same before and after 
cell or enzyme immobilisation; significant changes can be 
wrought during the immobilisation process. As an example, 
Figure 12.17 shows Lineweaver—Burk plots for free and 
immobilised B-galactosidase enzyme. According to Eq. 
(11.37), the slopes and intercepts of the lines in Figure 12.17 
indicate values of Xm/y_ and !/y,., respectively. The steep- 
er slopes and higher intercepts obtained for the immobil- 
ised enzyme indicate that immobilisation reduces v,,,.; this 
is a commonly observed result. The value of K,, can also be 
affected [9]. 

As described in Sections 11.3 and 11.4, kinetic parameters 
for homogeneous reactions can be determined directly from 
experimental rate data. However, evaluating the true kinetic 
parameters of immobilised cells and enzymes is somewhat 
more difficult. The observed rate of reaction is not the true rate 
at all points in the catalyst; mass-transfer processes effectively 
‘mask’ true kinetic behaviour. For example, v,,,, and K,, for 
immobilised catalysts cannot be estimated using the classical 
plots described in Section 11.4; under the influence of mass 
transfer, these plots no longer give straight lines over the entire 
range of substrate concentration [38, 39]. 

As illustrated in Figure 12.17 for -galactosidase, 
Lineweaver~Burk plots for immobilised enzymes are non- 
linear; the shape and slope of the curves depend on the 
magnitude of the Thiele modulus. Deviation from linearity in 
such plots is easily obscured by the scatter in real experimental 
data and the distortion of errors due to the Lineweaver—Burk 
linearisation. At low substrate concentrations, i.e. large values 
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Figure 12.17 Lineweaver—Burk plots for free and immobil- 
ised B-galactosidase. Enzyme concentrations within the gel 
are: 0.10 mg ml~! (@); 0.17 mg ml7! (Q); and 0.50 mg ml7! 
(@). (Data from P.S. Bunting and K_J. Laidler, 1972, Kinetic 
studies on solid-supported f-galactosidase. Biochemistry 11, 
4477-4483.) 
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of '/, the Lineweaver—Burk plot appears linear as first-order 
kinetics are approached. Even if we mistakenly interpret one of 
the immobilised-enzyme curves in Figure 12.17 as a straight 
line and evaluate apparent values of v,,, and K,,, we can 
check whether or not we have found the true kinetic para- 
meters by changing the particle radius and substrate 
concentration over a wide range of values. True kinetic para- 
meters do not vary with these conditions which affect mass 
transfer into the catalyst; if the slope and/or intercept change 
with Thiele modulus, it is soon evident that the system is sub- 
ject to diffusional limitations, Thus, apparent linearity of 
Lineweaver—Burk or similar plots is insufficient demonstra- 
tion of the absence of mass-transfer restrictions. Studies have 
shown that the effect of diffusion is more pronounced in 
Eadie—Hofstee plots than Lineweaver-Burk or Langmuir 
plots [39]; however, all three can be approximated by straight 
lines over certain intervals. 

Although the Lineweaver-Burk plot for immobilised 
Bgalactosidase is non-linear, we should not conclude 
that immobilised enzymes fail to obey Michaelis-Menten 
kinetics. The kinetic form of reactions is generally maintained 
upon immobilisation of cells and enzymes [9]; non-linearity 
of the Lineweaver—Burk plot is due to the effect of mass 
transfer on rp 4... 


Several methods have been proposed for determining v,,, 
and K_, in heterogeneous catalysts [38-41]. The most 
straightforward approach is experimental; it involves reducing 
the particle size and catalyst loading and increasing the exter- 
nal liquid velocity to eliminate all mass-transfer resistances. 
Measured rate data can then be analysed for kinetic parameters 
as if the reaction were homogeneous. However, because it is 
usually very difficult or impossible to completely remove 
intraparticle effects, procedures involving a series of experi- 
ments coupled with theoretical analysis have also been 
proposed. In these methods, rate data are collected at high and 
low substrate concentrations using different particle sizes. At 
high substrate levels, it is assumed that the reaction is zero 
order with n, = 1; at low concentrations, first-order kinetics are 
assumed. These assumptions simplify the analysis, but may 
not always be valid. 

When adequate computing facilities are available, true 
values of v,,,, and K_, can be extracted from diffusion-limited 
data using iterative calculations based on numerical integra- 
tion and non-linear regression [7, 9]. Many iteration loops 
may be required before convergence to the final parameter 
values. 


12.10 General Comments on Heterogeneous 
Reactions in Bioprocessing 


Before concluding this chapter, some general observations and 
rules of thumb for heterogeneous reactions are outlined. 


(i) Importance of oxygen mass-transfer limitations. In aerobic 
reactions, mass transfer of oxygen is more likely to limit 
reaction rate than mass transfer of most other substrates. 
The reason is the poor solubility of oxygen in aqueous 
solutions. Whereas the sugar concentration in a typical 
fermentation broth is around 20-50 kg m~3, oxygen 
concentration under | atm air pressure is limited to about 
8 x 1079 kg m~?. Therefore, because C4, is so low for 
oxygen, the observable Thiele modulus ® can be several 
orders of magnitude greater than for other substrates. In 
anaerobic systems, the rate-limiting substrate is more dif- 
ficult to identify. 

(ii) Relationship between internal effectiveness factor and concen- 
tration gradient. Depending on the reaction kinetics, the 
severity of intraparticle concentration gradients can be 
inferred from the value of the internal effectiveness factor. 
For first-order kinetics, reaction rate is directly propor- 
tional to substrate concentration; therefore n,, = 1 implies 
that concentration gradients do not exist in the catalyst. 
Conversely, if n,, < 1 we can conclude that concentration 
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(iii) 


(iv) 


(v) 


gradients are present. In contrast, for zero-order reactions 
Nig = 1 does not imply that gradients are absent; as long as 
Cy > O, the reaction rate is unaffected. Concentration gra- 
dients can be so steep that C, is reduced to almost zero 
within the catalyst, but 7; remains equal to 1. On the 
other hand, 9 < 1 implies that the concentration gradient 
is very severe and that some fraction of the particle volume 
is starved of substrate. 

Relative importance of internal and external mass-transfer 
Limitations. For porous catalysts, it has been demon- 
strated with realistic values of mass transfer and diffusion 
parameters that external mass-transfer limitations do not 
exist unless internal limitations are also present [42]. 
Concentration differences between the bulk liquid and 
external catalyst surface are never observed without larger 
internal gradients developing within the particle. On the 
other hand, if internal limitations are known to be 
present, external limitations may or may not be import- 
ant depending on conditions. Significant external 
mass-transfer effects can occur when reaction does not 
take place inside the catalyst, for example, if cells or 
enzymes are attached only to the exterior surface. 
Operation of catalytic reactors. Certain solid-phase proper- 
ties are desirable for operation of immobilised-cell and 
-enzyme reactors. For example, in packed-bed reactors, 
large, rigid and uniformly-shaped particles promote well- 
distributed and stable liquid flow. Solids in packed 
columns should also have sufficient mechanical strength 
to withstand their own weight. These requirements are in 
direct conflict with those needed for rapid intraparticle 
mass transfer; diffusion is facilitated in particles that are 
small, soft and porous. Because blockages and large 
pressure drops through the bed must be avoided, 
mass-transfer rates are usually compromised. In stirred 
reactors, soft, porous gels are readily destroyed at the 
agitation speeds needed to eliminate external boundary- 
layer effects. 

Product effects. Products formed by reaction inside cata- 
lysts must diffuse out under the influence of a 
concentration gradient. The concentration profile for 
product is the reverse of that for substrate; concentration 
is highest at the centre of the catalyst’and lowest in the 
bulk liquid. If product inhibition affects cell or enzyme 
activity, high intraparticle concentrations may inhibit 
progress of the reaction. Immobilised enzymes which 
produce or consume Ht ions are often affected; because 
enzyme reactions are very sensitive to pH, small local 
variations due to slow diffusion of ions can have a sig- 
nificant influence on reaction rate [43]. 


12.11 Summary of Chapter 12 
At the end of Chapter 12 you should: 


(i) know what heterogeneous reactions are and when they 
occur in bioprocessing; 


(ii) understand the difference between observed and true 
reaction rates, 

(iii) know how concentration gradients arise in solid-phase 
catalysts; 

(iv) understand the concept of the effectiveness factor; 

(v) beable to apply the Thiele modulusand observable Thiele 
modulus to determine the effect of internal mass transfer 
on reaction rate; 

(vi) be able to quantify external mass-transfer effects from 
measured data; 

(vii) know how to minimise internal and external mass- 
transfer restrictions; and 

(viii) understand that it is generally difficult to determine true 
kinetic parameters for heterogeneous biological reac- 
tions. 

Problems 


12.1 Diffusion and reaction ina 
waste treatment lagoon 


Industrial wastewater is often treated in large shallow lagoons. 
Consider such a lagoon covering land of area A. 
Microorganisms form a sludge layer of thickness L at the bot- 
tom of the lagoon; this sludge remains essentially undisturbed 
by movement of the liquid. As indicated in Figure 12P 1.1, dis- 
tance from the bottom of the lagoon is measured by 
coordinate z. Assume that microorganisms are distributed 
uniformly in the sludge. 


Figure 12P1.1 


Lagoon for wastewater treatment. 


Wastewater containing 
substrate at 
concentration s 


Microbial 
sludge layer 


b 


Bottom of lagoon 


Vshcihhig 
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At steady state, wastewater is fed into the lagoon so that the 
bulk concentration of digestible substrate remains constant 
at s,. Cells consume substrate diffusing into the sludge 
layer, thereby establishing a concentration gradient across 


thickness L . 


(a) 


(b) 


(<) 


Set up a shell mass balance on substrate by considering a 
thin slice of sludge of thickness Az perpendicular to the 
direction of diffusion. The rate of microbial reaction per 
unit volume sludge is: 


ro=kys 


where sis the concentration of substrate in the sludge layer 
(gmol cm~3) and &, is the first-order rate constant (s~'). 
The effective diffusivity of substrate in sludge is %.. 
Obtain a differential equation relating sand z. 

Hint: Area A is constant for flat-plate geometry and can 
be cancelled from all terms of the mass-balance equation. 
External mass-transfer effects at the liquid—sludge inter- 
face are negligible. What are the boundary conditions for 
this problem? 

The differential equation obtained in (a) is solved by mak- 
ing the substitution: 


s= Nef? 


where Nand pare constants. 

(i) Substitute this expression for s into the differential 
equation derived in (a) to obtain an equation for p. 
(Remember that / p? = por —p.) 

(ii) Because there are two possible values of p, let: 

s = Ne? + Me P*, 


Apply the boundary condition at z= 0 to this expres- 
sion and obtain a relationship between Nand M. 

Use the boundary condition at z= Lto find Nand M 
explicitly. Obtain an expression for s as a function 
of z. 

Use the definition of cosh x: 


(iii) 


(iv) 


e*+e * 


2 


cosh x = 


to prove that: 


cosh (z/ k IDs. ) 
cosh (LZ hI Dee) , 


5 
‘5 


(d) At steady state, rate of substrate consumption must be 


e) 


(f) 


equal to the rate at which substrate enters the sludge. As 
substrate enters the sludge by diffusion, the overall rate of 
reaction can be evaluated using Fick’s law: 


ds 
T Aobs = Ds, A ae 
z=L 
where 
ds ds 
— means — evaluated at z= L. 
dzl__, dz 


Use the equation for s from (c) to derive an equation for 
T Kobs* 

Hint: The derivative of cosh ax = a sinh ax where a is a 
constant and: 


e —, e* 


sinh x = 


Show from the result of (d) that the internal effectiveness 
factor is given by the expression: 


and: 


sinh x 
tanhx = 


cosh x 


Plot the concentration profiles through a sludge layer of 
thickness 2 cm for the following sets of conditions: 


(1) (2) (3) 
k, (s7}) 47x10°8 2.0x10°7 1.5x1074 
9,.(cm?s™!) 7.51077 2.0x1077 6.0x10~¢ 


Take s, to be 107° gmol cm~?. Label the profiles with 
corresponding values of ¢, and n,,. Comment on the 
general relationship between @,, the shape of the concen- 
tration profile, and the value of n;,. 
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12.2 Oxygen profile in immobilised-enzyme 
catalyst 


L-Lactate 2-monooxygenase from Mycobacterium smegmatis is 
immobilised in spherical agarose beads. The enzyme catalyses 
the reaction: 


C,H,O,+0, 3 C,H,O,+CO,+H,0. 


(lactic acid) (acetic acid) 


Beads 4 mm in diameter are immersed in a well-mixed solution 
containing 0.5 mM oxygen. A high lactic acid concentration is 
provided so that oxygen is the rate-limiting substrate. The 
effective diffusivity of oxygen in agarose is 2.1 x 107? m2 s7!. 
K,, for the immobilised enzyme is 0.015 mM; v,,,. is 


0.12 mol s~! per kg enzyme. The beads contain 0.012 kg 
enzyme m7? gel. External mass-transfer effects are negligible. 


(a) Plot the oxygen concentration profile inside the beads. 

(b) What fraction of the catalyst volume is active? 

(c) Determine the largest bead size that allows the maximum 
conversion rate? 


12.3 Effect of oxygen transfer on recombinant 
cells 


Recombinant E. coli cells contain a plasmid derived from 
pBR322 incorporating genes for the enzymes B-lactamase and 
catechol 2,3-dioxygenase from Pseudomonas putida. To pro- 
duce the desired enzymes the organism requires aerobic 
conditions. The cells are immobilised in spherical beads of car- 
rageenan gel. The effective diffusivity of oxygen is 1.4 x 
107° m?s~!. Uptake of oxygen is zero-order with intrinsic 
rate constant 1074 mol s~! m~3 particle. The concentration 
of oxygen at the surface of the catalyst is 8 x 1077 kg m7 3. 
Cell growth is negligible. 


(a) What is the maximum particle diameter for aerobic condi- 
tions throughout the catalyst? 

(b) For particles half the diameter calculated in (a), what is the 
minimum oxygen concentration in the beads? 

(c) The density of cells in the gel is reduced by a factor of five. 
If specific activity is independent of cell loading, what is 
the maximum particle size for aerobic conditions? 


12.4 Ammonia oxidation by immobilised cells 


Thiosphaera pantotropha is being investigated for aerobic oxi- 
dation of ammonia to nitrite in wastewater treatment. The 
organism is immobilised in spherical agarose particles of diam- 
eter 3 mm. The effective diffusivity of oxygen in the particles is 
1.9 107? m2 s~!. The immobilised cells are placed in a flow 


chamber for measurement of oxygen uptake rate. Using pub- 
lished correlations, the liquid—solid mass-transfer coefficient 
for oxygen is calculated as 6 x 107> ms~!. When the bulk 
oxygen concentration is 6 x 1073 kg m7, the observed rate of 
oxygen consumption is 2.2 x 1075 kg s~! m3 catalyst. 


(a) What effect does external mass-transfer have on respira- 
tion rate? 

(b) What is the effectiveness factor? 

(c) For optimal activity of T. pantotropha, oxygen levels must 
be kept above the critical level, 1.2 x 1074 kg m3. Is this 
condition satisfied? 


12.5 Microcarrier culture and external mass 
transfer 


Mammalian cells form a monolayer on the surface of micro- 
carrier beads of diameter 120 pm and density 1.2 x 
103 kg m7. The culture is maintained in spinner flasks in 
serum-free medium of viscosity 1073 Ns m7? and density 
10° kg m7 3. The diffusivity of oxygen in the medium is 2.3 x 
10-9 m?s~'. The observed rate of oxygen uptake is 
0.015 mols"! m7? at a bulk oxygen concentration of 
0.2 mol m~3. What is the effect of external mass transfer on 
reaction rate? 


12.6 Immobilised-enzyme reaction kinetics 


Invertase catalyses the reaction: 


C,,H,,0,,;+H,0 — CoH,,0, + CgH,,0¢. 


(sucrose) (glucose) (fructose) 


Invertase from Aspergillus oryzae is immobilised in porous 
resin particles of diameter 1.6 mm at a density of 0.1 pmol 
enzyme g~!. The effective diffusivity of sucrose in the resin is 
1.3.x 1071! m*s7!. The resin is placed in a spinning-basket 
reactor operated so that external mass-transfer effects are elim- 
inated. At a sucrose concentration of 0.85 kg m7~%, the 
observed rate of conversion is 1.25 x 1073 kg s~} m7? resin. 
K,,, for the immobilised enzyme is 3.5 kg m7}. 


(a) Calculate the effectiveness factor. 

(b) Determine the true first-order reaction constant for 
immobilised invertase. 

(c) Assume that specific enzyme activity is not affected by 
steric hindrance or conformational changes as enzyme 
loading increases. This means that £, should be directly 
proportional to enzyme concentration in the resin. Plot 
changes in effectiveness factor and reaction rate as a func- 


tion of enzyme loading from 0.01 pmol g™! to 


12 Heterogeneous Reactions 


2.0 pmol g™!. 


increasing the concentration of enzyme in the resin. 


Comment on the relative benefit of 


12.7 Mass-transfer effects in plant cell 
culture 


Suspended Catharanthus roseus cells form spherical clumps 
approximately 1.5 mm in diameter. Oxygen uptake is meas- 
ured using the apparatus of Figure 12.13; medium is 
recirculated with a superficial liquid velocity of 0.83 cm s~!. 
At a bulk concentration of 8 mg 1~!, oxygen is consumed at a 
rate of 0.28 mg per g wet weight per hour. Assume that the 
density and viscosity of the medium are similar to water, the 
specific gravity of wet cells is 1, and oxygen uptake is zero 
order. The effective diffusivity of oxygen in the clumps is 9 x 
10~° cm? s~!, or half that in the medium. 


(a) Does external mass transfer affect the oxygen-uptake rate? 

(b) To what extent does internal mass transfer affect oxygen 
uptake? 

(c) Roughly, what would you expect the profile of oxygen 
concentration to be within the aggregates? 


12.8 Respiration in mycelial pellets 


Aspergillus niger cells are observed to form aggregates of aver- 
age diameter 5 mm. The effective diffusivity of oxygen in the 
aggregates is 1.75 x 107? m* s~!. Ina fixed-bed reactor, the 
oxygen-consumption rate at a bulk oxygen concentration of 
8 x 10°F kgm~? is 8.7 x 10°° kgs! m“3 biomass. The 


liquid—solid mass-transfer coefficient is 3.8 X 10> msl. 


(a) Is oxygen uptake affected by external mass transfer? 

(b) What is the external effectiveness factor? 

(c) What reaction rate would be observed if both internal and 
external mass-transfer resistances were eliminated? 

(d) If only external mass-transfer effects were removed, what 
would be the reaction rate? 
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Reactor Engineering 


The reactor is the heart of any fermentation or enzyme conversion process. Design of bioreactors is a complex task, relying on 
scientific and engineering principles and many rules of thumb. Specifying aspects of the reactor and its operation involves 


several critical decisions. 


(i) Reactor configuration. For example, should the reactor be 
a stirred tank or an air-driven vessel without mechanical 
agitation? 

Reactor size. What size reactor is required to achieve the 
desired rate of production? 

Processing conditions inside the reactor. What reaction 
conditions such as temperature, pH and dissolved- 
oxygen tension should be maintained in the vessel, and 
how will these parameters be controlled? How will con- 
tamination be avoided? 

Mode of operation. Will the reactor be operated batch- 
wise or as a continuous-flow process? Should substrate be 
fed intermittently? Should the reactor be operated alone 
or in series with others? 


(ii) 
(iii) 


(iv) 


Decisions made in reactor design have a significant impact on 
overall process performance, yet there are no simple or stan- 
dard design procedures available which specify all aspects of 
the vessel and its operation. Reactor engineering brings 
together much of the material already covered in Chapters 
7~12 of this book. Knowledge of reaction kinetics is essential 
for understanding how biological reactors work. Other areas 
of bioprocess engineering such as mass and energy balances, 
mixing, mass transfer and heat transfer are also required. 


13.1 Reactor Engineering in Perspective 


Before starting to design a reactor, some objectives have to be 
defined. Simple aims like ‘Produce 1 g of monoclonal anti- 
body per day’, or ‘Produce 10 000 tonnes of amino acid. per 
year’, provide the starting point. Other objectives are also rele- 
vant; in industrial processes the product should be made at the 
lowest possible cost to maximise the company’s commercial 
advantage. In some cases, economic objectives are overridden 
by safety concerns, the need for high-product purity or regula- 


tory considerations. The final reactor design will be a reflec- 
tion of all these process requirements and, in most cases, 
represents a compromise solution to conflicting demands. 

In this section, we will consider the various contributions 
to bioprocessing costs for different types of product, and 
examine the importance of reactor engineering in improving 
overall process performance. As shown in Figure 13.1, the 
value of products made by bioprocessing covers a wide range. 
Typically, products with the highest value are those from 


Figure 13.1 Range of value of fermentation products. 
(From P.N. Royce, 1993, A discussion of recent develop- 
ments in fermentation monitoring and control from a 
practical perspective. Crit. Rev. Biotechnol. 13, 117-149.) 


Product 


Price per tonne (US$) 


100,000,000 Proteins from mammalian cell 


culture 


Vitamin B12 


Penicillin 


Bakers’ yeast 


Single-cell protein 


Treated wastewater 
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Figure 13.2 Contributions to total production cost in bioprocessing. 


TOTAL PRODUCTION COST 


Research & 
Development 


Fermentation / 
Reaction 


Raw Materials 


Labour 


Bioreactor Operation 


Administration & 
Marketing 


Downstream 
Processing 


Materials 


Labour 


Utilities (energy, water, 
steam, waste disposal) 


Utilities (energy, water, 
steam, waste disposal) 


Depreciation, 
insurance, etc. 


Depreciation, insurance, 


etc. 


mammalian cell culture, such as therapeutic proteins and 
monoclonal antibodies. At the opposite end of the scale is 
treatment of waste, where the overriding objective is minimal 
financial outlay for the desired level of purity. To reduce the 
cost of any bioprocess, it is first necessary to identify which 
aspect of it is cost-determining. Break-down of production 
costs varies from process to process; however, a general scheme 
is shown in Figure 13.2. The following components are 
important: (i) research and development; (ii) the fermentation 
or reaction step; (iii) downstream processing; and (iv) admin- 
istration and marketing. In most bioprocesses, the cost of 
administration and marketing is relatively small. Products for 
which the cost of reaction dominates include biomass such as 
bakers’ yeast and single-cell protein, catabolic metabolites 
such as ethanol and lactic acid, and bioconversion products 
such as high-fructose corn syrup and 6-aminopenicillanic 
acid. Intracellular products such as proteins have high down- 
stream-processing costs compared with reaction; other 
examples in this category are antibiotics, vitamins and amino 
acids. For new, high-value biotechnology products such as 
recombinant proteins and antibodies, actual processing costs 
are only a small part of the total because of the enormous 


investment required for research and development and regula- 
tory approval. Getting the product into the marketplace 
quickly is the most important cost-saving measure in these 
cases; any savings made by improving the efficiency of the 
reactor are generally trivial in comparison. However, for the 
majority of fermentation products outside this high-value 
category, bioprocessing costs make a significant contribution 
to the final price. 

If the reaction step dominates the cost structure, this may 
be because of the high cost of the raw materials required or the 
high cost of reactor operation. The relative contributions of 
these factors depends on the process. As an example, to pro- 
duce high-value antibiotics, the cost of 100 m? media is 
US$25 000-100 000 [1]. In contrast, the cost of energy, i.e. 
electricity, to operate a 100 m? stirred-tank fermenter includ- 
ing agitation, air compression and cooling water for a 6-d 
antibiotic fermentation is about US$8000 [1, 2]. Clearly then, 
energy costs for reactor operation are much less important 
than raw-material costs for this fermentation process. For 
high-value, low-yield products such as antibiotics, vitamins, 
enzymes and pigments, media represents 60-90% of the fer- 
mentation costs [1]. For low-cost, high-yield metabolites such 
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Figure 13.3. Strategies for bioreactor design as a function of the cost-determining factors in the process. 
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as ethanol, citric acid, biomass and lactic acid, raw material 
costs range from 40% of fermentation costs for citric acid to 
about 70% for ethanol produced from molasses [1, 3]. The 
remainder of the operating cost of bioreactors consists mainly 
of labour and utilities costs. 

As indicated in Figure 13.3, identifying the cost structure 
of bioprocesses assists in defining the objectives for reactor 
design. Even if the reaction itself is not cost-determining, 
aspects of reactor design may still be important. If the cost of 
research and development is dominating, design of the reactor 
is directed towards the need for rapid scale-up; this is more 
important than maximising conversion or minimising operat- 
ing costs. For new biotechnology products intended for 
therapeutic use, regulatory guidelines require that the entire 
production scheme be validated and process control guaran- 
teed for consistent quality and safety; reproducibility of 
reactor operation is therefore critical. When the cost of raw 
materials is significant, maximising substrate conversion and 
product yield in the reactor have high priority. If downstream 
processing is expensive, the reactor is designed and operated to 
maximise the product concentration leaving the vessel; this 
avoids the expense of recovering product from dilute solu- 
tions. When reaction costs are significant, the reactor should 
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be as small as possible to reduce both operating and capital 
costs. To achieve the desired total production rate using a 
small vessel, the volumetric productivity of the reactor must be 
sufficiently high (see Section 11.1.3). 

As indicated in Figure 13.3, volumetric productivity 
depends on the concentration of catalyst and its specific rate of 
production. To achieve high volumetric rates, the reactor 
must therefore allow maximum catalyst activity at the highest 
practical catalyst concentration. For tightly packed cells or cell 
organelles, the physical limit on concentration is of the order 
200 kg dry weight m~3; for enzymes in solution, the maxi- 
mum concentration depends on the solubility of enzyme in 
the reaction mixture. The extent to which these limiting con- 
centrations can be approached depends on the functioning of 
the reactor. For example, if mixing or mass transfer is inade- 
quate, oxygen or nutrient starvation will occur and the 
maximum cell density achieved will be low. Alternatively, if 
shear levels in the reactor are too high, cells will be disrupted 
and enzymes inactivated so that the effective concentration of 
catalyst is reduced. 

Maximum specific productivity is obtained when the cata- 
lyst is capable of high levels of production and conditions in 
the reactor allow the best possible catalytic function. For 
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simple metabolites such as ethanol, butanol and acetic acid 
which are linked to energy production in the cell, the maxi- 
mum theoretical yield is limited by the thermodynamic and 
stoichiometric principles outlined in Section 4.6. 
Accordingly, there is little scope for increasing production 
titres of these materials; reduced production costs and com- 
mercial advantage rely mostly on improvements in reactor 
operation which allow the system to achieve close to the maxi- 
mum theoretical yield. In contrast, it is not unusual for 
strain improvement and media optimisation programmes to 
improve yields of antibiotics and enzymes by over 100-fold, 
particularly in the early stages of process development. 
Therefore, for these products, identification of high-produc- 
ing strains and optimal environmental conditions is initially 
more rewarding than improving the reactor design and opera- 
tion. 


13.2 Bioreactor Configurations 


The cylindrical tank, either stirred or unstirred, is the most 
common reactor in bioprocessing. Yet, a vast array of ferment- 
er configurations is in use in different bioprocess industries. 
Novel bioreactors are constantly being developed for special 
applications and new forms of biocatalyst such as plant and 
animal tissue and immobilised cells and enzymes. 

Much of the challenge in reactor design lies in the provision 
of adequate mixing and aeration for the large proportion of 
fermentations requiring oxygen; reactors for anaerobic culture 
are usually very simple in construction without sparging or 
agitation. In the following discussion of bioreactor configura- 
tions, aerobic operation will be assumed. 


13.2.1 Stirred Tank 


A conventional stirred, aerated bioreactor is shown schemati- 
cally in Figure 13.4. Mixing and bubble dispersion are 
achieved by mechanical agitation; this requires a relatively 
high input of energy per unit volume. Baffles are used in 
stirred reactors to reduce vortexing. A wide variety of impeller 
sizes and shapes is available to produce different flow patterns 
inside the vessel; in tall fermenters, installation of multiple 
impellers improves mixing. The mixing and mass-transfer 
functions of stirred reactors are described in detail in Chapters 
7 and 9. 

Typically, only 70-80% of the volume of stirred reactors is 
filled with liquid; this allows adequate headspace for disen- 
gagement of droplets from the exhaust gas and to 
accommodate any foam which may develop. If foaming is a 
problem, a supplementary impeller called a foam breaker may 


Figure 13.4 Typical stirred-tank fermenter for aerobic 
culture. 
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be installed as shown in Figure 13.4. Alternatively, chemical 
antifoam agents are added to the broth; because antifoams 
reduce the rate of oxygen transfer (see Section 9.6.3), mechan- 
ical foam dispersal is generally preferred. 

The aspect ratio of stirred vessels, i.e. the ratio of height to 
diameter, can be varied over a wide range. The least expensive 
shape to build has an aspect ratio of about 1; this shape has the 
smallest surface area and therefore requires the least material to 
construct for a given volume. However, when aeration is 
required, the aspect ratio is usually increased. This provides for 
longer contact times between the rising bubbles and liquid and 
produces a greater hydrostatic pressure at the bottom of the 
vessel. 

As shown in Figure 13.4, temperature control and heat 
transfer in stirred vessels can be accomplished using internal 
cooling coils. Alternative cooling equipment for bioreactors is 
illustrated in Figure 8.1 (p. 165). The relative advantages and 
disadvantages of different heat-exchange systems are discussed 
in Section 8.1.1. 

Stirred fermenters are used for free- and immobilised- 
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Figure 13.5 Bubble-column bioreactor. 
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enzyme reactions, and for culture of suspended and immobil- 
ised cells. Care is required with particulate catalysts which may 
be damaged or destroyed by the impeller at high speeds. As dis- 
cussed in Section 7.14, high levels of shear can also damage 
sensitive cells, particularly in plant and animal cell culture. 


13.2.2 Bubble Column 


Alternatives to the stirred reactor include vessels with no 
mechanical agitation. In bubble-column reactors, aeration 
and mixing are achieved by gas sparging; this requires less 
energy than mechanical stirring. Bubble columns are applied 
industrially for production of bakers’ yeast, beer and vinegar, 
and for treatment of wastewater. 

Bubble columns are structurally very simple. As shown in 
Figure 13.5, they are generally cylindrical vessels with height 
greater than twice the diameter. Other than a sparger for entry 
of compressed air, bubble columns typically have no internal 
structures. A height-to-diameter ratio of about 3:1 is common 
in bakers’ yeast production; for other applications, towers with 
height-to-diameter ratios of 6:1 have been used. Perforated 


horizontal plates are sometimes installed in tall bubble col- 
umns to break up and redistribute coalesced bubbles. 
Advantages of bubble columns include low capital cost, lack of 
moving parts, and satisfactory heat- and mass-transfer perfor- 
mance. As in stirred vessels, foaming can be a problem 
requiring mechanical dispersal or addition of antifoam to the 
medium. 

Bubble-column hydrodynamics and mass-transfer charac- 
teristics depend entirely on the behaviour of the bubbles 
released from the sparger. Different flow regimes occur 
depending on the gas flow rate, sparger design, column diame- 
ter and medium properties such as viscosity. Homogeneous flow 
occurs only at low gas flow rates and when bubbles leaving the 
sparger are evenly distributed across the column cross-section. 
In homogeneous flow, all bubbles rise with the same upward 
velocity and there is no backmixing of the gas phase. Liquid 
mixing in this flow regime is also limited, arising solely from 
entrainment in the wakes of the bubbles. Under normal 
operating conditions at higher gas velocities, large chaotic 
circulatory flow cells develop and heterogeneous flow occurs as 
illustrated in Figure 13.6. In this regime, bubbles and liquid 
tend to rise up the centre of the column while a corresponding 
downflow of liquid occurs near the walls. Liquid circulation 
entrains bubbles so that some backmixing of gas occurs. 

Liquid mixing time in bubble columns depends on the flow 
regime. For heterogeneous flow, the following equation has 
been proposed [4] for the upward liquid velocity at the centre 
of the column for 0.1 < D<7.5 mand0 <u, <0.4ms"!: 


u, =0.9( gD ey? 
(13.1) 


where 4, is linear liquid velocity, g is gravitational accelera- 
tion, D is column diameter, and uw is gas superficial 
velocity. #¢ is equal to the volumetric gas flow rate at atmos- 
pheric pressure divided by the reactor cross-sectional area. 
From this equation, an expression for the mixing time ¢,, (see 


Section 7.9.4) can be obtained [5]: 


H 
t= 11— ued?) 98 
m D 4 G ) 
(13.2) 


where #7 is the height of the bubble column. 

As discussed in Section 9.6.1, values for gas—liquid mass- 
transfer coefficients in reactors depend largely on bubble 
diameter and gas hold-up. In bubble columns containing non- 
viscous liquids, these variables depend solely on the gas flow 
rate. However, as exact bubble sizes and liquid circulation 
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Figure 13.6 Heterogeneous flow in a bubble column. 


patterns are impossible to predict in bubble columns, accurate 
estimation of the mass-transfer coefficient is difficult. The fol- 
lowing correlation has been proposed for non-viscous media 
in heterogeneous flow [4, 5]: 


ka = 0.32u07 as 
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where &, a is the combined volumetric mass-transfer coefh- 
cient and u¢ is the gas superficial velocity. Eq. (13.3) is valid 
for bubbles with mean diameter about 6 mm, 0.08 m < D< 
11.6 m,0.3m< H<21 m,and0<u,<0.3 ms” !. Ifsmaller 
bubbles are produced at the sparger and the medium is non- 
coalescing, k, a will be larger than the value calculated using 
Eq. (13.3), especially at low values of ug less than about 
10-2 ms7! [4]. 


13.2.3 Airlift Reactor 


As in bubble columns, mixing in airlift reactors is accom- 
plished without mechanical agitation. Airlift reactors are often 
chosen for culture of plant and animal cells and immobilised 
catalysts because shear levels are significantly lower than in 
stirred vessels. 

Several types of airlift reactor are in use. Their distinguish- 
ing feature compared with the bubble column is that patterns 
of liquid flow are more defined owing to the physical separa- 
tion of up-flowing and down-flowing streams. As shown in 
Figure 13.7, gas is sparged into only part of the vessel cross- 
section called the riser. Gas hold-up and decreased fluid 
density cause liquid in the riser to move upwards. Gas 
disengages at the top of the vessel leaving heavier bubble-free 
liquid to recirculate through the downcomer. Liquid circulates 
in airlift reactors as a result of the density difference between 
riser and downcomer. 

Figure 13.7 illustrates the most common airlift configura- 
tions. In the internal-loop vessels of Figures 13.7(a) and 
13.7(b), the riser and downcomer are separated by an internal 
baffle or draft tube; air may be sparged into either the draft 
tube or the annulus. In the external-loop or outer-loop airlift of 
Figure 13.7(c), separate vertical tubes are connected by short 
horizontal sections at the top and bottom. Because the riser 
and downcomer are further apart in external-loop vessels, gas 
disengagement is more effective than in internal-loop devices. 
Fewer bubbles are carried into the downcomer, the density dif- 
ference between fluids in the riser and downcomer is greater, 
and circulation of liquid in the vessel is faster. Accordingly, 
mixing is usually better in external-loop than internal-loop 
reactors. 

Airlift reactors generally provide better mixing than bubble 
columns except at low liquid velocities when circulatory flow- 
patterns similar to those shown in Figure 13.6 develop. The 
airlift configuration confers a degree of stability to liquid flow 
compared with bubble columns; therefore, higher gas flow 
rates can be used without incurring operating problems such as 
slug flow or spray formation. Several empirical correlations 
have been developed for liquid velocity, circulation time and 
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Figure 13.7 Airlift reactor configurations. 
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mixing time in airlift reactors; however there is considerable 
discrepancy between the results [6]. Equations derived from 
hydrodynamic models are also available [6, 7]; these are usually 
relatively complex and, because liquid velocity and gas hold-up 
are not independent, require iterative numerical solution. 

Gas hold-up and gas—liquid mass-transfer rates in internal- 
loop airlifts are similar to those in bubble columns [6]. 
However, in external-loop devices, near-complete gas disen- 
gagement increases the liquid velocity and decreases the air 
hold-up [8, 9] so that mass-transfer rates at identical gas veloc- 
ities are lower than in bubble columns [6]. Therefore, by 
comparison with Eq. (13.3) for bubble columns, for external- 
loop airlifts: 
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ka < 0.32 wer. 
(13.4) 


Several other empirical mass-transfer correlations have been 
developed for Newtonian and non-Newtonian fluids in airlift 
reactors [6]. 

Performance of airlift devices is influenced significantly by the 
details of vessel construction [6, 10, 11]. For example, in 
internal-loop airlifts, changing the distance between the lower 
edge of the draft tube and the base of the reactor alters the 
pressure drop in this region and affects liquid velocity and gas 
hold-up. The depth of draft-tube submersion from the top of the 


liquid also influences mixing and mass-transfer characteristics. 
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Airlift reactors have been applied in production of single- 
cell protein from methanol and gas oil; they are also used for 
plant and animal cell culture and in municipal and industrial 
waste treatment. Large airlift reactors with capacities of 
thousands of cubic metres have been constructed. Tall 
internal-loop airlifts built underground are known as deep- 
shaft reactors; very high hydrostatic pressure at the bottom of 
these vessels considerably improves gas-liquid mass-transfer. 
The height of airlift reactors is typically about 10 times the 
diameter; for deep-shaft systems the height-to-diameter ratio 
may be increased up to 100. 


13.2.4 Stirred and Air-Driven Reactors: 
Comparison of Operating Characteristics 


For low-viscosity fluids, adequate mixing and mass transfer 
can be achieved in stirred tanks, bubble columns and airlift 
vessels. When a large fermenter (50-500 m) is required for 
low-viscosity culture, a bubble column is an attractive choice 
because it is simple and cheap to install and operate. 
Mechanically-agitated reactors are impractical at volumes 
greater than about 500 m? as the power required to achieve 
adequate mixing becomes extremely high (see Section 7.11). 

If the culture has high viscosity, sufficient mixing and mass 
transfer cannot be provided by air-driven reactors. Stirred ves- 
sels are more suitable for viscous liquids because greater power 
can be input by mechanical agitation. Nevertheless, mass- 
transfer rates decline rapidly in stirred vessels at viscosities 
greater than 50-100 cP [5]. 

Heat transfer can be an important consideration in the 
choice between air-driven and stirred reactors. Mechanical 
agitation generates much more heat than sparging of com- 
pressed gas. When the heat of reaction is high, such as in 
production of single-cell protein from methanol, removal of 
frictional stirrer heat can be a problem so that air-driven reac- 
tors may be preferred. 

Stirred-tank and air-driven vessels account for the vast 
majority of bioreactor configurations used for aerobic culture. 
However, other reactor configurations may be used in par- 
ticular processes. 


13.2.5 Packed Bed 


Packed-bed reactors are used with immobilised or particulate 
biocatalysts. The reactor consists of a tube, usually vertical, 
packed with catalyst particles. Medium can be fed either at the 
top or bottom of the column and forms a continuous liquid 
phase between the particles. Damage due to particle attrition is 
minimal in packed beds compared with stirred reactors. 
Packed-bed reactors have been used commercially with 
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immobilised cells and enzymes for production of aspartate and 
fumarate, conversion of penicillin to 6-aminopenicillanic 
acid, and resolution of amino acid isomers. 

Mass transfer between the liquid medium and solid catalyst 
is facilitated at high liquid flow rates through the bed; to 
achieve this, packed beds are often operated with liquid recycle 
as shown in Figure 13.8. The catalyst is prevented from leav- 
ing the column by screens at the liquid exit. The particles 
should be relatively incompressible and able to withstand their 
own weight in the column without deforming and occluding 
liquid flow. Recirculating medium must also be clean and free 
of debris to avoid clogging the bed. Aeration is generally 
accomplished in a separate vessel; if air is sparged directly into 
the bed, bubble coalescence produces gas pockets and flow 
channelling or maldistribution. Packed beds are unsuitable for 
processes which produce large quantities of carbon dioxide or 
other gases which can become trapped in the packing. 


13.2.6 Fluidised Bed 


When packed beds are operated in upflow mode with catalyst 
beads of appropriate size and density, the bed expands at high 
liquid flow rates due to upward motion of the particles. This is 
the basis for operation of fluidised-bed reactors as illustrated in 
Figure 13.9. Because particles in fluidised beds are in constant 
motion, channelling and clogging of the bed are avoided and 
air can be introduced directly into the column. Fluidised-bed 
reactors are used in waste treatment with sand or similar 
material supporting mixed microbial populations. They are 
also used with flocculating organisms in brewing and for 
production of vinegar. 
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Figure 13.9 Fluidised-bed reactor. 
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13.2.7 Trickle Bed 


The trickle-bed reactor is another variation of the packed bed. 
As illustrated in Figure 13.10, liquid is sprayed onto the top of 
the packing and trickles down through the bed in small rivu- 
lets. Air may be introduced at the base; because the liquid 
phase is not continuous throughout the column, air and other 
gases move with relative ease around the packing. Trickle-bed 
reactors are used widely for aerobic wastewater treatment. 


13.3 Practical Considerations For Bioreactor 
Construction 


Industrial bioreactors for sterile operation are usually designed 
as steel pressure vessels capable of withstanding full vacuum up 
to about 3 atm positive pressure at 150—-180°C. A hole is pro- 
vided on large vessels to allow workers entry into the tank for 
cleaning and maintenance; on smaller vessels the top is remov- 
able. Flat headplates are commonly used with laboratory-scale 
fermenters; for larger vessels a domed construction is less 
expensive. Large fermenters are equipped with a lighted verti- 
cal sight-glass for inspecting the contents of the reactor. 
Nozzles for medium, antifoam, acid and alkali addition, 
air-exhaust pipes, pressure gauge, and a rupture disc for 
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Figure 13.10 Trickle-bed reactor. 
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emergency pressure release, are normally located on the head- 
plate. Side ports for pH, temperature and dissolved-oxygen 
sensors are a minimum requirement; a steam-sterilisable 
sample outlet should also be provided. The vessel must be fully 
draining via a harvest nozzle located at the lowest point of the 
reactor. If the vessel is mechanically agitated, either a top- or 
bottom-entering stirrer is installed. 


13.3.1 Aseptic Operation 


Most fermentations outside of the food and beverage industry 
are carried out using pure cultures and aseptic conditions. 
Keeping the reactor free of unwanted organisms is especially 
important for slow-growing cultures which can be quickly 
over-run by contamination. Fermenters must be capable of 
operating aseptically for a number of days, sometimes months. 

Typically, 3-5% of fermentations in an industrial plant are 
lost due to failure of sterilisation procedures. However, the fre- 
quency and causes of contamination vary considerably from 
process to process. For example, the nature of the product in 
antibiotic fermentations affords some protection from con- 
tamination; fewer than 2% of production-scale antibiotic 
fermentations are lost through contamination by microorgan- 
isms or phage [12]. In contrast, a contamination rate of 
17% has been reported for industrial-scale production of 
Binterferon from human fibroblasts cultured in 50-litre bio- 
reactors [13]. 
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Figure 13.11 Pinch valve. 
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Industrial fermenters are designed for in situ steam sterilisa- 
tion under pressure. The vessel should have a minimum 
number of internal structures, ports, nozzles, connections and 
other attachments to ensure that steam reaches all parts of the 
equipment. For effective sterilisation, all air in the vessel and 
pipe connections must be displaced by steam. The reactor 
should be free of crevices and stagnant areas where liquid or 
solids can accumulate; polished welded joints are used in pref- 
erence to other coupling methods. Small cracks or gaps in 
joints and fine fissures in welds are a haven for microbial 
contaminants and are avoided in fermenter construction 
whenever possible. After sterilisation, all nutrient medium and 
air entering the fermenter must be sterile. As soon as flow of 
steam into the fermenter is stopped, sterile air is introduced to 
maintain a slight positive pressure in the vessel and discourage 


entry of air-borne contaminants. Filters preventing passage of 
microorganisms are fitted to exhaust-gas lines; this serves to 
contain the culture inside the fermenter and insures against 
contamination should there be a drop in operating pressure. 

Flow of liquids to and from the fermenter is controlled 
using valves. Because valves are a potential entry point for con- 
caminants, their construction must be suitable for aseptic 
operation. Common designs such as simple gate and globe 
valves have a tendency to leak around the valve stem and accu- 
mulate broth solids in the closing mechanism. Although used 
in the fermentation industry, they are unsuitable if a high level 
of sterility is required. Pinch and diaphragm valves such as 
those shown in Figures 13.11 and 13.12 are recommended for 
fermenter construction. These designs make use of flexible 
sleeves or diaphragms so that the closing mechanism is isolated 
from the contents of the pipe and there are no dead spaces in 
the valve structure. Rubber or neoprene capable of withstand- 
ing repeated sterilisation cycles is used to fashion the valve 
closure; the main drawback is that these components must be 
checked regularly for wear to avoid valve failure. To minimise 
costs, ball and plug valves are also used in fermenter construc- 
tion. 

With stirred reactors, another potential entry point for con- 
tamination is where the stirrer shaft enters the vessel. The gap 
between the rotating stirrer shaft and the fermenter body must 
be sealed; if the fermenter is operated for long periods, wear at 
the seal opens the way for air-borne contaminants. Several types 
of stirrer seal have been developed to prevent contamination. 
On large fermenters, mechanical seals are commonly used [14]. 


Figure 13.12 Weir-type diaphragm valve in (a) closed and (b) open positions. 
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Figure 13.13 Pipe and valve connections for aseptic transfer 
of inoculum to a large-scale fermenter. (From A. Parker, 1958, 
Sterilization of equipment, air and media. In: R. Steel, Ed, 
Biochemical Engineering, pp. 97-121, Heywood, London.) 
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In these devices, one part of the assembly is stationary while the 
other rotates on the shaft; the precision-machined surfaces of 
the two components are pressed together by springs or expand- 
ing bellows and cooled and lubricated with water. Mechanical 
seals with running surfaces of silicon carbide paired with tung- 
sten carbide are often specified for fermenter application. Stirrer 
seals are especially critical if the reactor is designed with a 
bottom-entering stirrer; double mechanical seals may be 
installed to prevent fluid leakage. On smaller vessels, magnetic 
drives can be used to couple the stirrer shaft with the motor; 
with these devices, the shaft does not pierce the fermenter body. 
A magnet in a housing on the outside of the fermenter is driven 
by the stirrer motor; inside, another magnet is attached to the 
end of the stirrer shaft and held in place by bearings. Sufficient 
power can be transmitted using magnetic drives to agitate vessels 
up to at least 800 litres in size [15]. However, the suitability of 
magnetic drives for viscous broths, especially when high oxygen- 


transfer rates are required, is limited. 


13.3.2 Fermenter Inoculation and Sampling 


Consideration must be given in design of fermenters for asep- 
tic inoculation and sample removal. Inocula for large-scale 
fermentations are transferred from smaller reactors; to prevent 
contamination during this operation, both vessels are main- 
tained under positive air pressure. The simplest aseptic 


transfer method is to pressurise the inoculum vessel using 
sterile air; culture is then effectively blown into the larger 
fermenter. An example of the pipe and valve connections 
required for this type of transfer is shown in Figure 13.13. The 
fermenter and its piping and the inoculum tank and its piping 
including valves H and I are sterilised separately before culture 
is added to the inoculum tank. With valves H and I closed, the 
small vessel is joined to the fermenter at connections A and B. 
Because these connectors were open prior to being joined, they 
must be sterilised. before the inoculum tank is opened. With 
valves D, H, I and C closed and A and B slightly open, steam 
flows through E, F and G and bleeds slowly from A and B. 
After about 20 minutes’ steam sterilisation, valves E and G and 
connectors A and B are closed; the route from inoculum tank 
to fermenter is now sterile. Valves D and C are opened for flow 
of sterile air into the fermenter to cool the line under positive 
pressure. Valve F is then closed, valves H and I are opened and 
sterile air is used to force the contents of the inoculum tank 
into the fermenter. The line between the vessels is emptied of 
most residual liquid by blowing through with sterile air. 
Valves D, C, H and I are then closed to isolate both the fer- 
menter and the empty inoculum tank which can now be 
disconnected at A and B. 

Sampling ports are fitted to fermenters to allow removal of 
broth for analysis. An arrangement for sampling which pre- 
serves aseptic operation is shown in Figure 13.14. Initially, 
valves A and D are closed; valves B and C are open to maintain 
a steam barrier between the reactor and the outside environ- 
ment. Valve C is then closed, valve B partially closed and valve 
D partially opened to allow steam and condensate to bleed 
from the sampling port D. For sampling, A is opened briefly to 
cool the pipe and carry away any condensate that would dilute 
the sample; this broth is discarded. Valve B is then closed and a 
sample collected through D. When sampling is complete, 
valve A is closed and B opened for re-sterilisation of the sample 
line; this prevents any contaminants which entered while D 
was open from travelling up to the fermenter. Valve D is then 
closed and valve C re-opened. 


13.3.3 Materials of Construction 


Fermenters are constructed from materials that can withstand 
repeated steam sterilisation and cleaning cycles. Materials con- 
tacting the fermentation medium and broth should also be 
non-reactive and non-absorptive. Glass is used to construct fer- 
menters up to about 30 litres capacity. The advantages of glass 
are that it is smooth, non-toxic, corrosion-proofand transparent 
for easy inspection of the vessel contents. Because entry ports are 
required for medium, inoculum, air and instruments such as pH 
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Figure 13.14 Pipe and valve connections for a simple 
fermenter sampling port. 
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and temperature sensors, glass fermenters are usually equipped 
with stainless steel headplates containing many screw fittings. 
Most pilot- and large-scale fermenters are made of corro- 
sion-resistant ‘stainless steel, although mild steel with stainless 
steel cladding has also been used. Cheaper grades of stainless 
steel may be used for the jacket and other surfaces isolated 
from the broth. Copper and copper-containing materials must 
be avoided in all parts of the fermenter contacting the culture 
because of its toxic effect on cells. Interior steel surfaces are 
polished to a bright ‘mirror’ finish to facilitate cleaning and 
sterilisation of the reactor; welds on the interior of the vessel 
are ground flush before polishing. Electropolishing is pre- 
ferred over mechanical polishing which leaves tiny ridges and 
grooves in the metal to accumulate dirt and microorganisms. 


13.3.4 Sparger Design 


The sparger, impeller and baffles determine the effectiveness 
of mixing and oxygen mass transfer in stirred bioreactors. 
Design of impellers and baffles is discussed in Section 7.9. 
Three types of sparger are commonly used in bioreactors: por- 
ous, orifice and nozzle. Porous spargers of sintered metal, glass 
or ceramic are used mainly in small-scale applications; gas 
throughput is limited because the sparger poses a high resist- 
ance to flow. Cells growing through the fine holes and 


blocking the sparger can also be a problem. Orifice spargers, 
also known as perforated pipes, are constructed by making 
small holes in piping which is then fashioned into a ring or 
cross and placed at the base of the reactor; individual holes 
must be large enough to minimise blockages. Orifice spargers 
have been used to a limited extent for production of yeast and 
single-cell protein and in waste treatment. Nozzle spargers are 
used in many agitated fermenters from laboratory to pro- 
duction scale. These spargers consist of a single open or 
partially-closed pipe providing a stream of air bubbles; advan- 
tages compared with other sparger designs include low 
resistance to gas flow and small risk of blockage. Other sparger 
designs have also been developed. In two-phase ejector—injec- 
tors, gas and liquid are pumped concurrently through a nozzle 
to produce tiny bubbles; in combined sparger—agitator designs 
for smaller fermenters, a hollow stirrer-shaft is used for deliv- 
ery of air. Irrespective of sparger design, provision should be 
made for in-place cleaning of the interior of the pipe. 


13.3.5 Evaporation Control 


Aerobic cultures are continuously sparged with air; however, 
most components of air are inert and leave directly through 
the exhaust gas line. If air entering the fermenter is dry, water 
is continually stripped from the medium and leaves the system 
as vapour. Over a period of days, evaporative water loss can be 
significant. This problem is more pronounced in air-driven 
reactors because the gas flow rates required for good mixing 
and mass transfer are generally higher than in stirred reactors. 

To combat evaporation problems, air sparged into fer- 
menters may be pre-humidified by bubbling through columns 
of water outside the fermenter; humid air entering the fer- 
menter has less capacity for evaporation than dry air. 
Fermenters are also equipped with water-cooled condensers to 
return to the broth any vapours carried by the exit gas. 
Evaporation can be a particular problem when products or 
substrates are more volatile than water. For example, 
Acetobacter species are used to produce acetic acid from 
ethanol in a highly aerobic process requiring large quantities of 
air. It has been reported for stirred-tank reactors operated at air 
flow rates between 0.5 and 1.0 vvm (vvm means volume of gas 
per volume of liquid per minute) that from a starting alcohol 
concentration of 5%, 30-50% of the substrate is lost within 
48 hours due to evaporation [16]. 


13.4 Monitoring and Control of Bioreactors 


The environment inside bioreactors should allow optimal 
catalytic activity. Parameters such as temperature, pH, 
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dissolved-oxygen concentration, medium flow rate, stirrer 
speed and sparging rate have a significant effect on the out- 
come of fermentation and enzyme reactions. To provide the 
desired environment, system properties must be monitored 
and control action taken to rectify any deviations from the 
desired values. Fermentation monitoring and control is an 
active area of research aimed at improving the performance of 
bioprocesses and achieving uniform and reliable fermenter 
operation. 

Various levels of process control exist in the fermentation 
industry. Manual control is the simplest, requiring a human 
operator to manipulate devices such as pumps, motors and 
valves. Automatic feedback control is used to maintain param- 
eters at specified values. With increasing application of 
computers in the fermentation industry, there is also scope for 
implementing advanced control and optimisation strategies 
based on fermentation models. 


13.4.1 Fermentation Monitoring 


Any attempt to understand or control the state of a fermenta- 
tion depends on knowledge of critical variables which affect 
the process. These parameters can be grouped into three cate- 
gories: physical, chemical and biological. Examples of process 
variables in each group are given in Table 13.1. Many of the 
physical measurements listed are well established in the fer- 
mentation industry; others are currently being developed or 
are the focus of research into new instrumentation. 

Despite the importance of fermentation monitoring, 
industrially-reliable instruments and sensors capable of rapid, 
accurate and direct measurements are not available for many 
process variables. For effective control of fermentations based 
on measured data, the time taken to complete the measure- 


ment should be compatible with the rate of change of the vari- 
able being monitored. For example, in a typical fermentation, 
the time scale for change in pH and dissolved-oxygen tension 
is several minutes, while the time scale for change in culture 
fluorescence is less than 1 second. For other variables such as 
biomass concentration, an hour or more may pass before 
measurable changes occur. The frequency and speed of 
measurement must be consistent with these time scales. 
Ideally, measurements should be made in situ and on-line, i.e. 
in or near the reactor during operation, so that the result is 
available for timely control action. Many important variables 
such as biomass concentration and broth composition cannot 
currently be measured on-line because of the lack of appropri- 
ate instruments. Instead, samples must be removed from the 
reactor and taken to the laboratory for off-line analysis. 
Because fermentation conditions can change during labora- 
tory analysis, control action based on the measurement is not 
as effective. Off-line measurements are used in industrial fer- 
mentations for analysis of biomass, carbohydrate, protein, 
phosphate and lipid concentrations, enzyme activity and 
broth rheology. Samples are usually taken manually every 
4-8 h; the results are available 2-24 h later. 

Examples of measurements which can be made on-line in 
industry are temperature, pressure, pH, dissolved-oxygen ten- 
sion, flow rate, stirrer speed, power consumption, foam level, 
broth weight and gas composition. Instruments for taking 
these measurements are relatively commonplace; detailed 
descriptions can be found elsewhere [17—19]. The availability 
of an on-line measurement or its use in the laboratory does not 
necessarily mean it is applied in commercial-scale processing. 
Owing to the cost of installation and the financial conse- 
quences of instrument failure during fermentation, measure- 
ment devices used in industry must meet stringent performance 


Table 13.1 Parameters measured or controlled in bioreactors 

Physical Chemical Biological 

Temperature pH Biomass concentration 
Pressure Dissolved O, Enzyme concentration 
Reactor weight Dissolved CO, Biomass composition 

Liquid level Redox potential (such as DNA, RNA, 
Foam level Exit gas composition protein, ATP/ADP/AMP, 
Agitator speed Conductivity NAD/NADH levels) 
Power consumption Broth composition Viability 

Gas flow rate (substrate, product, ion Morphology 


Medium flow rate 
Culture viscosity 


Gas hold-up 


concentrations, etc.) 
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Figure 13.15 Operating principle for biosensors. (From E.A.H. Hall, 1991, Biosensors, Prentice-Hall, New Jersey.) 
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criteria. These include: accuracy to within 1-2% of full scale, 
reliable operation for at least 80% of the time, low mainten- 
ance needs, steam sterilisability, simple and fast calibration, 
and maximum drift of less than 1-2% of full scale [1]. 
Sterilisable pH probes have been proven reliable if properly 
grounded and are used widely in industrial fermentations; 
their low failure rate is assisted by replacement every four or 
five fermentations. However, a variety of problems is associ- 
ated in the industrial environment with electrodes for 
dissolved carbon dioxide, redox potential and specific ions; 
these instruments are therefore confined mostly to laboratory 
applications. Drift and interference from air bubbles are well- 
known limitations with dissolved-oxygen probes in industrial 
fermenters; deposits and microbial fouling of the membrane 
also reduce measurement reliability. Even if electrodes are 
steam sterilisable, probe life can be significantly reduced by 
repeated sterilisation cycles. 

Development of new on-line measurements for chemical 
and biological variables is a challenging area of bioprocess 
engineering research. One of the areas targeted is biosensors 
{20, 21]. There are many different biosensor designs; however, 
in general, biosensors incorporate a biological sensing element 
in close proximity or integrated with a signal transducer. As 
illustrated schematically in Figure 13.15, the binding specific- 
ity of particular biological molecules immobilised on the 


probe is used to ‘sense’ or recognise target species in the fer- 
mentation broth; ultimately, an electrical signal is generated 
after the interaction between sensing molecules and analyte is 
detected by the transducer. Biosensors which use immobilised 
cells to recognise broth components are also being developed. 
Biosensors with enzyme, antibody and cell sensing-elements 
have been tested for a wide range of substrates and products 
including glucose, sucrose, ethanol, acetic acid, ammonia, 
penicillin, urea, riboflavin, cholesterol and amino acids. 
However, although several biosensors are available commer- 
cially, they are not used for routine monitoring of large-scale 
fermentations because of intractable problems with robust- 
ness, sterilisation, limited life-span and long-term stability. At 
this stage, because of the sensitivity of their biological compo- 
nents, biosensors appear to be more suitable for medical 
diagnostics and environmental analyses than in situ bioprocess 
applications. Nevertheless, biosensors may be used for rapid 
analysis of broth samples removed from fermenters. 

Another approach to on-line chemical and biological mea- 
surements involves use of automatic sampling devices linked 
to analytical equipment for high-performance liquid chroma- 
tography (HPLC), image analysis, NMR, flow cytometry or 
fluorometry. For these techniques to work, methods must be 
available for on-line aseptic sampling and analysis without 
blockage or interference from gas bubbles and cell solids. 
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Development in this area has centred around flow injection 
analysis (FIA), a sample-handling technique for removing cell- 
free medium from the fermenter and delivering a pulse of 
analyte to ex situ measurement devices. To date, routine on- 
line measurement of the most fundamental fermentation 
parameter, biomass concentration, has not been achieved. 
Several procedures based on culture turbidity, light scattering, 
fluorescence, calorimetry, piezoelectric membranes, radio- 
frequency dielectric permittivity and acoustics have been 
developed; however, they have not proved sufficiently accurate 
and reliable under industrial conditions. Air bubbles and 
background particles readily interfere with optical readings, 
while the relationship between biomass density and other cul- 
ture properties such as fluorescence is affected by pH, 
dissolved-oxygen tension and substrate levels [19]. Other diffi- 
culties have been encountered in development of automatic 
sampling devices; the most important of these is the high risk 
of contamination and blockage. Further details about on-line 
measurement techniques can be found elsewhere [22, 23]. 

Ina large fermentation factory, thousands of different vari- 


ables may be monitored at any given time. The traditional 
device for recording on-line process information is the chart 
recorder; however, with increasing application of computers 
in the fermentation industry, digital data logging is wide- 
spread. Because of the enormous quantity of information 
obtained from continuous monitoring of bioprocesses, an 
increasing problem in industry is the management and effec- 
tive utilisation of gigabytes of data. 


13.4.2 Measurement Analysis 


Any attempt to analyse or apply the results of fermentation 
monitoring must consider the errors and spurious or transient 
results incorporated into the data. Noise and variability are 
particular problems with certain fermentation measurements; 
for example, probes used for pH and dissolved-oxygen measure- 
ments are exposed to rapid fluctuations and heterogeneities in 
the broth so that noise can seriously affect the accuracy of 
point readings. Figure 13.16 shows typical results from on- 
line measurement of dilution rate and carbon dioxide 


Figure 13.16 On-line measurements of dilution rate and off-gas carbon dioxide during an industrial mycelial fermentation. 
(From G.A. Montague, A.J. Morris and A.C. Ward, 1989, Fermentation monitoring and control: a perspective. Biotechnol. 


Genet. Eng. Rev.7, 147-188.) 
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evolution in a production-scale fermenter; in many cases, sig 
nal conditioning or smoothing must be carried out to reduce the 
noise in these data before they can be applied for process con- 
trol or modelling. Most modern data acquisition and logging 
systems contain facilities for signal conditioning. Unwanted 
pseudo-random noise can be filtered out using analogue filter 
circuits or by averaging values over successive measurements. 
Alternatively, unfiltered signals can be digitised and filtering 
algorithms applied using computer software. Measurement 
drift cannot be corrected using electronic circuitry; instru- 
ments must be periodically recalibrated during long 
fermentations to avoid loss of accuracy. 

Raw data are sometimes used to calculate derived variables 
which characterise the performance of the fermenter. The 
most common derived variables are oxygen-uptake rate, rate of 
carbon dioxide evolution, the respiratory quotient RQ, and 
the mass-transfer coefficient &, a. As oxygen-uptake rate is 
usually calculated from the difference between two quantities 
of similar magnitude (gas inlet and outlet oxygen levels; see 
Section 9.10.1), noise in this variable can be significant [24] 
and affect the quality of other dependent variables such as &, 4 
and RQ. 


13.4.3 Fault Analysis 


Faults in reactor operation affect 15-20% of fermentations 
[25]. Fermentation measurements can be used to detect faults; 
for example, signals from a flow sensor could be used to detect 
blockages in a pipe and trigger an alarm in the factory control 
room. Normally however, the sensors themselves are the most 
likely components to fail; rates of failure of some fermentation 
instruments are listed in Table 13.2. Failure of a sensor might 


Table 13.2 Reliability of fermentation equipment 


be detected as an unexpected change or rate of change in its 
signal, or a change in the noise characteristics. Several 
approaches can be used to reduce the impact of faults on large- 
scale fermentations; these include comparison of current 
measurements with historical values, cross-checking between 
independent measurements, using multiple and back-up sen- 
sors, and building hardware redundancy into computer 
systems and power supplies. 


13.4.4 Process Modelling 


In modern approaches to fermentation control, a reasonably 
accurate mathematical model of the reaction and reactor 
environment is required. Using process models, we can 
progress beyond environmental control of bioreactors into the 
realm of direct biological control. Development of fermenta- 
tion models is aided by information from measurements taken 
during process operation. 

Models are mathematical relationships between variables. 
Traditionally, models are based on a combination of ‘theoreti- 
cal’ relationships which provide the structure of the model, 
and experimental observations which provide the numerical 
values of coefficients. For biological processes, specifying the 
model structure can be difficult because of the complexity of 
cellular processes and the large number of environmental fac-. 
tors which affect cell culture. Usually, bioprocess models are 
much-simplified approximate representations deduced from 
observation rather than from theoretical laws of science. As an 
example, a frequently-used mathematical model for batch fer- 
mentation consists of the Monod equation for growth and an 
expression for rate of substrate consumption as a function of 
biomass concentration: 


(From S.W. Carleysmith, 1987, Monitoring of bioprocessing, In: J.R. Leigh, Ed, Modelling and Control of Fermentation 
Processes, pp. 97-117, Peter Peregrinus, London; and P.N. Royce, 1993, A discussion of recent developments in fermentation 
monitoring and control from a practical perspective, Crit. Rev. Biotechnol. 13, 117-149) 


Equipment Reliability Mean time between failures 
(weeks) 

Temperature probe - 150-200 

pH probe 98% 9-48 

Dissolved-oxygen probe 50-80% 9-20 

Mass spectrometer - 10-50 

Paramagnetic O, analyser - 24 

Infrared CO, analyser - 52 

Computer system - 4 
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dx he te 
di 7 ~ Kets 
(13.5) 
—ds px 
— = — + Msx. 
dt Yyo 
(13.6) 


This model represents a combination of Eqs (11.52), (11.60) 
and (11.72). The form of the equations was determined from 
experimental observation of a large number of different cul- 
ture systems. In principle, once values of the parameters 74, ,,, 
Ky, Yyg and mg have been determined, we can use the model 
to estimate cell concentration x and substrate concentration s 
as a function of time. A common problem with fermentation 
models is that the model parameters can be difficult to 
measure or change with time. 

We have already encountered several model equations in 
this book; examples include the kinetic, yield and mainten- 
ance relationships introduced in Chapter 11 and the 
stoichiometric equations of Chapter 4 relating masses of sub- 
strates, biomass and products during reaction. Other models 
were derived in Chapter 12 for heterogeneous reactions; 
dependence of culture parameters such as cell concentration 
on physical, conditions in the bioreactor are represented in 
simple form by the equations of Sections 8.6.1 and 9.5.2. 
Process models vary in form but have the unifying feature that 
they predict outputs from a set of inputs. When models are 
used for fermentation control, they are usually based on mass- 
and energy-balance equations for the system. 

Development of a comprehensive model covering all key 
aspects of a particular bioprocess and able to predict the effects 
of a wide range of culture variables is a demanding exercise. 
Accurate models applicable to a range of process conditions 
are rare. As many aspects of fermentation are poorly under- 
stood, it difficult to devise mathematical models covering 
these areas. For example, the response of cells to spatial varia- 
tions in dissolved-oxygen and substrate levels in fermenters, or 
the effect of impeller design on microbial growth and produc- 
tivity, is not generally incorporated into models because the 
subject has been inadequately studied. Evidence that all 
important fermentation variables have not yet been identified 
is the significant batch-to-batch variation that occurs in the 
fermentation industry. 


13.4.5 State Estimation 


As described in Section 13.4.1, it is not possible to measure 
on-line all the key variables or states of a fermentation process. 


Often, considerable delays are involved in off-line measure- 
ment of important variables such as biomass, substrate and 
product concentrations. Such delays make effective control of 
the reactor difficult if control action is dependent on the value 
of these parameters, but must be undertaken more quickly 
than off-line analysis allows. One approach to this problem is 
to use available on-line measurements in conjunction with 
mathematical models of the process to estimate unknown 
variables. The computer programs and numerical procedures 
developed to achieve this are called software sensors, estimators 
or observers. The Kalman filter is a well-known type of observer 
applicable to linear process equations; non-linear systems can 
be treated using the extended Kalman filter [26]. The success of 
Kalman filters and other observers depends largely on the 
accuracy and robustness of the process model used. 

Several techniques for state estimation are available. As a 
simple example, on-line measurements of carbon dioxide in 
fermenter off-gas can be applied with an appropriate process 
model to estimate biomass concentration during penicillin fer- 
mentation [27]. As shown in Figure 13.17, the results were 
satisfactory for 100-m? fed-batch fermentations over a period 
of more than 8 days. Direct state estimation can achieve rea- 
sonable results as long as the process model remains valid and 
the estimator is able to reduce measurement noise. However, if 


Figure 13.17 Measured and estimated biomass 
concentrations in a large-scale fed-batch penicillin fermenta- 
tion. (From G.A. Montague, A.J. Morris and J.R. Bush, 
1988, Considerations in control scheme development for 
fermentation process control. IEEE Contr. Sys. Mag. 8, April, 
44-48.) 
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Figure 13.18 Components of a feedback control loop. 


Measured variable 


major fluctuations occur in operating conditions or if cell 
properties and model parameters change with time, the model 
may become inadequate and estimation accuracy will decline. 
Adaptive estimators are used to adjust faulty model parameters 
as the fermentation proceeds to alleviate problems caused by 
error in the equations. Off-line measurements can also be 
incorporated into the estimation procedure as they become 
available to improve the accuracy and reliability of prediction. 
Another technique involves ‘generic’ software sensors which 
use generally-structured models rather than model equations 
specific to the process of interest. Process characteristics are 
then ‘learnt’ or incorporated into the model structure as 
information becomes available from on- and off-line 
measurements. The primary advantage of generic sensors is 
that the software-development time is significantly reduced 
[28]. 

Mass-balancing techniques are another approach to state 
estimation. As described in Chapter 4, biomass can be estimat- 
ed from stoichiometry and other process measurements using 
elemental balances. This method is suitable for fermentation of 
defined media, but is difficult to apply with complex medium 
ingredients such as molasses, casein hydrolysate, soybean meal 
and corn steep liquor which have undefined elemental com- 
position. Another disadvantage is that the accuracy of biomass 
estimation often depends on measurement of substrate or 
product concentration which must be done off-line. 


13.4.6 Feedback Control 


Let us assume we wish to maintain the pH in a bioreactor at a 
constant value against a variety of disturbances, for example, 


Disturbances 


Variable, e.g., pH 


from metabolic activity. One of the simplest control schemes 
is a conventional feedback control loop, the basic elements of 
which are shown in Figure 13.18. A measurement device 
senses the value of the pH and sends the signal to a controller. 
At the controller, the measured value is compared with the 
desired value known as the set point. The deviation between 
measured and desired values is the error, which is used by the 
controller to determine what action must be taken to correct 
the process. The controller may be a person who monitors the 
process measurements and decides what to do; more often the 
controller is an automatic electronic, pneumatic or computer 
device. The controller produces a signal which is transmitted 
to the actuator, which executes the control action. In a typical 
system for pH control, an electrode would serve as the meas- 
urement device and a pump connected to a reservoir of acid or 
alkali as the actuator. Simple on—off control is generally suffi- 
cient for pH; if the measured pH falls below the set point, the 
controller switches on the pump which adds alkali to the fer- 
menter. When enough alkali is added and the pH returned to 
the set value, the pump is switched off. Small deviations from 
the set point are usually tolerated in on-off control to avoid 
rapid switching and problems due to measurement delay. 
On-off control is used when the actuator is an on-off 
device, such as a single-speed pump. If function of the actuator 
covers a continuous range, such as a variable-speed pump for 
supply of cooling water or a valve determining the rate of air 
flow, it is common to use proportional-integral-derivative ot 
PID control. With PID control, the control action is deter- 
mined in proportion to the error, the integral of the error and 
the derivative of the error with respect to time. The relative 
weightings given to these functions determine the response of 
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the controller and the overall ‘strength’ of the control action. 
PID control is used to determine, for example, whether the 
pump speed for cooling water in the coils of a fermenter 
should be increased by a small or large amount when a certain 
increase in reactor temperature is detected above the set point. 
Proper adjustment of PID controllers usually provides excel- 
lent regulation of the measured variable. However, poorly 
tuned controllers can destabilise a process and cause continu- 
ous or accentuated fluctuations in culture conditions. 
Considerations for adjusting PID controllers are covered in 
texts on process control, for example [29]. 

Close fermentation control requires simultaneous moni- 
toring and adjustment of many parameters. Instead of 
individual controllers for each function, it is becoming com- 
monplace to use a single computer or microprocessor for 
several feedback control loops. The computer logs measure- 
ments from a range of sensors in a time sequence and generates 
electronic signals which may be used directly or indirectly to 
drive various actuators. Application of computers requires 
digitisation of signals from the sensor; after digital-to-analogue 
conversion of the output, the computer or microprocessor can 
provide the same PID functions as a conventional analogue 
controller. If computers are used to drive the actuator devices, 
the system is said to be under direct digital control(DDC). 


13.4.7 Indirect Metabolic Control 


Maintaining particular values of temperature or pH is a rather 
indirect approach to bioreactor control; the wider objective is 
to optimise performance of the catalyst and maximise produc- 
tion of the desired product. Certain derived variables such as 
the oxygen-uptake rate and respiratory quotient can be calcu- 
lated from on-line fermentation measurements; these variables 
reflect to some extent the biological state of the culture. It can 
be advantageous to base control actions on deviation of these 
metabolic variables from desired values rather than on envi- 
ronmental conditions. 

Indirect metabolic control is often used in fed-batch cul- 
ture of bakers’ yeast. Due to the Crabtree effect, yeast 
metabolism can switch from respiratory to fermentative mode 
depending on prevailing glucose and dissolved-oxygen con- 


centrations. Maximum biomass yield from substrate is’ 


achieved at relatively low glucose concentrations in the pres- 
ence of adequate oxygen; fermentative metabolism occurs if 
the glucose concentration rises above a certain level even 
though oxygen may be present. Fermentative metabolism 
should be avoided for biomass production because the yield of 
cells is reduced as ethanol and carbon dioxide are formed as 
end-products. The respiratory quotient RQ is a convenient 


indicator of metabolic state in this process; RQ values above 
about | indicate ethanol formation. In industrial bakers’ yeast 
production, the feed rate of glucose to the culture is controlled 
to maintain RQ values within the desired range. 


13.4.8 Programmed Control 


Because of the inherent time-varying character of batch and 
fed-batch fermentations, maintaining a constant environment 
or constant values of metabolic variables is not always the opti- 
mal control strategy. Depending on the process, changes in 
variables such as pH and temperature at critical times can 
improve production rate and yield. Varying the rate of the feed 
is important in fed-batch bakers’ yeast fermentations to mini- 
mise the Crabtree effect and maximise biomass production. 
Feed rate is also manipulated in E. coli fermentations to reduce 
by-product synthesis. In secondary-metabolite fermentations, 
specific growth rate should be high at the start of the culture 
but, at high cell densities, different conditions are required 
to slow growth and stimulate product formation. Similar 
strategies are needed to optimise protein synthesis from 
recombinant organisms. Expression of recombinant product 
is usually avoided at the start of the culture because cell growth 
is adversely affected; however, later in the batch an inducer is 
added to switch on protein synthesis. 

For many bioprocesses, a particular time sequence of pH, 
temperature, dissolved-oxygen tension, feed rate and other 
variables is required to develop the culture in such a way that 
productivity is maximised. A control strategy that can accom- 
modate wide-ranging changes in fermentation variables is 
programmed control, also known as batch fermenter scheduling. 
In programmed control, the control policy consists of a sched- 
ule of control functions to be implemented at various times 
during the process. This type of control requires a detailed 
understanding of the requirements of the process at various 
stages and a reasonably complete and accurate mathematical 
model of the system. 


13.4.9 Application of Artificial Intelligence in 
Bioprocess Control 


Several different approaches to bioprocess control have been 
described in the preceding sections. However, fermentation 
systems are by nature multivariable with non-linear and time- 
varying properties, and conventional control strategies may 
not be totally satisfactory. In the industrial environment, addi- 
tional problems are caused by unexpected disturbances which 
affect process operation. Most bioprocesses cannot be 
described exactly by a mathematical model; it is also difficult 
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to identify beforehand the optimum values of metabolic or 
environmental parameters and controller response functions. 
The flexibility of computer software is a significant advantage 
in complex situations; researchers continue to make progress 
in developing optimal, adaptive and self-tuning algorithms for 
bioprocess control. However, although these techniques offer 
much for improving process performance, the usual mathe- 
matical approach may not be the best way to solve bioprocess 
control problems. 

A relatively recent development in control engineering is 
application of artificial intelligence techniques, especially 
knowledge-based expert systems. The term ‘expert system’ 
usually refers to computer software that processes linguistically- 
formulated ‘knowledge’ about a particular subject; this 
knowledge is represented by simple rules. The most important 
step in building a useful expert system is extraction of heuristic 
or subjective rules of thumb from experimental data and 
human experts. Use can be made of the ever-increasing quan- 
tity of measured fermentation data from industrial processes 
to synthesise the wide range of rules required for expert 
systems. The knowledge available is encoded using a computer 
as IF/THEN type rules, e.g. IF the cell density is high, THEN 
dilution with sterile water is recommended, or IF the 
dissolved-oxygen concentration increases quickly AND the rate 
of carbon dioxide evolution decreases quickly AND the sugar 
concentration drops AND the pH increases, THEN broth har- 
vest is advised. Information about the progress of highly 
productive fermentations is also stored in the knowledge base. 
As measured data become available from fermentations in 
progress, pattern recognition techniques are applied to assess 
the results and, in conjunction with the knowledge base and its 
rules, handle a variety of operating problems or disturbances. 
The expert system can also ‘learn’ new information about pro- 
cess behaviour by upgrading its knowledge base. To maximise 
the potential of expert systems for intelligent supervisory con- 
trol of fermentation processes, large and representative data 
bases of microbiological information and engineering knowl- 
edge must be established for use in rule formulation and 
interpretation of process phenomena. Expert systems can also 
be used for fault diagnosis, estimating unmeasurable fer- 
mentation properties, reconciling contradictory data and 
computer-aided modelling of metabolism [30-33]. 

Another area of artificial intelligence with applications in 
fermentation control is the theory of neural networks. Neural 
networks are particularly suited for extracting useful informa- 
tion from complex and uncertain data such as fermentation 
measurements, and for formulating generalisations from previ- 
ous experience. They offer the ability to learn complex, 
non-linear relationships between variables and may therefore 
be useful in development of process models and for estimating 


unknown fermentation parameters. Neural network technolo- 
gy is based on an analogy with the brain in that information is 
stored in the form of connected computational elements or 
weights (synapses) between artificial neurons. The most com- 
monly-used neural structure is the feed-forward network in 
which neurons are arranged in layers; incoming signals at the 
input layer are fed forward through the network connections to 
the output layer. The topology of the nerwork provides it with 
powerful data processing capabilities. To solve a problem, a 
network structure is chosen and examples of the knowledge to 
be acquired are shown to the network which adjusts the synap- 
tic strength of its neural connections so that, in effect, the 
knowledge is integrated within the structure. When the real 
data set is presented to the system, the network is able to predict 
outcomes based on the learning set. For example, information 
about feed flow rate and substrate and biomass concentrations 
as a function of time can be used to develop a neural network 
for analysis of transient behaviour in continuous fermentation 
which is able to predict future changes in substrate and cell con- 
centrations [34-36]. Although a considerable amount of 
research remains to be done in this area, neural networks are a 
promising tool for modelling, estimating and predicting fer- 
mentation characteristics. 


13.5 Ideal Reactor Operation 


So far in this chapter we have considered the configuration of 
bioreactors and aspects of their construction and control. 
Another important factor affecting reactor performance is 
mode of operation. There are three principal modes of bio- 
reactor operation: batch, fed-batch and continuous. Choice of 
Operating strategy has a significant effect on substrate 
conversion, product concentration, susceptibility to contami- 
nation and process reliability. 

Characteristics such as final substrate, product and biomass 
concentrations and the time required for conversion can be 
determined for different reactor operating schemes using mass 
balances. For a general reaction system, we can relate rates of 
change of component masses in the system to the rate of reac- 


tion using Eq. (6.5): 


(6.5) 


where M is mass of component A in the vessel, tis time, M, is 
the mass flow rate of A entering the reactor, Mis the mass flow 
rate of A leaving, R¢ is the mass rate of generation of A by reac- 
tion, and R, is the mass rate of consumption of A by reaction. 
In this section we consider application of Eq. (6.5) to batch, 
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fed-batch and continuous reactors for enzyme conversion and 
fermentation. 


13.5.1 Batch Operation of a Mixed Reactor 


Batch processes operate in closed systems; substrate is added at 
the beginning of the process and products removed only at the 
end. Aerobic reactions are not batch operations in the strictest 
sense; the low solubility of oxygen in aqueous media means 
that it must be supplied continuously while carbon dioxide 
and other off-gases are removed. However, reactors with 
neither input nor output of liquid are classified as batch. If 
there are no leaks or evaporation from the vessel, the liquid 
volume in batch reactors can be considered constant. 

Most commercial bioreactors are mixed vessels operated in 
batch. The classic mixed reactor is the stirred tank; however 
mixed reactors can also be of bubble column, airlift or other 
configuration as long as concentrations of substrate, product 
and catalyst inside the vessel are uniform. The cost of running 
a batch reactor depends on the time taken to achieve the 
desired product concentration or level of substrate conversion; 
operating costs are reduced if the reaction is completed quick- 
ly. It is therefore useful to be able to predict the time required 
for batch reactions. 


13.5.1.1 Enzyme reaction 


Let us apply Eq. (6.5) to the limiting substrate in a batch 
enzyme reactor such as that shown in Figure 13.19. M, = M . 
= 0 because there is no substrate flow into or out of the vessel; 
mass of substrate in the reactor, M, is equal to the substrate 
concentration s multiplied by the liquid volume V. As sub- 
strate is not generated in the reaction, Rc = 0. Rate of substrate 
consumption Rc is equal to the volumetric rate of reaction v 
multiplied by V; vis given by Eq. (11.31). Therefore, the mass 
balance from Eq. (6.5) is: 


d(sV) : a ee y 
dt Kats 
(13.7) 
where v___ is the maximum rate of enzyme reaction and K,, is 


the Michaelis constant. Because Vis constant in batch reac- 
tors, we can take it outside of the differential and cancel 
through the equation to give: 


ds 5 tae! 
dt K,,+s 


(13.8) 


Figure 13.19 Flowsheet for a stirred batch enzyme-reactor. 


iy 


Integration of this differential equation provides an expression 
for batch reaction time. Assuming v,,, and K,, are constant 
during the reaction, separating variables: 


-[de = 


ds 


i 


Ynax 5 


(13.9) 


and integrating with initial condition s= 5, at r= 0 gives: 


K, m 50 So” 5¢ 
Vmax S¢ Umax 


(13.10) 


where #, is the batch reaction time required to reduce the sub- 
strate concentration from 5) to sp. The batch time required to 
produce a certain concentration of product can be determined 
from Eq. (13.10) and stoichiometric relationships. 
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Example 13.1 Time course for batch enzyme conversion 


An enzyme is used to produce a compound used in manufacture of sunscreen lotion. v_,, for the enzyme is 2.5 mmol m~3s~}; 


K,, is 8.9 mM. The initial concentration of substrate is 12 mM. Plot the time required for batch reaction as a function of sub- 
strate conversion. 


Solution: 
59 = 12 mM. Converting units of v,, tomM h7!: 
bs bm-3e7! re | 1 m3 
v4, = 2:5mmolm~*s~! . .| —— 
mn lh 10001 
= 9mmoll7'h7! 
=9mMh‘!, 


Results from application of Eq. (13.10) are tabulated below and plotted in Figure 13E1.1. 


Substrate conversion Se ty 
(%) (mM) (h) 
0 12.0 0.00 
10 10.8 0.24 
20 9.6 0.49 
40 7.2 1.04 
50 6.0 1.35 
60 4.8 1.71 
80 2.4 2.66 
90 1.2 3.48 
95 0.60 4.23 


Figure 13E1.1 Batch reaction time as a function of substrate conversion for a mixed enzyme reactor. 
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At high substrate conversions, the time required to achieve an incremental increase in conversion is greater than at low conver- 
sions. Accordingly, the benefit gained from conversions greater than 80-90% must be weighed against the significantly greater 
reaction time and reactor operating costs involved. 
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As discussed in Section 11.5, enzymes are subject to deactiva- 
tion. Thus, the concentration of active enzyme in the reactor, 
and therefore the value of v,,, may change during reaction. 
When deactivation is significant, variation of v_., with time 
can be expressed using Eq. (11.44) so that Eq. (13.8) becomes: 


ds tet 
dt K_+s 
(13.11) 


where v_..9 is the value of v_,,, before deactivation occurs 
and k, is the first-order deactivation rate constant. Separating 
variables gives: 


355 
K_+s 
~fekids = i me ds. 
Ymnax0 * 
(13.12) 


Integrating Eq. (13.12) with initial condition s= sy at t= 0 
gives: 


= K. S Sy — 5 
woo fra i eae a] 
ka Umax S¢ Ynax0 


(13.13) 


where t, is the batch reaction time and s, is the final substrate 
concentration. 


Example 13.2 Batch reaction time with enzyme deactivation 


The enzyme of Example 13.1 deactivates with half-life 4.4 h. Compare with Figure 13E1.1 the batch reaction time required to 


achieve 90% substrate conversion. 


Solution: 


Jy = 12 mM; vg = 9 mM ho}; K,, = 8-9 mM. s_¢= (0.1 59) = 1.2 mM. The deactivation rate constant is calculated from the 


half-life z, using Eq. (11.45): 


In2 


In2 
Mie ABs 


= 0.158h7!, 


Substituting values into Eq. (13.13) gives: 


=1 8.9 mM 


————— 
e O158h 


= 5.0h. 


12mM 
In ee In ———— _ + 
9mMh7! 1.2mM 


(12 — 1.2) mM ) 
9mMh7! 


With enzyme deactivation, the time required for 90% conversion increases from 3.5 h to 5.0 h. 


For reactions with immobilised enzymes, Eq. (13.8) must be 
modified to account for mass-transfer effects: 


ds Pes Uh 
OG Ty 
dt Ks 


(13.14) 


where 77 is the total effectiveness factor incorporating 
internal and external mass-transfer limitations (see Section 
12.5), sis the bulk substrate concentration, and v_,, and K,, 
are the intrinsic kinetic parameters. In principal, integration of 


Eq. (13.14) allows evaluation of t,; however, because nz is a 
function of s, integration is not straightforward. 


13.5.1.2 Cell culture 


Similar analysis can be applied to fermentation processes to 
evaluate reaction times. Let us perform a mass balance on cells 
in a well-mixed batch fermenter using Eq. (6.5); a typical flow- 
sheet for this system is shown in Figure 13.20. M. ,= M = 0 
because cells do not flow into or out of the vessel. Mass of cells 
in the reactor, M, is equal to the cell concentration x multi- 
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Figure 13.20 Flowsheet for a stirred batch fermenter. 


~ en aS 


plied by the liquid volume V. The mass rate of cell growth R,; 
is equal to ry V where ry is the volumetric rate of growth. 
From Eq. (11.52), ry = 4x where is the specific growth rate. 
If cell death takes place in the reactor alongside growth, Ro = 
r4V where r, is the volumetric rate of cell death. From Eq. 
(11.85), ry can be expressed using the first-order equation: rq 
= k, x where k, is the specific death constant. Therefore, Eq. 
(6.5) for cells in a batch reactor is: 


d(xV) 
—— = uxV— k xv. 
& pe d* 
(13.15) 
For Vconstant, Eq. (13.15) becomes: 
dx 
(13.16) 


Because y in batch culture remains approximately constant and 
equal to y,,,, for most of the growth period (see Section 11.7.3), 
if k, likewise remains constant, we can integrate Eq (13.16) 
directly to find the relationship between batch time and cell 
concentration. Using the initial condition that x= x at t= 0: 


x= xe iM max ~ kd)t 


(13.17) 


If x, is the final biomass concentration after batch culture time 
t,, rearrangement of Eq. (13.17) gives: 


1 X¢ 

pee get 

FPmax ky Xo 
(13.18) 


If the rate of cell death is negligible compared with growth, 
Ri << Bmax and Eqs (13.17) and (13.18) reduce to: 


x= Xe Fax’ 
(13.19) 
and: 
1 x, 
i= ln: 
Pemax ad) 
(13.20) 


Therefore, we can calculate using Eq. (13.18) or Eq. (13.20) 
the time required to achieve cell density x, starting from cell 
density xp. Batch culture time can also be related to substrate 
conversion and product concentration using expressions for 
rates of substrate uptake and product formation derived in 
Chapter 11. 

Let us apply Eq. (6.5) to the growth-limiting substrate in a 
batch fermentation. M, = M, = 0 because substrate does not 
flow into or out of the reactor; the mass of substrate in the reac- 
tor, M, is equal to sVwhere sis substrate concentration and V is 
liquid volume. Substrate is not generated; therefore R. = 0. Re 
is equal to r¢V where r¢ is the volumetric rate of substrate 
uptake. As discussed in Section 11.10, the expression for rg 
depends on whether extracellular product is formed by the cul- 
ture and the relationship between product synthesis and energy 
generation in the cell. If product is formed but not directly 
coupled with energy metabolism, r, is given by Eq. (11.76) and: 


(13.21) 
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where # is the specific growth rate, Yy, is the true biomass 
yield from substrate, gp is the specific rate of product forma- 
tion, Ypg is the true product yield from substrate and m, is the 
maintenance coefficient. Therefore, from Eq. (6.5) the mass- 
balance equation is: 


d(sv) --( KH 4 


+ —+ ms} xV. 
dt Vy Yo 


(13.22) 


For p equal to y,,,, and Vconstant, we can write Eq. (13.22) 


(13.23) 


Because x is a function of time, we must substitute an expres- 
sion for x into Eq. (13.23) before it can be integrated. 
Assuming cell death is negligible, x is given by Eq. (13.19). 
Therefore: 


ds ( 
a 


If all the bracketed terms are constant during culture, Eq. 
(13.24) can be integrated directly with initial condition s= sy 
at t= 0 to obtain the following equation: 


lad Gp t 
= + + mo) xpe"m . 


Y, XS Yps 


(13.24) 


Sy — S$ 
0 f 
In| 1+ 


( 1 9p 
eS 
Yx5 max ps 


t= 
Pmax 


ms 
+ —— |Xo 
Pax 
(13.25) 


where #, is the batch culture time and s, is the final substrate 
concentration. 

For products indirectly coupled or not related at all to 
energy metabolism, evaluating gp requires further analysis (see 
Sections 11.9.2 and 11.9.3). However, Eq. (13.25) can. be 
simplified if no product is formed or if production is directly 
linked with energy metabolism; in these cases the expression 
for rate of substrate consumption does not contain a separate 
term for product synthesis (see Sections 11.10.1 and 11.10.2) 
and Eq. (13.25) reduces to: 


es 
+ — |x, 
Pmax 
If, in addition, maintenance requirements can be neglected: 


Y, 
of $88 mare 
xo 


To obtain an expression for batch culture time as a function of 
product concentration, we must apply Eq. (6.5) to the product. 
Again, M. = M. 5 = 03 mass of product in the reactor, M, is equal 
to pV where p is product concentration and Vis liquid vol- 
ume. Assuming product is not consumed, Ro = 0. Rg is equal 
to rpV where rp is the volumetric rate of product formation. 
According to Eq. (11.67), for all types of product rp = gpx 
where qp is the specific rate of product formation. Therefore: 


(13.26) 


i= 
Prmax 


(13.27) 


Rg =rp V=4p xV 
(13.28) 
and, from Eq. (6.5), the mass-balance equation is: 
d(pV) 
aes ae v. 
(13.29) 


If cell death is negligible x is given by Eq. (13.19). Therefore, 
for Vconstant, we can write Eq. (13.29) as: 


dp P max? 
fe Ip Xo 


(13.30) 
If gp is constant, Eq. (13.30) can be integrated directly with 
initial condition p= py at t= 0 to obtain the following equa- 


tion for batch culture time as a function of the final product 
concentration pr: 


1 
t= In} 1 + 
Penax 


The batch culture time needed to achieve a certain biomass 


Pmax 


*o9p 


nm} 
(13.31) 
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density can be evaluated using Eq. (13.18) or (13.20). If cell 
death is negligible, the time required for a particular level of sub- 
strate conversion can be calculated using Eq. (13.25), (13.26) or 
(13.27) depending on the type of product and the importance 


of maintenance metabolism. For negligible cell death and con- 
stant qp, the batch time required to achieve a particular product 
concentration can be found from Eg. (13.31). Application of 
these equations is illustrated in Example 13.3. 


Example 13.3 Batch culture time 


Zymomonas mobilis is used to convert glucose to ethanol in a batch fermenter under anaerobic conditions. The yield of biomass 
from substrate is 0.06 g g~!; Ypy is 7.7 gg !. The maintenance coefficient is 2.2 g g~! h7 1; the specific rate of product forma- 
tion due to maintenance is 1.1 h~!. The maximum specific growth rate of Z. mobilis is approximately 0.3 h7!. 5 g bacteria are 
inoculated into 50 litres of medium containing 12 g 1~! glucose. Determine batch culture times required to: 


(a) produce 10 g biomass; 
(b) achieve 90% substrate conversion; and 
(c) produce 100 g ethanol. 


Solution: 
Vy = 0.06 gg; Ypy =7.7 88 |s Minax = 0-3 ho}; m.=2.2 gg! ho}; mp=1.1 h7!s x= 5 8/9 = 0.1 gic; Sg= 12g I), 
(a) If 10 g biomass are produced by reaction, the final amount of biomass present is (10 + 5) g = 15 g. Therefore x-= 1° 8,9 | 
= 0.3 g17!. From Eq. (13.20): 

1 0.3g17} 


—— In ——_ = 3.7h. 
0.3h7! 0.1 g17! 


7 Wao 


(b) 1f90% of the substrate is converted, s¢= (0.1 sy) = 1.2 g1- ! Ethanol synthesis is directly coupled to energy metabolism in 
the cell; therefore, from Eq. (13.26): 


1 (12 — 1.2) g17! 
t, = —— In|1+ = 5.7h. 
0.3h7! 1 2.2gg¢ th! 
—__—_. ——___—_ ] 0.1g!"! 
0.06 gg"! 0.3h7! 


(c) gp is calculated using Eq. (11.70). In batch culture with p= y,,,: 
gp = 779g '(0.3h7')+1..h7! = 3.4h71, 


As no product is present initially, p) = 0. Production of 100 g ethanol corresponds to 100 89 j=2g [l= P¢- From Eq. (13.31): 


1 
ee a 
> 0.3h7! 


13.5.2 Total Time For Batch Reaction Cycle 


0.3h7} 


oy asada as| = 3.4h. 
(0.1 g1-!) 3.4h7}) 


Following the fermentation or enzyme reaction, time 4, is 
taken to harvest the contents of the reactor and time f. is 
needed to clean, sterilise and otherwise prepare the reactor for 
the next batch. For cell culture, a lag time of duration ¢, occurs 
after inoculation during which no growth or product forma- 


In the above analysis, ¢, represents the time required for batch 
cell or enzyme conversion. In practice, batch operations 
involve lengthy unproductive periods in addition to th. 
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Figure 13.21 Preparation, lag, reaction and harvest times in 
operation of a batch fermenter. 
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tion occurs. These time periods are illustrated for fermenta- 
tion processes in Figure 13.21. Therefore, the total downtime 
t 4, associated with batch reactor operation is: 


tty tt te 
(13.32) 


and the total batch reaction time ty is: 


y= tt lan . 
(13.33) 


13.5.3 Fed-Batch Operation of a Mixed 


Reactor 


In fed-batch operation, intermittent or continuous feeding of 
nutrients is used to supplement the reactor contents and pro- 
vide control over the substrate concentration. By starting with 
a relatively dilute solution of substrate and adding more nutri- 
ents as the conversion proceeds, high growth rates are avoided. 
This is important, for example, in cultures where the oxygen 
demand during fast growth is too high for the mass-transfer 
capabilities of the reactor. Alternatively, high substrate con- 
centrations may be inhibitory or switch on undesirable 
metabolic pathways. Fed-batch culture is used extensively in 
production of bakers’ yeast to overcome catabolite repression 
and control oxygen demand; it is also used routinely for peni- 


Figure 13.22 Flowsheet for a stirred fed-batch fermenter. 


Feed stream 


cillin production. Space must be allowed in fed-batch reactors 
for addition of fresh medium; in some cases a portion of the 
broth is removed before injection of additional material. The 
flow rate and timing of the feed are often determined by 
monitoring parameters such as dissolved-oxygen level or 
exhaust gas composition. As enzyme reactions are rarely car- 
ried out as fed-batch operations, we will consider fed-batch 
reactors for fermentation only. 

The flowsheet for a well-mixed fed-batch fermenter is 
shown in Figure 13.22. The volumetric flow rate of entering 
feed is F; the concentrations of biomass, growth-limiting sub- 
strate and product in this stream are x,, s, and p,, respectively. 
We will assume F is constant. Owing to input of the feed, the 
liquid volume V is not constant. Equations for fed-batch cul- 
ture are derived by carrying out unsteady-state mass balances. 

The unsteady-state mass-balance equation for total mass in 
a flow reactor was derived in Chapter 6: 


d(pV) _ 
dé 


(6.6) 


where p is density of the reactor contents, Vis liquid volume in 
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the reactor, F; and F, are input and output mass flow rates, and 
p; and p, are densities of input and output streams, respective- 
ly. For the fed-batch reactor of Figure 13.22, F, = 0 and 
F, = F. With dilute solutions such as those often used in bio- 
processing, we can assume p is constant and that p, =p; density 
can then be taken outside of the differential and cancelled 
through the equation. Therefore, Eq. (6.6) for fed-batch fer- 


mentation is: 


dV 
ao 


(13.34) 


A similar mass balance based on Eq. (6.5) can be performed for 
cells. In fed-batch operation M 9 = 9; M, is equal to the feed 
flow rate F multiplied by the cell concentration x, in the feed. 
As in Section 13.5.1.2, mass of cells in the reactor, M, is equal 
to xV where x is cell concentration and Vis liquid volume, rate 
of biomass generation Ro is equal to w¢xV where y is the 
specific growth rate, and rate of cell death R¢ is equal to &xV 
w h e r e 
ky is the specific death constant. Applying these terms in 


Eq. (6.5) gives: 


d(xV) 
dt 


= Feit pxV— kyxV. 
(13.35) 


Because Vin fed-batch culture is a function of time, it cannot 
be cancelled through Eq. (13.35). Instead, we must expand the 
differential using the product rule of Eq. (D.22) in Appendix 
D. After grouping terms this gives: 


dV dx 
Cre + arr = Fx.t+(u— ky) xV. 
(13.36) 
Applying Eq. (13.34) to Eq. (13.36): 
dx 
xF + arr = Fxt+(n— kj) xv. 
t 
(13.37) 


Dividing through by Vand rearranging gives: 


dx oF ( : 
a Se —k,- —}. 
ipo pe Ne Oe 


(13.38) 


Let us define the dilution rate Dwith dimensions T~!: 


F 
D= = 
(13.39) 


In fed-batch systems V increases with time; therefore, if F is 
constant, D decreases as the reaction proceeds. Applying Eq. 
(13.39) to Eq. (13.38): 


rf x, + x(— ky— D). 


(13.40) 


Eq. (13.40) can be simplified for most applications. Usually 
the feed material is sterile so that x, =0. If, in addition, the rate 
of cell death is negligible compared with growth so that 
ky << p, Eq. (13.40) becomes: 


oi 
aoe (13.41) 


Let us now apply Eq. (6.5) to the limiting substrate in our fed- 
batch reactor. In this case, M. 9 and Rg are zero; the mass flow 
rate of substrate entering the reactor M, is equal to Fs;. Mass 
of substrate in the reactor, M, is equal to concentration s multi- 
plied by volume V. For fermentations producing product not 
directly coupled with energy metabolism, Rc. is given by Eq. 
(13.21). Substituting these terms into Eq. (6.5) gives: 


d(sV) ( ye 


= fs. —| — 


Fj +H +m xV 
dt 


¥yxs Yps 
(13.42) 


where y is the specific growth rate, Y,, is the true biomass 
yield from substrate, gp is the specific rate of product forma- 
tion, Ypg is the true product yield from substrate and mg is the 
maintenance coefficient. Expanding the differential and 


applying Eqs (13.34) and (13.39) gives: 


ds 
* a py-9-(# + la ms) 


t XS Vos 
(13.43) 


Egs (13.41) and (13.43) are differential equations for rates of 
change of cell and substrate concentrations in fed-batch reac- 
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tors. Because Disa function of time, integration of these equa- 
tions is more complicated than for batch reactors. However, 
we can derive analytical expressions for fed-batch 
culture if we simplify Eqs (13.41) and (13.43). Here, we will 
examine the situation where the reactor is operated first in 
batch until a high cell density is achieved and the substrate 
virtually exhausted. When this condition is reached, fed-batch 
operation is started with medium flow rate F. As a result, cell 
concentration x is maintained high and approximately con- 
stant so that a 0. From Eq. (13.41), if 4, = 0, w= D. 
Therefore, substituting # ~ D into the Monod expression of 
Eq. (11.60): 


_ Penax’ 


Kgts . 


(13.44) 


Rearrangement of Eq. (13.44) gives an expression for substrate 
concentration as a function of dilution rate: 


(13.45) 


Let us assume that the culture does not produce product, or, if 
there is product formation, that it is directly linked with 
energy generation. If maintenance requirements can also be 
neglected, Eq. (13.43) can be simplified to: 


d 
2 pei. 
dt Yy5 


(13.46) 


At high cell density in the reactor, virtually all substrate enter- 
ing the vessel is consumed immediately; therefore, s<<s, and 
dy, = 0. Applying these relationships with » = D to Eq. 
(13.46), we obtain: 


x= Ys Sj. 
(13.47) 


For product synthesis directly coupled with energy metab- 
olism, Eq. (13.47) allows us to derive an approximate 
expression for product concentration in fed-batch reactors. 
Assuming the feed does not contain product: 


P= Vos 5;- 
(13.48) 


Even though cell concentration remains virtually unchanged 
with %/, ~ 0, because the liquid volume increases with time in 
fed-batch reactors, the total mass of cells also increases. 
Consider the rate of increase of total biomass in the reactor 
dX), where Xis equal to xV. Using the results of Eqs (13.34) 
and (13.47) with 47, = 0: 


(13.49) 


Eq. (13.49) can now be integrated with initial condition 
X= X, at the start of liquid flow to give: 


X= X,+ (Ys 5,F) tay 
(13.50) 


where tp, is the fed-batch time after commencement of feed- 
ing. Eq. (13.50) indicates that, for Yy., s; and F constant, total 
biomass in fed-batch fermenters increases as a linear function 
of time. 

Under conditions of high biomass density and almost com- 
plete depletion of substrate, a quasi-steady-state condition 
prevails in fed-batch reactors where “%/,, = 0, dy ,= 0 and 
apy, ,~ 0. At quasi-steady state, Eqs (13.47) and (13.45) can be 
used to calculate biomass and substrate concentrations in reac- 
tors where cell death and maintenance requirements are 
negligible and product is either absent or directly coupled with 
energy metabolism. Eq. (13.48) allows calculation of product 
concentration for metabolites directly coupled with energy 
generation in the cell. At quasi-steady state, the specific 
growth rate # and dilution rate ‘/,, are approximately equal; 
therefore as Vincreases, the growth rate decreases. When fed- 
batch operation is used for production of biomass such as 
bakers’ yeast, it is useful to be able to predict the total mass of 
cells in the reactor as a function of time. An expression for total 
biomass is given by Eq. (13.50). Note that under quasi-steady- 
state conditions, x, sand pare almost constant, but 4, V, Dand 
X are changing. Further details of fed-batch operation are 
given by Pirt [37]. 


13.5.4 Continuous Operation of a Mixed 
Reactor 


Bioreactors are operated continuously in a few bioprocess 
industries such as brewing, production of bakers’ yeast and 
waste treatment; enzyme conversions can also be carried out 
using continuous systems. The flow sheet for a continuous 
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Figure 13.23 Flowsheet for a continuous stirred-tank 
fermenter. 


Product stream 
F 


Feed stream 


reactor is shown in Figure 13.23. If the vessel is well mixed, the 
product stream has the same composition as the liquid in the 
reactor (see Section 6.4). Therefore, when continuous reactors 
are used with freely-suspended cells or enzymes, catalyst is 
continuously withdrawn from the vessel in the product 
stream. For enzymes this is a serious shortcoming as catalyst is 
not produced by the reaction; in cell culture, growth supplies 
additional cells to replace those removed. Continuous reactors 
are used with free enzymes only if the enzyme is inexpensive 
and can be added continuously to maintain the catalyst con- 
centration. With more costly enzymes, continuous operation 
may be feasible if the enzyme is immobilised and retained 
inside the vessel. Well-mixed continuous reactors are often 
referred to using the abbreviation CSTR, meaning continuous 
stirred-tank reactor. The term CSTF is also sometimes used to 
denote continuous stirred-tank fermenter. 

Different steady-state operating strategies are available for 
continuous fermenters. In a chemostat the liquid volume is 
kept constant by setting the inlet and outlet flow rates equal; 


the dilution rate is therefore constant and steady state is 
achieved by concentrations in the chemostat adjusting them- 
selves to the feed rate. In a turbidostat, the liquid volume is 
kept constant by setting the outlet flow rate equal to the inlet 
flow rate; however, the inlet flow rate is adjusted to keep the 
biomass concentration constant. Thus, in a turbidostat the 
dilution rate adjusts to its steady-state value corresponding to 
the set biomass concentration. Turbidostats require more 
complex monitoring and control systems than chemostats and 
are not used in large scale. Accordingly, we will concentrate 
here on chemostat operation. 

Characteristic operating parameters for continuous reac- 
tors are the dilution rate D and the average residence time T. 
These parameters are related as follows: 


1 
t= — 
D F 
(13.51) 
where Dis defined by Eq. (13.39). In continuous reactor oper- 
ation, the amount of material that can be processed over a 
given period of time is represented by the flow rate, F. 
Therefore, for a given throughput, the reactor size V and 
associated capital and operating costs are minimised when T is 
made as smail as possible. Continuous reactor theory allows us 
to determine relationships between T (or D) and steady-state 
substrate, product and cell concentrations in the reactor. This 
theory is based on steady-state mass balances derived from Eq. 


(6.5). 


13.5.4.1 Enzyme reaction 


Let us apply Eq. (6.5) to the limiting substrate in a continuous 
enzyme reactor operated at steady state. The mass flow rate of 
substrate entering the reactor M ; is equal to Fs;; M,; the mass 
flow rate of substrate leaving, is F s. As substrate is not gener- 
ated by the reactor, R, = 0. Rate of substrate consumption R,. 
is equal to the volumetric rate of reaction v multiplied by V; v 
is given by Eq. (11.31). The left-hand side of Eq. (6.5) is zero 
because the system is at steady state. Therefore, the steady- 
state substrate mass-balance equation for continuous enzyme 
reaction is: 


vs 
AR = 22. 
Kits 


V=0 
(13.52) 
where v,,,, is the maximum rate of reaction and K,, is the 


Michaelis constant. For reactions with free enzyme, we assume 
that enzyme lost in the product stream is replaced continuously 
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so that v_,, remains constant and steady state is achieved. 
Dividing through by Vand applying the definition of dilution 
rate from Eq. (13.39) gives: 


For reactions with immobilised enzymes, Eq. (13.53) must 
be modified to account for mass-transfer effects: 


vs 
D(,- 9) = ee 
_ = Vmax m + 5 
D(s,— 5) = Ke ‘ (13.54) 
(13.53) 
where 7 y is the total effectiveness factor (see Section 12.5), sis 
If v_,» K,, and s, are known, Eq. (13.53) can be used directly the bulk substrate concentration, and v_,,, and K,, are intrin- 


to calculate the dilution rate required to achieve a particular 
level of substrate conversion. Steady-state product concentra- 
tion can then be evaluated from stoichiometry. 


sic kinetic parameters. 7 can be calculated for constant s 
using the theory for heterogeneous reactions outlined in 


Chapter 12. 


Example 13.4 Immobilised-enzyme reaction in a CSTR 


Mushroom tyrosinase is immobilised in 2-mm spherical beads for conversion of tyrosine to DOPA in a continuous, well-mixed 
bubble column. The Michaelis constant for the immobilised enzyme is 2 gmol m~3. A solution containing 15 gmol m~? 
tyrosine is fed into the reactor; because of the high cost of the substrate, the desired conversion is 99%. The reactor is loaded 
with beads at a density of 0.25 m? m7; all enzyme is retained within the reactor. The intrinsic v_,,, for the immobilised 
enzyme is 1.5 x 107? gmol s~! per m? beads. The effective diffusivity of tyrosine in the beads is 7 x 10719 m? s~!; external 
mass-transfer effects are negligible. Immobilisation stabilises the enzyme so that deactivation is minimal over the operating 
period. Determine the reactor volume needed to treat 18 m} tyrosine solution per day. 


Solution: 
K,,=2 gmol m7; v,,,,= 1.5X 10-2 gmol s~! m~3; R= 1073 m; B.=7 X 107! m* s~}; 5, = 15 gmol m3. Converting the 
feed flow rate to m3 s!: 
1d 
24h 


F=18m?d"!. = 2.08x1074m3s71. 


| | lh 
"| 3600s 
For 99% conversion, the outlet and therefore the internal substrate concentration s= (0.01 s,)=0.15 gmol m >. Ass<< Ky we 


can assume first-order kinetics (see Section 11.3.3) with &, = %ma/K,, = 7.5 X 10-357}. The first-order Thiele modulus for 
spherical catalysts is calculated from Table 12.2: 


| 7.510735! 
7x 10710 m2 57! 


From Figure 12.8 or Table 12.3, n;, =0.64. As external mass-transfer resistance is negligible, n= 1 and, from Eq. (12.46), 17 = 
0.64. Substituting values into Eq. (13.54) gives: 


R ky 10-3 m 


= — = 1.09. 
3V &%. 3 


D(15=0.15)gmolm=3 = 0.64 (1.5 x 107? gmol s! m™4) (0.15 gmol m7) 
eee 2 gmol m-3+ 0.15 gmol m= 


D=451x10s7}. 
From Eq. (13.51): 


F 2.08 x 1074 m3 57! 


oo a ee eS om 
D 4.51*107>s7} y 
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13.5.4.2 Cell culture 


Let us consider the reactor of Figure 13.23 operated as a con- 
tinuous fermenter and apply Eq. (6.5) for steady-state mass 
balances on biomass, substrate and product. 

For biomass, M. in Eq. (6.5) is the mass flow rate of cells 
entering the reactor; M, = Fx.. M, is the mass flow rate of cells 
leaving: M, = Fx. The other terms in Eq. (6.5) are the same as 
in Section 13. 5.1.2; Rg = wxVwhere p is the specific growth 
rate and V the reactor liquid volume; Ro = ky xV where k, is 
the specific death constant. At steady state, the left-hand side 
of Eq. (6.5) is zero. Therefore, the steady-state mass-balance 
equation for biomass is: 


Fe. - Fx pe = kyxV= 0. 
(13.55) 


Usually, the feed stream in continuous culture is sterile so that 
x, = 0. If in addition the rate of cell death is negligible com- 
pared with growth, &, << wand Eq. (13.55) becomes: 


pxV= Fx. 
(13.56) 


Cancelling x from both sides, dividing by V, and applying the 
definition of dilution rate from Eq. (13.39) gives: 


p= dD. 
(13.57) 


As in the derivation of Eq. (13.45), applying Eq. (13.57) to the 
Monod expression of Eq. (11.60) gives an equation for the 
steady-state concentration of limiting substrate in the reactor: 


(13.58) 


Let us now apply Pf (6.5) at steady state to the limiting sub- 
strate. M, = Fs., = Fs, Rg = 0 and Re is given by Eq. 
(13.21). deed et 


b-B~ (A + Ham levee 
¥, XS Ys 
(13.59) 


where y is the specific growth rate, Yy. is the true biomass 
yield from substrate, gp is the specific rate of product forma- 
tion not directly linked with energy metabolism, Yp¢ is the 


true product yield from substrate and mz, is the maintenance 
coefficient. In Eq. (13.59) we can divide through by V, sub- 
stitute the definition of dilution rate from Eq. (13.39) and 
replace y with D according to Eq. (13.57). Rearrangement 
then gives the following expression for the steady-state cell 
concentration x : 


D(s,— s) 


(13.60) 


Eq. (13.60) can be simplified if there is no product synthesis or 
if production is directly linked with energy metabolism: 


D(s,— s) 
x= ——. 
D 
— +m 

Vx : 


(13.61) 


If, in addition, maintenance effects can be ignored, Eq. 
(13.61) becomes: 


x= (5-5) Vxs. ae 


Substituting for s from Eq. (13.58) we obtain an expression for 
the steady-state cell concentration in a CSTR in terms of D 
and kinetic and yield parameters only: 


(13.63) 


Eq. (13.63) is valid at steady state in the absence of mainten- 
ance requirements and when product synthesis is either absent 
or directly linked with energy metabolism. 

We can also apply Eq. (6.5) for a steady-state mass balance 
on fermentation product. In this case, M, = Fp, and M. on lp. 
Rg is given by Eq. (13.28); Ro = 0. Therefore, Eq. (6.5) 


becomes: 


Fp.— Fo+qpxV=0 
(13.64) 


where 4p is the specific rate of formation for all classes of prod- 
uct. Dividing through by V, substituting the definition of 
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Figure 13.24 Steady-state cell and substrate concentrations 
as a function of dilution rate in a chemostat. Curves 
correspond to y,,,,=0.5 h7!, K.=0.2 kg m3, Yyo= 

0.5 kg kg™! and s = 20 kg m7. 
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dilution rate from Eq. (13.39) and rearranging gives an expres- 
sion for the steady-state product concentration asa function of 
biomass concentration x : 


(13.65) 


xin Eq. (13.65) can be evaluated from Eq. (13.60), (13.61) or 
(13.62). The nature of gp depends on the type of product 
formed (see Section 11.9). 

Eq. (13.58) is an explicit expression for steady-state sub- 
strate concentration in a chemostat. The steady-state biomass 
concentration x can be evaluated from Eq. (13.60), (13.61) or 
(13.62); the choice of expression for biomass depends on the 
relative significance of maintenance metabolism and the type 
of product, if any, produced. If gp is known, product concen- 
tration in the reactor can be evaluated from Eq. (13.65). In the 
simplest case when products are either absent or directly 
linked to energy generation and maintenance effects can be 
neglected, the chemostat is represented by Eqs (13.58) and 
(13.63). The form of these equations is shown in Figure 
13.24. At low feed rates, ie. D—> 0, nearly all the substrate is 
consumed at steady state so that, from Eq. (13.62), x= 5, Yc. 
As Dincreases, s increases slowly at first and then more rapidly 
as D approaches z,,,,; correspondingly, x decreases so that 
x 0as D— p,,,,. The condition at high dilution rate 


whereby x reduces to zero is known as washout, washout of 
cells occurs when the rate of cell removal in the reactor outlet 
stream is greater than the rate of generation by growth. For 
systems with negligible maintenance requirements and either 
energy-associated or zero product formation, the critical dilu- 
tion rate D_,,, at which the steady-state biomass concentration 
just becomes zero can be estimated by substituting x = 0 into 
Eq. (13.63) and solving for D: 


= Prax 

crit K, + 5; 
(13.66) 
For most cell cultures K, << s,; therefore Doi = max: 2° 


avoid washout of cells from the chemostat, the operating dilu- 
tion rate must always be less than D_,.,. Near washout the 
system is very sensitive to small changes in Dwhich cause rela- 
tively large shifts in xand s. 

The rate of biomass production in a CSTR is equal to the 
rate at which cells leave the reactor: Fx. The volumetric pro- 
ductivity is therefore equal to Fx divided by V; 


(13.67) 


where Qy is the volumetric rate of biomass production. 
Similarly the volumetric rate of product formation Qy is: 


(13.68) 


When maintenance requirements are negligible and product 
formation either absent or energy associated, we can substitute 
into Eq. (13.67) the expression for x from Eq. (13.63): 


(13.69) 


This relationship between Qy and Dis shown in Figure 13.25. 
Rate of biomass output reaches a sharp maximum at the opti- 
mum dilution rate for biomass productivity D,,,,; therefore, at 
D,». the slope 1Q/ 4 = 0. Differentiating Eq. (13.69) with 
respect to D and equating to zero provides an expression for 


D 


opt’ 


13 Reactor Engineering 366 


D ( Ks 
= i 
opt Pemax K, +5, 


Operation of a chemostat at D,,,, gives the maximum rate of 
biomass production from the reactor. However, because Dove 
is usually very close to D_,,, it may not be practical to operate 
at D,,,. Small variations of dilution rate in this region can 
cause Targe fluctuations in x and sand, unless the dilution rate 
is controlled very precisely, washout may occur. 

Excellent agreement between chemostat theory and experi- 
mental results has been found for many culture systems. When 
deviations occur, they are due primarily to imperfect operation of 
the reactor. For example, if the vessel is not well mixed, some 
liquid will have higher residence time in the reactor than the rest 
and concentrations will not be uniform; under these conditions 
the equations derived in the section do not hold. Similarly, if cells 
adhere to glass or metal surfaces in the reactor and produce wall 
growth, biomass will be retained in the vessel and washout will O1 02 03 04 05 06 
not occur even at high dilution rates. Other deviations occur if Dilution rate, D (hr!) 
inadequate time is allowed for the system to reach steady state. 


Figure 13.25 Steady-state volumetric biomass productivity 
: as a function of dilution rate in a chemostat. Curve corre- 
(13.70) sponds to ,,,,=0.5 h7!, K,=0.2 kg m~4, Yyo= 
0.5 kg kg! and s;= 20 kg m>, 
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Example 13.5 Steady-state concentrations in a chemostat 
The Zymomonas mobilis cells of Example 13.3 are used for chemostat culture in a 60 m3 fermenter. The feed contains 12 g 17! 
glucose; K, for the organism is 0.2 g17!. 


(a) What flow rate is required for a steady-state substrate concentration of 1.5 g 1~!? 
(b) At the flow rate of (a), what is the cell density? 
(c) At the flow rate of (a), what concentration of ethanol is produced? 


Solution: 
Yy5=0.06 gg}; Ypy=7.7 8 8's Minax = 0-3 AOS K,=0.2 g1~!; m,=2.2 g¢71 ho}; s,=12 g17!; V=60 m>*. From Example 
13.3, gp = 3.4 h7!. From the general definition of yield in Section 11.6.1, Ypp = Ypy Yys=0.46 g g7!. 


(a) s=1.5g17!. From Eq. (13.58): 
fas (0.3h7!) (1.5 g17!) 


eee GH 
K,t+s 0.2g17!+1.5g17! 


D= 


From the definition of dilution rate Eq. (13.39): 
F= DV= (0.26 h7!) (60 m3) = 15.6 m3 h7!. 


(b) When synthesis of product is coupled with energy metabolism as for ethanol, xis evaluated using Eq. (13.61). Therefore: 


13 Reactor Engineering 367 


(0.26 h~!) (12 — 1.5) gI7! 
0.26h7! 
0.06gg ! 


= 0.42¢171. 
+ 2.2¢¢7} ho} 


(c) Assuming ethanol is not present in the feed, p; = 0. Steady-state product concentration is given by Eq. (13.65): 


(3.4h7!) (0.42 g17}) : 


-] 
0.26h7} eee 


p= 


Example 13.6 Substrate conversion and biomass productivity in a chemostat 


A 5 m? fermenter is operated continuously with feed substrate concentration 20 kg m~3. The microorganism cultivated in the 
reactor has the following characteristics: 4... =0.45 h7!, K,=0.8 kg m7, Yy.=0.55 kg kg™!. 


(a) What feed flow rate is required to achieve 90% substrate conversion? 

(b) How does the biomass productivity at 90% substrate conversion compare with the maximum possible? 
Solution: 

(a) For 90% substrate conversion, s =(0.1 s;)=2 kg m3. From Eq. (13.58): 


Permax? (0.45h7!) (2 kg m73) 


Se 2 02h 
Kj+s  0.8kgm73+2kgm74 


From £q. (13.39): 
F= DV=0.32h7! (5 m3) =1.6 m?h7!, 
(b) Assuming maintenance requirements and product formation are negligible, from Eq. (13.69): 


(0.8 kg m~3) (0.32 h7!) 


0.55 ae 
(0.45h7! — 0.32h7}) } keke 


Q, = 0.32h7! (r04¢m - 
= 3.17 kgm ho! 


Maximum biomass productivity occurs at D,,,, which can be evaluated using Eq. (13.70): 


0.8 kg m~3 
D,,, = 045h7! {| 1- || ————-—____. 40.36h"}. 
: 0.8kgm~3+ 20kgm~3 


Maximum biomass productivity is determined from Eq. (13.69) with D= Dope? 


(0.8 kg m~>) (0.36 h~') 
(0.45h7! — 0.36 h7!) 


Qx max 


0.36 h7! (2ohge 0.55 kg kg™! 
= 3.33kem™ hh"! 


Therefore, biomass productivity at 90% substrate conversion is *'7/, ,, x 100 = 95% of the theoretical maximum. 


13 Reactor Engineering 


368 


Figure 13.26 Flowsheet for a continuous stirred-tank fer- 
menter with immobilised cells. 


Feed stream Product stream 


Immobilised-cell 
particles 


13.5.5 Chemostat With Immobilised Cells 


Consider the continuous stirred-tank immobilised-cell fer- 
menter shown in Figure 13.26. Spherical particles containing 
cells are kept suspended and well mixed by the stirrer. The 
concentration of immobilised cells per unit volume of liquid 
in the reactor is x,,. Let us assume that Xim iS constant; this is 
achieved if all particles are retained in the vessel and all cells 
produced by immobilised-cell growth are released into the 
medium. The concentration of suspended cells is x,. We will 
assume that the intrinsic specific growth rates of suspended 
and immobilised cells are the same and equal to #. Suspended 
cells are removed from the reactor in the product stream; 
immobilised cells are retained inside the vessel. For simplicity, 
let us assume that cell death and maintenance requirements 
are negligible, the reactor feed is sterile, and any product syn- 
thesis is directly coupled with energy metabolism. 

The system shown in Figure 13.26 reaches steady state. 
Relationships between operating variables and concentrations 
inside the reactor can be determined using mass balances. 

Let us consider a mass balance on suspended cells. At steady 


state, the mass-balance equation is similar to Eq. (13.55) 
except that x, is zero for sterile feed and cell death is assumed to 
be negligible. In addition, as suspended cells are produced by 
growth of both suspended- and immobilised-cell populations, 
the equation must contain two generation terms instead of 
one: 


a Fx tpxVt+ px, Va 0. 
(13.71) 


If diffusional limitations affect the growth rate of the immobil- 
ised cells, # x, must be replaced by ny x.,, where 7+. is the 
total effectiveness factor defined in Section 12.5. Dividing 
through by Vand applying the definition of dilution rate from 
Eq. (13.39) gives: 


Dx, - p(x, + My Xin) 
(13.72) 


or 


(13.73) 


For x,_, =0, Eq. (13.73) reduces to Eq. (13.57) fora chemostat 
containing suspended cells only: p = D. 

The steady-state mass-balance equation for limiting sub- 
strate can be derived from Eq. (6.5) with M, = Fs, M 9 = Psand 
Rg = 0. Both cell populations consume substrate; in the 
absence of product- and maintenance-associated substrate 
requirements, rate of substrate consumption Re can be related 
directly to the growth rates of immobilised and suspended cells 
using the biomass yield coefficient Y,<. If we assume that the 
value of Yy¢ is the same for all cells, by analogy with Eq. 
(13.59) the mass-balance equation for limiting substrate is: 


V- I Bim V 


Yys Yys 


x 
Fs, — Fs — Ps 


i 
> 


(13.74) 


Dividing through by V, applying the definition of dilution rate 
from Eq. (13.39) and rearranging gives: 


D(s,— 5) = ee (x, + 17 Xi.) 
Yy5 
(13.75) 
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By manipulating Eqs (13.73) and (13.75) and substituting the 
Monod expression for # from Eq. (11.60), the following 
relationship between steady-state substrate concentration, 
dilution rate and immobilised-cell concentration is obtained: 


D(s,— s) Yyg 


Pax’ 


Kgts 


(5, — 5) Yys +07 Xin 
(13.76) 


The form of Eq. (13.76) is shown in Figure 13.27. For a 
chemostat with suspended cells only, i.e. x,,, = 0, at steady 
state D= y and the maximum operating dilution rate D.,,,, is 
limited by the maximum specific growth rate of the cells. 
From Eq. (13.73), for any x;,, > 0, D at steady state in the 
immobilised-cell reactor is greater than y. Accordingly, dilu- 
tion rate is no longer limited by the maximum growth rate 
and, as shown in Figure 13.27, immobilised-cell chemostats 
can be operated at D considerably greater than D_,,, without 
washout. At a given dilution rate, presence of immobilised 
cells also improves substrate conversion and reduces the 
amount of substrate lost in the product stream. However, 
reaction rates with immobilised cells can be reduced signific- 
antly by the effects of mass transfer in and around the 
particles. As illustrated in Figure 13.27, at the same concen- 
tration of immobilised cells, substrate conversion at n 7 = 1.0 
is greater than at lower values of 7 when mass-transfer limi- 
tations are significant. 


13.5.6 Chemostat Cascade 


The joining together of two or more CSTRs in series produces 
a multi-stage process in which conditions such as pH, temper- 
ature and medium composition can be varied in each reactor. 
This is advantageous if reactor conditions required for growth 
are different from those for product synthesis, e.g. in produc- 
tion of recombinant proteins and many metabolites not 
directly linked with energy metabolism. One way of operating 
a two-stage chemostat cascade is shown in Figure 13.28; in this 
process the product stream from the first reactor feeds directly 
into the second. Substrate leaving the first reactor at concen- 
tration s, is converted in the second tank so that s, < s, and 
P> > p;- In some applications, the second CSTR is supple- 
mented with fresh medium containing nutrients, inducers or 
inhibitors for optimal product formation. 


Design equations for cell and enzyme CSTR cascades can be 
derived as a simple extension of the theory developed in 
Section 13.5.4; the same mass-balance principles are applied 
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Figure 13.27 Steady-state substrate conversion as a func- 
tion of dilution rate with and without immobilised cells. 
Curves were calculated with the following parameter values: 
Hmax= 0-1 h7], K,= 10-3g1}, Kyo =0.5 a ee 5 
8x107-3g17), 
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and steady state is assumed at each reactor stage. Details can be 
found in other references [5, 37, 38]. In fermenter cascades, 
cells entering the second and subsequent vessels may go 
through periods of unbalanced growth as they adapt to the 
new environmental conditions in each reactor. Therefore, use 
of simple unstructured metabolic models such. as those out- 
lined in this text does not always give accurate results. 
Nevertheless, it can be shown that the total reactor residence 
time required to achieve a given degree of substrate conversion 
is significantly smaller with two CSTRs in series than if only 
one CSTR were used. In other words, the total reactor volume 
required is reduced with two smaller tanks in series than with a 
single large tank. Usually however, only two to four reactors in 
series are justified as the benefits associated with adding success- 
ive stages diminish significantly [39]. 


13.5.7 Chemostat With Cell Recycle 


Cell concentration in a single chemostat can be increased by 
recycling biomass from the product stream back to the reactor. 
With more catalyst present in the vessel, higher rates of sub- 
strate utilisation and product formation can be achieved. With 
cell recycle, the critical dilution rate for washout is also 
increased allowing greater operating flexibility. 

There are several ways by which cells can be recycled in 
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Figure 13.28 Flowsheet for a cascade of rwo continuous stirred-tank fermenters. 


fermentation processes. External biomass feedback is illustrated 
in Figure 13.29; in this scheme, a cell separator such as a 
centrifuge or settling tank is used to concentrate biomass leav- 
ing the reactor. A portion of the concentrate is continuously 
recycled back to the CSTR with flow rate F, and cell concen- 
tration x,. Such systems can be operated under steady-state 
conditions and are used extensively in biological waste treat- 
ment. Another way of achieving biomass feedback is perfusion 
culture or internal biomass feedback. This operating scheme is 
often used for mammalian cell culture and is illustrated in 
Figure 13.30. Depletion of nutrients and accumulation of 
inhibitory products limit batch cell densities for many animal 
cell lines to about 10° cells ml~!. Cell density and therefore 
the volumetric productivity of these cultures can be increased 
by retaining biomass in the reactor while fresh medium is con- 
tinuously added and spent broth removed. As indicated in 
Figure 13.30, cells in a perfusion reactor are physically 
retained in the vessel by a mechanical device such as a filter. 


Product stream 


Liquid throughput is thus achieved without continuous 
removal or dilution of the cells so that concentrations in excess 
of 107 cells ml~! can be obtained. A common problem associ- 
ated with perfusion systems is blocking or blinding of the 
filter. 

With growing cells, if all the biomass is returned or 
retained in the reactor, the cell concentration will increase 
with time and steady state will not be achieved. Therefore, for 
steady-state operation, some proportion of the biomass must 
be removed from the system. Chemostat reactors with cell 
recycle can be analysed using the same mass-balance tech- 
niques applied in Section 13.5.4 [37, 38]. Typical results for 
biomass concentration and biomass productivity with and 
without cell recycle are shown in Figure 13.31. With cell 
feedback, because recycled cells are an additional source of 
biomass in the reactor, washout occurs at dilution rates 
greater than the maximum specific growth rate. If a is the 
recycle ratio: 
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Figure 13.29 Flowsheet for a continuous stirred-tank F. 
fermenter with external biomass feedback. a= FE 
(13.77) 
Recycle stream and B is the biomass concentration factor: 
FL,=QF 
x, = Bx Cell 
separator x, 
B = — 
x 
Product (13.78) 


Feed 
stream 


stream 


Figure 13.30 Flowsheet for a continuous perfusion reactor 
with internal biomass feedback. 


the critical dilution rate with cell cycle is increased by a factor 
of 1 (1+a@— af) relative to the simple chemostat. Figure 13.31 
also shows that biomass productivity is greater in recycle 
systems by the same factor. 


13.5.8 Continuous Operation of a Plug-Flow 
Reactor 


Plug-flow operation is an alternative to mixed operation for 
continuous reactors. No mixing occurs in an ideal plug-flow 
reactor; liquid entering the reactor passes through as a discrete 
‘plug’ and does not interact with neighbouring fluid elements. 
This is achieved at high flow rates which minimise backmixing 
and variations in liquid velocity. Plug flow is most readily 
achieved in column or tubular reactors such as that shown in 
Figure 13.32. Plug-flow reactors can be operated in upflow or 
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Figure 13.31 Steady-state biomass concentration xand 
volumetric biomass productivity Qy for a chemostat with and 
without cell recycle. Curves were calculated with the 
following parameter values: y= 0.5 h7!, K,=0.01 g 17}, 
Y,5=0.5 gg 1,5,=2g17!, a=0.5, B=2.0. 
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downflow mode or, in some cases, horizontally. Plug-flow 
tubular reactors are known by the abbreviation PFTR. 

Liquid in a PFTR flows at constant velocity; thus all parts 
of the liquid have identical residence time in the reactor. As 
reaction in the vessel proceeds, concentration gradients of sub- 
strate and product develop in the direction of flow. At the 
feed-end of the PFTR the substrate concentration will be high 
and the product concentration low because the reaction mix- 
ture has just entered the vessel; at the end of the tube the 
substrate concentration will be low and the product level high. 

Consider operation of the PFTR shown in Figure 13.32. 
The volumetric liquid flow rate through the vessel is F; the 
feed stream contains substrate at concentration s,. At the reac- 
tor outlet, the substrate concentration is sp. This exit 
concentration can be related to the inlet conditions and reac- 
tor residence time using mass-balance techniques. Let us first 
consider plug-flow operation for enzyme reaction. 


13.5.8.1 Enzyme reaction 


To develop equations for a plug-flow enzyme reactor, we must 
consider a small section of the reactor of length Azas indicated 
in Figure 13.32. This section is located at distance z from the 
feed point. Let us perform a steady-state mass balance on sub- 
strate around the section using Eq. (6.5). 


In Eq. (6.5), M. ; is the mass flow rate of substrate entering 
the system; therefore M; = Fs|, where Fis the volumetric flow 
rate through the reactor and s], is the substrate concentration 
at z. Similarly, M,, the mass flow rate of substrate leaving the 
section, is Fs| _,,,- Substrate is not generated in the reaction; 
therefore R,, = 0. Rate of substrate consumption R, is equal to 
the volumetric rate of reaction v multiplied by the volume of 
the section. v is given by Eq. (11.31); the section volume is 
equal to AAz where A is the cross-sectional area of the reactor. 
At steady state, the left-hand side of Eq. (6.5) is zero. 
Therefore, the mass-balance equation is: 


Ynax> 


K_ +s 


m 


1 le sla Ahz = 0 


(13.79) 
where »,_,, is the maximum rate of enzyme reaction and K,_ is 


the Michaelis constant. Dividing through by AAz and re- 
arranging gives: 


F(steae™ Sle) £ ~ Umax? 
Ahz K+ , 


(13.80) 


The volumetric flow rate F divided by the reactor cross- 
sectional area A is equal to the superficial velocity through the 
column, u. Therefore: 


“(sleaze S12) _ ~ Ynaxt 
Az K,,ts 


(13.81) 
For Fand A constant, wis also constant. Eq. (13.81) is valid for 


any section in the reactor of thickness Az. For it to be valid at 
any point in the reactor, we must take the limit as Az > 0: 


lim ge a sl, - 
* Az 0 Az : 
(13.82) 


and apply the definition of the differential from Eq. (D.13) in 
Appendix D: 


ds Sos 
“e-— = 
dz Kits 


(13.83) 
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Figure 13.32 Flowsheet for a continuous plug-flow tubular 
reactor. 


Product stream 


Feed stream 


Eq. (13.83) is a differential equation for the substrate concen- 
tration gradient through the length of a plug-flow reactor. 
Assuming uw and the kinetic parameters are constant, Eq. 
(13.83) is ready for integration. Separating variables and inte- 
grating with boundary condition s = s, at z = 0 gives an 
expression for the reactor length Z required to achieve an out- 
let concentration of s-: 


K. S. S.- S 
=» Nps ode | 
v, Se v, 


Residence time T for continuous reactors is defined in Eq. 
(13.51). If we divide Vand F in Eq. (13.51) by A, we can 


express the residence time for plug-flow reactors in terms of 


(13.84) 


parameters Land u: 


(13.85) 
Therefore, Eq. (13.84) can be written as: 
K . = 
pss a ge ee 
Ynax 5¢ Umax 
(13.86) 


Eqs (13.84) and (13.86) allow us to calculate the reactor length 
and residence time required to achieve conversion of substrate 
from concentration s; to sat flow rate u. The form of Eq. 
(13.86) is identical to that of Eq. (13.10) for batch reactors. As 
in batch reactors where substrate and product concentrations 
vary continuously during the reaction period, concentrations in 
plug-flow reactors change continuously as material moves from 
inlet to outlet. Thus, plug-flow operation can be seen as a way of 
simulating batch culture in a continuous flow system. 

Plug-flow operation is generally impractical for enzyme 
conversions unless the enzyme is immobilised and retained 
inside the vessel. For immobilised-enzyme reactions affected 
by diffusion, Eq. (13.83) must be modified to account for 
mass-transfer effects: 


ds —Vnaxs 
u— =—ny 
dz K,,+5 


(13.87) 
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where 7; is the total effectiveness factor representing internal 
and external mass-transfer limitations (see Section 12.5), s is 
the bulk substrate concentration, and v,, and K), are intrin- 
sic kinetic parameters. Because 77 is a function of s, we cannot 
integrate Eq. (13.87) directly as s varies with z in plug-flow 
reactors. 

Plug-flow operation with immobilised enzyme is most 


likely to be approached in packed-bed reactors such as that 
shown in Figure 13.8. Packing in the column can cause 
substantial backmixing and axial dispersion of liquid, 
thus interfering with ideal plug flow. Nevertheless, applica- 
tion of the equations developed in this section can give 
satisfactory results for design of fixed-bed immobilised- 
enzyme reactors. 


Example 13.7 Plug-flow reactor for immobilised enzymes 


Immobilised lactase is used to hydrolyse lactose in dairy waste to glucose and galactose. Enzyme is immobilised in resin particles 
and packed into a 0.5 m3 column. The total effectiveness factor for the system is close to unity; K_, for the immobilised enzyme 
is 1.32 kg m3; vis 45 kg m~>h7!. The lactose concentration in the feed stream is 9.5 kg m~3; a substrate conversion of 
98% is required. The column is operated with plug flow for a total of 310 d per year. 


(a) At what flow rate should the reactor be operated? 
(b) How many tonnes of glucose are produced per year? 


Solution: 


(a) For 98% substrate conversion, s-= (0.02 s,) =0.19 kg m7 ?. Substituting into Eq. (13.86) gives: 


1.32 kg m~3 ; ( 


eae 
= ————_—_In + 
45kgm~h7! 


0.19kgm~3 


From Eq. (13.51): 


(9.5 ~ 0.19) kg m~3 
45kgm~?h7! 


= 0.32h. 


(b) The rate of lactose conversion is equal to the difference between inlet and outlet mass flow rates of lactose: 


F(s, — s¢)=1.56 m3 h7! (9.5 — 0.19) kg m73 = 14.5 kg hol. 


Converting this to an annual rate based on 310 d per year and a molecular weight for lactose of 342: 


Lactose converted = 14.5kgh™!. aa 


24h | ee 


lyr 
= 315 kgmol yr7!. 
The enzyme reaction is: 


lactose + HO —> glucose + galactose. 


1 kgmol 
342 kg 


Therefore, from reaction stoichiometry, 315 kgmol glucose are produced per year. The molecular weight of glucose is 180; 


therefore: 
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180 kg 
1 kgmol 


Glucose produced = 315 kgmol yr7! . | 


= 56.7 tonne yr}. 


1 tonne 


1000 kg 


13.5.8.2 Cell culture 


Analysis of plug-flow reactors for cell culture follows the same 
procedure as for enzyme reaction. If the cell specific growth 
rate is constant and equal to y,,,, throughout the reactor and 
cell death can be neglected, the equations for reactor residence 
time are analogous to those derived in Section 13.5.1.2 for 
batch fermentation, e.g.: 


1 Xf 
t=— In— 


Pmax i 


(13.88) 


where Tis the reactor residence time defined in Eq. (13.51), x; 
is the biomass concentration at the inlet and x, is the biomass 
concentration at the outlet. The form of Eq. (13.88) is identi- 
cal to that of Eq. (13.20) for batch reaction. 

Plug-flow operation is not suitable for cultivation of sus- 
pended cells unless the biomass is recycled or there is 
continuous inoculation of the vessel. Plug-flow operation with 
cell recycle is used for large-scale wastewater treatment; how- 
ever applications are limited. Plug-flow reactors are suitable 
for immobilised-cell reactions with catalyst packed into a fixed 
bed as shown in Figure 13.8. Even so, operating problems 
such as those mentioned in Section 13.2.5 mean that PFTRs 
are rarely employed for industrial fermentations. 


13.5.9 Comparison Between Major Modes of 
Reactor Operation 


The relative performance of batch, CSTR and PFTR reactors 
can be considered from a theoretical point of view in terms of 
the substrate conversion and product concentration obtained 
from vessels of the same size. Because the total reactor volume 
is not fully utilised at all times during fed-batch operation, it is 
difficult to include this mode of operation in a general com- 
parison. 

As indicated in Section 13.5.8, the kinetic characteristics 
of PFTRs are the same as batch reactors; the residence time 
required for conversion in a plug-flow reactor is therefore the 
same as in a mixed vessel operated in batch. It can also be 
shown theoretically that as the number of stages in a CSTR 
cascade increases, the conversion characteristics of the entire 


system approach those of an ideal plug-flow or mixed batch 
reactor. This is shown diagrammatically in Figure 13.33. The 
smooth dashed curve represents the progressive decrease in 
substrate concentration with time spent in a PFTR or batch 
reactor; concentration is reduced from s, at the inlet to s, at the 
outlet. In a single well-mixed CSTR operated with the same 
inlet and outlet concentrations, because conditions in the 
vessel are uniform there is a step change in substrate 
concentration as soon as the feed enters the reactor. In a cas- 
cade of CSTRs, the concentration is uniform in each reactor 
but there is a step-wise drop in concentration between each 
stage. As illustrated in Figure 13.33, the larger the number of 
units in a CSTR cascade, the closer the concentration profile 
approaches plug-flow or batch behaviour. 

The benefits associated with particular reactor designs or 
modes of operation depend on the kinetic characteristics of the 
reaction. For zero-order reactions there is no difference 
between single batch, CSTR and PFTR reactors in terms of 
overall conversion rate. However, for most reactions including 
first-order and Michaelis-Menten conversions, rate of reac- 
tion decreases as the concentration of substrate decreases. 
Reaction rate is therefore high at the start of batch culture or at 
the entrance to a plug-flow reactor because the substrate level 
is greatest. Subsequently, the reaction velocity falls gradually as 
substrate is consumed. In contrast, substrate entering a CSTR 
is immediately diluted to the final or outlet steady-state con- 
centration so that the rate of reaction is comparatively low for 
the entire reactor. Accordingly, for first-order and 
Michaelis-Menten reactions, CSTRs achieve lower substrate 
conversions and lower product concentrations than batch 
reactors or PFT Rs of the same volume. In practice, batch pro- 
cessing is much preferred to PFTR systems because of the 
operating problems mentioned in Section 13.2.5. However, as 
discussed in Section 13.5.2, the total time for batch operation 
depends on the duration of the downtime between batches as 
well as on the actual conversion time. Because the length of 
downtime varies considerably from system to system, we can- 
not account for it here in a general way. Downtime between 
batches should be minimised as much as possible to maintain 
high overall production rates. 

The comparison between reactors yields a different result if 
the reaction is autocatalytic. Catalyst is produced by the reaction 
in fermentation processes; therefore, the volumetric rate of reac- 
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Figure 13.33 Concentration changes in PFTR, single 
CSTR and multiple CSTR vessels. 


Large number of CSTRs 


Four CSTRs of 
equal size 


PFTR 
(or batch reactor) 


Single CSTR 


tion increases as the conversion proceeds because the amount of 
catalyst builds up. Volumetric reaction rate continues to 
increase until the substrate concentration becomes low, then it 
declines due to substrate depletion. At the beginning of batch 
culture, rate of substrate conversion is generally low because 
relatively few cells are present; it takes some time for cells to 
accumulate and the rate to pick up. However, in CSTR opera- 
tion, substrate entering the vessel is immediately exposed to a 
relatively high biomass concentration so that the rate of conver- 
sion is also high. Rates of conversion in chemostats operated 
close to the optimum dilution rate for biomass productivity (see 
Section 13.5.4.2) are often 10-20 times greater than in PFTRor 
batch reactors. This rate advantage disappears if the steady-state 
substrate concentration in the CSTR is so small that, despite the 
higher biomass levels present, the conversion rate is lower than 
the average in a batch or PFTR device. For most fermentations 
however, CSTRs offer significant theoretical advantages over 
other modes of reactor operation. 

Despite the productivity benefits associated with CSTRs, an 
overwhelming majority of commercial fermentations are con- 
ducted in batch. The reasons lie with the practical advantages 
associated with batch culture. Batch processes have a lower risk 
of contamination than continuous-flow reactors; equipment 
and control failures during long-term continuous operation are 
also potential problems. Continuous fermentation is feasible 
only when the cells are genetically stable; if developed strains 
revert to more rapidly-growing mutants the culture can 
become dominated over time by the revertant cells. In contrast, 
freshly-produced inocula are used in batch fermentations giv- 
ing closer control over the genetic characteristics of the culture. 


Continuous culture is not suitable for production of metab- 
olites normally formed near stationary phase when the culture 
growth rate is low; as mentioned above, productivity in a batch 
reactor is likely to be greater than ina CSTR under these condi- 
tions. Continuous fermentations must be operated for lengthy 
periods to reap the full benefits of their high productivity. 
Production can be much more flexible with batch processing; 
for example, different products each with small market vol- 
umes can be made in different batches. 


13.5.10 Evaluation of Kinetic and Yield 
Parameters in Chemostat Culture 


In a steady-state chemostat with sterile feed and negligible cell 
death, the specific growth rate yz is equal to the dilution rate D. 
This relationship is useful for determining kinetic and yield 
parameters in cell culture. If growth can be modelling using 
Monod kinetics, for chemostat culture, Eq. (11.60) becomes: 


Prax 


Ky+s 


n= 
(13.89) 


where y,,,, is the maximum specific growth rate, K is the sub- 
strate constant and sis the steady-state substrate concentration 
in the reactor. Eq. (13.89) is analogous mathematically to the 
Michaelis-Menten expression for enzyme kinetics. If sis meas- 
ured at various dilution rates, techniques described in Section 
11.4 for determining v_,, and K,, can be applied for evalua- 
tion of ,,,, and K. Rearrangement of Eq. (13.89) gives the 
following linearised equations which can be used for 
Lineweaver—Burk, Eadie-Hofstee and Langmuir plots, 
respectively: 


1 Ky 1 
—— =. + —— 
(13.90) 
D _ Bmax _ D 
s Ky Ky 
(13.91) 
and 
s K. Ss 
(13.92) 


13 Reactor Engineering 


For example, according to Eq. (13.90), w,,,, and K, can be 
determined from the slope and intercept of a plot of !/ [p Versus 
yy ;- Lhe comments made in Sections 1 1.4.2-11.4.4 about 
distortion of experimental error apply also to Egs 
(13.90)—(13.92). 

Chemostat operation is also convenient for determining 
true yields and maintenance coefficients for cell cultures. An 
expression relating these parameters to the specific growth rate 
is given by Eq. (11.81). In chemostat culture with p= D, Eq. 
(11.81) becomes: 


_ 
— 


ee, set + 
Yy-5 
(13.93) 


where Y¥< is the observed biomass yield from substrate, Y,,< is 
the true biomass yield from substrate and m, is the mainten- 
ance coefficient. Therefore, as shown in Figure 13.34, a plot of 
'/ yx, versus 1/D gives a straight line with slope mg and inter- 
cept '/¥ys. In a chemostat with sterile feed, the observed 
biomass yield from substrate Y',, is obtained as follows: 


(13.94) 


where x and s are steady-state cell and substrate concentra- 
tions, respectively, and s, is the inlet substrate concentration. 


13.6 Sterilisation 


Commercial fermentations typically require thousands of 
litres of liquid medium and millions of litres of air. For pro- 
cesses operated with axenic cultures, these raw materials must 
be provided free from contaminating organisms. Of all the 
methods available for sterilisation including chemical treat- 
ment, exposure to ultraviolet, gamma and X-ray radiation, 
sonication, filtration and heating, only the last two are used in 
large-scale operations. Aspects of fermenter design and con- 
struction for aseptic operation were considered in Sections 
13.3.1 and 13.3.2. Here, we consider design of sterilisation 
systems for liquids and gases. 


13.6.1 Batch Heat Sterilisation of Liquids 


Liquid medium is most commonly sterilised in batch in the 
vessel where it will be used. The liquid is heated to sterilisation 
temperature by introducing steam into the coils or jacket of 
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Figure 13.34 Graphical determination of the maintenance 
coefficient m, and true biomass yield Y,, using data from 
chemostat culture. 


the vessel; alternatively, steam is bubbled directly into the 
medium, or the vessel is heated electrically. If direct steam 
injection is used, allowance must be made for dilution of the 
medium by condensate which typically adds 10-20% to the 
liquid volume; quality of the steam must also be sufficiently 
high to avoid contamination of the medium by metal ions or 
organics. A typical temperature-time profile for batch steril- 
isation is shown in Figure 13.35(a). Depending on the rate of 
heat transfer from the steam or electrical element, raising the 
temperature of the medium in large fermenters can take a sig- 
nificant period of time. Once the holding or sterilisation 
temperature is reached, the temperature is held constant for a 
period of time 4, ,. Cooling water in the coils or jacket of the 
fermenter is then used to reduce the medium temperature to 
the required value. 

For operation of batch sterilisation systems, we must be 
able to estimate the holding time required to achieve the 
desired level of cell destruction. As well as destroying contami- 
nant organisms, heat sterilisation also destroys nutrients in the 
medium. To minimise this loss, holding times at the highest 
sterilisation temperature should be kept as short as possible. 
Cell death occurs at all times during batch sterilisation, includ- 
ing the heating-up and cooling-down periods. The holding 
time 4, , can be minimised by taking into account cell destruc- 
tion during these periods. 

Let us denote the number of contaminants present in the 


raw medium JN). As indicated in Figure 13.35(b), during the 
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Figure 13.35 (a) Variation of temperature with time for 
batch sterilisation of liquid medium. (b) Reduction in 
number of viable cells during batch sterilisation. 
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heating period this number is reduced to N,. At the end of the 
holding period, the cell number is N,; the final number after 
cooling is Nr. Ideally, N; is zero; at the end of the sterilisation 
cycle we want to have no contaminants present. However, 
because absolute sterility would require an infinitely-long 
sterilisation time, it is theoretically impossible to achieve. 
Normally, the target level of contamination is expressed as a 
fraction of a cell, which is related to the probability of contami- 
nation. For example, we could aim for an N,; value of 1073; 
this means we accept the risk that one batch in 1000 will not 
be sterile at the end of the process. If N, and N,are known, we 
can determine the holding time required to reduce the number 
of cells from N, to N, by considering the kinetics of cell death. 


Rate of heat sterilisation is governed by the equations for 
thermal death outlined in Section 11.14. From Eq. (11.86) for 
first-order death kinetics, in a batch vessel where cell death is 
the only process affecting the number of viable cells: 


dN 


— =-k,N 
dt : 


(13.95) 


where Nis number of viable cells, tis time and & qs the specific 
death constant. Eq. (13.95) applies to each stage of the batch 
sterilisation cycle: heating, holding and cooling. However, 
because &, is a strong function of temperature, direct integra- 
tion of Eq. (13.95) is valid only when the temperature is 
constant, i.e. during the holding period. The result is: 


pee = kotha 
N, 
(13.96) 
or 
N 
In eee 
t 2 
hd 
ra 
¢ (13.97) 


where #,, is the holding time, N, is the number of viable cells 
at the start of holding, and N, is the number of viable cells at 
the end of holding. &, is evaluated as a function of temperature 
using the Arrhenius equation: 


hy = Ae EIRT 
(11.46) 


where A is the Arrhenius constant or frequency factor, E is the 
activation energy for the thermal cell death, Ris the ideal gas 
constant and 7 is absolute temperature. 

To use Eq. (13.97) we must know N, and N,. These num- 
bers are determined by considering the extent of cell death 
during the heating and cooling periods when the temperature 
is not constant. Combining Egs (13.95) and (11.46) gives: 


dN 


— = Ae AI RTN, 
dt 


(13.98) 


Integration of Eq. (13.98) gives for the heating period: 
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Figure 13.36 Generalised temperature—time profiles for the heating and cooling stages of a batch sterilisation cycle. (From 
F.H. Deindoerfer and A.E. Humphrey, 1959, Analytical method for calculating heat sterilization times. Appl. Microbiol.7, 


256-264.) 


Holding Temperature 


Linear 


2 
FE 
= 
a 
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Exponential 


Raw medium temperature 


N, t 
In —& = * Ae Fal RT dt 
N, 0 
(13.99) 


and, for the cooling period: 


N; tf 
lets af | Ae Fal RT dt 
Ne 2 


(13.100) 


where t, is the time at the end of heating, #, is the time at the 
end of holding and ¢, is the time at the end of cooling. We can- 
not complete integration of these equations until we know how 
the temperature varies with time during heating and cooling. 

As outlined in Chapter 6, unsteady-state temperature pro- 
files during heating and cooling can be determined from the 
heat transfer properties of the system. The general form of 
these equations is shown in Figure 13.36 and Table 13.3. 
Applying an appropriate expression for Tin Eq. (13.99) from 
Table 13.3 allows us to evaluate the cell number N, at the start 
of the holding period. Similarly, substituting for T in Eq. 
(13.100) for cooling gives N, at the end of the holding period. 
Use of the resulting values for NV, and N, in Eq. (13.97) com- 
pletes the holding-time calculation. 


Linear 
a 


Cooling 


Exponential 
a ™ 


Fermentation temperature 


Normally, cell death below about 100°C is minimal; how- 
ever, when heating and cooling are relatively slow, 
temperatures remain close to the maximum for considerable 
periods of time and, as indicated in Figure 13.35(b), cell num- 
bers can be reduced significantly outside of the holding period. 
Usually, holding periods are of the order of minutes whereas 
heating and cooling of large liquid volumes take hours. Sample 
design calculations for batch sterilisation are given by Aiba, 
Humphrey and Millis [40] and Richards [41]. 

The design procedures outlined in this section apply to 
batch sterilisation of medium when the temperature is uni- 
form throughout the vessel. However, if the liquid contains 
contaminant particles in the form of flocs or pellets, tempera- 
ture gradients may develop. Because heat transfer within solid 
particles is slower than in liquid, the temperature at the centre 
of the solid will be lower than that in the liquid for some pro- 
portion of the sterilising time. As a result, cell death inside the 
particles is not as effective as in the liquid. Longer holding 
times are required to treat solid-phase substrates and media 
containing particles. 

When heat sterilisation is scaled up to larger volumes, long- 
er treatment times are needed to achieve the same sterilisation 
results at the same holding temperature. For a given raw 
medium, the initial number of organisms Np is directly 
proportional to the liquid volume; therefore, to obtain the 
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Table 13.3. General equations for temperature as a function of time during the heating and cooling periods of batch 
sterilisation 


(From F.H. Deindoerfer and A.E. Humphrey, 1959, Analytical method for calculating heat sterilization times. 
Appl. Microbiol. 7, 256-264) 


Heat transfer method Temperature—time profile 
Heating 7 
hM,t 
m c Ty 
Direct sparging with steam T= T,| 1+ vi 
144 
Mn 
(hyperbolic) 
Qt 
Electrical heating T= T)| 1 + ———— 
M,C,T, 
po 
(linear) 
—UA 
Ty — Ts (i C 
Heat transfer from isothermal steam T= Ts} 1 + —< e\ om? 
Ss 
(exponential) 
Cooling 


Heat transfer to non-isothermal cooling water 


T= T,,|1+ ——ee mp 
(exponential) : 


A = surface area for heat transfer; 

C, = specific heat capacity of medium; 

Coe = specific heat capacity of cooling water; 

h = specific enthalpy difference between steam and raw medium; 
M, = initial mass of medium; 

M, = mass flow rate of steam; 


= mass flow rate of cooling water; 

= rate of heat transfer; 

= temperature; 

initial medium temperature; 

= inlet temperature of cooling water; 
= steam temperature; 

= time; and 

= overall heat-transfer coefficient. 


< 


CO Aa sore 
iT} 
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Figure 13.37 


heat exchangers. 
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same final Np a greater number of cells must be destroyed. 
Scale-up also affects the temperature-time profiles for heating 
and cooling. Heat-transfer characteristics depend on the 
equipment used; heating and cooling of larger volumes usually 
take more time. Sustained elevated temperatures during heat- 
ing and cooling are damaging to vitamins, proteins and sugars 
in nutrient solutions and reduce the quality of the medium 
[42]. Because it is necessary to hold large volumes of medium 


Continuous sterilising equipment: (a) continuous steam injection with flash cooling; (b) heat transfer using 


Holding section 


Steam 
injection 


Holding section 


for longer periods of time, this problem is exacerbated with 
scale-up. 


13.6.2 Continuous Heat Sterilisation of 
Liquids 

Continuous sterilisation, particularly a high-temperature, 
short-exposure-time process, can significantly reduce damage 
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Figure 13.38 Variation of temperature with time in the continuous sterilisers of Figure 13.37. 
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to medium ingredients while achieving high levels of cell 
destruction. Other advantages include improved steam econ- 
omy and more reliable scale-up. The amount of steam 
needed for continuous sterilisation is 20-25% that used in 
batch processes; the time required is also significantly reduced 
because heating and cooling are virtually instantaneous. 
Typical equipment configurations for continuous sterilisa- 
tion are shown in Figure 13.37. In Figure 13.37(a), raw 
medium entering the system is first pre-heated by hot, sterile 
medium in a heat exchanger; this economises on steam require- 
ments for heating and cools the sterile medium. Steam is then 
injected directly into the medium as it flows through a pipe; the 
liquid temperature rises almost instantaneously to the desired 
sterilisation temperature. The time of exposure to this tempera- 
ture depends on the length of pipe in the holding section of the 
steriliser. After sterilisation, the medium is cooled instantly by 
passing it through an expansion valve into a vacuum chamber; 
further cooling takes place in the heat exchanger where residual 
heat is used to pre-heat incoming medium. Figure 13.37(b) 
shows an alternative sterilisation scheme based on heat exchange 
between steam and medium. Raw medium is pre-heated with 


Lf 
20 ; 
sec { 


Holding 
2-3 min 


Heat exchange 


hot, sterile medium in a heat exchanger then brought to the ster- 
ilisation temperature by further heat exchange with steam. The 
sterilisation temperature is maintained in the holding section 
before being reduced to the fermentation temperature by heat 
exchange with incoming medium. Heat-exchange systems are 
more expensive to construct than injection devices; fouling of 
the internal surfaces also reduces the efficiency of heat transfer 
between cleanings. On the other hand, a disadvantage associ- 
ated with steam injection is dilution of the medium by 
condensate; foaming from direct steam injection can also cause 
problems with operation of the flash cooler. As indicated in 
Figure 13.38, rates of heating and cooling in continuous steril- 
isation are much more rapid than in batch; accordingly, in 
design of continuous sterilisers, contributions to cell death out- 
side of the holding period are generally ignored. 

An important variable affecting performance of continuous 
sterilisers is the nature of fluid flow in the system. Ideally, all 
fluid entering the equipment at a particular instant should 
spend the same time in the steriliser and exit the system at the 
same time; unless this occurs we cannot fully control the time 
spent in the steriliser by all fluid elements. No mixing should 
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Figure 13.39 Velocity distributions for flow in pipes. (a) In 
plug flow, fluid velocity is the same across the diameter of the 
pipe as indicated by the arrows of equal length. (b) In fully- 
developed turbulent flow, the velocity distribution 
approaches that of plug flow; however there is some reduction 
of flow speed at the walls. (c) In laminar flow, there is a con- 
tinuous increase of velocity from the walls to the centre of the 
tube. 


(a) Plug flow 


(b) Turbulent flow 


(c) Laminar flow 
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Figure 13.40 Correlation for determining the axial- 
dispersion coefficient in turbulent pipe flow. Reis Reynolds 
number, Dis pipe diameter, u is average linear fluid velocity, 
pis fluid density, wis fluid viscosity, and J, is the axial- 
dispersion coefficient. Data were measured using single fluids 
in: (@) straight pipes; (mg) pipes with bends; (01) artificially- 
roughened pipe; and (©) curved pipe. (From O. Levenspiel, 
1958, Longitudinal mixing of fluids flowing in circular pipes. 
Ind. Eng. Chem. 50, 343-346.) 


Turbulent 


occur in the tubes; if fluid nearer the entrance of the pipe mixes 
with fluid ahead of it, there is a risk that contaminants will be 
transferred to the outlet of the steriliser. The type of flow in 
pipes where there is neither mixing nor variation in fluid 
velocity is called plug flowas already described in Section 13.5.8 
for plug-flow reactors. Plug flow is an ideal flow pattern; in real- 
ity, fluid elements in pipes have a range of different velocities. 
As illustrated in Figure 13.39, flow tends to be faster through 
the centre of the tube than near the walls. However, plug flow is 
approached in pipes at turbulent Reynolds numbers (see 
Section 7.2.2) above about 2 x 104; operation at high Reynolds 
numbers minimises fluid mixing and velocity variation. 

Deviation from plug-flow behaviour is characterised by the 
degree of axial dispersion in the system, i.e. the degree to which 
mixing occurs along the length or axis of the pipe. Axial disper- 
sion is a critical factor affecting design of continuous sterilisers. 
The relative importance of axial dispersion and bulk flow in 
transfer of material through the pipe is represented by a 
dimensionless variable called the Peclet number: 
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(13.101) 


where Pe is the Peclet number, wu is the average linear fluid 
velocity, Z is the pipe length and , is the axial-dispersion 
coefficient. For perfect plug flow, 9, is zero and Pe is infinitely 
large; in practice, Peclet numbers between 3 and 600 are typi- 
cal. The value of 9, for a particular system depends on the 
Reynolds number and pipe geometry; a correlation from the 
engineering literature for evaluating 9, is shown in Figure 
13.40. Once the Peclet number has been calculated from Eq. 
(13.101), the extent of cell destruction in the steriliser can be 
related to the specific death constant &, using Figure 13.41. In 
Figure 13.41, N, is the number of viable cells entering the 
system, N, is the number of cells leaving, Pe is the Peclet 
number as defined by Eq. (13.101), and Da is another 
dimensionless number called the Damkohler number: 


byt 


u 


Da = 
(13.102) 


where k, is the specific death constant, L is the length of the 
holding pipe and x is the average linear liquid velocity. The 
lower the value of “2/w,, the greater is the level of cell destruc- 
tion. Figure 13.41 shows that, at any given sterilisation 
temperature defining the value of ky and Da, performance of 
the steriliser declines significantly as the Peclet number 
decreases. Design calculations for a continuous steriliser are 
illustrated in Example 13.8. 


Example 13.8 Holding temperature in a continuous steriliser 


Figure 13.41 


Thermal destruction of contaminating 


organisms as a function of the Peclet number Pe and 
Damkéhler number Da . N, is the number of viable cells 
entering the holding section of the steriliser; N, is the number 
of cells leaving. (From S. Aiba, A.E. Humphrey and N.F. 
Millis, 1965, Biochemical Engineering, Academic Press, New 
York.) 


Medium at a flow rate of 2 m3 h7! is to be eestilised by heat exchange with steam in a continuous steriliser. The liquid contains 


bacterial spores at a concentration of 5 x 10!2 m 


3; the activation energy and Arrhenius constant for thermal destruction of these 


contaminants are 283 kJ gmol™! and 5.7 x 1079 h“!, respectively. A contamination risk of one organism surviving every 60 
days’ operation is considered acceptable. The ee pipe has an inner diameter of 0.1 m; the length of the holding section is 
24 m. The density of the medium is 1000 kg m7? and the viscosity is 3.6 kg m~! h~!. What sterilising temperature is required? 


Solution: 
The desired level of cell destruction is evaluated using a basis of 60 days. Ignoring any cell death in the heating and cooling 
sections, the number of cells entering the holding section over 60 d is: 


24h 
N,=2mh-(5x10!?m-9), | — |: (60 d) = 1.44 x 1016. 


N,, the acceptable number of cells leaving during this period is 1. Therefore: 


|= 


1 


= ——_. = 69x10". 
N,  1.44x10!6 
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The linear velocity win the steriliser is equal to the volumetric flow rate divided by the cross-sectional area of the pipe: 


2m?h7! 
“= ————_ = 2546mh "|. 


0.1m ¥ 
v5 
2 


To calculate Pe we must first determine 9, using Figure 13.40: 


For Re=7.07 x 10° we can determine &, from Figure 13.40 using either the experimental or theoretical curve. Let us choose the 
experimental curve as this gives a larger value of ¥, and a smaller value of Pe ; the steriliser design will thus be more conservative. 
Therefore, 2z/, = 0.65: 


9, = 0.65 (254.6 mh7!) (0.1 m) =16.6 m7h7!. 
From Eq. (13.101): 


L 254.6 mh7!) (24 
pe Hes, CAC EN 
g, 16.6 m?h7! 
Using Figure 13.41, we can determine the value of £, for the desired level of cell destruction. Da corresponding to ‘2/yy, = 
6.9 107!7 and Pe= 368 is about 42. Therefore: 


D 254.6 mh!) (42 
ky = simi al a ina Be = 445.6h—!, 
L 24m 


The sterilisation temperature can be evaluated after rearranging Eq. (11.46). Dividing both sides by A and taking natural loga- 


rithms gives: 


E, = 283 kJ gmol”! = 283 x 10°Jgmol™!; A = 5.7 x 1099h7}; from Table 2.5, the ideal gas constant R is 
8.3144 J K7! gmol”!. Therefore: 


e x 103 J gmol~! 
8.3144] K7! gmol™! 


T= = 398.4K. 
I 445.6h7! 
e 5.7 x 1079 h7! 


Using the conversion between K and °C given in Eq. (2.24), T= 125°C. 
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Heating and cooling in continuous sterilisers are so rapid that 
in design calculations they are considered instantaneous. 
While reducing nutrient deterioration, this feature of the pro- 
cess can cause problems if there are solids present in the 
medium. During heating, the temperature at the core of solid 
particles remains lower than in the medium. Because of the 
extremely short contact times in continuous sterilisers com- 
pared with batch systems, there is a greater risk that particles 
will not be properly sterilised. It is important therefore that 
raw medium be clarified as much as possible before it enters a 
continuous steriliser. 


13.6.3 Filter Sterilisation of Liquids 


Sometimes, fermentation media or selected ingredients are 
sterilised by filtration rather than heat. For example, media 
containing heat-labile components such as enzymes and 
serum are easily destroyed by heat and must be sterilised by 
other means. Typically, membranes used for filter sterilisation 
of liquids are made of cellulose esters or other polymers and 
have pores between 0.2 and 0.45 pm in diameter. The mem- 
branes themselves must be sterilised before use, usually by 
steam. As medium is passed through the filter, bacteria and 
other particles with dimensions greater than the pore size are 
screened out and collect on the surface of the membrane. The 
small pore sizes used in liquid filtration mean that the mem- 
branes are readily blocked unless the medium is pre-filtered to 
remove any large particles. To achieve high flow rates, large 
surface areas are required. 

Liquid filtration is generally not as effective or reliable as 
hear sterilisation. Viruses and mycoplasma are able to pass 
through membrane filters; care must also be taken to prevent 
holes or tears in the membrane. Usually, filter-sterilised 
medium is incubated for a period of time before use to test 
its sterility. 


13.6.4 Sterilisation of Air 


The number of microbial cells in air is of the order 
109-104 m~3 [40]. Filtration is the most common method for 
sterilising air in large-scale bioprocesses; heat sterilisation of 
gases is economically impractical. Depth filters consisting of 
compacted beds or pads of fibrous material such as glass wool 
have been used widely in the fermentation industry. Distances 
between the fibres in depth filters are typically 2-10 pm, about 
10 times greater than the dimensions of the bacteria and spores 
to be removed. Air-borne particles penetrate the bed to various 
depths before their passage through the filter is arrested; the 
depth of the filter medium required to produce air of sufficient 


quality depends on the operating flow rate and the incoming 
level of contamination. Cells are collected in depth filters by a 
combination of impaction, interception, electrostatic effects, 
and, for particles smaller than about 1.0 pm, diffusion to the 
fibres. Depth filters do not perform well if there are large fluc- 
tuations in flow rate or if the air is wet; liquid condensing in 
the filter increases the pressure drop, causes channelling of the 
gas flow, and provides a pathway for organisms to grow 
through the bed. 

Increasingly, depth filters are being replaced for industrial 
applications by membrane cartridge filters. These filters use 
steam-sterilisable polymeric membranes which act as surface 
filters tapping contaminants as on a sieve. Membrane filter 
cartridges typically contain a pleated, hydrophobic filter with 
small and uniformly-sized pores 0.45 jm or less in diameter. 
The hydrophobic nature of the surface minimises problems 
with filter wetting while the pleated configuration allows a 
high filtration area to be packed into a small cartridge volume. 
Pre-filters built into the cartridge or up-stream reduce fouling 
of the membrane by removing large particles, oil, water drop- 
lets and foam from the incoming gas. 

Filters are also used to sterilise effluent gases leaving fer- 
menters. In this application, the objective is to prevent release 
into the atmosphere of any microorganisms entrained in aero- 
sols in the headspace of the reactor. The concentration of cells 
in fermenter off-gas is several times greater than in air. 
Containment is particularly important when organisms used 
in fermentation are potentially harmful to plant personnel or 
the environment; companies operating fermentations with 
pathogenic or recombinant strains are required by regulatory 
authorities to prevent escape of the cells. 


13.7 Summary of Chapter 13 


Chapter 13 contains a variety of qualitative and quantitative 
information about design and operation of bioreactors. After 
studying this chapter, you should: 


(i) be able to assess in general terms the effect of reaction 
engineering on total production costs in bioprocessing; 
be familiar with a range of bioreactor configurations in 
addition to the standard stirred tank, including bubble- 
column, airlift, packed-bed, fluidised-bed and trickle-bed 
designs; 

understand the practical aspects of bioreactor construc- 
tion, particularly those aimed at maintaining aseptic 
conditions; 

be familiar with measurements used in fermentation 
monitoring and the problems associated with lack of on- 
line methods for important fermentation parameters; 


(ii) 


(iii) 


(iv) 
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(v) _ be familiar with established and modern approaches to 
fermentation control; 


(vi) be able to predict batch reaction times for enzyme and 
cells reactions; 

(vii) be able to predict the performance of fed-batch reactors 
operated under quasi-steady-state conditions; 

(viii) be able to predict and compare the performance of con- 
tinuous stirred-tank reactors and continuous plug-flow 
reactors; 

(ix) know how to use steady-state chemostat data to deter- 


mine kinetic and yield parameters for cell culture; and 

(x) know how batch and continuous systems are designed 
for heat sterilisation of liquid medium and methods for 
filter sterilisation of fermentation gases. 


Problems 


13.1 Economics of batch enzyme conversion 


An enzyme is used to convert substrate to a commercial prod- 
uct in a 1600-litre batch reactor. v,,. for the enzyme is 
0.9 gl-' ho}; K,, is 1.5 g17!. Substrate concentration at the 
start of the reaction is 3 g 17}; according to the stoichiometry 
of the reaction, conversion of 1 g substrate produces 1.2 g 
product. The cost of operating the reactor including labour, 
maintenance, energy and other utilities is estimated at $4800 
per day. The cost of recovering the product depends on the 
extent of substrate conversion and the resulting concentration 
of product in the final reaction mixture. For conversions 
between 70% and 100%, the cost of downstream processing 
can be approximated using the equation: 


C = 155 — 0.33X 


where Cis cost in $ per kg product treated and X is the per- 
centage substrate conversion. The market price for the 
product is $750 kg~!. Currently, the enzyme reactor is oper- 
ated with 75% substrate conversion; however it is proposed to 
increase this to 90%. Estimate the effect this will have on the 
economics of the process. 


13.2 Batch production of aspartic acid using 
cell-bound enzyme 


Aspartase enzyme is used industrially for manufacture of 
aspartic acid, a component of low-calorie sweetener. Fumaric 
acid and ammonia are converted to aspartic acid according to 
the equation: 


C,H,O,+NH, = C,H,O.N. 
(fumaric acid) (aspartic acid) 


Under investigation is a process using aspartase in intact 
Bacillus cadaveris cells. In the substrate range of interest, the 


’ conversion can be described using Michaelis-Menten kinetics 


with K_ 4.0 g 17}. The substrate solution contains 15% (w/v) 
ammonium fumarate; enzyme is added in the form of lyophil- 
ised cells and the reaction stopped when 85% of the substrate 
is converted. At 32°C, v_,. for the enzyme is 5.9 g17! h7™! 
and its half-life is 10.5d. At 37°C, v,,, increases to 
8.5 gl7! h7! but the half-life is reduced to 2.3 d. 


(a) Which operating temperature would you recommend? 

(b) The average downtime between batch reactions is 28 h. At 
the temperature chosen in (a), calculate the reactor volume 
required to produce 5000 tonnes of aspartic acid per year. 


13.3 Prediction of batch culture time 


A strain of Escherichia coli has been genetically engineered to 
produce human protein. A batch culture is started by inoculat- 
ing 12g cells into a 100-litre bubble-column fermenter 
containing 10 g1~! glucose. The maximum specific growth 
rate of the culture is 0.9 h~!; the biomass yield from glucose is 
0.575 gg). 


(a) Estimate the time required to reach stationary phase. 
(b) What will be the final cell density if the fermentation is 
stopped after only 70% of the substrate is consumed? 


13.4 Fed-batch scheduling 


Nicotiana tabacum cells are cultured to high density for pro- 
duction of polysaccharide gum. The reactor used is a stirred 
tank, containing initially 100 litres medium. The maximum 
specific growth rate of the culture is 0.18 d~! and the yield of 
biomass from substrate is 0.5 gg” !. The concentration of 
growth-limiting substrate in the medium is 3% (w/v). The 
reactor is inoculated with 1.5 g 17! cells and operated in batch 
until the substrate is virtually exhausted; medium flow is then 
started at a rate of 41 d~!. Fed-batch operation occurs under 
quasi-steady-state conditions. 


(a) Estimate the batch culture time and final biomass concen- 
tration. 

(b) Fed-batch operation is carried out for 40 d. What is the 
final mass of cells in the reactor? 

(c) The fermenter is available 275 d per year with a downtime 
between runs of 24h. How much plant cell biomass is 
produced annually? 
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13.5 Fed-batch production of cheese starter 
culture 


Lactobacillus casei is propagated under essentially anaerobic 
conditions to provide a starter culture for manufacture of Swiss 
cheese. The culture produces lactic acid as a by-product of ener- 
gy metabolism. The system has the following characteristics: 


Vox 0.23 kgkg™! 

Ky - 0.15 kg m~3 

Pimax = 0.35h7! 

ms = 0.135 kgkg~! h7! 


A stirred fermenter is operated in fed-batch mode at quasi- 
steady state with a feed flow rate of 4 m*h7! and feed sub- 
strate concentration of 80kgm~>. After 6h, the liquid 
volume is 40 m3. 


(a) What was the initial culture volume? 

(b) What is the concentration of substrate at quasi-steady 
state? 

(c) What is the concentration of cells at quasi-steady state? 

(d) What mass of cells is produced after 6 h fed-batch opera- 


tion? 


13.6 Continuous enzyme conversion in a 
fixed-bed reactor 


A system is being developed to remove urea from the blood of 
patients with renal failure. A prototype fixed-bed reactor is set 
up with urease immobilised in 2-mm gel beads; buffered urea 
solution is recycled rapidly through the bed so that the system 
is well mixed. The urease reaction is: 


(NH,),CO+3H,O > 2NH,*+HCO,~ +OH™. 


K,, for the immobilised urease is 0.54 g 17 1 The volume of 
beads in the reactor is 250 cm3, the total amount of urease is 
1074 g, and the turnover number is 11 000g NH,’ (g 
enzyme)! s~!. The effective diffusivity of urease in the gel is 
7X 1076 cm? s~!; external mass-transfer effects are negligible. 
The reactor is operated continuously with a liquid volume of 
1 litre. The feed stream contains 0.42 g 17! urea; the desired 
urea concentration is 0.02 gl}. Ignoring enzyme deactiva- 
tion, what volume of urea solution can be treated in 30 min? 


13.7 Batch and continuous biomass 
production 


Pseudomonas methylotrophus is used to produce single-cell pro- 
tein from methanol in a 1000 m? pressure-cycle airlift 


fermenter. The biomass yield from substrate is 0.41 g g™!, Kg is 
0.7 mg 1~', and the maximum specific growth rate is 0.44 h7!. 
The medium contains 4% (w/v) methanol. A substrate conver- 
sion of 98% is desirable. The reactor may be operated either in 
batch or continuous mode. If operated in batch, an inoculum of 
0.01% (w/v) is used and the downtime between batches is 20 h. 
If operated continuously, a downtime of 25 d is expected per 
year. Neglecting maintenance requirements, compare the annu- 
al biomass production from batch and continuous reactors. 


13.8 Reactor design for immobilised enzymes 


6-Aminopenicillanic acid used to produce semi-synthetic penicil- 
lins is prepared by enzymatic hydrolysis of fermentation-derived 
penicillin G. Penicillin acylase immobilised in alginate is being 
considered for the process; the immobilised-enzyme particles are 
small enough that mass-transfer effects can be ignored. The start- 
ing concentration of penicillin G is 10% (w/v); because of the 
high cost of the substrate, 99% conversion is required. Under 
these conditions, enzymatic conversion of penicillin G can be 
considered a first-order reaction. It has not been decided whether 
a batch, CSTR or plug-flow reactot would be most suitable. The 
downtime between batch reactions is expected to be 20 h. For the 
batch and CSTR reactors, the reaction rate constant is 0.8 x 
10~4 s~!; in the PFTR, the packing density of enzyme beads can 
be up to four times greater than in the other reactors. Determine 
the smallest reactor required to treat 400 tonnes penicillin G per 
year. 


13.9 Two-stage chemostat for secondary 
metabolite production 


A two-stage chemostat system is used for production of sec- 
ondary metabolite. The volume of each reactor is 0.5 m3; the 
flow rate of feed is 50 | h~!. Mycelial growth occurs in the first 
reactor; the second reactor is used for product synthesis. The 
concentration of substrate in the feed is 10 g1~!. Kinetic and 
yield parameters for the organism are: 


Yyo = O5kekg™! 


K, = 1.0kg m4 

Piss 0.12h7! 

me =~ 0.025kgkg™!h7! 
Gp = 0.16 kg kg! h7? 
Yoo = 0.85 keke? 


Assume that product synthesis is negligible in the first reactor 
and growth is negligible in the second reactor. 


(a) Determine the cell and substrate concentrations entering 
the second reactor. 
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(b) What is the overall substrate conversion? 
(c) What is the final concentration of product? 


13.10 Kinetic analysis of bioremediating 
bacteria using a chemostat 


A strain of Ancylobacter bacteria capable of growing on 1,2- 
dichloroethane is isolated from sediment in the river Rhine. 
The bacteria are to be used for on-site bioremediation of soil 
contaminated with chlorinated halogens. Kinetic parameters 
for the organism are determined using chemostat culture. A 
1-litre fermenter is used with a 1,2-dichloroethane feed at a 
concentration of 100 pM. Steady-state substrate concentra- 
tions are measured as a function of flow rate. 


Flow rate Substrate concentration 
(ml h7!) (uM) 

10 17.4 

15 25.1 

20 39.8 

25 46.8 

30 69.4 

35 80.1 

50 100 


(a) Determine Prax and Ky for this organism. 
(b) Determine the maximum operating flow rate of the reac- 
tor. 


13.11 Kinetic and yield parameters of an 
auxotrophic mutant 


An Enterobacter aerogenes auxotroph capable of overproducing 
threonine has been isolated. The kinetic and yield parameters 
for this organism are investigated using a 2-litre chemostat 
with 10 g17! glucose in the feed. Steady-state cell and sub- 
strate concentrations are measured as a function of flow rate. 


Flow rate Cell concentration Substrate concentration 
(tho!) (gl"') (g1~?) 

1.0 3.15 0.010 

1.4 3.22 0.038 

1.6 3.27 0.071 

1.7 3.26 0.066 

1.8 3.21 0.095 

1.9 3.10 0.477 


Determine the maximum specific growth rate, the substrate 
constant K,, the maintenance coefficient, and the true bio- 
mass yield for this culture. 


13.12 Continuous sterilisation 


A 15-m? chemostat is operated with dilution rate 0.1 h71. A 
continuous steriliser with steam injection and flash cooling 
delivers sterilised medium to the fermenter. Medium in the 
holding section of the steriliser is maintained at 130°C. The 
concentration of contaminants in the raw medium is 
10° ml7!; an acceptable contamination risk is one organism 
every 3 months. The Arrhenius constant and activation energy 
for thermal death are estimated to be 7.5 X 109? h7! and 
288.5 kJ gmol7!, respectively. The steriliser pipe inner diam- 
eter is 12 cm. At 130°C the liquid density is 1000 kg m~3 and 
the viscosity is 4 kg m7! h7!. 


(a) Assuming perfect plug flow, determine the length of the 
holding section. 

(b) What length is required if axial-dispersion effects are 
taken into account? 

(c) Ifthe steriliser is constructed with length as determined in 
(a) and operated at 130°C as planned, what will be the rate 
of fermenter contamination? 
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A 


Conversion Factors 


Note on Tables: 
Entries in the same row are equivalent. For example, in Table A.1, 1 m= 3.281 ft, 1 mile = 1.609 x 103 m, etc. Exact numerical values are printed in bold type; 
others are given to four significant figures. 


Table A.1 Length (L) 


metre inch foot mile micrometre angstrom 

(m) (in.) (ft) (um) (A) 
(formerly micron) 

1 3.937 x 10! 3.281 6.214x 1074 10° 10!° 

2.54% 1072 1 8.333 x 1072 1.578 x 1075 2.54 x 104 2.54 x 108 

3.048x 107! = 1.2x 10! 1 1.894 x 1074 3.048 x 10° 3.048 x 10? 

1.609 x 10° 6.336 x 104 5.28 x 10° 1 1.609 x 10? 1.609 x 1013 

10-6 3.937 x 1075 3.281 x 1076 6.214 x 107° 1 104 

107 !° 3,937 x 1079 3.281 x 107 1° 6.214x 10714 10-4 1 


Table A.2 Volume (L*) 


cubic metre litre (1 or L) cubic foot cubic inch imperial US gallon 
(m3) or cubic (ft?) (in.3) gallon (USgal) 
decimetre* (UKgal) 
(dm?) 
1 10 3.531 x 10! 6.102 x 104 2.200 x 10? 2.642 x 10? 
10-3 1 3.531 x 10-2 6.102 x 10! 2.200 x 107! 2.642 x 107! 
2.832x1072 2.832 x10! 1 1.728 x 10 6.229 7.481 
1.639X107> = 1.639 x 107? 5.787 x 1074 1 3.605 x 1073 4.329 x 1073 
4546x1073 4,546 1.605x 107! 2.774 x 10? 1 1.201 
3.785X 1073 3.785 1.337 x 107! 2.31 x 102 8.327 x 107! 1 


* The litre was defined in 1964 as 1 dm? exactly. 


Table A.3 Mass (M) 


kilogram gram pound ounce tonne imperial ton atomic 

(kg) (g) (lb) (oz) {t) (UK ton) mass unit* 
{u) 

1 10° 2.205 3.527 x10! 10-3 9.842 x 1074 6.022 x 1026 

10-3 1 2.205 x 1073 3.527 x 1072 10-6 9.842 x 1077 6.022 x 1073 

4.536X107! 4.536 x 10? 1 1.6 x 10! 4.536 1074 4.464 x 1074 2.732 x 106 

2.835x1072 2.835 10! 6.25 x 1072 1 2.835 x 1075 2.790 x 1075 1.707 x 102° 

10° 10° 2.205 x 10° 3.527x 104 1 9.842 x 107! 6.022 x 107? 

1.016 x 10° 1,016 x 106 2.240 x 103 3.584 x 104 1.016 1 6.119 x 107? 

1.66110727. 1.661 x 1074 3.661 x 10727 5.857 x 10-26 1.661 x 10739 1.634x1079° 


* Atomic mass unit (unified); 1 u= "4, of the rest mass of a neutral atom of the nuclide }2C in the ground state. 
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Table A.4 Force (LMT ~2) 


newton kilogram-force pound-force dyne poundal 

(N, kgms~?) (kg 9 (lb) (dyn, gcm s~?) (pdl, Ib ft s~?) 
1 1.020 x 107! 2.248 x 107! 10° 7.233 

9.807 1 2.205 9.807 x 10° 7.093 x 10! 
4.448 4.536 x 107! 1 4.448 x 10° 3.217 x10! 
1075 1.020 x 1076 2.248 x 1076 1 7.233 x 1075 
1.383 x 107! 1.410 x 1072 3.108 x 1072 1.383 x 104 1 


Table A.5 Pressure and stress (L>!MT~?) 


pascal pound force kilogram standard dyne torr inches of bar 

(Pa, per inch? force per atmosphere per cm? (Torr, water** 

Nm? (psi, metre? (atm) (dyn cm7?) mmHg)* (inH,O) 

Jm=3 Ibpin.~?) (kg ¢ m7?) 

kg m7! s~?) 

1 1.450x 1074 1.020 x 107! 9.869 x 10-6 10! 7.501 x 1073 4015x1073 =: 1075 
6.895 x 10% 1 7.031 x 102 6.805 x 1072 6.895 x 104 5.171 x 10! 2.768 x 10! 6.895 x 1072 
9.807 1.422 x 1073 1 9.678 x 107° 9.807 x 10! 7.356 1072 3.937x 1072 9.807 x 1075 
1.013 x 10° 1.470 x 10! 1.033 x 104 1 1.013 x 10° 7.6 x 102 4.068 x 10? 1.013 

107! 1.450 x 1075 1.020 x 1072 9.869 x 1077 1 7.501xX1074 = 4015x1074 = 107 

1.333 x 10? 1.934 1072 1.360 x 10! 1.316 x 1073 1.333 x 10° 1 §.352x107! 1.333 x 1073 
2.491 x 102 3.613 1072 2.540 x 10! 2.458 x 1073 2.491 x 10° 1.868 1 2.491 x 1073 


105 1.450x 10! 1.020 x 104 9.869 x 107! 10° 7.501 x 102 4.015 x 102 1 


* mmHg refers to Hg at 0°C; 1 Torr = 1.00000 mmHg. 
** in.H,O refers to water at 4°C. 


Table A.6 Surface tension (MT ”) 


newton per metre dyne per centimetre kilogram-force 
(N m7! kgs7?, (dynem™!, gs~?, per metre 
Jm~2) ergcm 2) (kg -m~") 

1 105 1.020 x 107! 
1073 1 1.020 x 1074 
9.807 9.807 x 103 1 


Table A.7 Energy, work and heat (L7MT ~7) 


joule kilocalorie* British foot pound- litre kilowatt erg 

J,Nm, (kcal) thermal force atmosphere hour (dyn cm) 
Pam?, unit (ft lbp (latm) (kW h) 

Ws, (Bru) 

kg m?5~2) 

1 2.388 x 1074 9.478 x 1074 7.376X 107! 9.869 x 1073 2.778 X 1077 107 

4.187 x 103 1 3.968 3.088 x 103 4.132x 10! 1.163 x 10-3 4.187 x 101° 
1.055 x 10° 2.520 x 107! 1 7.782 X 102 1.041 x 10! 2.931 x 1074 1.055 x 10! 
1.356 3.238 x 1074 1.285 x 1073 1 1.338 x 1072 3.766 x 1077 1.356x 107 
1.013 x 10? 2.420 x 107-2 9.604 x 1072 7.473 x 10! 1 2.815 x 1075 1.013 x 10° 
3.6 x 106 8.598 x 102 3.412 x 103 2.655 x 10° 3.553 x 104 1 3.6x 1013 
10-7 2.388 x 107}! 9.478 x 10713 7.376 x 1078 9.869 x 107 10 2.778 x 107 14 1 


* International Table kilocalorie (kcal ,,) 
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Table A.8 Power (L7MT 3) 
watt kilocalorie foot pound- horsepower metric British kilogram-force 
(W,Js7, per min force per (British) horsepower thermal metre per 
kg m? s~5) (kcal min71) second (hp) C) unit per second 
(ft bps") minute (kg pm s~ ») 
(Bru min~!) 
1 1.433 x 1072 7.376107! 1.341 x 1073 1.360 x 1073 5.687 x 1072 1.020 x 107! 
6.978 x 10! 1 5.147 x 10! 9.358 x 1072 9.487 x 1072 3.968 7.AIG 
1.356 1.943 x 1072 1 1.818 x 1073 1.843 x 1075 7.710 x 1072 1.383107! 
7.457 x 102 1.069 x 10! 5.5 x 102 1 1.014 4.241 x10! 7.604 x 10! 
7.355 X 102 1.054 10! 5.425 x 102 9.863 x 107! 1 4.183 x 10! 7.5x10! 
1.758 x 10! 2.520 x 107! 1.297 x 10! 2.358 x 1072 2.391 x 1072 1 1.793 
9.807 1.405107! 7.233 1.315 x 1072 1.333 x 1072 5.577X 107! 1 
able A. namic viscosi % = 
Table A.9 Dy L-1MT~! 
pascal second _ poise centipoise kgm! ho! Ib fe“! h7! 
(Pas,Nsm~*,  (gcm7!s7}, (cP) 
kg m7! 57!) dyn scm~?) 
1 10! 10 3.6 x 103 2.419 x 10 
107) 1 102 3.6 x 102 2.419 x 102 
10-5 10-2 1 3.6 2.419 
2.778x10-4 = -2.778x 1073 2.778 x 107! 1 6.720 x 107} 
4134x1074 = 4.134 1073 4.134x 107! 1.488 1 
Table A.10 Plane angle (1) 
radian revolution degree minute second 
(rad) (rev) (°) (‘) (") 
1 1592x107! 5.730 x 10! 3.438 x 103 2.063 x 10° 
6.283 1 3.6 x 102 2.160 x 104 1.296 x 106 
1745x1072. 2.778 x 1073 1 6x10! 3.6 x 103 
2.909x1074 4.630 x 1075 1.667 x 1072 1 6x10! 
4.848x107§ = 7.716 1077 2.778 x 1074 1.667 x 1072 1 


Table A.11 Illuminance (L~2J) 


tux or lumen foot-candle 
per metre? (fc, Im ft~2) 
(x or lm m72) 

1 9.290 x 107? 


1.076 x 10! 


1 
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Physical and Chemical Property Data 


Table B.1 Atomic weights and numbers 


Based on the atomic mass of !2C. Values for atomic weights apply to elements as they exist in nature. 


Name Symbol Relative atomic mass Atomic number 
Actinium Ac - 89 
Aluminium Al 26.9815 13 
Americium Am - 95 
Antimony Sb 121.75 51 
Argon Ar 39.948 18 
Arsenic As 74.9216 33 
Astatine At - 85 
Barium Ba 137.34 56 
Berkelium Bk - 97 
Beryllium Be 9.0122 4 
Bismuth Bi 208.98 83 
Boron B 10.811 5 
Bromine Br 79.904 35 
Cadmium Cd 112.40 48 
Caesium Cs 132.905 55 
Calcium Ca 40.08 20 
Californium Cf ~ 98 
Carbon Cc 12.011 6 
Cerium Ce 140.12 58 
Chlorine cl 35.453 17 
Chromium Cr 51.996 24 
Cobalt Co 58.9332 27 
Copper Cu 63.546 29 
Curium Cm - 96 
Dysprosium Dy 162.50 66 
Einsteinium Es - 99 
Erbium Er 167.26 68 
Europium Eu 151.96 63 
Fermium Fm - 100 
Fluorine F 18.9984 9 
Francium Fr - 87 
Gadolinium Gd 157.25 64 
Gallium Ga 69.72 31 
Germanium Ge 72.59 32 
Gold Au 196.967 79 
Hafnium Hf 178.49 72 
Helium He 4.0026 2 
Holmium Ho 164.930 67 
Hydrogen H 1.00797 1 
Indium In 114.82 49 
lodine I 126.9044 53 
Tridium Ir 192.2 TF 
Iron Fe 55.847 26 
Krypton Kr 83.80 36 


Lanthanum La 138.91 57 
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Name Symbol Relative atomic mass Atomic number 
Lawrencium Lr - 103 
Lead. Pb 207.19 82 
Lithium Li 6.939 3 
Lutetium Lu 174.97 71 
Magnesium Mg 24.312 12 
Manganese Mn 54.938 25 
Mendelevium Md = 101 
Mercury Hg 200.59 80 
Molybdenum Mo 95.94 42 
Neodymium Nd 144.24 60 
Neon Ne 20.183 10 
Neptunium Np - 93 
Nickel Ni 58.71 28 
Niobium Nb 92.906 41 
Nitrogen N 14.0067 7 
Nobelium No - 102 
Osmium Os 190.2 76 
Oxygen ce) 15.9994 8 
Palladium Pd 106.4 46 
Phosphorus P 30.9738 15 
Platinum Pr 195.09 78 
Plutonium Pu - 94 
Polonium Po - 84 
Potassium K 39.102 19 
Praseodymium Pr 140.907 59 
Promethium Pm - 61 
Protactinium Pa - 91 
Radium Ra - 88 
Radon Rn - 86 
Rhenium Re 186.2 75 
Rhodium Rh 102.905 45 
Rubidium Rb 85.47 37 
Ruthenium Ru 101.07 44 
Samarium Sm 150.35 62 
Scandium Sc 44.956 21 
Selenium Se 78.96 34 
Silicon Si 28.086 14 
Silver Ag 107.868 47 
Sodium Na 22.9898 1] 
Strontium Sr 87.62 38 
Sulphur S 32.064 16 
Tantalum Ta 180.948 73 
Technetium Te - 43 
Tellurium Te 127.60 52 
Terbium Tb 158.924 65 
Thallium Tl 204.37 81 
Thorium Th 232.038 90 
Thulium Tm 168.934 69 
Tin Sn 118.69 50 
Titanium Ti 47.90 22 
Tungsten Ww 183.85 74 
Uranium U 238.03 92 
Vanadium Vv 50.942 23 
Wolfram (Tungsten) Ww 183.85 74 
Xenon Xe 131.30 54 
Ytterbium Yb 173.04 70 
Yttrium Y 88.905 39 
Zinc Zn 65.37 30 


Zirconium Zr 91.22 40 
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Table B.2 Degree of reduction of biological materials 
(Adapted from J.A. Roels, 1983, Energetics and Kinetics in Biotechnology, Elsevier Biomedical Press, Amsterdam) 


Compound Formula Degree of reduction ¥ Degree of reduction y 
relative to NH, relative to N, 
Acetaldehyde C,H,O 5.00 5.00 
Acetic acid CHO, 4.00 4.00 
Acetone C,H,O 5.33 5.33 
Adenine CSHN, 2.00 5.00 
Alanine CH,O,N 4.00 5.00 
Ammonia NH, 0 3.00 
Arginine CoH, ,0,N, 3.67 5.67 
Asparagine C,H,O3N, 3.00 4.50 
Aspartic acid C,H,O,N 3.00 3.75 
n-Butanol C,H, 6.00 6.00 
Butyraldehyde C,H,O 5.50 5.50 
Butyric acid C,H,O, 5.00 5.00 
Carbon monoxide (ee) 2.00 2.00 
Citric acid C,H,0, 3.00 3.00 
Cytosine C,H,ON, 2.50 4.75 
Erhane C,H, 7.00 7.00 
Ethanol C,H,O 6.00 6.00 
Ethene C,H, 6.00 6.00 
Ethylene glycol C,H,O, 5.00 5.00 
Ethyne C,H, 5.00 5.00 
Formaldehyde CH,0 4.00 4.00 
Formic acid CH,O, 2.00 2.00 
Fumaric acid C,H,O, 3.00 3.00 
Glucitol C6H 40, 4.33 4.33 
Gluconic acid C,H,,0, 3.67 3.67 
Glucose CoH,20, 4.00 4.00 
Glutamic acid C,5H,O,N 3.60 4.20 
Glutamine CSH9O3N, 3.60 4.80 
Glycerol C3H,O, 4.67 4.67 
Glycine C,H,O,.N 3.00 4.50 
Graphite Cc 4.00 4.00 
Guanine C5H,ON, 1.60 4.60 
Histidine C,H,O.N; 3.33 4.83 
Hydrogen H, 2.00 2.00 
Isoleucine C,H,,0,N 5.00 5.50 
Lactic acid C3H,O; 4.00 4.00 
Leucine CgH,;0,N 5.00 5.50 
Lysine C,H, ,0,N, 4.67 5.67 
Malic acid C,H,O, 3.00 3.00 
Methane CH, 8.00 8.00 
Methanol CH,O 6.00 6.00 
Oxalic acid C,H,0, 1.00 1.00 
Palmitic acid C,6H3,0, 5.75 5.75 
Pentane CSHi 6.40 6.40 
Phenylalanine C,H, ,0,N 4,44 4.78 
Proline C,H,O0,N 4,40 5.00 
Propane C3Hg 6.67 6.67 
iso-Propanol C,H,O 6.00 6.00 
Propionic acid CjH,O, 4.67 4.67 
Pyruvic acid C3H,O; 3.33 3.33 
Serine C3H,O,N 3.33 4.33 


Succinic acid C,H,O, 3.50 3.50 
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Compound Formula Degree of reduction Y Degree of reduction y 
relative to NH, relative to N, 
Threonine C,H,O;N 4.00 4.75 
Thymine C5H,O,N, 3.20 4.40 
Tryptophan C,,H,,0,N, 4.18 4.73 
Tyrosine CyH,,03;N 4.22 4.56 
Uracil C,H,O,N, 2.50 4.00 
Valeric acid C5Hy 902 5.20 5.20 
Valine C5H,,0,N 4.80 5.40 
Biomass CH, ,09.5No2 4.20 4.80 


Table B.3 Heat capacities 


(Adapted from R.M. Felder and R.W. Rousseau, 1978, Elementary Principles of Chemical Processes, John Wiley and Sons, New York) 


C, (J gmol™! °C!) = at bT+cT? +d T 
Example. For acetone gas between 0°C and 1200°C: 

C, J gmol”! °C~!) =71.96 + (20.10 x 1077) T— (12.78 x 107°) T? + (34.76 x 10-°) T?, where Tis in °C. 
Note that some equations require Tin K, as indicated. 


State: g = gas; |= liquid; c= crystal. 


Compound State Temperature unit 
Acetone g °C 
Air g °C 
g K 
Ammonia g °C 
Calcium c K 
hydroxide 
Carbon dioxide g Gs 
Ethanol ! °C 
1 °C 
8 °C 
Formaldehyde g °C 
Hydrogen g 2¢ 
Hydrogen g °C 
chloride 
Hydrogen g °C 
sulphide 
Methane g “C 
g K 
Methanol I °C 
I °C 
g °C 
Nitric acid H °C 
Nitrogen g °C 
Oxygen g °C 
Sulphur 
(rhombic) c K 
(monoclinic) c K 
Sulphuric acid 1 °C 
Sulphur dioxide g °C 
Water wt °C 
8 °C 


a 6.102 
71.96 20.10 
28.94 0.4147 
28.09 0.1965 
35.15 2.954 
89.5 

36.11 4.233 
103.1 

158.8 

61.34 15.72 
34.28 4.268 
28.84 0.00765 
29.13 —0.1341 
33.51 1.547 
34.31 5.469 
19.87 5.021 
75.86 

82.59 

42.93 8.301 
110.0 

29.00 0.2199 
29.10 1.158 
15.2 2.68 
18.3 1.84 
139.1 15.59 
38.91 3.904 
75.4 

33.46 0.6880 


¢.10° d.10° Temperature range 
(units of T ) 
— 12.78 34.76 0-1200 
0.3191 —1.965 0-1500 
0.4799 ~— 1.965 273-1800 
0.4421 — 6.686 0-1200 
276-373 
—2.887 7.464 0-1500 
0 
100 
— 8.749 19.83 0-1200 
0.000 —8.694 0-1200 
0.3288 —0.8698 0-1500 
0.9715 —4,335 0-1200 
0.3012 — 3.292 0~-1500 
0.3661 —11.00 0—1200 
1.268 —11.00 273-1500 
0 
40 
—1.87 —8.03 0-700 
25 
0.5723 —2.871 0-1500 
—0.6076 1.311 0-1500 
273-368 
368-392 
10-45 
—3.104 8.606 0-1500 
0-100 
0.7604 -3.593 06-1500 
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Table B.4 Mean heat capacities of gases 
(Adapted from D.M. Himmelblau, 1974, Basic Principles and Calculations in Chemical Engineering, 3rd edn, Prentice-Hall, New Jersey) 


Reference state: T, -=0°C; P..¢= | atm. 


TCC) Com J gmol7}°C7!) 

Ait O, N, H, co, H,O 
0 29.06 29.24 29.12 28.61 35.96 33.48 
18 29.07 29.28 29.12 28.69 36.43 33.51 
25 29.07 29.30 29.12 28.72 36.47 33.52 
100 29.14 29.53 29.14 28.98 38.17 33.73 
200 29.29 29.93 29.23 29.10 40.12 34.10 
300 29.51 30.44 29.38 29.15 41.85 34.54 
400 29.78 30.88 29.60 29.22 43.35 35.05 


500 30.08 31.33 29.87 29.28 44.69 35.59 


Table B.5 Specific heats of organic liquids 
(From R.H. Perry, D.W. Green and J.O. Maloney, Eds, 1984, Chemical Engineers’ Handbook, 6th edn, McGraw-Hill, New York) 


Compound Formula Temperature (°C) GC > (cal g~! °C™ 1) 
Acetic acid C,H,0, 26 0 95 0.522 
Acetone C3H,O 3 to 22.6 0.514 
0 0.506 
24.2 to 49.4 0.538 
Acetonitrile C,H,N 211076 0.541 
Benzaldehyde C,H,O 22 to 172 0.428 
Butyl alcohol (7-) C,H,,O 2.3 0.526 
19.2 0.563 
21 to 115 0.687 
30 0.582 
Butyric acid (7-) C,H,O, 0 0.444 
40 0.501 
20 to 100 0.515 
Carbon tetrachloride CCl, 0 0.198 
20 0.201 
30 0.200 
Chloroform CHCl, 0 0.232 
15 0.226 
30 0.234 
Cresol 
(o-) CjH,O 0 to 20 0.497 
(m-) 21 to 197 0.551 
0 to 20 0.477 
Dichloroacetic acid C,H,C1,0, 21 to 106 0.349 
2110196 0.348 
Diethylamine C,H, ,N 22.5 0.516 
Diethyl malonate C5H,,0, 20 0.431 
Diethyl oxalate CoH, 9, 20 0.431 
Diethyl succinate C,H, ,0, 20 0.450 
Dipropy! malonate CoH, 0, 20 0.431 
Dipropy] oxalate (#-) C,H, 4,0, 20 0.431 


Dipropy] succinate Ci9H 204 20 0.450 
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Compound Formula Temperature (°C) C i (cal g~! °C!) 
Ethanol C,H,O 0 t0 98 0.680 
Ether C,H,,O0 -5 0.525 
0 0.521 
30 0.545 
80 0.687 
120 0.800 
140 0.819 
180 1.037 
Ethyl acetate C,H,O, 20 0.457 
20 0.476 
Ethylene glycol C,H,O, -111 0.535 
0 0.542 
25 0.550 
5.1 0.554 
14.9 0.569 
19.9 0.573 
Formic acid CH,O, 0 0.436 
15.5 0.509 
20 to 100 0.524 
Furfural C5H,O, 0 0.367 
20 to 100 0.416 
Glycerol C3H,O, 15 to 50 0.576 
Hexadecane (7-) Ci gH, 0to 50 0.496 
Isobutyl acetate C.H,,0, 20 0.459 
Isobutyl alcohol C,H, 0 21 to 109 0.716 
30 0.603 
Isoburyl succinate C,,H,,0, 0 0.442 
Isobutyric acid C,H,0, 20 0.450 
Lauric acid C,,H,,0, 40 to 100 0.572 
57 0.515 
Methanol CH,O 5 to 10 0.590 
15 to 20 0.601 
Methy] butyl ketone C,H,,0 21 to 127 0.553 
Methyl ethyl ketone C,H,O 20 to 78 0.549 
Methy] formate CwHO, 13 to 29 0.516 
Methyl propionate C,H,0, 20 0.459 
Palmitic acid C,6H3,0, 65 to 104 0.653 
Propionic acid C3H,O, 0 0.444 
20 to 137 0.560 
Propyl acetate (#-) C5H yO 20 0.459 
Propyl butyrate CH, ,0, 20 0.459 
Propyl formate (7-) C,H,O, 20 0.459 
Pyridine CSH,N 20 0.405 
21 to 108 0.431 
0 to 20 0.395 
Quinoline C,HZN 0 to 20 0.352 
Salicylaldehyde C,H,O, 18 0.382 


Stearic acid C,gH3,0, 75 to 137 0.550 
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Table B.6 Specific heats of organic solids 


(From R.H. Perry, D.W. Green and J.O. Maloney, Eds, 1984, Chemical Engineers’ Handbook, 6th edn, McGraw-Hill, New York) 


Compound Formula Temperature (°C) CG. m (cal g~ lec-l) 
a 
Acetic acid C,H,0, —200 to 25 0.330 + 0.000807 
Acetone C;H,O —210 to —80 0.540 + 0.01567 
Aniline CH,N 0.741 
Capric acid Cy 9H 290, 8 0.695 
Chloroacetic acid C,H,ClO, 60 0.363 
Crotonic acid C,H,O, 38 to 70 0.520 + 0.000207 
Dextrin (CcH 90), 00.90 0.291 +0.00096T 
Diphenylamine 2H,,N 26 0.337 
Erythritol C4H,.O, 60 0.351 
Ethylene glycol 9H,O, —190 to —40 0.366 + 0.001107 
Formic acid CH,O, —22 0.387 
0 0.430 
Glucose C5H,,0, 0 0.277 
20 0.300 
Glutaric acid C5H,O, 20 0.299 
Glycerol C3H,O, 0 0.330 
Hexadecane Ci gHy, 0.495 
Lactose C,,H,,0,; 20 0.287 
12H,,0,,-H,O 20 0.299 
Lauric acid C,,H,,0, —30 to 40 0.430 + 0.000027 T 
Levoglucosane CoH, 0, 40 0.607 
Levulose CoH,,0, 20 0.275 
Malonic acid C,H,O, 20 0.275 
Maltose C,,H,,0), 20 0.320 
Mannitol CoH, 40, 010 100 0.313 + 0.00025 T 
Orxalic acid —200 to 50 0.259 + 0.000767 
C,H,0,.2H,O 0 0.338 
50 0.385 
100 0.416 
Palmitic acid C6H320, 0 0.382 
20 0.430 
Phenol C;H,O 141026 0.561 
Succinic acid C,H,O, 0 to 160 0.248 + 0.001537 
Sucrose C,,H,9), 20 0.299 
Sugar (cane) C,,H2,0;, 22051 0.301 
Tartaric acid C,H,0¢ 36 0.287 
C,H,0,.H,O 0 0.308 
50 0.366 
Urea CH,N,O 20 0.320 
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Table B.7 Normal melting points and boiling points, and standard heats of phase change 
(From R.M. Felder and R.W. Rousseau, 1978, Elementary Principles of Chemical Processes, John Wiley, New York). 


All thermodynamic data are at 1 atm. 


Compound. Molecular Melting Ahrat Normal Ah, at 
weight temperature melting point boiling boiling point 
(°C) (kJ gmol~!) point (°C) (kJ gmol™!) 
Acetaldehyde 44.05 —123.7 20.2 25.1 
Acetic acid 60.05 16.6 12.09 118.2 24.39 
Acetone 58.08 —95.0 5.69 56.0 30.2 
Ammonia 17.03 —778 5.653 — 33.43 23.351 
Benzaldehyde 106.12 —26.0 179.0 38.40 
Carbon dioxide 44.01 —56.6 8.33 (sublimates at —78°C) 
Chloroform | 119,39 —63.7 61.0 
Ethanol 46.07 —114.6 5.021 78.5, 38.58 
Formaldehyde 30.03 —92 —19.3 24.48 
Formic acid 46.03 8.30 12.68 100.5 22.25 
Glycerol 92.09 18.20 18.30 290.0 
Hydrogen 2.016 —259.19 0.12 —252.76 0.904 
Hydrogen chloride 36.47 —114.2 1.99 —85.0 16.1 
Hydrogen sulphide 34.08 —85.5 2.38 —60.3 18.67 
Methane 16.04 — 182.5 0.94 -161.5 8.179 
Methanol 32.04 -97.9 3.167 64.7 35.27 
Nitric acid 63.02 —41.6 10.47 86 30.30 
Nitrogen 28.02 —210.0 0.720 —195.8 5.577 
Oxalic acid 90.04 (decomposes at 186°C) 
Oxygen 32.00 —218.75 0.444 — 182.97 6.82 
Phenol 94.11 42.5 11.43 181.4 
Phosphoric acid 98.00 42.3 10.54 
Sodium chloride 58.45 808 28.5 1465 170.7 
Sodium hydroxide 40.00 319 8.34 1390 
Sulphur 
(rhombic) 256.53 113 10.04 444.6 83.7 
(monoclinic) 256.53 119 14.17 444.6 83.7 
Sulphur dioxide 64.07 —75.48 7.402 — 10.02 24.91 
Sulphuric acid 98.08 10.35 9.87 (decomposes at 340°C) 
Water 18.016 0.00 6.0095 100.00 40.656 


Table B.8 Heats of combustion 


(From Handbook of Chemistry and Physics, 1992, 73rd edn, CRC Press, Boca Raton; Handbook of Chemistry and Physics, 1976, 57th edn, CRC Press, Boca 
Raton; and R.M. Felder and R.W. Rousseau, 1978, Elementary Principles of Chemical Processes, John Wiley, New York) 


Reference conditions: \ atm and 25°C or 20°C; values marked with an asterisk refer to 20°C. 
Products of combustion are taken to be CO, (gas), HO (liquid) and N, (gas); therefore, A4® =0 for CO, (g), H,O (i) and N, (g). 
State: g = gas; 1= liquid; c= crystal; s = solid. 


Compound Formula Molecular State Heat of combustion 
weight Ab? (kJ gmol~?) 
Acetaldehyde C,H,O 44.053 1 —1166.9 
g —1192.5 
Acetic acid CHO, 60.053 I — 874.2 
g —925.9 
Acetone C3H,O 58.080 I —1789.9 
Z — 1820.7 
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Compound Formula Molecular State Heat of combustion 
weight AA? (kJ gmol~ 1) 
Acetylene C,H, 26.038 g — 1301.1 
Adenine CSHN, 135.128 ¢ 2778.1 
g —2886.9 
Alanine (D-) C,H,O,N 89.094 c 1619.7 
Alanine (L-) C3H,O,N 89.094 c ~1576.9 
g —1715.0 
Ammonia NH, 17.03 g — 382.6 
Ammonium ion NHj —383 
Arginine (D-) CoH, 40.N, 174.203 € — 3738.4 
Asparagine (L-) C,H,O3N, 132.119 © — 1928.0 
Aspartic acid (L-) C,H,O,N 133.104 ¢ —1601.1 
Benzaldehyde CjH,O 106.124 | — 3525.1 
g ~3575.4 
Buranoic acid C,H,0, 88.106 I — 2183.6 
g —2241.6 
1-Buranol C,H,,O 74.123 ] — 2675.9 
g — 2728.2 
2-Butanol C,H,,O 74.123 I ~ 2660.6 
g ~2710.3 
Butyric acid C,H,O, 88.106 I — 2183.6 
g —2241.6 
Caffeine CyH,.9O,N, s —4246.5° 
Carbon Cc 12.011 c — 393.5 
Carbon monoxide co 28.010 g — 283.0 
Citric acid C,H,O, s — 1962.0 
Codeine C)gH,,0;N.H,O s —9745.7° 
Cytosine C,H,ON, 111.103 c — 2067.3 
Ethane 2H, 30.070 g — 1560.7 
Ethanol C,H,O 46.069 1 — 1366.8 
g — 1409.4 
Ethylene C,H, 28.054 g — 1411.2 
Ethylene glycol C,H,O, 62.068 | — 1189.2 
g — 1257.0 
Formaldehyde CH,O 30.026 g —570.7 
Formic acid CH,O, 46.026 | — 254.6 
g — 300.7 
Fructose (D-) CoH 0, s — 2813.7 
Fumaric acid C,H,O, 116.073 c — 1334.0 
Galactose (D-) C5H,,0, s —2805.7 
Glucose (D-) C.H,,0, s —2805.0 
Glutamic acid (L-) C 5H O,N 147.131 c — 2244.1 
Glutamine (L-) C5Hy,O3N, 146.146 c — 2570.3 
Glutaric acid C5H,0, 132.116 c — 2150.9 
Glycerol CjH,O, 92.095 1 — 1655.4 
g -1741.2 
Glycine C,H,O,N 75.067 c —973.1 
Glycogen (CGH, 90s), per kg s —17530.1" 
Guanine C5H,ON, 151.128 c — 2498.2 
Hexadecane Ci 6H34 226.446 ! —10699.2 
g —10780.5 
Hexadecanoic acid C,6H3,0, 256.429 c —9977.9 
1 —10031.3 
g ~10132.3 
Histidine (L-) C,H,O,N; 155.157 c —3180.6 
Hydrogen H, 2.016 g —285.8 
Hydrogen sulphide H,S 34.08 —562.6 
Inositol CoH 20, s =2772:2° 
Isoleucine (L-) C.H,3;0,N 131.175 C —3581.1 
Isoquinoline oH, 129.161 1 — 4686.5 
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Compound Formula Molecular State Heat of combustion 
weight AA?® (kJ gmol~!) 
Lactic acid (D,L-) C3H,O, 1 — 1368.3 
Lactose C,,H2,0), s —5652.5 
Leucine (D-) C,H,,0,N 131.175 c -3581.7 
Leucine (L-) C.H,,0,N 131.175 ¢c —3581.6 
Lysine CoH, ,0,N, 146.189 e — 3683.2 
Malic acid (L-) C,H,O, s — 1328.8 
Malonic acid CjH,O,; s — 861.8 
Maltose C,H 201, s — 5649.5 
Mannitol (D-) CoH, 4O¢ s — 3046.5" 
Methane CH, 16.043 g — 890.8 
Methanol CH,O 32.042 ] —726.1 
g —763.7 
Morphine C,7H,503N.H,O s —8986.6 
Nicotine 10H 4N, ] —5977.8° 
Oleic acid 1811340, I —11126.5 
Oxalic acid C,H,0, 90.036 c —251.1 
Papaverine C, 9H,,0,N s —10375.8° 
Pentane C3Hy, 72.150 ! — 3509.0 
g — 3535.6 
Phenylalanine (L-) CyH,,0,N 165.192 c —4646.8 
Phthalic acid CgH,O, 166.133 c — 3223.6 
Proline (L-) C5H,O,N 115.132 c —2741.6 
Propane tly 44.097 g — 2219.2 
1-Propanol C3H,O 60.096 H ~— 2021.3 
g -2068.8 
2-Propanol C3H,O0 60.096 I — 2005.8 
g —2051.1 
Propionic acid C3H,O, 74.079 i — 1527.3 
g — 1584.5 
1,2-Propylene glycol C3H,O, 76.095 1 — 1838.2 
g — 1902.6 
1,3-Propylene glycol C3H,0, 76.095 I — 1859.0 
g —1931.8 
Pyridine C,H,N 79.101 I 2782.3 
g —2822.5 
Pyrimidine C,H,N, 80.089 l —2291.6 
g —2341.6 
Salicylic acid CjH,O; 138.123 c — 3022.2 
g —3117.3 
Serine (L-) C3H,0O,N 105.094 c — 1448.2 
Starch (CH, 90s), per kg s —17496.6" 
Succinic acid C,H,O, 118.089 c — 1491.0 
Sucrose C\H,0), s — 5644.9 
Thebaine C,5H,,0,N s —10221.7" 
Threonine (L-) CiH,O3,N 119.120 c — 2053.1 
Thymine C5H,O2N, 126.115 c — 2362.2 
Tryptophan (1-) C,,H,,0,N, 204.229 ¢ — 5628.3 
Tyrosine (L-) C,H, ,O3;N 181.191 c — 4428.6 
Uracil C,H,0,N, 112.088 c -1716.3 
g —1842.8 
Urea CH,ON, 60.056 c —631.6 
g —719.4 
Valine (L-) C,H, ,0,N 117.148 c ~2921.7 
g — 3084.5 
Xanthine C5H,O.N, 152.113 ¢ -2159.6 
Xylose C5H, 90; s — 2340.5 


Biomass CH, gO9.5No.2 25.9 s =552 
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C 


Steam Tables 
(From R.W. Haywood, Thermodynamic Tables in SI (Metric) Units, 1972, 2nd edn, Cambridge University Press, Cambridge) 


Table C.1 Enthalpy of saturated water and steam (Temperatures from 0.01°C to 100°C) 
Reference state: Triple point of water: 0.01°C, 0.6112 kPa. 


Specific enthalpy (kJ kg~ l) 


Temperature Pressure Saturated Evaporation Saturated 
(°C) (kPa) liquid (AA,) vapour 
0.01 0.611 +0.0 2501.6 2501.6 
(Triple point) 
2 0.705 8.4 2496.8 2505.2 
4 0.813 16.8 2492.1 2508.9 
6 0.935 25.2 2487.4 2512.6 
8 1.072 33.6 2482.6 2516.2 
10 1.227 42.0 2477.9 2519.9 
12 1.401 50.4 2473.2 2523.6 
14 1.597 58.8 2468.5 2527.2 
16 1.817 67.1 2463.8 2530.9 
18 2.062 75.5 2459.0 2534.5 
20 2.34 83.9 2454.3 2538.2 
22 2.64 83.9 2454.3 2538.2 
24 2.98 100.6 2444.9 2545.5 
25 3.17 104.8 2442.5 2547.3 
26 3.36 108.9 2440.2 2549.1 
28 3.78 117.3 2435.4 2552.7 
30 4.24 125.7 2430.7 2556.4 
32 4.75 134.0 2425.9 2560.0 
34 5.32 142.4 2421.2 2563.6 
36 5.94 150.7 2416.4 2567.2 
38 6.62 159.1 2411.7 2570.8 
40 7.38 167.5 2406.9 2574.4 
42 8.20 175.8 2402.1 2577.9 
44 9.10 184.2 2397.3 2581.5 
46 10.09 192.5 2392.5 2585.1 
48 11.16 200.9 2387.7 2588.6 
50 12.34 209.3 2382.9 2592.2 
52 13.61 217.6 2378.1 2595.7 
54 15.00 226.0 2373.2 2599.2 
56 16.51 234.4 2368.4 2602.7 
58 18.15 242.7 2363.5 2606.2 
60 19.92 251.1 2358.6 2609.7 
62 21.84 259.5 2353.7 2613.2 
64 23.91 267.8 2348.8 2616.6 
66 26.15 276.2 2343.9 2620.1 
68 28.56 284.6 2338.9 2623.5 


70 31.16 293.0 2334.0 2626.9 


Appendices 409 


Specific enthalpy (kJ kg~') 


Temperature Pressure Saturated Evaporation Saturated 
(°C) (kPa) liquid (A4,) vapour 
72 33.96 301.4 2329.0 2630.3 
74 36.96 309.7 2324.0 2633.7 
76 40.19 318.1 2318.9 2637.1 
78 43.65 326.5 2313.9 2640.4 
80 47.36 334.9 2308.8 2643.8 
82 51.33 343.3 2303.8 2647.1 
84 55.57 351.7 2298.6 2650.4 
86 60.11 360.1 2293.5 2653.6 
88 64.95 368.5 2288.4 2656.9 
90 70.11 376.9 2283.2 2660.1 
92 75.61 385.4 2278.0 2663.4 
94 81.46 393.8 2272.8 2666.6 
96 87.69 402.2 2267.5 2669.7 
98 94.30 410.6 2262.2 2672.9 
100 101.325 419.1 2256.9 2676.0 
(Boiling point) 


Table C.2 Enthalpy of saturated water and steam 


(Pressures from 0.6112 kPa to 22 120 kPa) 
Reference state: Triple point of water: 0.01°C, 0.6112 kPa. 


Specific enthalpy (kJ kg~!) 


Pressure Temperature Saturated Evaporation Saturated 
(kPa) (°C) liquid (AA, ) vapour 
0.6112 0.01 +0.0 2501.6 2501.6 
(Triple point) 
0.8 3.8 15.8 2492.6 2508.5 
1.0 7.0 29.3 2485.0 2514.4 
1.4 12.0 50.3 2473.2 2523.5 
1.8 15.9 66.5 2464.1 2530.6 
2.0 17.5 73.5 2460.2 2533.6 
2.4 20.4 85.7 2453.3 2539.0 
2.8 23.0 96.2 2447.3 2543.6 
3.0 24.1 101.0 2444.6 2545.6 
3.5 26.7 111.8 2438.5 2550.4 
4.0 29.0 121.4 2433.1 2554.5 
45 31.0 130.0 2428.2 2558.2 
5.0 32.9 137.8 2423.8 2561.6 
6 36.2 151.5 2416.0 2567.5 
7 39.0 163.4 2409.2 2572.6 
8 41.5 173.9 2403.2 2577.1 
9 43.8 183.3 2397.9 2581.1 
10 45.8 191.8 2392.9 2584.8 
12 49.4 206.9 2384.3 2591.2 
14 52.6 220.0 2376.7 2596.7 
16 55.3 231.6 2370.0 2601.6 
18 57.8 242.0 2363.9 2605.9 


20 60.1 2515 2358.4 2609.9 
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Specific enthalpy (kJ kg~') 


Pressure Temperature Saturated Evaporation Saturated 
(kPa) (°C) liquid (Ah) vapour 
24 64.1 268.2 2348.6 2616.8 
28 67.5 282.7 2340.0 2622.7 
30 69.1 289.3 2336.1 2625.4 
35 72.7 304.3 2327.2 2631.5 
40 75.9 317.7 2319.2 2636.9 
45 78.7 329.6 2312.0 2641.7 
50 81.3 340.6 2305.4 2646.0 
55 83.7 350.6 2299.3 2649.9 
60 86.0 359.9 2293.6 2653.6 
65 88.0 368.6 2288.3 2656.9 
70 90.0 376.8 2283.3 2660.1 
80 93.5 391.7 2274.1 2665.8 
90 96.7 405.2 2265.6 2670.9 
100 99.6 437.5 2257.9 2675.4 
101.325 100.0 419.1 2256.9 2676.0 
(Boiling point) 
120 104.8 439.4 2244.1 2683.4 
140 109.3 458.4 2231.9 2690.3 
160 113.3 475.4 2220.9 2696.2 
180 116.9 490.7 2210.8 2701.5 
200. 120.2 504.7 2201.6 2706.3 
220 123.3 517.6 2193.0 2710.6 
240 126.1 529.6 2184.9 2714.5 
260 128.7 540.9 2177.3 2718.2 
280 131.2 551.4 2170.1 2721.5 
300 133.5 561.4 2163.2 2724.7 
320 135.8 570.9 2156.7 2727.6 
340 137.9 579.9 2150.4 2730.3 
360 139.9 588.5 2144.4 2732.9 
380 141.8 596.8 2138.6 2735.3 
400 143.6 604.7 2133.0 2737.6 
420 145.4 612.3 2127.5 2739.8 
440 147.1 619.6 2122.3 2741.9 
460 148.7 626.7 2117.2 2743.9 
480 150.3 633.5 2112.2 2745.7 
500 151.8 640.1 2107.4 2747.5 
550 155.5 655.8 2095.9 2751.7 
600 158.8 670.4 2085.0 2755.5 
650 162.0 684.1 2074.7 2758.9 
700 165.0 697.1 2064.9 2762.0 
750 167.8 709.3 2055.5 2764.8 
800 170.4 720.9 2046.5 2767.5 
850 172.9 732.0 2037.9 2769.9 
900 175.4 742.6 2029.5 2772.1 
950 177.7 752.8 2021.4 2774.2 
1000 179.9 762.6 2013.6 2776.2 
1100 184.1 781.1 1998.5 2779.7 
1200 188.0 798.4 1984.3 2782.7 
1300 191.6 814.7 1970.7 2785.4 
1400 195.0 830.1 1957.7 2787.8 
1500 198.3 844.7 1945.2 2789.9 
1600 201.4 858.6 1933.2 2791.7 
1700 204.3 871.8 1921.5 2793.4 


1800 207.1 884.6 1910.3 2794.8 
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Specific enthalpy (kJ kg~!) 


Pressure Temperature Saturated. Evaporation Saturated 
(kPa) (°C) liquid (AA) vapour 
1900 209.8 896.8 1899.3 2796.1 
2000 212.4 908.6 1888.6 2797.2 
2200 217.2 931.0 1868.1 2799.1 
2400 221.8 951.9 1848.5 2800.4 
2600 226.0 971.7 1829.6 2801.4 
2800 230.0 990.5 1811.5 2802.0 
3000 233.8 1008.4 1793.9 2802.3 
3200 237.4 1025.4 1776.9 2802.3 
3400 240.9 1041.8 1760.3 2802.1 
3600 244.2 1057.6 1744.2 2801.7 
3800 247.3 1072.7 1728.4 2801.1 
4000 250.3 1087.4 1712.9 2800.3 
4200 253.2 1101.6 1697.8 2799.4 
4400 256.0 1115.4 1682.9 2798.3 
4600 258.8 1128.8 1668.3 2797.1 
4800 261.4 1141.8 1653.9 2795.7 
5000 263.9 1154.5 1639.7 2794.2 
5200 266.4 1166.8 1625.7 2792.6 
5400 268.8 1178.9 1611.9 2790.8 
5600 271.1 1190.8 1598.2 2789.0 
5800 273.3 1202.3 1584.7 2787.0 
6000 275.6 1213.7 1571.3 2785.0 
6200 277.7 1224.8 1558.0 2782.9 
6400 279.8 1235.7 1544.9 2780.6 
6600 281.8 1246.5 1531.9 2778.3 
6800 283.8 1257.0 1518.9 2775.9 
7000 285.8 1267.4 1506.0 2773.5 
7200 287.7 1277.6 1493.3 2770.9 
7400 289.6 1287.7 1480.5 2768.3 
7600 291.4 1297.6 1467.9 2765.5 
7800 293.2 1307.4 1455.3 2762.8 
8000 295.0 1317.1 1442.8 2759.9 
8400 298.4 1336.1 1417.9 2754.0 
8800 301.7 1354.6 1393.2 2747.8 
9000 303.3 1363.7 1380.9 2744.6 
10000 311.0 1408.0 1319.7 2727.7 
11000 318.0 1450.6 1258.7 2709.3 
12000 324.6 1491.8 1197.4 2689.2 
13000 330.8 1532.0 1135.0 2667.0 
14000 336.6 1571.6 1070.7 2642.4 
15000 342.1 1611.0 1004.0 2615.0 
16000 347.3 1650.5 934.3 2584.9 
17000 352.3 1691.7 859.9 2551.6 
18000 357.0 1734.8 779.1 2513.9 
19000 361.4 1778.7 692.0 2470.6 
20000 365.7 1826.5 591.9 2418.4 
21000 369.8 1886.3 461.3 2347.6 
22000 373.7 2011 185 2196 
22120 374.15 2108 0 2108 


(Critical point) 


Table C.3 Enthalpy of superheated steam 


Reference state: Triple point of water: 0.01°C, 0.6112 kPa. 


Pressure (kPa) 10 50 100 500 1000 2000 4000 6000 8000 10000 15000 20000 22120* 30000 50000 
Saturation 45.8 81.3 99.6 151.8 179.9 212.4 250.3 275.6 295.0 311.0 342.1 365.7 374.15 - - 
temperature (°C) 

State Specific enthalpy at saturation (kJ kg~!) 

Water 191.8 340.6 417.5 640.1 762.6 908.6 1087.4 1213.7. 1317.1 1408.0 1611.0 1826.5 2108 - - 
Steam 2584.8 2646.0 2675.4 2747.5 2776.2 2797.2 2800.3 2785.0 2759.9 2727.7 2615.0 2418.4 2108 - - 
Temperature (°C) Specific enthalpy (kJ kg~!) 

0 0.0 0.0 0.1 0.5 1.0 2.0 4.0 6.1 8.1 10.1 15.1 20.1 22.2 30.0 49.3 
25 104.8 104.8 104.9 105.2 105.7 106.6 108.5 110.3 112.1 114.0 118.6 123.1 125.1 132.2 150.2 
50 2593 209.3 209.3 209.7. 210.1 211.0 212.7 214.4 216.1 217.8 222.1 226.4 228.2 235.0 251.9 
75 2640 317.1 318.7 320.3 322.0 326.0 330.0 331.7 338.1 354.2 
100 2688 422.0 423.5 425.0 426.5 430.3 434.0 435.7 441.6 456.8 
125 2735 527.6 529.0 530.4 531.8 535.3 538.8 540.2 545.8 560.1 
150 2783 634.3 635.6 636.8 638.1 641.3 644.5 645.8 650.9 664.1 
175 2831 742.7 743.8 744.9 746.0 748.7 751.5 752.7 757.2 769.1 
200 2880 853.4 854.2 855.1 855.9 858.1 860.4 861.4 865.2 875.4 
225 2928 967.2 967.7 968.2 968.8 970.3 971.8 972.5 975.3 983.4 
250 2977 1085.8 1085.8 1085.8 1085.8 1086.2 1086.7. 1087.0 1088.4 1093.6 
275 3027 3026 =. 3024 3013-2998 =. 2965 1210.8 1210.0 1209.2 1207.7 1206.6 1206.3 1205.6 1206.7 
300 3077 3076 =. 3074 3065 = 3052, 3025 2962 1343.4 1328.7 1323.7 
325 3127 3126 3125 3116 3106 3083 3031 2970 2899 2811 1461.1 1446.0 
350 3177 3177-3176 3168 = =63159 3139 3095 3046 2990 2926 1609.9 1576.3 
375 3228 3228 3227 3220 3211 3194 3156 3115 3069 3019 2862 2604 2319 1791 1716 
400 3280 3279 3278 3272 3264 3249 3216 3180 3142 3100 2979 2820 2733 2162 1878 
425 3331 3331 3330 3325 3317 3303 3274 3243 3209 3174 3075 2957 2899 2619 2068 
450 3384 3383 3382 3377 3371 3358 3331 3303 3274 3244 3160 3064 3020 2826 2293 
475 3436 3436 3435 3430 3424 3412 3388 3363 3337 3310 3237 3157 3120 2969 2522 
500 3489 3489 3488 3484 3478 3467 3445 3422 3399 3375 3311 3241 3210 3085 2723 
600 3706 3705 3705 3702 3697S 3689 3673 3656 3640 3623 3580 3536 3516 3443 3248 
700 3929 3929 3928 3926 = 33923-3916 3904 3892 3879 3867 3835 3804 3790 3740 3610 
800 4159 4159 4158 4156 4154 4149 4140 4131 4121 4112 4089 4065 4055 4018 3925 


* Critical isobar. 
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Mathematical Rules 


In this Appendix, some simple rules for logarithms, differentiation and integration are presented. Further details of mathematical functions can be found in 


handbooks, e.g. [1-4]. 


D.1 Logarithms 


The natural logarithm (\n or log.) is the inverse of the exponential function. Therefore, if: 


y=lnx 
(D.1) 
then 
=x 
(D.2) 
where the number eis approximately 2.71828. It also follows that: 
In(e)=y 
(D.3) 
and 
elnx x, 
(D.4) 


Natural logarithms are related to common logarithms, ot logarithms to the base 10 (written as lg, log or log, 9), as follows: 


In x=In 10 (log, 9x). 
(D.5) 


Since Jn 10 is approximately 2.30259: 


In x= 2.30259 log, 9x. 
(D.6) 


Zero and negative numbers do not have logarithms. 
Rules for taking logarithms of products and powers are illustrated below. The logarithm of the product of two numbers is equal to the sum of the logarithms: 


In(ax) =In a+Inx. 
(D.7) 


When one term of the product involves an exponential function, application of Eqs (D.7) and (D.3) gives: 


In (be) =In b +.ax. 
(D.8) 


The logarithm of the quotient of two numbers is equal to the logarithm of the numerator minus the logarithm of the denominator: 


Appendices 414 


in(=) = Ina—inx. 


x 
(D.9) 
As an example of this rule, because In 1 = 0: 
1 
In (:) =—-Inx. 
x 
(D.10) 
The rule for taking the logarithm of a power function is as follows: 
In (x*) = bln x. 
(D.11) 


D.2 Differentiation 


The derivative of y with respect to x, dy), x» is defined as the limit of 4), as Axapproaches zero, provided this limit exists: 


dy . Ay 
de SOG, 
(D.12) 
That is 
dy im. J leeae7 JI 
5, 7 Axio Tee 
(D.13) 


where y |, means the value of y evaluated at x, and y |, , 4, means the value of y evaluated at x + Ax. The operation of calculating the derivative is called 
differentiation. 

There are simple rules for rapid evaluation of derivatives. Derivatives of various functions with respect to x are listed below; in all these equations A is a 
constant: 


dA _ 0 
aes 

(D.14) 
sal =1 
Pai 

(D.15) 
d ( x= x 
ate 

(D.16) 
< (ec). = Ae * 

(D.17) 

and 

— (Inx)=- 


(D.18) 
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When a function is multiplied by a constant, the constant can be taken out of the differential. For example: 


d dx 
ae (Ax) =A a =A 
(D.19) 
and 
d d A 
—{(A =A — =—, 
7PA Inx) =A 7 ns) : 
(D.20) 


When a function consists of a sum of terms, the derivative of the sum is equal to the sum of the derivatives. Therefore, if f (x) and g(x) are functions of x 


d _df. dg 
KU (9 tela e+. 


(D.21) 
To illustrate application of Eq. (D.21), for A and Bconstants: 


Ax Bx 
dae + ©. At Be® , 


d 
= Bx} — 
on ge ] 


When a function consists of terms multiplied together, the product rule for derivatives is: 


if 


d 48 d 
ae Lf () . g(x)] =fo)s> +20) ; 


(D.22) 


As an example of the product rule: 


+In x. 


£[(ds) -Inx]= Ax 2” out) 


x 


1 
=Ax.— +Inx. (A) 
x 


=A(1+In x). 


D.3 Integration 


The integral of y with respect to xis indicated as fy dx . The function to be integrated ( 9) is called the integrand ; the symbol J is the integral sign. Integration is 
the opposite of differentiation; integration is the process of finding a function from its derivative. 
From Eq. (D.14), if the derivative ofa constant is zero, the integral of zero must be a constant: 


fode=xk 
(D.23) 


where Kis a constant. Kis called the constant of integration, and appears whenever a function is integrated. For example, the integral of constant A with respect to 
xis: 


f Ade =Ax+K 
(D.24) 


We can check that Eq. (D.24) is correct by taking the derivative of the right-hand side and making sure it is equal to the integrand, A. Although the equation: 


f Adx = Ax 


Appendices 416 


is also correct, addition of Kin Eq. (D.24) makes solution of the integral complete. Addition of K accounts for the possibility that the answer we are looking for 
may have an added constant that disappears when the derivative is taken. Irrespective of the value of K, the derivative of the integral will always be the same 
because ““/,, = 0. Extra information is needed to evaluate the actual magnitude of K;; this point is considered further in Chapter 6 where integration is used to 
solve unsteady-state mass and energy problems. 

The integral of dy with respect to xis: 


dy 
—dx=ytK. 
fo aeey 
(D.25) 


When a function is multiplied by a constant, the constant can be taken out of the integral. For example, for f(x) a function of x, and Aa constant: 


fAfiodx=A f fle dx. 


(D.26) 
Other rules of integration are: 
dx 1 
ee =f—dx= Inx+ K 
x x 
(D.27) 
and, for Aand Bconstants: 
dx 1 1 
f =f dx = — In(A+ Bx) +K. 
At Bx A+ Bx B 
(D.28) 


The results of Eqs (D.27) and (D.28) can be confirmed by differentiating the right-hand sides of the equations with respect to x. 
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List of Symbols 


Symbol Definition Dimensions SI units 

Roman symbols 

a Area L? m? 

a Area per unit volume LC m7! 

a Mass of dry gel M kg 

A Amplitude L m 

A Arrhenius constant - ss! 

A Area 2 m? 

A, Cross-sectional area L? m? 

A, Inner surface area Lv m? 

A, Outer surface area v2 m2 

6 Length of bowl L m 

b Thickness L m 

B Thickness L m 

¢ Mass of cake solids deposited L7=3M kg m3 
per volume of filtrate 

Cc Geometry parameter in Eq. (8.44) 1 - 

Cc Concentration L-3M kg m3 

Cy Concentration of component A L 3M kg m7 

Cay Concentration of component A L-3M kg m3 
in the bulk fluid 

Cac Concentration of component A L-3M kg m=3 
in gas 

Cu Concentration of component A L-3M kg m7? 
in the lower phase 

Cony Concentration of component A L-3M kg m74 
in liquid 

Cy Steady-state concentration of L-3M kg m~3 
component A in liquid 

Cato Solubility of component A in L73M kg m~> 
liquid at zero solute 
concentration, Eq. (9.45) 

C4 nin Minimum concentration of L-3M kg m7? 
component A 

Cyn Concentration of component A L-3M kg m~4 
in the bulk fluid 

Cay Surface concentration of L-3M kg m73 
component A 

Cys Average concentration of L 3M kg m73 
component A in the solid phase 

Case Maximum concentration of L 3M kgm73 
component A in the solid phase 

Cau Concentration of component A L-3M kg m~3 
in the upper phase 

a Critical concentration L-3M kg m~3 
Concentration at reaction L-3M kg m~3 


equilibrium 
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Cr Concentration of ionic L-3M kg m~3 
component i in liquid 

Cr Concentration of non-ionic L-3M kg m=3 
component j in liquid 

G Specific heat capacity V?T-e@7! Jkg! K7! 

Ce Specific heat capacity of cold V’T-767! Jkg'K"! 
fluid 

Ga Specific heat capacity of hot V?T-2e@7! Jkg-!K7! 
fluid 

Com Mean heat capacity V-T-e7! Jkg tk"! 

Cot Specific heat capacity of cooling water L’?T~e7! Jkg tk"! 

D Dilution rate Ts s} 

D Diameter L m 

D Bubble diameter L m 

Dae Critical dilution rate for washout 2 a s! 

D; Impeller diameter L m 

D, Orifice diameter L m 

Dopx Dilution rate for optimum T so! 
biomass productivity 

D, Particle diameter L m 

Da Damkohler number defined in 1 - 
Eq. (13.102) 

e Base of natural logarithms 1 ~ 

e Enzyme concentration L-3M kg m3 

‘, Concentration of active enzyme L73M kg m3 

te Kinetic energy per unit mass 7-2 Jkg™! 

¢ Potential energy per unit mass V-T-? Jkgo! 

E Quantity of enzyme (Section 
11.1.3) 

E Molar activation energy L2MT~?N7! Jmol™! 

E Energy L2MT-2 J 

E, Molar activation energy for L2MT~2N7! Jmol7! 
deactivation reaction 

E, Kinetic energy L2MT~? J 

E. ? Potential energy L?MT~? J 

f Function 

F Shear force LMT~2 N 

F Fraction of cells carrying plasmid 1 - 

F Volumetric flow rate LT"! m? s~! 

F, Volumetric flow rate of gas LT"! m3 s~! 

A Volumetric flow rate of liquid LT" m3 s~! 

F, Volumetric flow rate of the recycle stream LT" m3 s~! 

g Gravitational acceleration LT“? ms 2 

& Force unity bracket 1 - 

G Specific gravity 1 = 

G Free energy of formation LMT? J 

(ea Standard free energy of formation L?2MT 2 J 

AG*.,, Change in molar free energy for L2MT~-2N7! Jmol7! 
reaction under standard conditions 

Gr Grashof number defined 1 - 
by Eq. (8.41) or (12.51) 

h Height L m 

hb Specific enthalpy | a Jkg7? 

h Heat-transfer coefficient MT 367! Wm-?K7! 

b, Heat-transfer coefficient for cold fluid MT 397! Wm ?K"! 

Ab, Molar heat of combustion L2MT~2N7! Jmol™! 

AR Molar heat of combustion under L2MT-2N7! Jmol! 


standard conditions 
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Ah, Specific latent heat of fusion LT? Jkgo! 

be. Fouling factor for cold fluid MT-3@7! Wm?K"! 

fg, Fouling factor for hot fluid MT 30671 Wm7?K7} 

A, Heat-transfer coefficient for hot fluid MT-397! Wm-?K7! 

Ab, Molar integral heat of mixing L?2MT-2N7! Jmol"! 

Ahn Specific heat of reaction 1 Ne Jkg7! 

Ab, Specific latent heat of sublimation VT"? Jkg7! 

Ah Specific latent heat of vaporisation L?T-2 Jkg" 

H Henry’s constant vr m?s~2 

H Height L m 

H Enthalpy L?MT~? J 

i Enthalpy of component A L2MT~? J 

Hy Enthalpy of component B L?MT 2 J 

H, Parameter in Eq. (9.45) LN“! m? mol7! 

AH, Heat of mixing L?MT~2 J 

Aes Enthalpy of the reference state L?MT~? J 

AH, Heat of reaction L2MT~2 J 

AH, Heat of reaction under standard conditions L?MT~? 

AH, Rare of heat absorption or L?MT~3 Ww 
liberation by reaction 

In Mass flux of component A LMT"! kgm~?s57! 

k Thermal conductivity LMT 367! Wm!K7! 

k Geometry parameter in Eq. (7.11) 1 - 

k Mass-transfer coefficient LT=! ms} 

k Capacity factor defined in Eq. (10.37) 1 - 

k Rate constant 

ky Zero-order rate constant L-3MT"! kgm7357! 

ky Specific zero-order rate TT s} 
constant for enzyme reaction 

K Specific zero-order rate Tt s! 
constant for cell reaction 

ky, First-order rate constant 2 Bi s} 

k, Proportionality constant in Eq. (7.19) 1 - 

ky Reverse-reaction rate constant 

k, Turnover number TT s7} 

ky First-order deactivation rate T s} 
constant 

ke Thermal conductivity of LMT~307! Wm !K"! 
bulk fluid 

ko Gas-phase mass-transfer coefficient LT"! ms! 

ky Liquid-phase mass-transfer coefficient LT"! ms! 

ky Liquid-phase mass-transfer LT"! ms"! 
coefficient for transfer to or from a solid 


K Constant of integration 

K Consistency index for power-law fluids L-IMT"~2 Pas” 

K Reaction equilibrium constant 

K Partition coefficient 1 - 

K Parameter defined in Eq. (10.13) L-6T m°s 
K, Parameter defined in Eq. (10.14) Loar m3s 
Ky Constant in Eq. (10.30) 13M! m? kg? 
Ky Parameter in Eq. (10.31) 

Kg Overall gas-phase mass-transfer coefficient LT! ms_ 
K; Parameter in Eq. (9.45) L3N7! m? mol~! 
K, Overall liquid-phase mass-transfer coefficient Lyre ms 
K,, Michaelis constant L 3M kgm? 
Kp Constant in Eqs (7.9) and (7.10) 

K Partition coefficient 1 = 

K; Substrate constant L-3M kgm 
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Shape factor 

Length 

Distribution or partition coefficient 
Specific rate of product 

formation due to maintenance activity 
Maintenance coefficient 

Torque 

Mass 

Mass flow rate 

Mass of component A 

Mass of cake solids 

Mass flow rate of cold fluid 

Mass flow rate of hot fluid 

Initial mass of medium 

Mass flow rate of steam 

Mass of liquid evaporated 

Mass flow rate of evaporated liquid 
Mass flow rate of cooling water 
Mole 

Flow behaviour index for power-law fluids 
Number of impellers 

Number of generations 

Adsorption parameter in Eq. (10.31) 
Number of viable cells 

Number of discs 

Number of passes 

Number of theoretical plates 
Number of viable cells at the 
beginning of the holding period 
Number of viable cells at the 

end of the holding period 


Rate of mass transfer of component A 


Volumetric rate of mass transfer of component A 


Rotational speed 


Minimum stirrer speed for suspension of solids 


Minimum stirrer speed for complete 
dispersion of gas 


Minimum stirrer speed for gross recirculation of gas 


Power number defined by Eq. (7.17) 
Constant value of the power number 

in the turbulent regime 

Nusselt number defined in Eq. (8.37) 
Probability of plasmid loss 

Pressure 

Product concentration 

Product concentration in the first reactor 
Product concentration in the second reactor 
Partial pressure of component A in gas 
Total pressure 

Power 

Mass of product 

Power consumption without sparging 
Power consumption with sparging 
Peclet number defined in Eq. (13.101) 
Prandtl number defined in Eq. (8.40) 


z= 
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Heat evolved per mole of 
available electrons transferred to oxygen 


Heat flux 

Specific oxygen-uptake rate 

Specific rate of product formation 
Specific rate of substrate consumption 
Volumetric flow rate 

Heat 


Rate of heat flow 
Rate of heat transfer to cold fluid 


Rate of heat transfer from hot fluid 
Volumetric rate of oxygen uptake 
Volumetric rate of product formation 
Volumetric rate of biomass production 
Maximum volumetric rate of 

biomass production 

Radius 

Volumetric rate of reaction 

Inner radius of centrifuge disc 

Radius of the liquid surface in a 

tubular centrifuge 

Outer radius of centrifuge disc 
Inner-wall radius of a tubular centrifuge 
Volumetric rate of reaction with 

respect to component A 

Volumetric rate of reaction with 

respect to component A at the bulk concentration 
Observed volumetric rate of 

reaction with respect to component A 
Volumetric rate of reaction with 

respect to component A at the 

surface concentration 

Volumetric rate of consumption by reaction 
Volumetric rate of deactivation 

Filter medium resistance 

Volumetric rate of product formation 
Volumetric rate of substrate consumption 
Volumetric rate of cell growth 
Volumetric rate of growth of 
plasmid-carrying cells 

Volumetric rate of growth of plasmid-free cells 
Volumetric rate of reaction with 

respect to component Z 

Ideal gas constant 

Radius 

Thermal resistance 

Amount of protein released 

in a homogeniser 

Total rate of reaction 

Radius at which substrate is depleted 
Total rate of reaction with 

respect to component A 

Thermal resistance in cold fluid 

Total rate of consumption by reaction 
Total rate of generation by reaction 
Thermal resistance in hot fluid 

Inner radius 


L2MT~2N7! 
MT-3 

6 Came! 

opr 

4 toa 1 

LT"! 
L¢MT~? 
L2MT~> 
L2MT-3 
L2MT-3 
L-3MT~! 
L-3MT7! 
L-3MT~! 
L-3MT~! 

L 

L-3MT™! 

L 

L 

L 

L 

L73MT™! 
L-3MT7! 
L-3MT7! 
L-3MT“! 
L-3MT~! 
L-3MT~! 
L~ 1 
L-3MT™! 
L-3MT~! 
L-3MT~! 
L-3MT~! 
L-3>MT™! 
L-3MT7! 
L2MT~20@7'N7! 
L 
L-2M7!T3@ 
M 

MT"! 

L 

MT! 
L~-2M—'T3@ 
MT"! 
MT! 
L~2M7'!T36 
L 
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Resistance to mass transfer 

Maximum amount of protein 

available for release in a homogeniser 
Maximum particle radius 

Resolution in chromatography 

Outer radius 

Thermal resistance of a wall 

Reynolds number defined in Eq. (7.1) 
Impeller Reynolds number defined in Eq. (7.2) 
Maximum Reynolds number 

Particle Reynolds number 

defined in Eq. (12.48) 

Respiratory quotient 

Cake compressibility 

Substrate concentration 

Substrate concentration in the first reactor 
Substrate concentration in the second reactor 
Bulk substrate concentration 

Mass of substrate 

Molar entropy 

Mass of substrate consumed for growth 
Molar entropy change during 

reaction under standard conditions 

Mass of substrate consumed other than for growth 
Total mass of substrate consumed 
External surface area 

Schmidt number defined by Eq. (12.49) 
Sherwood number defined by Eq. (12.50) 
Time 

Time at the end of the heating period 
Time at the end of the holding period 
Batch reaction time 

Circulation time 

Doubling time 

Total downtime 

Fed-batch time 

Half-life 

Holding time 

Time taken to harvest culture 

Lag time 

Mixing time 

Reactor-preparation time 

Total batch reaction time 

Temperature 

Arithmetic-mean temperature difference 
Cold-fluid temperature 

Cold-fluid temperature at the wall 
Fermenter temperature 

Hot-fluid temperature 

Hot fluid temperature at the wall 
Logarithmic-mean temperature difference 
Reference temperature 

Steam temperature 

Linear velocity 

Interstitial velocity 

Specific internal energy 

Sedimentation velocity in a centrifuge 
Sedimentation velocity under gravity 


zd 
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uc Gas superficial velocity LT? ms! 
uy Liquid linear velocity LT"! ms! 
uy Liquid superficial velocity LT"! ms! 
u* Liquid velocity at which reaction rate becomes LT" ms! 
independent of liquid velocity 
pL Velocity of a particle relative to liquid LT} ms! 
U Internal energy L?MT~2 j 
U Overall heat-transfer coefficient MT 397! Wm 7K"! 
v Specific volume 13M"! m? kg! 
v Velocity MT"! ms} 
v Volumetric rate of reaction L-3MT™! kg m7 57! 
nan Maximum volumetric rate of reaction L-3MT™! kgm73s7! 
V Volume L3 m? 
V, Volume of the first reactor L3 m3 
V, Volume of the second reactor L3 m3 
V. Volume of eluant v3 m3 
V, Volume of filtrate 3 m3 
Vo Volume of gas v3 m? 
V, Internal volume L3 m? 
Vv, Volume of lower phase L3 m? 
iA Volume of liquid L3 m? 
Ye Void volume 1? m? 
Vv. Particle volume 13 m? 
v Volume of solid L3 m? 
Vy Total volume L3 m3 
Vv. Volume of upper phase L3 m? 
w Baseline width L m 
W, Impeller blade width L m 
Ww. Water regain value L3M"! m? kg@! 
W, Shaft work L?MT~2 J 
W, Rate of shaft work L2MT~3 Ww 
W, Flow work L?MT~2 J 
x Distance L m 
x Cell concentration L~3M kg m7 
x Concentration of plasmid-carrying cells L-3M kg m~3 
x Concentration of plasmid-free cells L 3M kgm? 
x Mean value of x 
x Cell concentration in the first reactor L~3M kg m~3 
x Cell concentration in the second reactor L 3M kg m~4 
Xe Number of carbon atoms 1 - 
in.the molecular formula 

Ximn Concentration of immobilised cells L-3M kg m7 
Xmas Maximum cell concentration L-3M kg m~3 
x, Concentration of cells in the recycle stream L 3M kg m~3 
x, Concentration of suspended cells L-3M kg m~4 
x Mass of cells M kg 
y Distance L m 
y Wave displacement L m 
IAG Mole fraction of component A in gas 1 - 
Ic Weight fraction of cells 1 - 
Y, Yield in the lower phase 1 - 
Vos True yield of product from substrate 1 - 
Y'bs Observed yield of product from substrate i - 
Ypx True yield of product from biomass 1 - 
Yox Observed yield of product from biomass 1 - 

: Yield in the upper phase 1 - 
Yyo Yield of biomass from oxygen 1 - 
Yxs5 True yield of biomass from substrate 1 - 
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Observed yield of biomass from substrate 
Maximum yield of biomass from substrate 
Distance 

Concentration of cellular constituent Z 


Valency of ionic component i 
g-number in centrifugation 


Diffusion coefficient 

Binary diffusion coefficient 

of component A in component B 
Effective diffusivity of component A 
Binary diffusion coefficient 

of component A in liquid 

Binary diffusion coefficient 

of component A in water 

Effective diffusivity of substrate 
Axial-dispersion coefficient 


Specific cake resistance 

Exponent in Eq. (10.23) 

Ratio defined in Eq. (11.65) 
Recycle ratio defined in Eq. (13.77) 
Parameter defined in Eq. (10.2) 
Thermal coefficient of linear expansion 
Dimensionless parameter equal to Xm/c,_ 
Biomass concentration factor 
defined in Eq. (13.78) 

Degree of reduction 

Shear rate 

Average shear rate 

Degree of reduction of biomass 
Degree of reduction of product 
Degree of reduction of substrate 
Selectivity in chromatography 
Concentration factor 

Difference 

Fractional gas hold-up 

Porosity 

Void fraction 

Rate of turbulent energy 
dissipation per mass of fluid 

Time interval 

Fraction of available electrons 
transferred to biomass 

External effectiveness factor 


External effectiveness factor for zero-order reaction 
External effectiveness factor for first-order reaction 


External effectiveness factor 
for Michaelis-Menten reaction 
Internal effectiveness factor 


Internal effectiveness factor for zero-order reaction 
Internal effectiveness factor for first-order reaction 


Internal effectiveness factor 
for Michaelis-Menten reaction 
Total effectiveness factor 
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Ny Total effectiveness factor 1 - 
for first-order reaction 
6 Half-cone angle 1 rad 
A Kolmogorov scale L m 
# Specific growth rate Td sg} 
a Specific growth rate of plasmid-carrying cells T s} 
Kw Specific growth rate of plasmid-free cells A a, s! 
# Viscosity (dynamic) -IMT7} Pas 
hy Apparent viscosity L7'MT7! Pas 
My Bulk-fluid viscosity L-'MT"! Pas 
Me Filtrate viscosity LMT" Pas 
4, Liquid viscosity L-IMT7? Pas 
Fenax Maximum specific growth rate T s7} 
Py Fluid viscosity at the wall L-!MT"! Pas 
v Kinematic viscosity os m?s~! 
Vp Liquid kinematic viscosity VT"! m?s7! 
tT 3.14159 1 - 
p Density L-3M kg m~3 
Pr Fluid density L 3M kg m~3 
Pe Density of wet gel L-3M kg m~3 
Po Gas density L-3M kg m~3 
Py Liquid density L-3M kg m~3 
Pp Particle density L73M kg m~3 
Pw Density of water L-3M kg m3 
o Surface tension MT-? Nm! 
oO Standard deviation 
x Summation 
x Centrifuge sigma factor defined L? m? 
in Eq. (10.18) 
T Average residence time T s 
t Shear stress L7'MT~2 Pa 
% Yield stress L-'MT~2 Pa 
¢ Angle 1 rad 
¢ Thiele modulus 1 = 
% Thiele modulus for zero-order reaction 1 ~ 
¢, Thiele modulus for first-order reaction 1 - 
On Thiele modulus for Michaelis-Menten reaction 1 = 
® Observable Thiele modulus 1 - 
y Volume fraction of solids 1 - 
b Parameter defined in Table 12.3 1 ~ 
a Angular velocity T rad s~! 
Q Angular velocity Bt rad s~! 
Q Observable modulus for external mass transfer 1 - 
Subscripts 
0 Initial 
f Final 
i Inlet 
i Interface 
L Logarithmic mean 
° Outlet 
Superscripts 
* 


Equilibrium with prevailing value in the other phase 
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Abscissa 31 
Absolute error 28 
Absolute pressure 18 
Absolute temperature 18 
Accuracy 29 
Activation energy 262 
for enzyme deactivation 273 
for enzyme reaction 270 
for thermal destruction of cell components 292 
for thermal destruction of cells 289 
Additivity of resistances 173 
Adiabatic process 88 
Adjustable parameters in equations 36 
Adsorption 234-40 
equilibrium relationships 235-7 
isotherms 235-7 
types of 234 
Adsorption chromatography 241 
Adsorption equipment 
engineering analysis of 237-40 
fixed-bed 237-40 
Adsorption operations 234 
Adsorption wave 237 
Adsorption zone 237 
Aeration 198-205 
see also Oxygen transfer 
Aerobic culture, heat of reaction 100 
Aerosols 
in centrifugation 225 
in fermenters 386 
Affinity chromatography 242 
Agitated tanks 
equipment 141-2 
flow patternsin 143-4 
Air bubbles in fermenters. See Bubbles 
Air composition 17 
Air-driven reactors 337-40 
Air filters 386 
Airsterilisation 386 
Airlift reactor 338-40, 353 
Amino acids 4,279 
relative bioprocessing costs 334 
Amyloglucosidase 270 
Anaerobic culture, heat of reaction 100-1 
Analogy between mass, heat and momentum transfer 191-2 
Anchor impeller 137, 151, 156 
Anchorage-dependent celis_ 157 


Angle 
unit conversion factors, table 397 
Angular velocity, dimensions 11 
Animal cells 157 
Antibiotics 4 
relative to bioprocessing costs 219, 334 
Antibodies, relative bioprocessing costs 218-19, 334 
Antifoam agents 204-5, 336 
Apparent viscosity 134, 153 
Apparent yield 259 
Aqueous two-phase liquid extraction 231-4 
examples of aqueous two-phase systems 232 
Arithmetic mean 29 
Arithmetic-mean temperature difference 181 
Arrhenius constant 262 
Arrhenius equation 262 
cell death 289 
enzyme deactivation 273 
metabolism 285 
thermal destruction of nutrient components 292 
Artificial intelligence 351-2 
Aseptic operation 341-3 
Aspect ratio 11 
of stirred vessels 336 
Auma 18 
Atmosphere, standard 18 
Atomic weight 16 
table of values 398-9 
ATP 275, 282 
Aureobasidium pullulans 140 
Autocatalytic reaction 257,278 
Average rate-equal area method 263-4 
Average shear rate 156 
Axial diffusion 245 
Axial dispersion 
in adsorption operations 239 
in chromatography 246 
in continuous sterilisers 383 
in packed-bed reactors 374 
Axial-dispersion coefficient 239, 383-4 
Axial-flow impeller 144 


B-galactosidase, Lineweaver-Burk plot 326-7 
Bacillus stearothermophilus 295 
Backmixing 371, 374 

gas 337 
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Baffles 
in stirred vessels 142, 143, 151, 155, 336 
in heat exchangers 168 
Balanced growth 278 
Ball valve 342 
Balling, degrees 18 
Barometric pressure 18 
Basis for mass-balance calculations 54 
Batch culture 355—9 
Batch growth 277 
kinetics 277-9 
with plasmid instability 279-81 
Batch process 51 
Batch reactor operation 353-9 


comparison with other operating modes 375-6 


for cell culture 355-9 
for enzyme reaction 353-5 
Batch reaction cycle 358—9 
Batch reaction time 353-8 
Batch sterilisation 377-81 
Baumé scale 17-18 
Bench-top bioreactor 6 
Binary diffusion coefficient 191 
Binary mixtures, diffusion in 190-1 
Bingham plastic 134-5, 137, 138 
Biofilms 297, 298, 308 
Biological processing, major products of 4—6 
Biomass, elemental formulae 75-6 
Biomass concentration factor 372 
Biomass estimation 285 
in fermentation monitoring 345, 347 
Biomass products 4 
relative bioprocessing costs 334 
Biomass yield 78, 275 
determination from chemostat culture 377 
maximum possible 79-80 
observed, table of values 276 
true vs observed 276, 287-8 
Bioprocess development 3-8 
quantitative approach 7-8 
steps in 3-7 
Bioprocess engineering 3, 8 
Bioprocessing costs 333-6 
Bioreactor. See Reactors 
Biosensors 346 
Blunder errors 29 
Boiling point 
normal 91 
table of values 405 
Boundary conditions 114 
Boundary layer 
hydrodynamic 131 
mass transfer 192 
separation 131-2 
thermal 173 
Breakpoint 237 
Breakthrough curve 237, 239 
British thermal unit 86 
Brix, degrees 18 
Bubble-column reactor 337-8, 339, 340, 353 
Bubble zone 209 
Bubbles 
and oxygen transfer 199-200, 202-3, 208-9 
break-up 202, 203-4, 205, 209 
bursting 157 
coalescence 203, 205, 209 


formation 203 
in laboratory-scale reactors 209 
interfacial area 198 
residence time 213 
shear effects 160 
size 202-3 
Bulk organics 4 
By-pass 72-3 


Cake. See Filter cake 
Calculus 111, 114, 414-16 
Calorie 86 
Capacity factor 243-4 
Cascade 
chemostat 369, 375 
of extraction units 233 
Casson equation 135 
Casson plastic 134, 137 
Catalase, Arrhenius plot 270 
Catalyst 257, 298 
Cell composition, elemental 75-6 
Cell concentration 
and broth viscosity 139-40 
and heat transfer 186-7 
and oxygen demand 198 
and oxygen transfer 201 
measurement 285 
Cell culture 
batch 355-8 
energy-balance equation for 101-2 
fed-batch 359-61 
growth kinetics 277-9 
kinetic parameters, determination 285-7, 376-7 
maintenance effects 282-5, 287-9 
oxygen uptake in 198-201 
plasmid instability in 279-81 
plug-flow 375 
production kinetics 282~3 
stoichiometry 74-82 
substrate uptake kinetics 283-5 
yield parameters, determination 287—9, 376-7 
yields 275-6 
Cell death kinetics 289-92 
Cell disruption 229-31 
Cell morphology. See Morphology 
Cell removal in downstream processing 218-20 
Cell viability 285 
Cells 
and oxygen transfer 205 
and shear 156-60 
Celsius 18,19 
Centigrade 18 
Centrifugation 225-9 
equipment 225-8 
theory 228-9 
Centrifuge effect 228 
Channelling 340, 386 
Chemical composition 16-18 
Chemical property data, sources 21-2 
Chemostat 362 
cascade 369-70 
comparison with other operating modes 375 
equations 364-6 
for evaluation of culture parameters 376-7 
imperfect 366 
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Chemostat (continued) 

steady-state concentrations 364-5 

with cell recycle 370-2 

with immobilised cells 368-9 

see also Continuous stirred-tank reactor 
Chromatogram 240 
Chromatography 240-9 

differential migration 243-5 

gas 242 

HPLC vs FPLC 242 

liquid 241 

methods for 241-2 

normal-phase 241 

resolution 247-8 

reverse-phase 241 

scaling-up 248 

theoretical plates 246-7 

types of 241-2 

zone spreading 245-6 
Circulation 

loops 144, 145, 147, 155 

time 147 
Citric acid, relative bioprocessing costs 335 
Closed system 51, 260, 262 
Coalescence. See Bubbles 
Coaxial-cylinder rotary viscometer 136 
Cocurrent flow 166-7 
Coefficients in equations 36 
Combined sparger-agitator 344 
Combustion, heat of. See Heat of combustion 
Comparison between modes of reactor operation 375-6 
Composition 16-18 

biomass, elemental 75-6 

ofair 17 
Compressible cake 220 
Compressible fluid 129 
Compressibility, filter cake 222 
Computer software 

in fermentation control 352 

in measurement analysis 348 

in state estimation 349 
Computers 

in fermentation control 350, 351 

in the fermentation industry 345, 347, 348 
Concentration-difference driving force 198 
Concentration factor 234 
Concentration gradient 190 

and convective mass transfer 193 

and diffusion 190-1 

and heterogeneous reaction 297, 298-9 

relationship with internal effectiveness factor 327-8 


Concentration profile, steady-state in heterogeneous reaction 


first-order kinetics and spherical geometry 302-3 


Michaelis-Menten kinetics and spherical geometry 306-7 


summary of equations for 308-9 

zero-order kinetics and spherical geometry 305-7 
Concentration, units of 17 
Conduction. See Heat conduction 
Conductivity. See Thermal conductivity 
Cone-and-plate viscometer 136 


Conservation of energy. See Energy balance and Law of conservation of energy 
Conservation of mass. See Material balance and Law of conservation of mass 


Consistency index 134, 137, 140, 141, 153 
Constant-pressure filtration 222-5 
Containment 386 

Contamination control 341-3 


Continuous culture. See Chemostat and Continuous reactor operation 


Continuous process 52 
Continuous reactor operation 361-76 
comparison with other operating modes 375-6 
for cell culture 364-72 
for enzyme reaction 362-3 
plug-flow 372-5 
Continuous sterilisation 381-6 
Continuous stirred-tank fermenter 362 
Continuous stirred-tank reactor 111-12, 362-72 
comparison with other operating modes 375-6 
see also Chemostat 
Control. See Fermentation control 
Convection. See Heat convection 
Convective heat transfer 173-G 
Convective mass transfer 193-8 
Conversion 23 
Conversion factors. See Unit conversion 
Cooling coils 179, 185-6 
Cooling of fermenters 164-5 
Cosh 309 
Cost 
of downstream processing, relative 219-20, 334 
of energy 334 
of fermentation products 218-19, 333 
of fermentation, relative 334-5 
of raw materials 334 
operating 334 
structure, in bioprocessing 334-5 
Couette flow 132 
Countercurrent flow 166 
Crabtree effect 351 
Critical dilution rate 365 
Critical oxygen concentration 199 
Critical Reynolds number 130 
CSTF 363 
CSTR. See Continuous stirred-tank reactor 
Cylindrical geometry in heterogeneous reaction 307 


Damkéhler number 384 
Data 
analysis 29-30, 31-42 
errorsin 27,29 
linearisation of 35-7 
presentation 30-1 
property, sources of 21-2 
smoothing 32-3 
Data logging in the fermentation industry 347 
Deactivation. See Enzyme deactivation 
Deactivation rate constant 273 
Death constant 289 
Death kinetics, cell 289-92 
Death phase 277 
Decline phase 277 
Deep-shaft reactor 340 
Deformation, fluid 129 
Degree of completion 23 
Degree of reduction 78,99 
of biological materials, table 400-1 
of selected organisms, table 76 
Degrees of superheat 93 
Density 16 
Dependent variables 30 
Depth filters 386 
Derivative 111,414 
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Diaphragm valves 342 
Differential balance 53 
Differential equations 

order of 114 

solution of 114 
Differential migration 241, 243-5 

graphical 263-5 
Differentiation 414-15 
Diffusion 

axial 245 

coefficients 191 

eddy 245 

in mixing 144, 146 

role in bioprocessing 192 

theory 190-1 
Diffusion coefficient. See Diffusivity 
Diffusion-limited reaction 300 
Diffusion-reaction theory 297,316, 322 
Diffusivity 191 

see also Effective diffusivity 
Dilatant fluid 134 
Dilution rate 360 

critical 365 
Dimensional homogeneity 11-12 
Dimensionless groups 11, 181,322 
Dimensionless numbers 11 
Dimensions 9-10 
Direct digital control (DDC) 351 
Disc-stack bowl centrifuge 227-9 

sigma factor for 228 
Dispersion 

axial. See Axial dispersion 

gas 202, 203-4, 209 

in mixing 144, 147 
Dissolved-oxygen concentration 

critical 199, 201 

measurement of 205-6 
Dissolved-oxygen electrode 205-6 
Distribution coefficient 195 
Distribution in mixing 144-6 
Distribution law 195 
Double-pipe heat exchanger 166-7 
Double-reciprocal plot 271 
Doubling time 278 
Downstream processing 7, 218-20 

typical profile of product quality 218-19 
Downtime 359 
Dynamic method for measuring &, a 210-13 
Dynamic viscosity 133 

unit conversion factors, table 397 


Eadie-Hofstee plot 271-2 

Eddies 131, 146-7, 157-60 

Eddy diffusion 245 

Effective diffusivity 301 
measurement of 323 
table of values 324 

Effectiveness factor 309-21 
external 320 
for first-order kinetics 311-13 
for Michaellis-Menton kinetics 313-14 
for zero-order kinetics 311-13 
internal 310-19 
summary of equationsfor 312 
total 320 

Electrode response time 206, 213 
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Electrodes 
for on-line fermentation monitoring 346 
oxygen 205-6 
Electron balance 78 
Elemental balances 74-8 
Elemental composition 
of E. coli 75 
of selected organisms, table 76 
Empirical equations 12 
Empirical models 31 
Endogenous metabolism 284 
Endomyces 137 
Endothermic reaction 97 
Energy 
types of 86 
unit conversion factors, table 396 
units of 86 
Energy balance 86-109, 113-14, 119-20 
equation for cell culture 101-2 
general equations 87-8 
in heat-exchanger design 176-9 
steady-state 86-109 
unsteady-state 113-14, 119-20 
without reaction 93-7 
Energy conservation. See Energy balance and Law of conservation of energy 
Enthalpy 87 
general calculation procedures 88-9 
of water and steam, tables 408-12 
reference states 88-9 
Enthalpy change 
due to change in phase 90-1 
due to change in temperature 89-90 
due to mixing and solution 91-2 
due to reaction 97 
Enzyme deactivation 272-3 
effect on batch reaction time 355 
kinetics 272-3 
thermal 270 
Enzyme half-life 273, 274 
Enzyme kinetic parameters, determination from batch data 271-2 
Enzyme manufacture, flow sheet 219 
Enzyme reaction 
batch 353-5 
continuous 362-3 
effect of pH and temperature on rate of 270-1 
kinetics 268-70, 273 
plug-flow operation 372-4 
Enzyme-substrate complex 269 
Enzymes 5 
expressing the quantity of 261 
relative bioprocessing costs 218-19, 334 
units of activity 261 
Equations in numerics 12 
Equilibrium 52 
ata phase boundary 192-3 
in adsorption operations 240 
in an ideal stage 231 
in chromatography 242-3, 245-6, 246-7 
in gas-liquid mass transfer 197-8 
in liquid extraction 233 
in liquid-liquid mass transfer 195-6 
Equilibrium constant 257 
Equilibrium relationship 
for adsorption 235-6 
for dissolution of oxygen 205 
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Equilibrium relationship (continued) 

in gas-liquid mass transfer 197-8 

in liquid extraction 233 

in liquid—iquid mass transfer 195, 196 
Ergot alkaloids 5 
Error bars 41 
Errors 

absolute 28 

blunder 29 

in data and calculations 27-9 

random 29 

relative 28, 29 

statistical analysis of 29-30 

systematic 29, 30 
Escherichia coli 

elemental composition 75 

thermal death 289 
Estimators 349 
Ethanol, relative bioprocessing costs 335 
Evaporation 

control in fermenters 344 

energy effects in fermenters 101-2 
Excess reactant 23 
Exothermic reaction 97 
Experimental data. See Data 
Experimental aspects, heterogeneous reaction 322-3 
Expert system in bioprocess control 352 
Exponential function 37, 413 
Exponential growth 277,278 
Extensive properties 86-7 
External effectiveness factor. See Effectiveness factor 
External mass transfer 298, 319-22, 325-6 

importance relative to internal mass transfer 328 
Extracellular polysaccharides 4, 134 
Extraction 

aqueous two-phase liquid 231-4 

concentration effect 233 

equilibrium 231-2, 233 

equipment 231-4 

recovery 233 

yield 232 


Fahrenheit 18 
Fast protein liquid chromatography 242 
Fault analysis 348 
Fed-batch process 52 
Fed-batch reactor 359-61 
Feedback control 350-1 
Feedback, biomass 
external 370~1 
internal 371 
Fermentation broths 
rheological properties of 137 
viscosity measurement 137 
Fermentation control 344-5, 350-2 
artificial intelligence 351-2 
batch fermenter scheduling 351 
feedback 350-1 
indirect metabolic 351 
on-off 350 
programmed 351 
Fermentation monitoring 345-50 
Fermentation products, classification of 282 
Fermenters 
oxygen transfer in 202-5 


see also Reactors 
Fick’s law of diffusion 190-1, 301, 302 
Film theory 192-3 
Filter aid 220-1 
Filter cake 220, 221-3, 226 
compressibility 222 
porosity 222 
specific resistance 222 
Filter cloth 221 
Filter medium 220 
resistance 222 
Filter sterilisation 386 
Filtration 220-7 
equipment 221 
improving the rate of 223 
rate equation 222 
theory 222-5 
Final isolation in downstream processing 218 
First law of thermodynamics 88 
First-order kinetics 267-8, 270 
celldeath 289 
cell growth 278, 285 
enzyme deactivation 273 
heterogeneous reaction 302-3, 308, 309-11 
Fixed-bed adsorber. See Adsorption equipment 
Flash cooler 382 
Flat-plate geometry in heterogeneous reaction 308 
Flooding. See Impeller 
Flow behaviour index 134, 137, 140, 141, 153 
Flow curve 133 
Flow diagram 41-3 
Flow injection analysis (FIA) 347 * 
Flow patterns in agitated tanks 143-4 
pseudoplastic fluids 156 
Flow regimes 
heterogeneous 337 
homogeneous 337 
in bubble columns 337 
in stirred tanks 150-3 
Flow sheet 41-3 
Flow work 86 
Fluidised-bed reactor 340 
Fluids 
classification 129 
compressible 129 
definition 129 
ideal or perfect 129 
in motion 130-2 
incompressible 129 
non-Newtonian 134-5 
Newtonian 133 
Flux 133 
heat 170 
mass 191 
momentum 133 
Foam 204-5, 336, 337, 345, 382, 386 
Force 15-16 
shear 129 
unit conversion factors, table 396 
Forced convection 169 
Formality 17 
Fouling factors 175-6 
table of values 176 
Fourier’s law 179 
FPLC 242 
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Free energy. See Standard free energy 
Frequency, dimensions 11 
Frequency factor 262 

Freundlich isotherm 235 


8 15 
gnumber 228 
Galvanic oxygen electrode 205-6 
Gas cavities 154 
Gas chromatography 242 
Gas constant. See Ideal gas constant 
Gas dispersion 202, 203-4, 209 
Gas hold-up 202-3, 213, 337, 338, 339, 345 
Gas-liquid equilibrium 197-8 
Gas-liquid interfacial area 198, 202, 203 
Gas-liquid mass transfer 196-8 
oxygen 199-205, 213 
Gas pressure, effect on oxygen transfer 205, 213 
Gassed fluids, power requirements for mixing 153-4 
Gauge pressure 18 
Gauss-Newton procedure 38 
Gel chromatography 242, 244-5 
Gel filtration 242 
Gel partition coefficient 244 
Generalised Thiele modulus. See Thiele modulus 
Genetic engineering 3 
Glucose isomerase 259, 270 
Goodness of fit 34-5 
Gram-mole 16 
Graphical differentiation 263-5 
Graphs with logarithmic coordinates 38-40 
Grashof number 11, 181, 322 
Gravitational acceleration 16 
Gross yield 260 
Growth-associated production 282 
Growth-associated substrate uptake 284 
Growth curve 277 
Growth kinetics 277-81 
exponential 277 
with plasmid instability 279-81 
Growth-limiting substrate 278 
Growth measurement. See Biomass estimation 
Growth phases 277 
Growth rate 
determination from batch data 285 
specific 278 
Growth-rate-limiting substrate 278 
Growth stoichiometry 74-8 
Growth thermodynamics 99 


Half-life, enzyme 273 
Handbooks 21-2 
Heat 86 
sign conventions 87-8 
unit conversion factors, table 396 
Heat balance. See Energy balance and Law of conservation of energy 
Heat capacity 89 
mean 90, 402 
tables of values 401-4 
variation with temperature for organic liquids 90 
Heat conduction 169, 170-3, 185 
surface area for 175 
through resistances in series 172-3 
Heat convection 169, 173 
forced 169, 181, 182 
natural 169,181, 183 


Heat-exchange equipment for bioreactors 164-5 
Heat exchangers 
design equations 174-81, 184-5 
energy balance 176-9 
general equipment 165-9 
in continuous sterilisation 381-2 
Heat losses 93, 164, 180 
Heat of combustion 97 
of bacteria and yeast, table 101 
of biomass 100-1 
standard 97 
table of values 405-7 
Heat of fusion. See Latent heat of fusion 
Heat of mixing 92 
Heat of reaction 97 
at non-standard conditions 98-9 
calculation from heats of combustion 98 
for biomass production 99-101 
for single-enzyme conversions 99 
standard 98 
with carbohydrate and hydrocarbon substrates 101 
Heat of solution 92 
see also Integral heat of solution 
Heat of sublimation 91 
Heat of vaporisation. See Latent heat of vaporisation 
Heat sterilisation of liquids 377-86 
Heat transfer 164-89 
analogy with mass and momentum transfer 191-2 
between fluids 173-6 
design equations 170-81, 184-5 
effect on cell concentration 186-7 
equipment 164-9 
in liquid sterilisation 379, 380 
mechanisms of 169 
Heat-transfer coefficient 174-5 
correlations 181-4 
for fouling 175-6 
individual 173-4 
overall 174-5 
Height equivalent to a theoretical plate 246-7 
Helical agitator 137, 142, 150, 156 
Henry’s constant 205 
oxygen, table of values 207 
Henry’s law 205, 207 
Heterogeneous flow 337, 338 
Heterogeneous reactions 297-332 
experimental aspects 322-3 
external mass-transfer effects 319-20, 325-6 
evaluating true kinetic parameters 326-7 
general observations on 327-8 
in bioprocessing 297-8 
internal mass-transfer effects 300-19, 323-5 
mathematical analysis of 300-22 
minimising mass-transfer effects in 323-6 
product effects 328 
HETP 246-7 
High-performance liquid chromatography 242-3 
Hold-up. See Gas hold-up 
Holding temperature 378 
Holding time 378 
Hollow-fibre membrane reactor 308 
Homogeneous flow 337 
Homogeneous reactions 257-96 
see also Reaction rate and Kinetics 
Homogeniser 230 
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HPLC 242-3 

Hydrodynamic boundary layer 131 
Hyperbolic cosine 309 

Hyperbolic sine 303 

Hyperbolic tangent 312 
Hypotheses in science 33 


Ideal fluid 129 
Ideal gas 19-20 
Ideal gas constant 20 
table of values 20 
Ideal gas law 18, 20,210 
Ideal mixture 91 
Ideal reactor operation 352-77 
Ideal solution 91 
Ideal stage 231 
Illuminance 
unit conversion factors, table 397 
Immobilisation of cells and enzymes 297-8 
advantages of 298 
effect on kinetic parameters 300, 326 
techniques for 297-8 
Immobilised cells, chemostat operation with 368-9 
Immobilised enzyme, Lineweaver-Burk plot for 326-7 
Immuno-affinity chromatography 242 
Impeller 141 
axial-flow 144 
designs 142-3 
diameter relative to tank diameter 141, 156-7 
for viscosity measurement 137 
for viscous fluids 155-6 
flooding 203,210 
multiple 155-6 
position 155 
radial-flow 144 
tip speed 161, 204 
Impeller Reynolds number 130, 131, 153 
Impeller viscometer 137 
Incompressible fluid 129 
Independent variables 30 
Individual heat-transfer coefficients 173-4 
table of values 174 
Industrial process 3-7 
Initial condition 114 
Initial rate data 271 
Inoculation, aseptic 343 
Insecticides 5 
Instability, plasmid 279 
Instantaneous yield 275-6 
Insulator 170 
Integral balance 53 
Integral heat of mixing 92 
Integral heat of solution 92 
at infinite dilution 92 
Integration 415-16 
Intensive properties 86-7 
Intercept 35 
Interfacial blanketing 205, 209 
Internal effectiveness factor. See Effectiveness factor 
Internal energy 86 
Internal mass transfer 298, 323-5 
and reaction 300-19 
importance relative to external mass transfer 328 
International table calorie 86 
Intrinsic kinetic parameters 300, 326-7 


Intrinsic rate 299 
Invertase 259 

Arrhenius plot for 270 
Ion-exchange adsorption 234 
lIon-exchange chromatography 242 
Irreversible reaction 259 
Isotherms 234-5 


Joule 86 


hk, . See Mass-transfer coefficient 
k, ameasurement 210-13 
dynamic method 210-13 
oxygen-balance method 210 
sulphite oxidation method 213 
ky a, oxygen 201, 208 
effect of antifoam agents on 204-5 
effect of reactor operating conditions on 202-5 
range of values 202 
K,,- See Michaelis constant 
Kg. See Substrate constant 
Kalman filter 349 
Kelvin 18 
Kinematic viscosity 133 
Kinetic energy 86 
Kinetic parameters 
determination from batch data 271-2, 285 
evaluation in chemostat culture 376-7 
intrinsic 300 
true 299, 326-7 
Kieselguhr 220 
Kilogram-mole 16 
Kinetics 257, 262 
cell culture 277-85 
celldeath 289-92 
effect of conditions on reaction 262, 270-1, 285 
enzyme deactivation 272-3 
enzyme reaction 268-71 
first-order 267 
Michaelis-Menten 268-70 
of balanced growth 278 
of cell growth with plasmid instability 279-81 
production, in cell culture 282-3 
substrate uptake, in cell culture 283-5 
zero-order 265-6 
Knowledge-based expert systems 352 
Kolmogorou scale 147, 157 


Laboratory-scale reactors, oxygen transfer 209 
Lag phase 277 
Laminar deformation 129 
Laminar flow 130 
due to a moving surface 132 
in heat transfer 183 
in pipes, velocity distribution for 383 
in stirred vessels 137, 151 
in viscosity measurement 136, 137 
within eddies 157-8 
Langmuir isotherm 234-5 
Langmuir plot 272 
Latent heat 90 
Latent heat of fusion 91 
table of values 405 
Latent heat of sublimation 91 
Latent heat of vaporisation 90 
in energy balance for cell culture 102 
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Latent heat of vaporisation (continued) 

table of values 405 

table of values, water 408-11 
Law of conservation of energy 86, 87, 88, 113 
Law of conservation of mass 52,74 
Least-squares analysis 34-8 

weighted 37 
Length 

unit conversion factors, table 395 
Limiting reactant 23 

for growth 278 
Linear least-squares analysis 35-6, 38 
Linear-log plot 39-40 
Linear models 35-7 
Linear regression 35-7, 38 
Lineweaver-Burk plot 271, 272, 326-7 
Liquid chromatography 240 
Liquid extraction 230, 2314 
Liquid—liquid equilibrium 195, 230-1, 231-4 
Liquid—liquid mass transfer 194-6 
Liquid-solid mass transfer 194 
Log-log plot 38-40 
Logarithmic-mean concentration difference 213 
Logarithmic-mean temperature difference 180-1 
Logarithms 413-14 


Macromixing 144, 147 
Maintenance activity 78, 282, 284 
effect on yields 287~9 
specific rate of product formation due to 282 
substrate requirements 284 
Maintenance coefficient 283 
determination from chemostat culture 377 
effect of temperatureon 285 
table of values 283 
Mammalian cell culture 334, 371 
Manton-Gaulin homogeniser 229 
Margules equation 11 
Mass 
unit conversion factors, table 395 
Mass balance. See Material balance 
Mass flux 191 
Mass fraction 17 
Mass percent 17 
Mass transfer 190-217 
across phase boundaries 192-8 
and reaction 297-300 
analogy with heat and momentum transfer 191-2 
convective 193-8 
diffusion theory 190-1 
film theory of 192-3 
gas-liquid 196-8 
in adsorption operations 239-40 
liquid-liquid 194-6 
liquid-solid 194 
minimising effects of, in heterogeneous reaction 323-6 
of oxygen 198~205, 213 
Mass-transfer boundary layer 192 
Mass-transfer coefficient 193 
combined 209 
correlations 208-10, 322, 338, 339 
gas-phase 197 
liquid-phase 194, 319 
liquid-solid 322 
overall gas-phase 197 


overall liquid-phase 196, 197 
oxygen, measurement of 210-13 
oxygen, range of values 210 
Material balance 51-85, 110-11, 115-18 
general calculation procedure 54-5 
in metabolic stoichiometry 74-82 
steady-state 51-73 
types of 53 
unsteady-state 110-11, 115-18 
with recycle, by-pass and purge streams 72-3 
Mathematical models 31 
in fermentation monitoring and control 348-9 
testing 33-4 
Mathematical rules 413-16 
Maximum possible error 29 
Maximum possible yield 79-80, 276 
Maximum specific growth rate 279, 287 
Mean 29, 30 
Mean heat capacity 90 
table of values 402 
Measurement 
ka 210-13 
of dissolved-oxygen concentration 205-6 
of fermentation parameters 345-7 
off-line 345 
on-line 345-7 
Measurement conventions 16-19 
Mechanistic models 31 
Medium properties, effect on oxygen transfer 203-4, 207-8 
Melting point 
normal 91 
table of values 405 
Membrane cartridge filters 386 
Michaelis constant 268 
table of values 269 
Michaelis-Menten equation 268, 270 
Michaelis-Menten kinetics 265, 268-70 
in heterogeneous reaction 299, 307, 309, 313-14, 317, 318 
Michaelis-Menten plot 271 
Microbial transformations 4 
Microcarrier beads 157 
Microelectrode 307 
Microfiltration 225 
Micromixing 144, 147 
Mid-point slope method 264-5 
Minimum intracatalyst substrate concentration 319 
Mixed reactor 
batch operation 353-8 
cascade 369-70 
continuous operation 361-6 
fed-batch operation 359-61 
for cell culture 355-8, 359-61, 363-72 
for enzyme reaction 353-5, 362-3 
with cell recycle 370-2 
with immobilised cells 368-9 
Mixer-settler device 230 
Mixing 140-56, 203 
and heat transfer 173, 187 
and mass transfer 200, 213 
and solution, enthalpy change 91-2 
assessing the effectiveness of 147-9 
effect of rheological propertieson 156 
equipment 141-2 
flow patterns 143-4 
improving in fermenters 155-6 
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Mixing (continued) 


in bubble-column and airlift reactors 337, 338, 339 


mechanism of 144-7 

power requirements for 149-53 

scale of 192 

scale-up 154-5 
Mixing time 147-9, 337 
Mobile phase 240 
Models. See Mathematical models 
Molality 17 
Molar mass 16 
Molar volume, ideal gas 19 
Molarity 17 
Mole 16 
Mole fraction 16-17 
Mole percent 17 
Molecular diffusion. See Diffusion 
Molecular weight 16 

tables of values 405-7 
Momentum transfer 133 

analogy with heat and mass transfer 191-2 
Monitoring, fermentation 345-50 
Monoclonal antibodies 5, 334 
Monod equation 278, 279, 287, 348 
Morphology 

and broth rheology 140 

and oxygen transfer 205 

and filtration 222 
Multiple impellers 154, 336 
Multiple injection points 155 
Multiple-pass heat exchangers 168, 169, 181 
Mutation 279, 281 
Myrothecium verrucaria 199 


Natural convection 169, 181, 183 
Natural logarithm 413 
Natural units 15 
Natural variables 11 
Neural networks 352 
Newton, unit of force 15 
Newtonian fluids 133 
flow curve for 133 
in fermentation 137, 138, 139, 140 
in stirred tanks 141 
Prandtl number for 181 
Schmidt number for 322 
ungassed, power requirements for 150-4 
viscosity measurement 135, 136 
Newton’s law of viscosity 133, 170 
Non-equilibrium effects in chromatography 245-6 
Non-growth-associated product 283 
Non-linear functions 37 
Non-linear models 36-7 
Non-linear regression 37, 38, 327 
Non-Newtonian fluids 133, 133-5 
and dimensionless groups 185 
and mass-transfer correlations 210 
and mixing 156 
examples of 134 
gas hold-up in 202 
in fermentation 137, 140 
ungassed, power requirements for 153 
viscosity measurement 135, 136 
Normal-phase chromatography 241 
Nucleotides 5 


Nusselt number 11, 181 


Observable modulus for external mass transfer 320 
Observable Thiele modulus 317-18 
summary of equations for 317 


Observed reaction rate, in heterogeneous reaction 299, 308, 316 


measurement of 323 
Observed yield 259 
in cell culture 276, 287-9 
Observers 349 
Off-line measurements 345 
On-line measurements 345-7 
On-off control 350 
Open system 51 
Operating costs, reactor 334-5 
Order of reaction 262 
Ordinate 31 
Organicacids 4 
Orifice sparger 344 
Osmotic pressure, effect on broth viscosity 140 
Ostwald-de Waele power law 134 
Oudliers 34 
Overall gas-phase mass-transfer coefficient 197 
Overall heat-transfer coefficient 174-5 


Overall liquid-phase mass-transfer coefficient 196, 197 


Overall yield 275 


Oxygen concentration. See Dissolved-oxygen concentration 


Oxygen demand 198-9 
theoretical 79 

Oxygen electrode 205-6 

Oxygen partial pressure 
effect on oxygen solubility 205, 207 
in fermenter gas streams 210, 213 


in measurement of dissolved-oxygen concentration 206 


Oxygen solubility 198 
effect of oxygen partial pressureon 205, 207 
effect of soluteson 207-8 
effect of temperature on 207 
estimating 206-8 
tables of values 207, 208 
Oxygen tension 206 
Oxygen transfer 198-205 
effect on cell concentration 201 
from gas bubble to cell 199-201 
in fermenters 202-5 
in laboratory-scale reactors 209 
in large vessels 213 
limitation in heterorgeneous reactions 327 
Oxygen-balance method, for measuring &, a 210 
Oxygen-transfer coefficient 
correlations 208-10, 338, 339 
measurement of 210-13 


Packed-bed reactor 340, 374 


for measurement of rate of heterogeneous reaction 323 


liquid—solid mass transfer coefficient in 322 
packing propertiesin 328 
Parallel how 166-7 
Parameters in equations 36 
Partial pressure 205, 206, 207, 210, 213 
Particles 
in packed beds 328 
in sterilisation of media 379 
suspension of 160-1 
Partition chromatography 241 


Index 


435 


Partition coefficient 195, 232, 233, 299, 301 
gel 244 
Parts per million (ppm) 17 
Path function 89 
Peclet number 11, 383, 384 
Penicillin 79, 192, 219, 221, 231-2, 283, 349, 359 
Penicillium, maximum oxygen consumption tates 199 
Perfect fluid 129 
Perfusion culture 371 
PFTR 372 
pH 
effect on cell growth 285 
effect on enzyme kinetics 271 
Phase boundary 192 
Phase change, enthalpy change due to 90-1 
Physical variables 9-11 
PID control 350-1 
Pigments 5 
Pilot-scale bioreactor 7 
Pinch valve 342 
Pipe flow 130, 382-3 
Pitch ofan impeller 142 
Pitched-blade turbine impeller 144 
Planeangle 9 
unit conversion factors, table 397 
Plasmid instability 279-81 
in batch culture 280-1 
Plate filter 221 
Plug flow 372, 382-4 
Plug-flow reactor operation 371-5 
comparison with other operating modes 375-6 
for cell culture 375 
for enzyme reaction 372-4 
Plug-flow tubular reactor 371 
Plug valve 342 
Polarographic oxygen electrode 205-6 
Porosity, filter cake 222 
Porous spargers 344 
Potential energy 86 
Pound-force 15 
Pound-mass 15 
Pound-mole 16 
Power 170 
unit conversion factors, table 397 
Power law 37 
for non-Newtonian fluids 134 
Power number 11, 150 
Power requirements for mixing 150-4 
after scale-up 154-5 
average values 102, 149 
for gassed fluids 153-4 
for ungassed Newtonian fluids 149-51 
for ungassed non-Newtonian fluids 153 
Prandtl number 11, 181 
Precision 29 
Prefixes for SI units 13 
Pressure 18-19 
relative 18 
unit conversion factors, table 396 
Primary isolation in downstream processing 219 
Probability of contamination 378 
Process 51-2 
Process flow diagram 41-3 
Process path 89 
Product recovery 7, 220, 233 


see also Unit operations 
Production cost. See Cost 
Production kinetics in cell culture 282-3 
directly coupled with energy metabolism 282 
indirectly coupled with energy metabolism 282-3 
not coupled with energy metabolism 283 
Product stoichiometry 79 
Product yield 
from biomass 275, 282, 288 
from substrate 79, 275, 288-9 
in liquid extraction 232 
maximum possible 80 
true vs observed 287, 288-9 
Production rate 261 
determination from batch data 285, 287 
specific 282 
Productivity 261 
inachemostat 365-6 
Programmed control 351 
Property data 398-412 
sources 21-2 
Proportional-integral-derivative control 350-1 
Pseudoplastic fluid 134 
fermentation broth 137, 139 
mixing of 156 
Reynolds number for 153 
Psia 18 
Psig 18 
Purge 72-3 
Purification factor 233 
Purification in downstream processing 219 


Quantitative approach to biotechnology 7-8 
Quasi-steady-state condition in fed-batch culture 361 


Radial-flow impeller 144 
Radiation 169 
Random error 29 
Rankine 18 
Rate. See Reaction rate 
Rate coefficient 262 
Rate constant 262 
Reactant 
excess 23 
limiting 23 
Reaction kinetics 257, 262 
see also Kinetics 
Reaction order 262 
Reaction rate 260-2 
calculation of, from experimental data 262-5, 285-7 
effect of conditions on 262, 270-1, 285 
mass transfer effectson 298-300 
in solid catalysts 298-300, 309 
observed, in Weisz’s modulus 317 
specific 261, 262 
total 261, 262 
true and observed, in heterogeneous reaction 299-300 
volumetric 261, 262 
Reaction theory 257-62 
Reaction thermodynamics 257-9 
Reaction velocity 261 
Reaction yield 259-60 
Reactor operation 352-76 
batch 353-9 
chemostat 362, 364-72 
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Reactor operation (continued) 
chemostat cascade 369 
chemostat with cell recycle 369-71 
comparison between major modes of 375-6 
continuous 361-75 
fed-batch 359-61 
for cell culture 355-9, 359-61, 364-72, 375 
for enzyme reaction 353-5, 362-3, 372-4 
for heterogeneous reaction 328 
plug-flow 372-5 
with immobilised cells 368-9 
Reactors 333-91 
airlift 338-40, 353 
aseptic operation of 341-3 
bubble-column 337-8, 339, 340, 353 
comparison of stirred and air-driven 340 
configurations 336-41 
construction 341-4 
evaporation control 344 
fluidised-bed 340 
heat transfer equipment for 164-5 
inoculation and sampling 343 
materials of construction 343-4 
monitoring and control of 344-52 
oxygen transfer in 202-5 
packed-bed 322, 323, 328, 340, 374 
plug-flow tubular 371 
sparger design 344 
stirred tank 336-7, 340 
trickle-bed 341 
Real fluid 129 
Real solution 91 
Recombinant-DNA-derived products 3-7 
Recycle 72-3, 370-1 
Recycle ratio 372 
Reduction, degree of. See Degree of reduction 


Reference states for energy-balance calculations 88-9, 93 


Relative error 28, 29 
Relative pressure 18 
Relative retention 243 
Reliability 
of data 29 
of fermentation equipment 348 
Reproducibility of data 29 
Research and development cost 334, 335 
Residence time 
bubble 213 
reactor 362, 366, 370, 372, 373, 375 
Residuals 29, 34-5 
Resistance 
major, in oxygen transfer 200 
mass-transfer 193 
thermal 172 
thermal in series 172-3, 174-5 
Resolution 247-8 
Respiratory quotient 75-6, 275 
in fermentation control 348, 351 
Response time. See Electrode response time 
Response variables 30 
Reverse-phase chromatography 241 
Reversible reaction 259 
Reynolds number 11, 130 
and heat transfer 181, 182-4 
and liquid—solid mass transfer 322 
and mixing 147-9 


and power requirements 151-3 
and rheological properties 156 
critical 130-1 

for plug flow 382-4 


for transaction from laminar to turbulent flow 130-1 


impeller 130, 131, 153 
non-Newtonian fluids 153 
pipe flow 130 
Reynolds, O. 130 
Rheogram 133 
Rheology 132 
and mixing 156 
of fermentation broths 139-41 
Rheopectic fluid 135 
Rotary-drum vacuum filter 221 
Rotational speed, dimensions 11 
Rounding off figures 27-8 
RQ. See Respiratory quotient 
Rushton turbine 142, 153 


Saccharomyces cerevisiae, cell disruption 230 
Sample size 30 
Sampling, fermenter 343 
Sample standard deviation 30 
Saturated liquid and vapour 92 
Saturated steam 92 
Scale-down methods 154 
Scale of mixing 192 
Scale-up 
bioprocess 6-7 
chromatography 248 
homogeniser 230 
of adsorption operations 234 
of mixing systems 154-5 
of sterilisation 379, 381 
Schmidt number 11, 322 
Selectivity 
in chromatography 244 
in reactions 23 
Semi-batch process 51 
Semi-log plot 40-1, 277 
Sensible heat 89 
Sensors 345-6 
software 349 
Separation of variables 114 
Separation processes. See Unit operations 
Shaft work 86 
energy effects in fermenters 102 
Shape factor 223 
Shear 129 
associated with bubbles 159 
in stirred fermenters 156, 157-60 
Shear rate 133 
average 156-7 
Shear sensitivity 157 
Shear stress 132 
Shear thickening fluid 134 
Shear thinning fluid 134, 156 
Shell-and-tube heat exchanger 167-9 
configuration of tubes 183 
heat-transfer coefficients 182-3 
multiple-pass 168-9 
single-pass 167-8 
Shell mass balance 300-3 
Sherwood number 11,322 
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SI prefixes 13 
SIunits 13 
Sigma factor 228 
Significant figures 27-8 
Sinh 303 
Slip velocity 322 
Slope 36 
Smoothing 32-3, 348 
Solid-phase reactions. See Heterogeneous reactions 
Solubility of oxygen. See Oxygen solubility 
Solutes, effect on oxygen solubility 207-8 
Solution 
change in enthalphy due to 91-2 
ideal 91 
real 91 
Solvent extraction 231-2 
Sparger design 344 
Sparging 203-4 
effect on heat transfer 185 
effect on power requirements 153 
Specific cake resistance 222 
Specific death constant 289 
Specificenthalpy 187 
Specific gravity 16, 17-18 
Specific growth rate 278 
maximum 279 
Specific heat 89 
of organic liquids, table of values 402-3 
of organic solids, table of values 404 
See also Heat capacity 
Specific heat of reaction 97 
Specific oxygen-uptake rate 198 
Specific quantities 87 
Specific rate 261 
Specific rate of production formation 282 
due to maintenance 282 
Specific tate of substrate uptake 282 
Specific volume 16 
Spherical geometry in heterogeneous reaction 300-8 
Spinning-basket reactor 325 
Stage efficiency 231 
Stage operations 231 
Standard atmosphere 18 
Standard conditions 19 
Standard deviation 29-30 
Standard free energy 
change 257 
of formation 258 
Standard heat of combustion 97 
Standard heats of phase change 91 
table of values 405 
Standard heat of reaction 98 
State estimation 349-50 
State function 89 
Stationary phase 241 
Statistical analysis of data 29-30 
Steady state 52, 88 
in analysis of heterogeneous reaction 301 
quasi 361 
Steam tables 92-3, 408-12 
Sterilisation 377-86 
batch 377-81 
continuous 381-6 
filter 386 
heat 164, 377-86 
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ofair 386 
ofliquids 377-86 
methods 377 
scale-up 379, 381 
Stirred tank 
aeration 202-4 
and mixing 141-55 
equipment 141-2 
flow patterns 143-4 
gas dispersion 203-4 
gashold-up 202 
heat-transfer coefficients 183-4 
mass-transfer coefficients 208~10, 322 
oxygen transfer in 202-4, 213 
power requirements 149-53 
reactor 336-7, 340 
scale-up 153-4 
shear conditions 156, 157-60 
Stirrer seal 342-3 
Stoichiometric yield 259 
Stoichiometry 22-4 
and yield 78, 79-82 
electron balances 78 
elemental balances 74-8 
of growth and product formation 74-82 
product 79 
theoretical oxygen demand 79 
Stokes’s law 227 
Streamline flow 130 
Streamlines 130 
Stress 
unit conversion factors, table 396 
Substantial variables 10-11 
Substrate 268 
Substrate constant 279 
table of values 279 
Substrate uptake kinetics in cell culture 283-5 
in the absence of product formation 283-4 
with product formation 284-5 
Substrate uptake rate 
determination from batch data 287 
for maintenance 283 
specific 283 
Sulphite oxidation method for measuring &, 4 213 
Superficial gas velocity 210 
Superheated steam 93 
Surface filters 386 
Surface tension 
effect on oxygen transfer 205 
unit conversion factors, table 396 
Surroundings 51 
Suspension, particle 161 
Symmetry condition 303 
System 51 
boundary 51 


Systematic error 29, 30 


Tanh 312 

Temperature 18 
absolute 18 
and reaction equilibrium 257 
effect on cell death kinetics 289 
effect on cell kinetics 285 
effect on enzyme deactivation 273 
effect on enzyme kinetics 270 
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Temperature (continued) 
effect on maintenance requirements 288 
effect on oxygen solubility 205, 207 
effect on oxygen transfer 205 
effect on reaction rate 262 
effect on zone spreading in chromatography 245-6 
enthalpy change with change in 89-90 
equations for batch sterilisation operations 380 
gradients in heterogeneous reactions 301 
scales 18 
unit conversion 18 
Temperature cross 169 
Temperature difference 
arithmetic-mean 181 
logarithmic-mean 180-1 
Temperature-difference driving force 172 
Temperature gradient 170 


Temperature-time profile in batch sterilisation 377-8, 379 


Terminal velocity 
inacentrifuge 228 
under gravity 228 
Theoretical oxygen demand 79 
Theoretical plates in chromatography 246-8 
Therapeutic proteins 5 
Thermal boundary layer 173 
Thermal conductivity 170 
table of values 171 
Thermal deactivation 
of cells 289 
ofenzymes 273 
of medium components 292 
Thermal death kinetics 289-92 
Thermal resistances 172 
in series 172-3, 174-5 
Thermodynamic maximum biomass yield 80 
table of values 80 
Thermodynamics 51 
first law of 88 
of microbial growth 99-100 
reaction 257-9 
Thiele modulus 309-19 
generalised 309 
generalised, summary of equations for 311 
observable 317-18 
Thixotropic fluid 135 
Tie component 67 
Time-dependent viscosity 135 
Time scales in fermentation monitoring 345 
Tip speed. See Impeller 
Total rate 261 
Transient process 52,110 
Transition, laminar to turbulent flow 130-1, 151-3 
Trends in data 32 
Trickle-bed reactor 341 
Triple point 92 
Tube bundle 168 
Tube sheet 168 
Tubular-bowl centrifuge 225-8 
sigma factor for 228 
Turbidostat 362 
Turbine impeller 142, 144, 155-6 
Turbulence 
and heat transfer 173, 181, 187 


and mass transfer 192 


scale of 147 


Turbulent flow 130-1 


in mixing 144-6 

in stirred vessels 150-5 
interaction with cells 157-8 
non-Newtonian fluids 153, 156 
shear effects 156-7 


Turnover number 269 
Two-film theory 192 
Two-parameter models for non-Newtonian fluids 134 


Ultracentrifuge 227 


Uncertainty in measured data 28-9 
Unit conversion 13-14 
tables of conversion factors 395-7 
Unit operations 218-54 
adsorption 234-40 
aqueous extraction 231-4 
cell disruption 229-31 
centrifugation 225-9 
chromatography 240-9 
filtration 220-7 
ideal stage in 231 
Units 10, 13-14 
concentration 17 
density 16 
diffusivity 191 
energy 86 
force 15-16 
heat capacity 89 
heat-transfer coefficients 174 
mass-transfer coefficients 193 
oxygen-uptake rate 198 
power 170 
pressure 18 
temperature 18 
thermal conductivity 170 
viscosity 133 
weight 15-16 
Units of activity, enzyme 261 
Unity bracket 13 
Unsteady-state energy balance 113-14, 119-20 


Unsteady-state material balance 110-13, 115-18 


continuous stirred-tank reactor 111-13 
Unsteady-state process 52,110 


Vaccines 5 
Vacuum pressure 19 
Valves 342 

Vand equation 139 
Variables 


natural 11 
physical 9 
substantial 10-11 


Velocity gradient 131 
Velocity profile 131 


for plug low 383 


Viability 285, 289 
Viscoelastic fuid 136 
Viscometers 136-9 


use with fermentation broths 137 


Viscosity 129, 132-3 


apparent 134, 140 
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Viscosity (continued) Work 86 
fermentation broth 137-40 sign conventions 87-8 
measurement 135-7 unit conversion factors, table 396 


Viscous drag 131, 132, 133 


Vitamins 5 Yield 25 
Void fraction 239 appaent 2 
Void vol 244 gross 260 
evolu in cell culture 275-6 
Volume ; in liquid extraction 232 
unit conversion factors, table 395 maximum possible 79-80 
Volume fraction 17 observed 259, 287-8 
Volume percent 17 overall 275 
Volumetric rate 261 reaction 259-60 
Vortices 131 stoichiometric 259 
theoretical 259 
Wake 131 see also Biomass yield and Product yield 
Washout 365 Yield coefficients 275, 287-9 
: evaluation from batch culture 287-9 
Water regain value 244 evaluation from chemostat culture 377 
Weight 15-16 Yield factors 275 
Weight fraction 17 Yield stress 134 
Weight percent 17 
Weighted least-squares techniques 37 Z factors for centrifuges 228 
Weisz’s criteria 318 Zero-order kinetics 265-6, 269 
Weisz’s modulus 316 in heterogeneous reactions 304, 308, 311-13, 319 


Well-mixed system 115 Zone spreading 245-6 


